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Summary 
Nowadays, the global energy demands have skyrocketed caused by mass 

industrialization and globalization. In order to prevent further human induced climate 

change, future emissions need to be drastically reduced and the urge for more 

renewable fuels is omnipresent. Over the last decades, the production and storage 

of molecular hydrogen has been identified as a key solution to the current global 

warming crisis, even though the energy cycle with hydrogen is highly inefficient. 

Additionally, hydrogen has a low boiling point and low volumetric energy density 

under standard conditions, resulting in the necessity of compression or liquefaction 

to allow for economical and safe transport and storage. 

 

An alternative has been found in formic acid, which gained considerable traction as 

a possible liquid organic hydrogen carrier (LOHC) due to the possibility 

straightforward hydrogen release at room temperature. One of the possible 

production methods is the direct hydrogenation of CO2. However, the equilibrium 

reaction is highly unfavorable from a thermodynamic point of view, and can be made 

slightly favorable by lowering the formic acid activity in solution through in-situ 

reduction using tertiary amines and using high, supercritical pressures of CO2. The 

combination of formic acid and tertiary amines form a so-called adduct, which drive 

the reaction towards the product side. However, currently the competitiveness of the 

process is severely hindered by the challenging and energy intensive formic acid 

purification due to the formation of azeotropes between formic acid and the 

employed low boiling tertiary amines.  

 

Given the above considerations, this thesis investigates the potential of the direct 

hydrogenation of CO2 towards formic acid, addressing various aspects from the 

exploration of the influence of the aliphatic chain length of the tertiary amine on 

formic acid binding capacity, the influence of the reactive amine on key aspects such 

as activity and selectivity, the development of catalytic materials and lastly a 

demonstration of the technology at reactor and process scale. 
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A general introduction to the topic given is in Chapter 1, which, after highlighting the 

urgency of drastically reducing CO2 emissions to circumvent further human induced 

climate change, provides an overview of possible solutions to be implemented in the 

chemical and energy sectors. The concept of Liquid Organic Hydrogen Carriers is 

introduced, highlighting the benefits of formic acid. The Chapter concludes with an 

overview of the conventional and several sustainable production methods.  

 

The primary objective of Chapter 2 was to gain a deeper understanding into the 

nature of the chemical bonds formed and the degree of proton transfer between 

formic acid and tertiary amines of different aliphatic chain lengths. Here, IR 

spectroscopy revealed the existence of a complex mixture of hydrogen bonding and 

ionic interactions. The red-shift observed for the asymmetrical COO- band gave an 

indication for a decrease in proton transfer as a function of chain length, which was 

further quantified using 1H-NMR. Interestingly, it was observed that while the degree 

of proton transfer decreases as a function of alkyl chain length, the hydrogen bonding 

characteristic increases, resulting in a constant acid-to-amine ratio. Additionally, 

phase separation occurred until a molar ratio of ~1.5:1 formic acid: amine was 

reached for all tertiary amines.  

 

To circumvent the biphasic nature observed in Chapter 2, often polar solvents are 

utilized. With the goal of process intensification, it was attempted to increase formic 

acid productivity through removal of the additional alcohol based solvent and 

performing the reaction in pure tertiary amines as this theoretically results in a kinetic 

rate increase. These experiments did not result in any observable formic acid 

production, as shown in Chapter 3. Analysis on the spent catalyst revealed 

significant formic acid build-up within the catalyst pores.  A fundamental, continuum 

model based on Cahn-Hilliard spinodal decomposition was developed and validated 

to study the influence of the biphasic nature of formic acid – trialkylamine structures 

during reaction at pore level.  A thin shell of adduct is observed to form around the 

active site, with the local conditions reaching the equilibrium conversion. However, 

due to the strong immiscibility of the adduct and neat amine phases shown in 

Chapter 2, the produced formic acid is not transported to the bulk liquid, resulting in 

a net reaction rate of virtually zero. 
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Next,  the influence of the tertiary amine on CO2 conversion and product selectivity 

was studied in Chapter 4. Steric hindrance and the pKa of the tertiary amine were 

identified as key parameters influencing both the observed kinetic rates as well as 

the CO2 conversion. The usage of solventless polar amines such as 

diethylethanolamine allowed for FA productivity up to 5x that of the benchmark 

triethylamine system. Catalyst deactivation of the Au/TiO2 catalyst was observed for 

all amines studied. Here, a phase of high initial activities was observed at an initial 

gold crystallite size of 2.6 nm. In case of e.g. diethylethanolamine, an initial 

production of 40 mM at a residence time of 15 minutes was reduced to 7 mM after 3 

hours’ time-on-stream due to sintering with a final particle size of 13 nm. Within this 

time period, the productivity remained constant for up to 13 hours’ time-on-stream. 

 

As severe and rapid catalyst deactivation was observed in Chapter 4 independent 

of the tertiary amine used within the reaction, it was attempted to develop a catalyst 

of increased stability. Here, a range of mono-metallic (Au/Al2O3, Pd/Al2O3 and 

Ru/Al2O3) and bimetallic catalysts (Au-Pd, Au-Ni, and Au-Cu/Al2O3) was studied. The 

synthesized catalysts were characterized through XPS, XRD, TEM, ICP and CO 

pulse chemisorption. As demonstrated in Chapter 5, their performance in terms of 

productivity and selectivity was tested in both the formic acid decomposition as well 

as formic acid formation at elevated pressures. The TOF increased up to 5.3x 

compared to Au/TiO2 were obtained for Au-Pd/Al2O3 catalysts, while Au-Cu/Al2O3 

resulted in large amounts of CO being produced. The activity of the Au-Ni/Al2O3 

catalysts was observed to be similar to the activity of monometallic gold based 

catalysts. Testing under constant triethylamine:1-decanol ratio revealed comparable 

initial FA productivity for the Au, Pd and Au-Pd catalysts supported on alumina, while 

the Ru/Al2O3 catalyst has low selectivity towards FA. Furthermore, all alumina 

supported catalysts result in the unwanted production of CO, with the Ru-based 

catalyst yielding CO as the major product. 

 

In Chapter 6 a techno-economic evaluation is conducted using Aspen Plus, 

comparing the state-of-the-art process to the process developed within this thesis, 

based on gold catalysts. Within the state-of-the-art process, the reaction is 

performed using triethylamine which is exchanged to trihexylamine through reactive 
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distillation. Based on simulations, it was concluded that the major cost contributors 

were the significant amounts of gold-based catalyst and the large amount of steam 

required to facilitate the amine exchange reaction. To circumvent the formation of 

the unfavorable azeotrope and thus necessity of the amine exchange reaction, n-

butylimidazole was selected as a reactive amine. To obtain fuel cell grade formic 

acid, a pressure-swing distillation train was designed. Here, the major cost 

contributor was found to be the amount of catalyst required, due to low catalyst 

activity after the deactivation phase observed within Chapters 4 and 5.  

 

Finally, the main findings of this thesis and the research outlook are summarized in 

Chapter 7.  
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Samenvatting 
 
Heden ten dage is de wereldwijde energie consumptie significant gestegen ten 

opzichte van de pre-industriële tijd door grootschalige industrialisatie en globalisatie. 

Om verdere door mensen geïnduceerde veranderingen aan het klimaat te 

voorkomen dient de toekomstige uitstoot van broeikasgassen drastisch gereduceerd 

te worden, alsmede dient de overgang naar hernieuwbare brandstoffen dringend 

gemaakt te worden. In de afgelopen decennia is de productie en opslag van 

waterstof geïdentificeerd als een mogelijke oplossing voor het huidige opwarmen 

van de aarde, echter is de gehele waterstof cyclus inefficiënt gebleken. Deze 

inefficiëntie komt met name voort uit het feit dat waterstof zowel een laag kookpunt 

als een lage volumetrische energie dichtheid heeft onder standaard condities, 

waardoor compressie of liquefactie nodig is om tot economisch en veilig transport 

en opslag te komen.  

 

Alternatief, zou deze opslag kunnen plaats vinden met behulp van mierenzuur, een 

veel onderzocht molecuul voor waterstof opslag, ook wel vloeibaar organische 

waterstof drager genoemd. Een mogelijke manier om dit molecuul te produceren is 

de directe hydrogenatie van CO2. Echter, de ligging van het reactie evenwicht is 

ongunstig vanuit een thermodynamisch oogpunt, en kan verschoven worden door 

middel van tertiaire amines en hoge, superkritische CO2 druk. Het gebruik van 

tertiaire amines resulteert in de formatie van zogenoemde adducten, waardoor de 

activiteit van mierenzuur in de oplossing gereduceerd wordt en zo het evenwicht 

verschoven naar de product kant. Niettemin is deze oplossing op dit moment niet 

economisch haalbaar door het gebruik van amines met een laag kookpunt. Dit lage 

kookpunt alsmede de formatie van azeotropen tussen de amine en het mierenzuur 

resulteren in een energie intensive mierenzuur purificatie.  

 

Om deze reden ligt de focus van dit proefschrift op het demonstreren van de 

haalbaarheid van mierenzuur als waterstof drager, waarbij de productie plaats vindt 

door de directe, hydrogenatie van CO2. Hiertoe zijn verschillende aspecten 

bestudeerd, zoals de invloed van de tertiaire amine koolstofketen lengte op het 
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vermogen van de amine om mierenzuur te binden, de invloed van de amine keuze 

op aspecten als activiteit en selectiviteit, het ontwikkelen van nieuwe katalytisch 

actieve materialen en tot slot het demonstreren van de technologie op reactie en 

productie schaal.  

 

Een algemene introductie op het onderwerp wordt gegeven in Hoofdstuk 1. Hier 

wordt eerst de nadruk gelegd op de urgentie van het verminderen van de 

broeikasgas uitstoot, gevolgd door een overzicht van mogelijke oplossingen voor de 

chemische en energie sector. Hierna wordt het concept van Vloeibaar Organische 

Waterstof Dragers geïntroduceerd met een focus op de implementatie van 

mierenzuur. Uiteindelijk wordt een overzicht gegeven van conventionele op fossiele 

brandstoffen gebaseerde productie methoden, alsmede nieuwe productie methoden 

op basis van het gebruik van CO2 als bron van koolstof.  

 

Het doel van Hoofdstuk 2 was om te begrijpen welk type chemische bindingen 

gevormd worden in adduct complexen bestaande uit tertiaire amines van 

verschillende koolstof keten lengtes en mierenzuur. Uit IR spectroscopie kon worden 

geconcludeerd dat zulke adducten bestaan uit een complex mengsel van waterstof 

bruggen en ionische interacties. Hier gaf een roodverschuiving van de 

asymmetrische COO- band een indicatie voor het afnemen van de proton transfer 

van mierenzuur naar de amine met toenemende koolstofketen lengte, hetgeen 

verder gekwantificeerd is met behulp van 1H-NMR spectroscopie. Ondanks een 

afnemende mate van proton transfer, werd een constante zuur-base ratio 

geobserveerd, wat uitgelegd kan worden aan de hand van een toenemende 

hoeveelheid waterstof bruggen. Bovendien vond fasescheiding tot een bifasisch 

mengsel plaats tot een mol ratio van ~1.5 mierenzuur:amine voor alle bestudeerde 

amines.  

 

Om de hiervoor in Hoofdstuk 2 genoemde fasescheiding van mierzuur – tertiaire 

amine mengsels te voorkomen worden vaak polaire oplosmiddelen gebruikt. Om het 

proces te intensiveren is het getracht de mierenzuur productiviteit te verhogen door 

pure, niet verdunde amines te gebruiken. Deze experimenten resulteerden echter 

niet in kwantificeerbare productie van mierenzuur, zoals beschreven in Hoofdstuk 
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3. Uit analyse van de gebruikte katalysator bleek dat er een aanzienlijke hoeveelheid 

mierenzuur zich in de poriën van de katalysator had opgehoopt. Om dit op porie 

niveau te kunnen bestuderen is een fundamenteel, continue model gecreëerd en 

gevalideerd gebruikt makende van de beroemde Cahn-Hilliard vergelijkingen voor 

spinodale ontbinding. In deze simulaties werd waargenomen dat een dunne laag 

adduct vormt rond de katalytische actieve goud nano deeltje, waarbij een lokaal 

evenwicht ontstaat binnen deze laag. Echter, de sterke onmengbaarheid tussen 

adduct en amine geobserveerd in Hoofdstuk 2 maakt dat het geproduceerde 

mierenzuur niet naar de bulk vloeistof kan diffunderen. Hierdoor ontstaat een lokaal 

evenwicht en wordt de reactie snelheid gereduceerd tot vrijwel nul.  

 

Nadat het gebruik van pure alkyl tertiaire amines werd uitgesloten als middel van 

proces intensivering, werd de focus gelegd op de invloed van de selectie van de 

tertiaire amine op CO2 conversie en product selectiviteit in Hoofdstuk 4. Hier bleek 

dat sterische hinder en de pKa van de tertiaire amine de voornaamste parameters 

zijn die de mierenzuur productie snelheid bepalen. Ook werd ontdekt dat het gebruik 

van pure, niet verdunde amines mogelijk is door de introductie van polaire groepen 

in de koolstof staarten van de amine. Het gebruik van een polaire amine zonder 

oplosmiddel, namelijk diethylethanolamine, resulteerde in een 5x hogere mierenzuur 

productiviteit dan de voorheen gebruikte triethylamine onder gelijke condities. 

Deactivatie van de Au/TiO2 katalysator werd geobserveerd voor alle bestudeerde 

amines, waarbij een periode van hoge mierenzuur productiviteit werd waargenomen 

voor een goud deeltjes grootte van 2.6 nm. De hoge initiële productiviteit bij het 

gebruik van bijvoorbeeld diethylethanolamine van 40 mM reduceerde naar 7 mM na 

slechts 3 uur reactie tijd. Uit TEM en CO puls chemisorptie bleek dat de goud deeltjes 

een grootte van 13 nm hadden. Langere experimenten tot 13 uur reactie tijd lieten 

zien dat de productiviteit constant blijft na de initiële, snelle deactivatie.  

 

Doordat de Au/TiO2 katalysator snel en significant productiviteit verloor in Hoofdstuk 
4 voor alle bestudeerde amines, werd getracht een stabiele katalysator te ontwerpen 

in Hoofdstuk 5. Hiertoe zijn verschillende mono-metallische (Au/Al2O3, Pd/Al2O3 en 

Ru/Al2O3) alsmede bi-metallische materialen (Au-Pd, Au-Ni, en Au-Cu/Al2O3) getest. 

De gesynthetiseerde katalysatoren zijn gekarakteriseerd door middel van XPS, 
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XRD, TEM, ICP en CO puls chemisorptie. De productiviteit en selectiviteit van alle 

materialen is bestudeerd zowel voor de omzetting van mierenzuur naar CO2 en H2 

als de formatie van mierenzuur uit deze gassen. Het gebruik van Au-Pd/Al2O3 als 

mierenzuur decompositie katalysator resulteerde in een verhoging van de TOFs van 

tot 5.3x ten opzichte van Au/TiO2, terwijl de introductie van koper in de vorm van Au-

Cu/Al2O3 de selectiviteit verschoof van CO2 naar CO. De activiteit van de Au-Ni/Al2O3 

katalysatoren was vergelijkbaar met de mono-metallische goud gebaseerde 

katalysatoren. De Au, Pd en Au-Pd gebaseerde katalysatoren vertoonde gelijke 

initiële mierenzuur productiviteit tijdens CO2 hydrogenatie experimenten onder een 

constant triethylamine:1-decanol ratio, terwijl de Ru/Al2O3 een verwaarloosbare 

selectiviteit en productiviteit (<1 mM) naar mierenzuur vertoonde. Bovendien 

produceerden alle op aluminium oxide gebaseerde katalysatoren het ongewenste 

CO, waarbij de Ru-gebaseerde katalysator CO als voornaamste product had.  

 

In Hoofdstuk 6 wordt een techno-economische evaluatie uitgevoerd met Aspen 

Plus, waarbij het state-of-the-art proces wordt vergeleken met het proces dat in dit 

proefschrift is ontwikkeld, op basis van goud katalysatoren. Binnen het state-of-the-

art proces wordt de reactie uitgevoerd met triethylamine, dat vervolgens wordt 

uitgewisseld naar trihexylamine door middel van reactieve destillatie. Op basis van 

simulaties werd geconcludeerd dat de belangrijkste kostenposten de aanzienlijke 

hoeveelheden goud gebaseerde katalysator en de grote hoeveelheid stoom waren 

die nodig was om de amine-uitwisselingsreactie te bewerkstelligen. Om de vorming 

van de ongunstige azeotroop en dus de noodzaak van de amine-uitwisselingsreactie 

te omzeilen, werd n-butylimidazool geselecteerd als een reactief amine. Om 

mierenzuur van brandstofcelkwaliteit te verkrijgen, werd een druk-swing-

destillatietrein ontworpen. Hier bleek de belangrijkste kostenpost de hoeveelheid 

benodigde katalysator te zijn, vanwege de lage katalysatoractiviteit na de 

deactiveringsfase die werd waargenomen in Hoofdstukken 4 en 5. 

 

Tot slot worden de belangrijkste bevindingen van dit proefschrift samengevat in 

Hoofdstuk 7.  
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1.1 CO2 emissions and mitigation  

High energy density fuels such as kerosene and gasoline derived from fossil fuels 

(coal, oil and natural gas) enabled the industrial revolution and following global 

economy. These developments, combined with the exponential growth of the world 

population and increased living standards [1], caused the global energy demand to 

skyrocket  since the start of the industrial revolution in the mid-1700s. As depicted in 

Figure 1.1, this has resulted in significant energy consumption rates, with the global 

yearly energy demand in 2021 being 576 EJ [2], and is expected increase to 672 EJ 

in 2050 [3].  

 

 

 

 

 

 

 

 

 

 

 

 

The major energy sources nowadays are fossil fuels such as oil, coal and natural 

gas, with renewables only making up 4.3% of the total energy consumption in 2021 

[4].  

 

The combustion of fossil fuels for energy generation results in the emission of 

greenhouse gasses such as CO2 and NOx [5]. The combustion of such fuels for 

energy generation combined with CO2 emissions from industrial processes lead to 

CO2 being the most emitted greenhouse gas in 2022 at 89% of total energy-related 

greenhouse gas emissions, with a striking 36.8 Gt being emitted. The excessive 

usage of fossil-derived fuels has readily resulted in a significant increases in the 

Figure 1.1: Projected worldwide energy consumption from 1990 to 2022, with furcating up to 2050. Data 
retrieved from reference [3].   
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atmospheric CO2 concentrations up to 412 ppm corresponding to a 47% increase 

since the start of the Industrial Revolution [6]. 

 

These anthropogenic carbon emissions have been linked to negative environmental 

impact [7], such as global temperature increases, the disappearance of the glaciers 

and the acidification of the oceans [7][8][9]. In order to prevent further human induced 

climate change, future emissions need to be drastically reduced and the urge for 

more renewable energy is omnipresent [7]-[10]. The urgency also becomes apparent 

from the introduction of stringent regulations, large capital investments into 

renewable energy sources and the introduction of CO2 emission taxes along the 

entire chemical value chain [11]. These investments and regulations are meant to 

restrict the global warming to 2 ⁰C compared to pre-industrial times as well to attain 

net zero emissions by 2050, as agreed by 196 countries in the Paris Agreement [12].  

 

With the world population and global energy demand projected to keep growing in 

exponential fashion, the drastic decarbonization of the energy sector becomes 

essential [13]. Here, it readily becomes apparent that the development and 

implementation of renewable energy sources for power production will play a vital 

and fundamental role in a new sustainable and fossil-free era. However, renewable 

energy sources, such as wind and solar energy, are inherently intermittent in nature, 

therefore necessitating the development of reliable storage methods to ensure a 

continuous supply of energy [14][15]. 

 

A prime example of such a renewable energy source is hydrogen, which for example 

can be produced without carbon emissions from water electrolysis, combined with 

electricity from renewable sources such as solar or wind farms [14][15]. Currently, 

the widespread implementation of a so-called ‘hydrogen economy' is hindered by the 

challenges associated with the low volumetric energy density (0.09 g/L) of molecular 

hydrogen [16][17]. Conventional approaches to increase the energy density include 

compression and liquefaction [18][19]. Compression for mobility applications such 

as fuel cell driven vehicles requires pressures up to 70 MPa, while liquefaction 

involves cryogenic temperatures. Such low temperature applications can cost up to 
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30% of the energy stored within the energy carrier [20]. Due to the harsh conditions 

necessary to achieve an increase in energy density, these techniques have been 

shown to suffer from relativity high costs and to be highly energy intensive [20].  

 

Alternatively, hydrogen could be directly transformed into dense energy carriers such 

as liquid fuels [21], enabling the transport of hydrogen based on the existing fuel 

infrastructure [11]. This concept is known as Liquid Organic Hydrogen Carriers 

(LOHC) and involves the reversible hydrogenation and dehydrogenation of a carrier 

molecule such as N2 or CO2, as illustrated in Figure 1.2. [22][23].  

 

 

 

 

 

 

 

 

 

 

 

Examples of LOHC include ammonia, methanol, dimethyl ether and formic acid [20]. 

Their respective energy densities on a volume and weight basis are compared to 

current fuels such as gasoline and hydrogen in Figure 1.3. 

Figure 1.2: Schematic overview of the Liquid Organic Hydrogen Carrier (LOHC) concept. Figure 
adapted from reference [100]. 
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While the employment of renewable energy sources such as wind and solar for 

power generation will enable the significant mitigation of CO2 emissions, not all CO2 

emissions arise from energy generation, as some large scale industrial processes 

such as waste incineration, cement and steel production also generate CO2 

emissions in vital process steps [24][102]. Thus, the currently inevitable usage of 

fossil fuels in combustion driven energy generation combined with hard-to-abate 

processes result in the necessity to remove carbonaceous components from 

industrial sources and the atmosphere in order to close the carbon cycle, therefore 

limiting and/or mitigating further anthropogenic environmental damage [25].  

 

In this context, the principle of Carbon Capture Utilization and Storage (CCUS) has 

been proposed as a pivotal technology for decarbonization [24][25]. Recently, CCUS 

is the topic of significant research efforts [25], resulting in the development of several 

carbon capture technologies such as liquid absorption, adsorption onto solid carriers, 

cryogenic distillation and membrane separation [26]. The captured CO2 can 

subsequently be sequestrated in e.g. geological reservoirs or be used as a C1 carbon 

source for the production of added-value chemicals and fuels [11][14].  

Figure 1.3: Comparison of the energy density of a several types of fuels on a volume (MJ/L) and weight 
(MJ/kg) basis. C-H2 represents compressed hydrogen (700 bar), L-H2 liquefied hydrogen (-253 ⁰C), LNG 
liquefied natural gas, MeOH methanol, EtOH ethanol and FA formic acid. Figures adapted from reference 
[101].  
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While the concept of Carbon Capture and Storage (CCS) has been identified as an 

effective short-term solution to decrease CO2 emissions, the long-term effects of 

storing CO2 on geological formation remain unknown [27]. Besides uncertainty 

regarding the safety of such storage methods, recent studies also revealed the CCS 

concept to be expensive and energy inefficient [28][29]. Alternatively, in Carbon 

Capture and Utilization (CCU), the carbon is utilized for the production of value-

added chemicals [29]. Several versatile chemicals like methanol, dimethyl ether 

(DME), urea, formic acid, hydrocarbons such as ethylene and carbonates have 

previously been synthesized [30][31]. While no general consensus has been 

reached within the scientific community on the potential of the CCU concept, studies 

have shown that the potential for CO2 utilization ranges from 200 to 500 million metric 

tons per year [32][33], allowing for the recycling of up to 10% of the current 

anthropogenic emissions [32][34]. The catalytic hydrogenation of CO2 is widely 

recognized as one of the most effective methods to utilize the CO2 obtained from 

carbon capture [30][32][33]. 

 

Therefore, combining the storage of surplus renewable energy in the form of green 

hydrogen through electrolysis with the inexpensive carbon obtained from CCU could 

pose a crucial strategy in the decarbonization of the chemical and energy industries. 

The purpose of such methodology is twofold: the production of high gravimetric 

energy density H2 carriers in the form of hydrocarbons, and the direct production of 

green chemicals (i.e. methanol and dimethyl ether) that can be utilized as direct 

energy sources through combustion or utilization in fuel cells.  

 

1.2 Formic acid as hydrogen carrier  

A large variety of products based on direct CO2 hydrogenation have previously been 

reported in literature, such as methanol, ethanol, dimethyl ether (DME), urea, formic 

acid, hydrocarbons such as ethylene and carbonates [30][31]. 

 

Although formic acid has a lower hydrogen density at 4.4 wt% than the 

aforementioned molecules in Figure 1.3, its relatively low toxicity, non-flammability, 

biodegradability and liquid state at ambient conditions result in FA being a 
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competitive alternative [23][37]. Formic acid has a volumetric energy content of 2.1 

kWh/L, corresponding to 53 g H2/L [38]. Besides favourable physical and chemical 

properties, previous works have shown that CO2 based FA production has a large 

potential for mitigating CO2 emissions compared to the conventional methyl formate 

hydrolysis process [39][40]. 

 

A fundamental property of a competitive LOHC is its reversibility to enable the 

release of hydrogen when energy is required. A key advantage of FA as an LOHC 

is in readily reversible nature, as the liberation of hydrogen from formic acid is an 

established process which can be performed at nearly 100% selectivity at 

temperatures as low as room temperature [22][23], thus allowing for an ideal carbon-

neutral cycle for hydrogen storage [41]. Besides applications as a hydrogen storage 

medium, formic acid can also be decomposed within direct formic acid fuel cells to 

generate electricity [42].  

 

Besides prospected energy applications, formic acid is a valuable commodity 

chemical with a global annual production of approximately 300000 tonnes [43], 

valued at $620 million in 2019 [44]. The formic acid market demand has been 

estimated to increase by 5.6% on a yearly basis [45]. 

 

Formic acid has applications in textiles, agriculture, pharmaceuticals [19][46]. It is a 

frequently used reductant within various synthesis routes (such as Eschweiler-Clark 

methylation and transfer hydrogenolysis [43]) and as a green solvent [44]. Several 

formic acid derivatives also have a considerable market size, such as sodium 

formate (a de-icing salt), methyl formate, dimethyl formamide (solvent) and ethyl 

formate (flavouring) [43]. 
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1.2.1. Conventional production routes  

The name formic acid has been derived from the Latin word formica, meaning ants. 

Formic acid naturally occurs in some species of ants and bees, as well as within the 

atmosphere originating from forest emissions [44], and was first isolated by in 1754 

by Markgraf through the distillation of red ants [43]. An overview of current fossil-

based and non-fossil based FA production methods is given in Figure 1.4.  

 

Current FA production methods are based on fossil resources and include the 

acidolysis of alkali formates and the hydrolysis of methyl formates. The latter is the 

most used on industrial scale at approximately 80% of total production [47], and 

involves a two-step process: the reaction between CO and methanol to produce 

methyl formate at high pressure (> 4 MPa), followed by the subsequent hydrolysis 

resulting in FA and methanol [20][23]. The reaction scheme can be summarized by 

[20][23]: 

 

 𝐶𝐶𝐻𝐻3𝑂𝑂𝐻𝐻 +  𝐶𝐶𝑂𝑂 → 𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐶𝐶𝐻𝐻3                                                                                                          1.1  

𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐶𝐶𝐻𝐻3 + 𝐻𝐻2𝑂𝑂 → 𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐻𝐻 +  𝐶𝐶𝐻𝐻3𝑂𝑂𝐻𝐻                                                                                 1.2 

  

A multitude of intermediates have been shown to form during the process, resulting 

in a complex, multistep and highly energy intensive product separation. Commonly, 

CO is produced through the gasification of coal or natural gas at high temperatures 

(> 900 K) [45], resulting in significant CO2 emissions.  

 

 

Figure 1.4: Overview of FA production methods.   
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1.2.2. Novel production routes 

Formic acid can be produced without the utilization of fossil sources using CO2 as 

carbon source based on a variety of methods such as photochemical, 

electrochemical and thermal chemical methods [48][26].   

 

1.2.2.1. Photochemical CO2 reduction towards FA 

Inspired by natural photosynthesis, which uses solar light as its main energy source, 

the scientific community has aimed to develop methods to allow for the direct sunlight 

for chemical transformations [51]. Within recent years, this resulted in a surge in 

publications demonstrating the visible light-mediated reduction of CO2 towards 

valuable liquid products such as methanol, formic acid and gaseous products such 

as CO and methane [52]–[55]. Based on this approach, the most abundant 

renewable energy source, namely solar energy, could be directly used to aid in the 

synthesis of renewable fuels [56]. 

 

Photocatalytic reduction of CO2 often involves the usage of a photosensitizer 

combined with a homogeneous or heterogeneous catalyst [51][56].  Here, the 

photons are absorbed by a sensitizer, which through the absorption of light equal or 

greater than the band gap initiates the excitation of valence band electrons. These 

excited electrons are then injected into the conduction band of the catalyst [57], 

resulting in the reduction of CO2 towards formic acid in a two electron process [51].  

 

Typical catalyst materials include solid semiconductors such as ZnS, CdS, ZnO and 

TiO2 [51] or homogeneous catalysts based on Ru or Co complexes [56]. Despite 

extensive efforts, the productivity of the process remains low, with typical formic acid 

productivities in the range of 1.5·10-5  gFA/gcat/hr. Such low productivities result in low 

overall formic acid concentrations, and thus high purification costs. Besides low 

productivity, the photochemical pathway also suffers from instability of the used 

catalytic materials under photochemical conditions leading to the loss of catalyst 

activity [56]. Therefore, this methodology is far from industrial application.  
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1.2.2.2. Electrochemical CO2 reduction towards FA 

CO2 can be directly reduced to valuable products such as CO, methane, ethylene, 

formic acid, methanol and ethanol in aqueous environment within electrochemical 

cells at room conditions [58]. Electrochemical reduction (ECR) has emerged as a 

potential formic acid production method due to its controllable reaction parameters 

(such as temperature, pressure and applied potential), scale-up potential, and 

possibility for integration with renewable energy sources [59][60].   

 

However, the standard potentials for CO2 reduction and the Hydrogen Evolution 

Reaction (HER) are close to each other, resulting in the formation of undesired by-

products such as hydrogen. Such competition between CO2 and water reduction can 

result in low production selectivity, which combined with high activation barriers for 

CO2 reduction leads to the necessity of electrocatalysts [61]. Commonly investigated 

materials are Sn, In and Bi [62][63].  

 

Previous studies on electrochemical methods for FA production have highlighted the 

potential for a significant decrease in global warming impact (GWI) due to low steam 

consumption, the integration of renewable electricity and the relativity simple process 

layout [48]. A techno-economic evaluation performed by Kim et al. revealed the 

economic performance of the electrochemical FA production method to be 

competitive with liquefied H2 distribution [40]. However, the technology has not yet 

been proven on a large scale continuous system, while such pilot plant studies have 

readily been performed for formic acid production using the direct CO2 hydrogenation 

process  [48]. 

 

1.2.2.3. Thermochemical CO2 reduction towards FA 

The thermochemical FA production is an exothermic hydrogenation reaction, albeit 

the reaction is known to be strongly endergonic due to the phase change involved in 

the transformation of the gaseous reactants into a liquid product. The addition of 

aqueous solvents results in an exergonic reaction [7][64][65], as summarized below: 
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 𝐻𝐻2(𝑔𝑔)  +  𝐶𝐶𝑂𝑂2(𝑔𝑔)  ⇌  𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐻𝐻(𝑙𝑙)         ∆G° =  +32.9 kJ
mol

, ∆H° =  −31.2 kJ
mol

, ∆S° =

 −215 J
K mol

                                                                                                                                             1.3   

 

 𝐻𝐻2(𝑎𝑎𝑎𝑎)  +  𝐶𝐶𝑂𝑂2(𝑎𝑎𝑎𝑎)  ⇌  𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐻𝐻(𝑎𝑎𝑎𝑎)  ∆G° =  −4 kJ/mol                                                          1.4                                                  

 

Due to the highly unfavourable nature of the reaction, pressures above 10 MPa and 

temperatures above 150 ⁰C are required for the reaction to proceed towards formic 

acid, without the addition of catalysts [27][28]. Alternatively, two strategies are 

commonly exploited to mitigate the thermodynamic limitations of the direct 

hydrogenation reaction, namely the selection of appropriate solvents such as water, 

alcohols and ionic liquids and the introduction of secondary reactions / molecular 

interactions [45][65][68].  

 

The solvation effect reduces the entropy effect of the phase change occurring within 

the reaction [65], however, the most commonly exploited strategy is the addition of 

bases such as amines, hydroxides and (bi)carbonates [7]. Here, adducts are formed 

through exothermic protonation of the base by the produced formic acid, therefore 

shifting the equilibrium towards the product side [7][64]. Additionally, the exothermic 

protonation delivers sufficient energy to result in an exergonic reaction if the 

protonation enthalpy is > 50 kJ/mol [69], therefore driving the reaction towards formic 

acid:  

 

𝐻𝐻2(𝑔𝑔)  +  𝐶𝐶𝑂𝑂2(𝑔𝑔)  +  𝑁𝑁𝐻𝐻3(𝑎𝑎𝑎𝑎) ⇌  𝐻𝐻𝐶𝐶𝑂𝑂2(𝑎𝑎𝑎𝑎)
−  +  𝑁𝑁𝐻𝐻4(𝑎𝑎𝑎𝑎)

+     ∆G° =  +9.5
kJ

mol
,

∆H° =  −84.3
kJ

mol
,∆S° =  −250

J
K mol

                                                1.5 

 

Often low boiling tertiary trialkylamines amines such as triethylamine are used 

[30][31], as primary and secondary amines can result in the formation of covalent 

bonds with formic acid to form formamides. To illustrate the importance of amine 

selection, when high boiling point tertiary amines are used in neat condition, such as 

trihexylamine, no formation of formic acid was observed by previous works due to 
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too little reaction enthalpy being delivered by amine protonation [69][65]. The 

reaction enthalpy between formic acid and trihexylamine was observed to be only -

28.1 kJ/mol [65]. The overall reaction is given by [65]: 

 

1.5 𝐻𝐻2  +  1.5 𝐶𝐶𝑂𝑂2  +  𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3 ⇌   [𝐻𝐻𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3][𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂 ∙  0.5 𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂𝐻𝐻]    

 ∆H° =  −59.3  kJ/mol                                                                                                                   1.6 

 

However, when combined with polar solvents such as alcohols and diols, the 

reaction becomes exergonic, presumably through interaction with the formate anion 

by the alcohol functional group of the solvent. Using 2-methyl-1,3-propanediol as 

solvent results in [65]:  

 

𝐻𝐻2  + 𝐶𝐶𝑂𝑂2  +  𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3 ⇌   [𝐻𝐻𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3][𝐻𝐻𝐶𝐶𝑂𝑂𝑂𝑂]          ∆H° =  −77  kJ/mol                          1.7 

 

Besides adduct formation, evidence also suggests that the base aids in the 

desorption of formate from the catalyst surface [70], therefore suggesting the 

participation of the amine in the catalytic cycle [71].  

 

The utilization of low boiling amines, required to deliver sufficient protonation 

enthalpy, results in the formation of stable azeotropes, rendering thermal formic acid 

purification challenging  [72]. Commonly, formic acid purification of such formic acid 

– triethylamine adducts is performed according to a process developed by British 

Petroleum (BP) [73]. This methodology is based on a so-called amine exchange 

process, in which the low boiling tertiary amine is replaced by a high-boiling tertiary 

amine in a reactive distillation process [31][32]. This technique allows for the 

separation of the adduct through vacuum distillation under mild conditions and has 

been demonstrated on lab scale [68]. 

 

While systems utilizing low boiling point amines have shown high catalytic activity, 

formic acid purification is energy intensive due to the necessity of acidification or 

amine – exchange reactions under harsh conditions [39][40]. Previous works have 

shown the amine-exchange reaction to be highly energy intensive due to significant 
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steam input required within distillation to provide sufficient energy to break the formic 

acid – tertiary amine bond [39][40]. 

 

Several strategies have been investigated to perform the reaction under base-free, 

neutral circumstances [45][74]–[77]. Common strategies include the usage of ionic 

liquids as solvents/buffers [75][34] and the immobilization of amines or ionic liquids 

onto solid carriers [74][76][77], often combined with active hydrogenation metals 

[78][79]. Typically, such systems operate under high H2 and CO2 partial pressures 

resulting in supercritical conditions [80] and the total system activity obtained is 

significantly lower compared to basic conditions [74].  

 

While the economic competitiveness of the direct hydrogenation reaction performed 

under basic condition is currently hampered by the challenging and energy-intensive 

separation [39], the TOFs obtained are significantly higher compared to base free 

systems [76]. For example, TOFs up to 300 gFA/gcat/h were reported by Weilhard et 

al. using multifunctional ionic liquids [76], while TOFs over 2000 gFA/gcat/h  were 

reported when using a heterogeneous Ru-based catalyst with triethylamine as base 

[64] under comparable reactive conditions.  

 

Of the aforementioned methods of the previous sections, the direct reduction of CO2 

using hydrogen has been shown to be the most promising route in terms of economic 

viability and process maturity [16][17]. However, the high thermal stability of CO2 

towards reduction requires highly active catalysts to activate the CO2 [9][10]. 

Furthermore, the production of formic acid is in competition with the reverse water 

gas shift reaction, resulting in the production of carbon monoxide [7][64].  

 

A broad range of catalysts has been previously studied based on both homogeneous 

and heterogeneous formulations [9][10][18][8]. While homogeneous metal 

complexes based on Ru and Ir have shown excellent activity and selectivity [83][20], 

the final formic acid concentrations remain far from industrially relevant conditions 

when expressing the productivity per unit time and unit reactor volume, due to the 

low catalyst concentrations [64]. Combined with the inherent drawbacks of 
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homogeneous catalysts such as difficult product separation and catalyst recycling 

have prompted research towards heterogeneous catalysts [20][21]. 

 

The heterogeneous compositions explored by previous authors focus on a wide 

range of noble metals including Au [86][70], Pt [24][25], Pd [26][27] and Ru 

[19][28][91] deposited on a wide range of supports [9][10]. 

 

While Pd-based catalysts are often hailed as promising alternatives to the 

homogeneous complexes due to their superior kinetic performance compared to 

other metals at moderate temperatures, significant limitations still have to be 

overcome in terms of selectivity and stability [31][32]. Pd and Pt based mono-metallic 

catalysts are  rapidly poisoned by reaction intermediates and products such as 

formates and CO, resulting in limited stability [94][95]. Extraordinary selectivity and 

stability has been previously demonstrated for gold supported catalysts, especially 

colloidal gold nanoparticles, in formic acid formation and decomposition [68][70][96]. 

 

Gold colloidal nanoparticles have had applications since the fourth century AD, 

where they were used for the creation of dichroic filters in the well-known Lycurgus 

cup to create a wide range of colors depending on the incoming light direction [97]. 

Despite the centuries long usage in the fields of glass and metallurgy throughout 

modern history, the catalytic application of gold was only discovered in the late 1980’ 

after being considered catalytically inert due to its resistance to corrosion and 

oxidation [98]. The most common application of gold-based catalysts is in the low 

temperature oxidation of CO [99], highlighting the remarkable fact that gold is not 

susceptible to CO poisoning, unlike other commonly used hydrogenation metals 

such as Pd and Pt [43]. These extraordinary properties have resulted in a surge in 

publications on the application of gold catalysis in a wide variety of reactions, such 

as propylene oxidation, hydrogenation of unsaturated hydrocarbons and the water 

gas shift reaction [98]. These works clearly demonstrate the potential for gold 

catalysis within the concept of hydrogenation reactions due to their excellent stability 

and selectivity, however, the catalytic activity of gold is often significantly lower than 

that of conventional hydrogenation metals such as Ru, Pt and Pd. This has been 
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attributed to the less effective nature of Au to dissociate hydrogen [52]. 

 

Previous works [70][96] demonstrated the application of gold-based catalysts for the 

decomposition of formic acid, highlighting the exclusive production of CO2 and H2 

with high catalyst activity. Therein, the potential in the application of gold catalysts 

from the production and decomposition of formic acid becomes evident.  

 

1.3 Thesis outline   

In this thesis, the potential of the production of formic acid based on the direct 

hydrogenation of CO2 is thoroughly studied, addressing various aspects from the 

exploration of the influence of the aliphatic chain length of the tertiary amine on 

formic acid binding capacity, the influence of the reactive amine on key aspects such 

as activity and selectivity, the development of catalytic materials and lastly a 

demonstration of the technology at reactor and process scale, based on a 

combination of numerical and experimental tools.  

 

The primary objective of Chapter 2 is to gain a deeper understanding into the nature 

of different formic acid – aliphatic tertiary amine adducts. Here, a combination of 1H-

NMR and IR spectroscopy is used to shed light into the type of chemical bonds 

occurring within the formic acid – trialkylamine adducts and the degree of proton 

transfer between formic acid and several trialkylamines.  Based on this study, several 

promising tertiary amines were proposed and further studied in Chapter 3 and 4. 
 

Specifically, Chapter 3 focusses on an attempt to intensify the reaction through 

removal of the additional alcohol based solvents in a batch reactor. First, reactions 

are performed with and without solvents based on triethylamine and an Au/TiO2 

catalyst. Then, a fundamental, continuum based model describing Cahn-Hilliard 

spinodal decomposition was developed and validated to study the influence of the 

biphasic nature of formic acid – trialkylamine structures during reaction at pore level, 

showing the formation of a thin shell of adduct formatting around the gold active 

sites. Within this thin shell, local concentrations correspond to the equilibrium 

condition.  However, due to the strong immiscibility of the adduct and neat amine 
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phases shown in Chapter 2, the produced formic acid is not transported to the bulk 

liquid, resulting in a net reaction rate of virtually zero. 

 

In Chapter 4, the influence of the tertiary amine on CO2 conversion and product 

selectivity is experimentally studied in batch and packed bed reactors using an 

Au/TiO2 catalyst. A wide range of tertiary amines was selected, based on their boiling 

point, kinetic diameter, pKa and solubility with alcohol-based solvents and formic 

acid. Following these criteria, 15 amines were selected having a wide range of pKa 

values and molecule sizes. To allow for an initial screening of kinetic rates, formic 

acid decomposition reactions were performed in batch reactors using an Au/TiO2 

catalyst. Following the selection of the most promising amines in terms of CO2 

conversion rates, high pressure fixed bed experiments were executed. 

 

Chapter 5 concerns the development of mono-metallic (Au/Al2O3, Pd/Al2O3 and 

Ru/Al2O3) and bimetallic catalysts (Au-Pd, Au-Ni, and Au-Cu/Al2O3). The synthesized 

catalysts were characterized through XPS, XRD, TEM, ICP and CO pulse 

chemisorption to identify possible deactivation mechanisms. Their performance in 

terms of productivity and selectivity was tested in both the formic acid decomposition 

as well as formic acid formation at elevated pressures. The objective of this study is 

to identify the best performing catalyst in terms of activity, selectivity and stability, 

which could be used for further scale up of the proposed technology.  

 

Chapter 6 proposes a comparison on techno-economic level of two routes for the 

direct hydrogenation of CO2 towards formic acid: 1) the conventional route based on 

the patents of BP and BASF, in which triethylamine is used as a reactive amine and 

exchanged with trihexylamine in a reactive distillation process; 2) a direct route 

based on the utilization of a high-boiling amine such as n-butylimidazole, allowing 

for direct separation through pressure swing distillation without the necessity of 

reactive distillation. The objective of this study is to identify, if any, the plant operating 

conditions that would make the high boiling reactive amine case more economically 

competitive compared to the conventional amine-exchange process, analysing both 

the technical and economic performance of both processes.  
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Finally, the main findings of this thesis and the research outlook are summarized in 

Chapter 7.  
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Abstract 

A significant amount of research has been devoted to the topic of Protic Ionic Liquids 

(PILs), as they represent a new class of solvents with unusual properties such as 

increased thermal stability, high ionic conductivity and nonvolatility [5]. PILs are often 

synthesized through a proton transfer reaction of a Brønsted acid and Brønsted base 

[1]–[3]. A prime example of a system showing such behavior is found in mixtures of 

carboxylic acids with amines, which form OH ···N hydrogen bonds [1][2][17]. 

 

While the acetic acid – triethylamine mixture is widely studied, a clear gap exists 

within the literature for longer trialkylamines, as well as shorter chain length 

carboxylic acids such as formic acid. 

 
FTIR and 1H-NMR were used to establish the influence of the alkyl chain length of 

the nitrogenous cation on the ionicity of the resulting PIL within formic acid-tertiary 

alkylamine systems. The phase equilibrium was established to be independent of 

the alkyl chain length with the critical point determined to be at a molar ratio of 1.5 

acid to amine. Remarkably, it is observed that the decrease in ionicity is exactly 

compensated by the increase in hydrogen bonding, resulting in a constant acid to 

amine ratio irrespective of the nature of the amine. 
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2.1 Introduction 

A significant amount of research has been devoted to the topic of Protic Ionic Liquids 

(PILs), as they represent a new class of solvents with unusual properties such as 

increased thermal stability, high ionic conductivity and nonvolatility [5]. PILs are often 

synthesized through a proton transfer reaction of a Brønsted acid and Brønsted base 

[1]–[3]. A significant difference in pKa (>6) between the acid and base is required to 

result in complete ionization [4]. However, previous works [2][5][6] have shown that 

the proton transfer is often not complete due to the pKa difference being  <4 [7], 

leading to the co-existence of molecular and ionic species within the PIL.  

 

The degree of proton transfer, also known as the ionicity [8]–[10], is often 

determining for the physicochemical properties of the PIL such as viscosity, 

conductivity and density [5][6][11].  A variety of methods, both qualitative and 

quantitative,  have been employed to study the ionicity of PILs [12][13]. Examples of 

qualitative methods include using the difference between the pKa of the acid and the 

base (ΔpKa) as an indicator [13] as well as the usage of Walden plots [2][14]. 

Quantitative methods are based on titrations (potentiometric, calorimetric) [15], or 

spectroscopic methods such attenuated total reflection IR (ATR-IR), nuclear 

magnetic resonance [2][5], Raman [4] or UV [16]. 

 

Besides the ionicity, the presence of hydrogen bonds in PILs has been shown to 

have a significant effect on key physical properties, as it can cause ions and neutral 

species to act as a single species [1][9], and can even result in the solutions 

becoming biphasic [17].  

 

A prime example of a system showing such behavior is found in mixtures of 

carboxylic acids with amines, which form OH ···N hydrogen bonds [1][2][17]. While 

1:1 and 2:1 aggregates have been found to be present in mixtures including solvents 

or ternary components [18], 3:1 aggregates have been observed within binary 

mixtures [18]–[21]. The overbinding of the carboxylic acid is often attributed to the 

presence of hydrogen bonded networks of the aforementioned integer ratios of 

carboxylic acid and trialkylamines [1][3][17][22]. Such hydrogen bonding networks 
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have been suggested to result in nanoscale phase separation of hydrophobic and 

hygroscopic nature [3]. Warr et al. have demonstrated this nanoscale phase 

separation even occurs for small alkylammonium nitrates such as ethylammonium 

and propylammonium nitrates [23].   

 

A widely studied PIL belonging to the class mentioned above is triethylamine – acetic 

acid [1][2][19], as this finds practical applications as a solvent and a catalyst [2]. 

While the molecular interactions within this PIL have been explored in detail 

[1][2][19], the phase and chemical equilibria were disregarded until the study of 

Zhang et al. [2]. Chen et al. [5] developed a quantitative methodology based on H-

NMR and FTIR to allow for the quantification of chemical and phase equilibria of 

biphasic PILs.  

 

Previous works have shown that the nature and chain length of the nitrogenous 

cation is of key importance for the degree of proton transfer and thus 

physicochemical properties of the PILs [5][24][25]. Besides the influence of the 

cation, also the chain length of the anion is of key importance to the properties of the 

PIL, as previously shown by Li et al. [12]. While the acetic acid – triethylamine 

mixture is widely studied, a clear gap exists within the literature for longer 

trialkylamines, as well as shorter chain length carboxylic acids such as formic acid.  

 

Within this Chapter, a systematic investigation is performed into the effect of the 

length of the alkyl chain within the nitrogenous cation on key properties such as the 

chemical and phase equilibria of the formed PILs. Phase equilibria and ionicity were 

determined using 1H-NMR, while chemical interactions were studied using ATR-

FTIR.  

 

2.2  Materials and methods 

2.2.1. Materials 

Triethylamine (> 99.5%), tributylamine (> 98.5%), trioctylamine (> 99%) formic acid 

(>99%), acetic acid (>99%), sodium hydroxide (>97%) and sodium acetate (>99%) 
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were obtained from Sigma-Aldrich. Dibromomethane (>99.9%, stabilized with 

butylhydroxytoluene), 1,3,5-trimethoxybenzene (>98.0%), trihexylamine (>95%), 

N,N-dimethylbutylamine(>98.0%) and N,N-dimethyloctylamine (>95.0) and 

trioctylamine (>95%) were obtained from TCI chemicals. Propionic acid (>99%)  was 

received from Thermo Scientific. Acetonitrile-d3 (D99.8%) and toluene-d8 (D 99.0) 

were purchased from Deutero, while trioctylammonium (95.0%) was bought from 

Enamine.   

 

All materials were used as received, without any additional purification. The water 

content was determined after receiving the materials using Karl Fischer titration (899 

Coulometer, Metrohm) and found to be below 750 ppm for all chemicals.  

 

2.2.2. Synthesis  

For homogeneous and biphasic PILs, the appropriate amount of amine was weighed 

into an Erlenmeyer flask placed in an ice bath, after which the correct amount of 

carboxylic acid was transferred dropwise using a syringe. A stirring period of 24 

hours was used. In the case of biphasic PILS, an additional settling period of 12 

hours was used, following the work of [2]. 

 

Sodium formate was synthesized to aid peak assignment in FTIR analysis by adding 

equimolar amounts of sodium hydroxide to neat formic acid. The sodium hydroxide 

was added to the anhydrous acid while vigorously stirring with the flask placed in an 

ice bath. The mixture was allowed to stir for 5 hours, after which filtration was 

performed using a vacuum pump. The remaining water was removed using a 

RotaVap system at 75 mbar and 40 ⁰C, after which the resulting powder was dried 

under vacuum at 70 ⁰C for 24 hrs.  

 

2.3  Analytical techniques    

1H-NMR (Bruker, 400 MHz) was used to determine the chemical compositions of all 

samples obtained from the monophasic and biphasic PILs. Here, 0.5 ml of 

deuterated solvent (Acetonitrile-d3 or toluene-d8) containing either dibromomethane 
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or 1,3,5-trimethoxybenzene as internal standard was mixed with 0.1 ml of sample. 

The concentration of internal standard was 1 mol/liter. Molar ratios were determined 

using dibromomethane or 1,3,5-trimethoxybenzene as internal standards. In case of 

biphasic PILs, a syringe was used to sample both layers.  

 

ATR-FTIR spectroscopy was performed using a Thermo Scientific NICOLET iS10 

spectrometer with CaF2 single crystal. Spectra were obtained at room temperature 

in the range of 400-4000 cm-1 with a scanning resolution 2 cm-1 and accumulated 

over 64 scans.   

 

UV-VIS measurements (Shimadzu UV-2501PC) were executed to monitor the color 

change of formic acid – trioctylamine mixtures over time. Spectra were recorded 

between 300-800 nm.  

 

Dynamic Light Scattering (DLS) measurements were performed using a Nanotrac 

Ultra manufactured by Microtrac, having a measuring range from 0.1 – 10000 nm. 

All samples were diluted in toluene and filtered using a 0.45 μm PTFE syringe filter 

prior to measurement. The employed reflective index was experimentally determined 

to be 1.437 (formic acid: 1.371, trioctylamine: 1.449).  

 

2.4  Results and discussion 

Within this study, the same anion (formic acid) was used for all PILs, while different 

nitrogenous trialkyl cations were used having several hydrocarbon chain lengths. 

Here, symmetrical tertiary amines are used having chain lengths between 2 and 8, 

as well as asymmetrical trialkyl amines having 2 methyl groups and a chain of 4 or 

8 carbon atoms. An overview of the molecular structures of the tertiary trialkylamines 

and abbreviations is given in Figure 2.1. 
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2.4.1. Phase equilibrium  

To gain a deeper understanding into biphasic PILs in terms of their phase equilibria 

as a function of cation chain length, PILs were synthesized over a wide range of 

initial anion:cation molar ratios for all nitrogenous cations depicted in 2.1.  

For all tertiary alkylamine – formic acid systems the critical molar fraction of acid 

(𝑁𝑁𝑎𝑎𝑎𝑎𝑎𝑎𝑎𝑎) was established for which phase separation occurs, with the system 

becoming biphasic. In order to determine the chemical composition of each phase 
1H-NMR was used, an example NMR spectrum can be found in Appendix A (Figure 

A.19). The acid-base ratio was calculated from the integral area ratio of two signals, 

attributed to the methyl groups in the hydrocarbon tail and the carboxylic acid 

hydrogen of formic acid. Phase separation occurred until a molar ratio of ~1.5:1 

formic acid: amine was reached for all tertiary amines, as shown in Table 2.1.  
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Figure 2.1: Overview of structures and abbreviations of the nitrogenous trialkyl cations  
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The top layer was found to be rich in amine with a low amount (up to 0.02 mol/liter) 

of formic acid present, while the chemical composition of the bottom layer was found 

to have a constant molar ratio of approximately 1.5:1 acid:amine, independent of the 

hydrocarbon tail length. After the critical point of ~1.5:1 acid:amine a single phase 

was obtained for all tertiary amines.  

 

Tertiary amine  Critical point [mol FA / mol amine] 

TEA 1.49 ± 0.02 

TBA 1.52 ± 0.03 

THA 1.51 ± 0.02 

TOA 1.47 ± 0.04 

DMBA 1.53 ± 0.03 

DMOA 1.55 ± 0.06 

 

2.4.2 Chemical equilibrium  

Previous works have commonly employed NMR measurements (1H HMR, 13C NMR 

and 15N-NMR) to gain a deeper understanding of the chemical interactions between 

the cation and anion [11][26]. However, for ammonium based ionic liquids, a single 

average peak is obtained between the protonated amine and molecular formic acid 

[1][2][27] due to the fast exchange of the proton between these compounds [27]. 

Nuthakki et al. [28] have previously shown the life-time of such ion pairs to be in the 

range of 20x10-14 s, while common NMR based methods have resolutions of 10-9 – 

10-11 s [28]. For this reason, ATR-FTIR was deemed the most suitable method to 

qualitatively probe the chemical interactions present within the PILs.  

 

Infrared spectra were recorded of all nitrogenous cations at several molar ratios 

below and above the critical point for phase separation. Due to contrasting 

identification of the key bands within literature, it was opted to synthesize sodium 

formate and to purchase the ammonium salt of trioctylamine. The IR spectra are 

depicted in Figure A1 and A2 (Appendix A). Spectra of the pure amines and formic 

Table 2.1:  Determination of the phase equilibrium of all tertiary amines. All values are averaged over 5 
measurements and determined using 1H-NMR 
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acid were also included within Appendix A (Figures A3-A6). For all mixtures 

measured, the acid-base ratio was calculated based on 1H-NMR spectroscopy, 

utilizing the integral area ratio of two signals, attributed to the methyl groups in the 

hydrocarbon tail and the carboxylic acid hydrogen of formic acid 

 

The IR spectrum of the triethylamine – FA at the critical point is depicted as an 

example in Figure 2.2, with all others made available within the Appendix A. Here, 

the peaks are assigned as follows (and depicted in Figure A18): 1350-1600 cm-1 

corresponds to the N+-H  deformation and the COO- band [1][17][27], the C=O 

stretching mode is present at 1690-1710  cm-1  [29], COO- at 1550-1585 [30] and the 

C-O asymmetric stretching band at 1190 cm-1 [29] . The positions of the C=O 

stretching mode and C-O band are often attributed to a mixture of ionic and 

molecular formic acid [29][31]. Previous works have attributed the presence of N-H 

and O-H-N hydrogen bonds to 2570-2700 cm-1 and 2700-3300 cm-1 respectively 

[2][3][30] and the O-H stretch of formic acid results in broad stretching from 2700-

3200 cm-1 [2][3][30]. Due to significant overlap between the latter bands, quantitative 

determination of the hydrogen bridges is not possible. Besides bands belonging to 

ionic and molecular interactions between the anion and cation, clear bands 

belonging to the cation alkyl chains are also visible. C-H bending vibrations are 

observed around 1500 cm-1 and C-H stretching is observed between 2800-3000 cm-

1 [32]. 
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Within the previous section, a structure of the IR spectrum of the tertiary amine – 

formic acid systems at phase equilibrium was established. For all tertiary amines, 

PILs were synthesized having several molar ratios above and below the critical point 

and analyzed using ATR-FTIR.  In order to determine the possible presence of ionic 

species in each of the phases, a PIL consisting of formic acid – triethylamine below 

the critical point having an initial molar ratio of 0.8:1 formic acid - triethylamine was 

synthesized. The two phases were separated by separation funnel and analyzed 

using ATR-FTIR with the results shown in Figure 2.3.   

 

 

 

 

 

 

 

 

 

 

 

Figure 2.2: IR spectrum of a formic acid -triethylamine PIL at the critical point (1.5:1 mol/mol) 

Figure 2.3: IR spectra of a formic acid – triethylamine PIL below the critical point for phase separation 
(initial molar ratio 0.8:1 mol/mol). 1H-NMR revealed the bottom layer to have a composition of 1.5:1 
mol/mol and the top layer 0.02:1 mol/mol. 
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Here, it emerges from the presence of the COO- band at 1550-1585 cm-1 that ionic 

species are present in both phases, which is consistent with previous works on acetic 

acid – triethylamine systems [1][2]. Figure 2.4 shows the IR spectra for bottom phase 

of the formic acid – tributylamine mixtures below the critical point, while Figure 2.5 

represents the mixtures above the critical point. Similar spectra for triethylamine, 

trihexylamine and trioctylamine are included in Appendix A (Figures A7-A12).  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

 

 

 

Figure 2.4: IR spectra of different formic acid-tributylamine initial molar ratios below the critical point. 
The spectra represent the PIL (bottom layer). 

 

 

Figure 2.5: IR spectra of different formic acid-tributylamine mixtures above the critical point. 
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From Figure 2.4 it becomes apparent that the molecular interactions within the 

bottom layer are independent of the initial molar ratio due to the biphasic nature of 

the studied complexes. The same PIL having a molar ratio of 1.5:1 FA:amine is 

formed of constant chemical equilibrium, and from Figures A7-A12 it is also found 

that this is the case independent of the trialkyl chain length of the amine. At initial 

molar ratios above the critical point (Figure 2.5), a clear red shift is observed for the 

COO- band at 1550-1580 cm-1 and C=O bands at 1720 cm-1 towards the band 

position of pure formic acid.   

 

For all initial acid to amine ratios both the COO- and COOH bands were observed, 

indicating the proton transfer to be incomplete independent of the alkyl chain length 

and formic acid to amine ratio.  A possible explanation for the incomplete proton 

transfer is found in the nature of tertiary amines, as such molecules are only able to 

act as hydrogen bond acceptors due to the absence of a labile proton, and thus 

cannot form hydrogen bonds with the C=O (carboxylate group) of formic acid [9][33]. 

Previous works have shown the formation of hydrogen bonds between the proton of 

the amine and the carboxylate group to favor proton transfer from the acid to the 

amine. Therefore, as tertiary amine are not able to form such hydrogen bonds, non-

ionic molecules could be stabilized through hydrogen bridges resulting in carboxylic 

acid – carboxylic acid pairs, which in turn stabilize non-ionic molecules, thus 

decreasing the amount of proton transfer [9][33]. 

 

To gain a deeper understanding of the influence of the alkyl chain length on 

molecular and ionic interactions present within the PILs, the IR spectra of all studied 

tertiary amine adducts at the critical point were recorded and presented in Figure 

2.6.  
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Figure 2.6a reveals a significant shift towards lower wave numbers as a function of 

increasing alkyl chain length for the C-H stretch spectral region. Besides the shift to 

shorter wavelengths, the intensity of the signals is increased. The shift towards lower 

wave numbers is typical for long chain alkyl chains due to chain proximity [34] and 

was also observed within previous works studying similar compounds [24] [32]. The 

chain proximity is caused by the aggregation of the -CH2 groups present within the 

alkyl chain and is typically driven by van der Waals forces [34].   

 

Within Figure 2.6a a red-shift of the COO- asymmetrical stretching mode (~1590 cm-

1 to 1580 cm-1) also becomes apparent. Previous works [35]–[37] have shown the 

COO- stretch band to be highly sensitive to the chemical environment. Mareka et al. 

[35] have shown that COO- engaged in hydrogen bonding occurs at lower wave 

numbers than free COO- (for the asymmetrical mode).  Studies on acetic acid – 

triethylamine PILs [1] [18]–[20] have shown an overbinding effect resulting in multiple 

molecules of acid binding to a single molecule of amine. Here the proposed structure 

would consist of a cloud of hydrogen bonding acid molecules to a single negatively 

charged carboxylic acid molecule. As previously noted, the existence of these 

carboxylic acid – carboxylic acid hydrogen bonds results in a decrease in proton 

transfer [9][33]. Thus, the shifting of the COO- stretch band to lower wave numbers 

could be an indication of increased hydrogen bonding and thus decreased proton 

transfer interactions as a function of chain length. The most pronounced effect is 

observed for the C2 to C4, while almost no shift is present going from C6 to C8. 

 

 

a) b) 

Figure 2.6: a) IR spectra of the studied cations at the critical points. b) C-H stretching frequency 
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Due to significant overlap between the characteristic bands of COO- and NH+ 

combined with a significant red shift of the symmetrical COO- stretch frequency, it 

was not possible to determine the ionicity of the PILs using FTIR. Thus, to allow for 

quantitative analysis of the degree of proton transfer, NMR spectroscopy was 

employed using the methodology developed by Li et al. [5][6][12]. The employed 

methodology has been developed and elaborated in previous works [2][5][6][12], 

herein, a brief introduction is given with more details described in [2][5][6][12]. 

 

Mixtures of  formic acid – trioctylamine were prepared at different molar ratios. 1H-

NMR was performed on all mixtures, using toluene-d8 as solvent and 

dibromomethane as internal standard.  Tamada et al. [38][39] have previously shown 

that the choice of NMR solvent is vital, as commonly used solvents such as 

chloroform, dichloromethane, tetrahydrofuran and acetone disturb the hydrogen 

bonds within the adducts, thus altering the molecular interactions. For this reason, 

toluene-d8 was identified as a NMR solvent [38][39]. 

Figure 2.7: 1H-NMR spectra of several  formic acid – trioctylamine (TOA) molar ratios. Molar ratio 
(mol/mol) indicated on the right-hand side. Spectra are referenced to toluene-d8 
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The 1H-NMR spectra of various initial formic acid – trioctylamine mixtures is depicted 

in Figure 2.7 (the other studied amines are included within Appendix A, Figures A13-

A17), here a significant upshift of the formic acid protons becomes apparent. 

 

When the initial concentrations of formic acid and amine are below the critical point, 

the carboxylic acid hydrogen peak ( 

A1) has a constant chemical shift at 8.4 ± 0.02  ppm within the obtained 1H-NMR 

spectra, while the OH proton (A2) has a constant chemical shift of 13.5 ± 0.1 ppm. 

The constant chemical shifts are in line with expectation, as it was shown within the 

previous section that such mixtures have a constant FA:amine composition.  Above 

the critical molar ratio of 1.5:1 in Figure 2.7, a linear relation between the obtained 

chemical shift and the amount of unbound formic acid in the system is present.  

 

While a single average peak originating from the proton of the protonated amine and 

molecular formic acid  is obtained for the exchangeable proton (A2) in 1H-NMR, the 

effect of ionicity is reflected within the chemical shift observed [28]. This effect is 

commonly present in the form of an upshift of the average signal obtained from the 

exchange proton, caused by a rise in shielding due to increased interactions with the 

lone pair present on the nitrogen moiety [11]. Within the NMR-methodology 

developed by Li et al. [5][6], the peak shift is described by assuming the observed 

shift (𝛿𝛿𝑜𝑜𝑜𝑜𝑜𝑜) to be a linear combination of the molar fractions and chemical shifts of 

protonated amine and molecular carboxylic acid [2][5][6]: 

 

𝛿𝛿𝑜𝑜𝑜𝑜𝑜𝑜 =  𝛿𝛿�𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+� 
𝑁𝑁[𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+]

𝑁𝑁[𝐹𝐹𝑇𝑇]
0 + 𝛿𝛿[𝐹𝐹𝑇𝑇]  

𝑁𝑁[𝐹𝐹𝑇𝑇]
0 −  𝑁𝑁[𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+]

𝑁𝑁[𝐹𝐹𝑇𝑇]
0                                                           2.1 

 

Here, 𝛿𝛿�𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+� and 𝛿𝛿[𝐹𝐹𝑇𝑇]  represent the chemical shifts of the protonated TOA and 

molecular formic acid respectively, while 𝑁𝑁[𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+] is the true molar fraction of the 

protonated amine at equilibrium conditions and 𝑁𝑁[𝐹𝐹𝑇𝑇] the initial molar fraction of FA. 

With the acid-base equilibrium constant (eq 2.2.) and rewriting equation 2.1, an 

expression is obtained for the observed chemical shift of the proton A2 (equation 

2.3).  
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𝐾𝐾 =
𝑥𝑥[𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻−]𝑥𝑥�𝑇𝑇𝐻𝐻𝑇𝑇−𝐻𝐻+�
𝑥𝑥[𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻] 𝑥𝑥[𝑇𝑇𝐻𝐻𝑇𝑇] 

 =
𝑥𝑥�𝑇𝑇𝐻𝐻𝑇𝑇−𝐻𝐻+�
2

�𝑥𝑥[𝑇𝑇𝐻𝐻𝑇𝑇]
0 −𝑥𝑥�𝑇𝑇𝐻𝐻𝑇𝑇−𝐻𝐻+���𝑥𝑥[𝐹𝐹𝑇𝑇]

0 −𝑥𝑥[𝐻𝐻𝐻𝐻𝐻𝐻𝐻𝐻−]�
                                           2.2 

 

𝛿𝛿𝑜𝑜𝑜𝑜𝑜𝑜 = 𝛿𝛿�𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+�  
� 𝐾𝐾
𝑅𝑅𝑇𝑇𝐴𝐴  (1+𝑅𝑅𝑇𝑇𝐴𝐴)− �� 𝐾𝐾

𝑅𝑅𝑇𝑇𝐴𝐴
�
2

(1+ 𝑅𝑅𝑇𝑇𝐴𝐴)2− 4𝐾𝐾
𝑅𝑅𝑇𝑇𝐴𝐴

(𝐾𝐾−1) �

2(𝐾𝐾−1)
+ 𝛿𝛿[𝐹𝐹𝑇𝑇] 

⎝

⎜
⎛

1 −

 
� 𝐾𝐾
𝑅𝑅𝑇𝑇𝐴𝐴  (1+𝑅𝑅𝑇𝑇𝐴𝐴)− �� 𝐾𝐾

𝑅𝑅𝑇𝑇𝐴𝐴
�
2

(1+ 𝑅𝑅𝑇𝑇𝐴𝐴)2− 4𝐾𝐾
𝑅𝑅𝑇𝑇𝐴𝐴

(𝐾𝐾−1) �

2(𝐾𝐾−1)

⎠

⎟
⎞

                                                                                 2.3   

with 𝑅𝑅𝑇𝑇𝐴𝐴 the acid-base molar ratio. The unknown parameters (K, 𝛿𝛿�𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+�  and 𝛿𝛿[𝐹𝐹𝑇𝑇])) 

were fitted using a least-squares method: the lsqnonlin procedure implemented in 

MATLAB® R2022b, according to the Levenberg- Marquardt algorithm [40]. Within 

the implementation of this algorithm, initial guesses are required for the all fitted 

parameters, as well as upper and lower bounds. To circumvent significant 

dependency on the initial guesses, the Multistart algorithm [41] was used as 

implemented in MATLAB® R2022b. After fitting the required parameters, the ionicity 

can be determined by [2]: 

 

𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖𝑖 =  
2𝑥𝑥[𝑇𝑇𝐻𝐻𝑇𝑇−𝐻𝐻+]

𝑥𝑥[𝑇𝑇𝐻𝐻𝑇𝑇]
0 + 𝑥𝑥[𝐹𝐹𝑇𝑇]

0                                                                                                       2.4    

 

Within the previous section, the mixtures were shown to have a strong biphasic 

character. To avoid incorrect sampling of the biphasic system, it was opted to use 

homogeneous formic acid – trioctylamine mixtures to determine the ionicity of the 

PIL, thus above the critical point. At initial formic acid – trioctylamine ratios above 

10, the relation between the observed peak position and acid: base ratio is no longer 

linear, as shown in Figure A18. For this reason, acid:base ratio between 1.7 and 2 

were used to ensure fitting within the linear range.  A similar strategy was followed 

by Zhang et al. [2].  The results of the least squares fitting procedure are shown in 

Figure 2.8.  Here the carboxylate (A2) 1H-NMR signals are compared to the least 

squares fit.  
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The procedure was repeated for all tertiary amines, with an overview of resulting 

ionicity given in . The ionic percentage found for formic acid – triethylamine systems 

is comparable to the value reported by Zhang et al. [2] for acetic acid – triethylamine 

systems, which was found to be 64 ± 1 mol%.  

 

Tertiary amine  Keq Ionic  fraction  

TEA 2.70 ± 0.1 0.622 ± 0.01 

TBA 2.21 ± 0.2 0.598 ± 0.012 

THA 1.73 ± 0.1 0.568 ± 0.01 

TOA 1.66 ± 0.1 0.563 ± 0.01 

DMBA 2.56 ± 0.2 0.615 ± 0.012 

DMOA 2.30 ± 0.1 0.602 ± 0.01 

The IR analysis revealed a decrease in proton transfer as a function of alkyl chain 

length, with the largest red-shift visible going from triethylamine to tributylamine, 

while going from trihexylamine to trioctylamine did not lead to a significant red-shift. 

However, no quantitative correlation between the red shift and mole fraction was 

identified. The behavior observed within the IR study qualitatively aligns with the 

behavior observed within the 1H-NMR study, with the degree of proton transfer 

Figure 2.8: Comparison of experimental and fitted NMR data for formic acid – trioctylamine mixtures as 
a function of molar ratio. The signal at ~13 corresponds to the exchange proton of the amine-acid 
complex. Keq was determined to 1.66 and the ionicity 56.3%. 𝛿𝛿[𝑇𝑇𝑇𝑇𝑇𝑇−𝐻𝐻+]  = 18.76 and 𝛿𝛿[𝐹𝐹𝑇𝑇]  = 9.3. 

Table 2.2:  Equilibrium constants and ionic molar fraction for all studied amines based on the NMR-
method 
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decreasing as a function of alkyl chain length. The asymmetrical amines, DMBA and 

DMOA, both reveal a high degree of proton transfer comparable to triethylamine.  

Although there is a decrease in ionicity, the observed molar acid to amine ratio 

remains constant irrespective of the nature of the amine. Consequently, the decrease 

in ionicity must be compensated by the formation of hydrogen bridges.  

2.4.3 Coloring of formic acid – trioctylamine complexes 

A remarkable color change from colorless to magenta/pink was observed for formic 

acid -trioctylamine complexes above the critical point, while all other tertiary amines 

resulted in colorless mixtures in all molar ratios (Figure 2.). Previous works have 

reported a yellow color for acetic acid – triethylamine adducts [1][2]. As can be seen 

from Figure 2.9, acetic acid – triethylamine mixtures (> 1.5 molar ratio) indeed were 

observed to be yellow/orange, depending on the amount of acetic acid. Propionic 

acid-trioctylamine mixtures above a molar ratio of 1.5 acid:amine were found to have 

a deep red color. 

 

  

 

 

 

 

 

 

 

 

 

 
 
 
The intensity of the magenta color was found to be determined by the age of the 

solution and the formic acid – trioctylamine molar ratio. The initial PILs were 

observed to be nearly colorless, and form a significant magenta color over a time 

span of several days. Upon storage of the solutions for several months, a bright blue 

Figure 2.9: left to right: acetic acid – triethylamine (1.5:1 molar ratio), acetic acid – triethylamine (3:1 
molar ratio) and propionic acid – trioctylamine (1.5:1 molar ratio), after 1 week. 
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color was observed. The influence of N-oxidation of the amine was excluded through 

inert synthesis under N2 atmosphere, and no evidence of oxidation was observed 

through 1H-NMR, as depicted in Figure A19. Upon heating of the solutions to a 

temperature of 100 degrees Celsius, the mixtures became colorless, therefore 

providing an additional indication that the color was not a result of chemical 

transformations. The color returned upon cooling of the solutions. 

 

UV-VIS spectroscopy was used to monitor the color change over time over the 

course of 13 weeks, as shown in Figure 2.10. Over the course of 1 week the 

absorbance at 533 nm increases in intensity, resulting in the observable magenta 

color. At a solution age of 2 weeks, a secondary absorption band is formed at 592 

nm which decreases in intensity over the course of several months.  

 

 

 

 

 

 

 

 

 

 

Figure 2.10: Several molar ratios formic acid – trioctylamine mixtures after 1 week.  

Figure 2.11: UV-VIS spectra of a 3:1 molar ratio formic acid – TOA solution over a time span of 13 weeks 
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Due to the lack of π-system present within the studied compounds [42] and the 

confirmed absence of permanent chemical transformations, it was hypothesized that 

the magenta color originated from light scattering due to the formation of structures 

of uniform size that have a scattering effect. Within previous works, nanoscale 

segregation was observed using SAXS/WAXS for similar systems [3][28][43][44], 

with the length scale of the structure depending on the aliphatic tail length of the 

components [3]. Here, it was observed that nanoscale structures are formed driven 

by the formation of hydrogen bonded networks resulting in domains of hydrophobic 

and hydrophilic nature [3][28][43][44]. Kobrak et al. [3] concluded from SAXS 

measurements that the domains are highly disordered and display a high 

polydispersity in terms of both shape and size, with a length scale in the order of 15 

Å. Within Figure 2.10, wide peaks were observed in the UV-VIS measurements, 

which are also an indication of a high degree of disorder.  

 

In order to probe the light scattering hypothesis, DLS was employed with a detection 

limit of 0.1 to 10000 nm. Here, aggregates having an approximate size of 1.78 ± 0.40 

nm were observed upon assumption of spherical aggregates, independent of the 

acid:base ratio (Table 2.3, Figure A20) and solution age. The observed length scales 

are in line with previous works on acetic acid – triethylamine mixtures [3]. 

 

Acid:base ratio [mol/mol] Diameter (nm) 

1:1 1,78 ± 0,40  

2:1 1,67 ± 0,31  

3:1 1,78 ± 0,39  

4:1 1,86 ± 0,38  

5:1 1,77 ± 0,23  

Unfortunately, the DLS results do not provide an explanation for the visible color 

differences between the different acid:base molar ratios.  

 

 

Table 2.3: DLS results as a function of initial acid:base ratio. All adducts were diluted in toluene, solution 
age was 1 day. 
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2.5 Conclusions  

FTIR and 1H-NMR were used to establish the influence of the alkyl chain length of 

the nitrogenous cation on the ionicity of the resulting PIL within formic acid- tertiary 

alkylamine systems. The phase equilibrium was established to be independent of 

the alkyl chain length with the critical point determined to be at a molar ratio of 1.5 

acid to amine.  

IR spectroscopy was employed to probe the chemical interactions present within 

these systems and revealed the existence of a complex mixture of hydrogen bonding 

and ionic interactions. The red-shift observed for the asymmetrical COO- band gave 

an indication for a decrease in proton transfer as a function of chain length. For 

smaller alkyl chains (up to C4) this effect was found to be pronounced, while longer 

chains (C6 and C8) resulted in less pronounced shifts. These effects were further 

quantified using 1H-NMR spectroscopy.  

 

For trioctylamine-based adducts a significant color change from colorless to 

magenta to blue was observed over a time span of several months. UV-VIS revealed 

the highly dynamic nature of these complexes, while DLS revealed an average 

aggregate size of 1.78 nm independent of the acid:base ratio. No satisfactory 

explanation for the color of these solutions was found.  
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Appendix A 

A.1 Additional FTIR spectra  

 Figure A1: IR spectra of formic acid and sodium formate 

Figure A2: IR spectra of trioctylamine and trioctylammonium 
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Figure A3: IR spectrum of triethylamine 

Figure A4: IR spectrum of tributylamine 
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Figure A5: IR spectrum of trihexylamine 

Figure A6: IR spectrum of trioctylamine 
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Figure A7: IR spectra of several initial formic acid: triethylamine molar ratios below the critical point for 
phase separation.  

 

Figure A8: IR spectra of several initial formic acid: triethylamine molar ratios above the critical point for 
phase separation.  
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Figure A9: IR spectra of several initial formic acid: trihexylamine molar ratios below the critical point for 
phase separation. 

 

Figure A10: IR spectra of several initial formic acid: trihexylamine molar ratios above the critical point for 
phase separation. 
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Figure A11: IR spectra of several initial formic acid: trioctylamine molar ratios below the critical point for 
phase separation. 

 

Figure A12: IR spectra of several initial formic acid: trioctylamine molar ratios above the critical point for 
phase separation. 
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A.2 C-H peak position in H-NMR as a function of formic acid:amine ratio 

Figure A13: 1H-NMR C-H peak position of several formic acid – triethylamine (TEA) molar ratios 

 

Figure A14: 1H-NMR C-H peak position of several  formic acid – tributylamine (TBA) molar ratios 
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Figure A15: 1H-NMR C-H peak position of several  formic acid – trihexylamine (THA) molar ratios 

 

Figure A16: 1H-NMR C-H peak position of several  formic acid –dimethylbutylamine (DMBA) molar ratios 

 



Chemical and phase equilibrium of formic acid – trialkylamine complexes 
 

82 
 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

 
 
 
 
 
 
  

Figure A17: 1H-NMR C-H peak position of several  formic acid –dimethyloctylamine (DMOA) molar ratios 

 

Figure A18: 1H-NMR C-H peak position of several  formic acid –tributylamine (TBA) molar ratios 
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 A.3 NMR spectrum inert adduct synthesis  

 
 
 
A.4 DLS formic acid – trioctylamine   
 

 

 

 

 

 

 

 

 

 

 

 

Figure A18: 1H-NMR C-H peak position of several formic acid – tributylamine (TBA) molar ratios 

 

Figure A19: 1H-NMR of a formic acid – trioctylamine mixture synthesized under N2 atmosphere 

 

Figure A20: DLS results of a 1:1 molar solution of formic acid – trioctylamine 
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3 
Modelling of formic acid production using solventless trialkylamine 

reduction strategies 
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Abstract 

Solventless fed-batch experiments at elevated pressures were performed to gain 

insights into the performance of using triethylamine as an extraction base during the 

direct hydrogenation of CO2 to formic acid. No formic acid was observed in the bulk 

liquid after several hours of reaction. Analysis on the spent catalyst revealed 

significant formic acid build-up within the catalyst pores.  A fundamental, continuum 

model based on Cahn-Hilliard spinodal decomposition was developed and validated 

to study the influence of the biphasic nature of formic acid – trialkylamine structures 

during reaction at pore level. The biphasic nature of the tertiary alkylamine – formic 

acid system was found to have significant implications for the reaction performance 

of the proposed system.   
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3.1 Introduction  

The direct hydrogenation of carbon dioxide within the gaseous phase is 

thermodynamically unfavorable (ΔG0 = 32.8 kJ/mol) [18][19]. Performing this 

reaction within the liquid phase through the usage of solvents results in a more 

favorable, exergonic reaction[18][19][20]. Additionally, the equilibrium of the reaction 

can be shifted towards the product side through the addition of bases, with particular 

interest in amines [20]. Commonly, nitrogen-containing bases such as trialkylamines 

are employed, resulting in the formation of adducts that strongly bind to the produced 

formic acid [19][20]. Previous works [21] have shown that the formic acid production 

rates scale directly with the amount of amine present, thus solventless systems are 

desirable. Besides an increase in kinetic rates, the equilibrium is also further shifted 

towards formic acid at higher amine concentrations, therefore performing the 

reaction in pure trialkylamine systems without additional solvents would be highly 

attractive.  

 

However, within the previous chapter it was shown that such formic acid – 

trialkylamine adducts are nearly immiscible in non-binding trialkylamines until a 

critical molar ratio is achieved, thus resulting in a possible biphasic system within the 

catalyst particles during formic acid production.  

 

The objective of this study is to gain a deeper understanding into the implications of 

the biphasic nature of the amine – adduct system during the direct hydrogenation of 

CO2 to formic acid. To this end, experiments were executed in batch reactors with 

and without the addition of additional solvents besides triethylamine. A 2D catalyst 

pore was modelled at mesoscale to allow for the study of intra-particle concentration 

profiles at a continuum level. The spinodal decomposition of the fluid mixture was 

modelled using phase field models following the Cahn-Hilliard equations coupled to 

the law of mass action with the diffuse interface approach. 
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3.2 Experimental materials and methods  

3.2.1. Materials 

Triethylamine (> 99.5%) was obtained from Sigma-Aldrich. Dibromomethane 

(>99.9%, stabilized with butylhydroxytoluene) and 1,3,5-trimethoxybenzene 

(>98.0%), were obtained from TCI chemicals. Acetonitrile-d3 (D99.8%) and D2O (D 

99.0) were purchased from Deutero. 1-Decanol (>98%) was purchased from Thermo 

Scientific Chemicals. All materials were used as received, handled in air and used 

without any additional purification. Commercial AUROlite Au/TiO2 (1wt% Au, verified 

with ICP-OES) was purchased from Strem. In order to prevent deactivation, the 

catalyst was stored under Ar in a cold and dark environment.  

 

3.2.2. Analytical methods 
1H-NMR (Bruker, 400 MHz) was used to determine the chemical compositions of all 

samples from reactive experiments. Here, 0.5 ml of deuterated solvent (Acetonitrile-

d3 or D2O) containing either dibromomethane or 1,3,5-trimethoxybenzene as internal 

standard was mixed with 0.1 ml of sample. The concentration of internal standard 

was 1 mol/liter.  

 

Viscosity was measured using a Brookfield Devek DV2T Viscometer (61 spindle and 

200 rpm). Densities were measured using a graduated cylinder 10 mL (± 0.1 mL) 

and a Sartorius BP 211D scale.  

 

3.2.3. Reactive testing 

Reactive testing was conducted using a 270 mL fed – batch autoclave with integrated 

heating jacket at a constant working pressure of 15 bar. In a typical experiment, 20 

grams of AUROlite Au/TiO2 was loaded into the reactor in air. The catalyst was 

received in the form of extrudates, and thus subsequently crushed and sieved to a 

particle size of 150-250 μm. Triethylamine (110 ml) was fed into the reactor, followed 

by flushing of the reactor with CO2. H2 and CO2 are fed using Bronkhorst mass flow 

controllers.  A Bronkhorst back-pressure controller was used to ensure a constant 

pressure. Aliquots of the reaction mixture were obtained at every 10 hours. A 2 μm 
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filter was present in the sample line to ensure no catalyst left the reactor. The 

reaction mixture was continuously stirred at 500 rpm. 

 

3.3 Numerical methods  
 
3.3.1. Phase field modelling   
Phase field models enable the description of spontaneous phase separation of 

immiscible fluids [23]. Such models have previously been used to describe and 

simulate the grain growth of metal crystallites [24], electromigration [25], biological 

applications [26] and a simultaneous reversible chemical reaction with spinodal 

decomposition [23][27].   

 

Diffuse-interface phase field models are a versatile tool for microstructure 

simulations at mesoscale level [28][29]. Within this approach, the structures are 

described by a continuous set of phase-field variables, which are also continuous 

over the interface [27]. This way, the necessity of explicit front tracking is prevented, 

leading to decreased computational load [28][29]. 

 

A commonly used example of such models is the Cahn-Hilliard equation. The Cahn-

Hilliard equation describes the temporal evolution of spinodal decomposition through 

describing the Helmholtz free energy as a function of composition and the spatial 

derivative of the composition at the grid point [30]–[33]. Clavijo et al. [23] have 

previously presented a method to transform the Cahn-Hilliard equation into a 

thermodynamically consistent multicomponent reactive Cahn-Hilliard set of 

equations through the usage of n force balances and n mass balances to account 

for the chemical reactions. Here, n phase fields are considered in a set of coupled 

Cahn-Hilliard equations to represent the concentrations of all species (n), resulting 

in a system consisting of n non-linear fourth order partial differential equations in 

space as a result of non-constant diffusion constants. 

 
3.3.2 Governing equations and boundary conditions  
An overview of the governing equations is given, further details on the derivation can 

be found elsewhere [23][34].  
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Considering a n-species system where 𝑁𝑁𝑎𝑎, the mole fraction of component a, the 

sum of all mole fractions is given by 

 

�𝑁𝑁𝑎𝑎  ≡ 1
𝑛𝑛

𝑎𝑎=1 

                                                                                                                                        3.1   

 

and the gradient 

 �∇𝑁𝑁𝑎𝑎  ≡ 0                                                                                                                                     3.2
𝑛𝑛

𝑎𝑎=1 

 

 

From here it readily becomes apparent that the set is not linearly independent, thus 

we consider n -1 independent species, while the nth species is used as a reference 

to ensure mass conservation. The general balance consists out of a diffusive flux 

(𝑱𝑱𝒂𝒂) and a reactive term (𝑅𝑅𝑎𝑎)  

 
𝜕𝜕 𝑁𝑁𝑎𝑎
𝜕𝜕𝑖𝑖

=  −∇  ∙  𝑱𝑱𝒂𝒂 + 𝑅𝑅𝑎𝑎                                                                                                                      3.3 

The diffusive flux is given by  

 

𝑱𝑱𝒂𝒂 =  −� 𝑳𝑳𝑎𝑎𝑜𝑜  ∇𝜇𝜇𝑜𝑜
𝑛𝑛−1

𝑜𝑜=1 

                                                                                                                         3.4 

with 𝐿𝐿𝑎𝑎𝑜𝑜 being the binary concentration-dependent diffusion coefficient and 𝜇𝜇𝑜𝑜 the 

chemical potential of component b.  

 

𝐿𝐿𝑎𝑎𝑜𝑜 = 𝑀𝑀𝑎𝑎𝑜𝑜𝜑𝜑𝑎𝑎(𝛿𝛿𝑎𝑎𝑜𝑜 − 𝑁𝑁𝑜𝑜)                                                                                                                   3.5 

Wherein 𝑀𝑀𝑎𝑎𝑜𝑜 are the binary diffusion coefficients, and 𝛿𝛿𝑎𝑎𝑜𝑜 represents the Kronecker 

delta. The binary diffusion coefficients were determined by the Einstein-Stokes 

equation combined with the Stokes equation for low Reynold number flows [35]: 
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𝐷𝐷𝑎𝑎𝑜𝑜 =  
𝑘𝑘𝐴𝐴𝑇𝑇

6𝜋𝜋𝜋𝜋𝑟𝑟𝑎𝑎
                                                                                                                                      3.6 

With T, 𝜋𝜋 and 𝑟𝑟𝑎𝑎 the temperature, the viscosity and molecular radius of component a 

respectively.  

 

Per definition, the chemical potential of the system is equal to the variational 

derivative of free energy in respect to the species concentration and contains both 

the contribution of the n-well and interface contribution: 

 

𝜇𝜇𝑎𝑎 =  
𝜕𝜕𝜕𝜕
𝜕𝜕𝑁𝑁𝑎𝑎

�
𝑃𝑃,𝑉𝑉

                                                                                                                                     3.7 

 

As was previously suggested by previous works [23][30]–[33], the phase separation 

is assumed to be governed by the Ginzburg-Landau free energy (�̂�𝜓), expressed by  

 

�̂�𝜓(𝑁𝑁) = 𝑁𝑁𝑣𝑣𝑘𝑘𝐴𝐴𝜗𝜗 ��  
𝑛𝑛

𝑎𝑎=1

 𝑁𝑁𝑎𝑎 ln 𝑁𝑁𝑎𝑎� + 𝑁𝑁𝑣𝑣�  
𝑛𝑛

𝑎𝑎=1

�  
𝑛𝑛

𝑜𝑜=1

Ω𝑎𝑎𝑜𝑜𝑁𝑁𝑎𝑎𝑁𝑁𝑜𝑜 +
1
2
� 
𝑛𝑛

𝑎𝑎=1

�  
𝑛𝑛

b=1

Γ𝑎𝑎𝑜𝑜∇𝑁𝑁𝑎𝑎 ⋅ ∇𝑁𝑁𝑜𝑜       3.8 

 

where 𝑁𝑁𝑣𝑣, 𝑘𝑘𝐴𝐴 and 𝜗𝜗 are the number of molecules of component a per unit volume, 

the Boltzmann constant and the temperature respectively. Ω𝑎𝑎𝑜𝑜 is the interaction 

energy between the mass fractions of components. Following previous works, 

[23][34],  Ω𝑎𝑎𝑜𝑜 is defined by  

 

Ω𝑎𝑎𝑜𝑜 = 0   when 𝑎𝑎 = 𝑏𝑏                                                                                                                      3.9 

Ω𝑎𝑎𝑜𝑜 = 2𝑘𝑘𝐴𝐴𝜗𝜗𝑎𝑎𝑎𝑎𝑜𝑜  when 𝑎𝑎 ≠ 𝑏𝑏                                                                                                          3.10 

 

Here, 𝜗𝜗𝑎𝑎𝑎𝑎𝑜𝑜 is the critical temperature between component a and b. Additionally, Γ𝑎𝑎𝑜𝑜 

is the magnitude of the interfacial energy between components, with the unit of force 

[30]–[33]: 

 

Γ𝑎𝑎𝑜𝑜 =  𝜎𝜎𝑎𝑎𝑜𝑜 𝑙𝑙𝑎𝑎𝑜𝑜  =   𝑁𝑁𝑣𝑣Ω𝑎𝑎𝑜𝑜(𝑙𝑙𝑎𝑎𝑜𝑜)2                                                                                                3.11 
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 With 𝜎𝜎𝑎𝑎𝑜𝑜 the interfacial tension and 𝑙𝑙𝑎𝑎𝑜𝑜 the interfacial thickness, as calculated by a 

12-6 Lennard-Jones potential. The 12-6 potential was selected due to close 

agreement with experimental results for small molecules in solution [33] 

 

𝑙𝑙𝑎𝑎𝑜𝑜 =  �
11
7
�
1
2
�

6
𝜋𝜋𝑁𝑁𝑣𝑣

�
1
3

                                                                                                                    3.12   

 

The expression for the chemical potential is given by  

 

𝜇𝜇𝜎𝜎𝑎𝑎 = 𝑁𝑁𝑣𝑣𝑘𝑘𝐴𝐴𝑇𝑇 ln �
𝑁𝑁𝑎𝑎
𝑁𝑁𝜎𝜎
� + 2𝑁𝑁𝑣𝑣�  

𝑛𝑛

𝑜𝑜=1

(Ω𝑎𝑎𝑜𝑜 − Ω𝜎𝜎𝑜𝑜)𝑁𝑁𝑜𝑜 −�  
𝑛𝑛

𝑜𝑜=1

(Γ𝑎𝑎𝑜𝑜 − Γ𝜎𝜎𝑜𝑜) ∇ ∙ (∇𝑁𝑁𝑜𝑜)              3.13 

 

Here, σ represents the σth conserved species and is used as a reference, following 

the work of Clavijo et al. [34]. 

 

Lastly, the reactive term (𝑅𝑅𝑎𝑎) is based on the power law kinetics determined by 

Hensen et al. [21] for an Au/Al2O3 catalyst. 

 

𝑅𝑅𝑣𝑣𝑜𝑜𝑙𝑙𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑎𝑎𝑎𝑎  =  𝑘𝑘+𝑁𝑁𝑁𝑁𝑒𝑒
−𝐸𝐸𝑎𝑎+
𝑅𝑅𝑇𝑇 𝑁𝑁𝐶𝐶𝑇𝑇2𝑁𝑁𝐻𝐻2𝜑𝜑𝑇𝑇𝐸𝐸𝑇𝑇  −  𝑘𝑘−𝑁𝑁𝑁𝑁𝑒𝑒

−𝐸𝐸𝑎𝑎−
𝑅𝑅𝑇𝑇 𝑁𝑁𝑎𝑎𝑎𝑎𝑎𝑎𝑣𝑣𝑎𝑎𝑣𝑣                                           3.14 

 

On the pore wall, distinctive active sites were placed, at which point the reactive term 

is added to the equations through a Dirichlet boundary condition. The volumetric 

kinetic expression presented in [21] was rewritten to an intrinsic reaction rate per 

active site 

 

𝑅𝑅𝑎𝑎𝑛𝑛𝑣𝑣𝑣𝑣𝑎𝑎𝑛𝑛𝑜𝑜𝑎𝑎𝑎𝑎  =  𝑅𝑅𝑣𝑣𝑜𝑜𝑙𝑙𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑎𝑎𝑎𝑎  ∙
𝜌𝜌𝑜𝑜𝑎𝑎𝑣𝑣𝑣𝑣 𝑉𝑉𝑜𝑜𝑎𝑎𝑣𝑣𝑣𝑣

𝜌𝜌𝑜𝑜𝑜𝑜𝑙𝑙𝑎𝑎𝑎𝑎 𝜀𝜀𝑜𝑜𝑣𝑣𝑎𝑎𝐿𝐿𝑎𝑎𝑎𝑎𝑣𝑣
                                                                      3.15 

where 𝜌𝜌𝑜𝑜𝑎𝑎𝑣𝑣𝑣𝑣 and 𝜌𝜌𝑜𝑜𝑜𝑜𝑙𝑙𝑎𝑎𝑎𝑎 are the gravimetric density of the active site and catalyst 

particle respectively.  𝑉𝑉𝑜𝑜𝑎𝑎𝑣𝑣𝑣𝑣 is the volume of a single active site, 𝜀𝜀𝑜𝑜𝑣𝑣𝑎𝑎 is the solid hold 
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up within the reactor and 𝐿𝐿𝑎𝑎𝑎𝑎𝑣𝑣 is the active metal loading.  

 

The dimensionless forms are introduced through a scaling based on a reference free 

energy (𝛹𝛹0 = 2 𝑁𝑁𝑣𝑣𝑘𝑘𝐴𝐴𝜗𝜗) as previously suggested by [34][36][37]. The scaling is 

performed in order to improve numerical accuracy. This reference free energy is 

used to relate the free energy density to the species mobility 

 

𝑫𝑫𝒂𝒂𝒂𝒂 = 𝛹𝛹0𝑀𝑀𝑎𝑎𝑜𝑜𝑁𝑁𝑎𝑎(𝛿𝛿𝑎𝑎𝑜𝑜 − 𝑁𝑁𝑜𝑜)                                                                                                3.16 

Furthermore, the critical temperature and the length and time scales are scaled 

through [21,22] 

 

𝑖𝑖�  =  𝐿𝐿0−1 𝑖𝑖                                                                                                                               3.17 

𝑖𝑖̅  =  𝑇𝑇0−1 𝑖𝑖   𝑤𝑤𝑖𝑖𝑖𝑖ℎ  𝑇𝑇0 =  
𝐷𝐷0𝑙𝑙02

𝐿𝐿04
                                                                                            3.18 

      𝜗𝜗𝑎𝑎𝑎𝑎𝑜𝑜�����  =  𝑇𝑇−1𝜗𝜗𝑎𝑎𝑎𝑎𝑜𝑜                                                                                                                        3.19 

 

here, 𝐷𝐷0 and 𝑙𝑙0 are set according to a reference species. The reference species was 

taken to be the adduct. 𝐿𝐿0 is set equal to the pore length. The resulting equations in 

dimensionless form are  

 
𝜕𝜕 𝑁𝑁𝑎𝑎
𝜕𝜕𝑖𝑖̅

 =  − ∇�   ∙  𝐽𝐽𝑎𝑎�    +  𝑅𝑅𝑎𝑎����                                                                                                            3.20 

𝐽𝐽𝑎𝑎� = −�  
𝑛𝑛

𝑜𝑜=1

 𝑫𝑫𝒂𝒂𝒂𝒂�����  ∇��̅�𝜇𝑜𝑜                                                                                                                    3.21 

𝜇𝜇‾𝜎𝜎𝑜𝑜 =
1
2

ln
𝑁𝑁𝑜𝑜
𝑁𝑁𝜎𝜎

+ 2� 
𝑛𝑛

𝑎𝑎=1

 (𝜗𝜗‾𝑎𝑎𝑜𝑜𝑎𝑎 − 𝜗𝜗‾𝑎𝑎𝜎𝜎𝑎𝑎)𝑁𝑁𝑎𝑎 −�  
𝑛𝑛

𝑎𝑎=1

 �𝜎𝜎‾𝑜𝑜𝑎𝑎ℓ‾𝑜𝑜𝑎𝑎 − 𝜎𝜎‾𝜎𝜎𝑎𝑎ℓ‾𝜎𝜎𝑎𝑎� ∇  ∙ (∇𝑁𝑁𝑎𝑎)                  3.22 

A zero flux (Neumann) boundary condition is enforced on the pore walls, except for 

the active metal sites. Here, the reaction term is implemented. The catalyst pore is 

assumed to be in contact with an external fluid reservoir, thus the continuity of fluxes 
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between the solid and fluid phases in the form of a Dirichlet boundary condition is 

assumed. Initial concentrations are equal to saturation for all reagents.  

 

3.3.3 Discretization   
The mesoscale binodal decomposition simulations were performed in C++ using 

CVODE provided by SUNDIALS as a solver [38][39]. Spatial discretization was 

performed using the Finite Volume Method and the Method of Lines, while time 

discretization was performed by the CVODE solver. The time integration of Cahn-

Hilliard equations is non-trivial due to the non-linear fourth order dependency in 

space as a result of non-constant, composition-dependent diffusion constants 

[29][40]. Thus, the adaptive-time step strategy was used. The maximum order of the 

BDF solver was set to 5, with a relative tolerance of 1e-8. Boundary conditions were 

discretized through second order Lagrange interpolation.  

 

3.3.4 Physical properties  
 
Adduct density and viscosity were experimentally determined as a function of 

temperature, and are depicted in Appendix B Figure B1 and  Figure B2 respectively. 

The Einstein-Stokes relation was used to calculate diffusivities, this relation requires 

the usage of molecular radii. An overview of the molecular radius of all components 

can be found in Appendix B (Table B.1). The radius of the adduct was estimated 

based on the structure as proposed by Sprakel et al. [41]. An overview of the 

resulting of resulting binary diffusion coefficients can be found in Appendix B (Table 

B.2). The solubility of the gaseous reactants CO2 and H2 under the studied conditions 

was calculated using Henry’s law. The Henry coefficients were determined at 50 

degrees Celsius using the SRK property method in Aspen Plus V11, and are 

summarized in Table 3.1. The physical properties of the catalyst are given in Table 

3.1.  
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Parameter  Physical 

representation  
     Value         Unit  Source 

𝜌𝜌𝑇𝑇𝑙𝑙2𝑇𝑇3 Support density 4.01 ∙ 103 𝑘𝑘𝑘𝑘𝑇𝑇𝑙𝑙2𝑇𝑇3
𝑚𝑚𝑇𝑇𝑙𝑙2𝑇𝑇3
3  

[42] 

𝜀𝜀𝑜𝑜𝑣𝑣𝑎𝑎 Reactor solid 

hold-up 

     0.6 𝑚𝑚𝑜𝑜𝑜𝑜𝑙𝑙𝑎𝑎𝑎𝑎
3

𝑚𝑚𝑣𝑣𝑣𝑣𝑎𝑎𝑎𝑎𝑣𝑣𝑜𝑜𝑣𝑣
3  

- 

𝐿𝐿𝑎𝑎𝑎𝑎𝑣𝑣 Catalyst loading      0.01 𝑘𝑘𝑘𝑘𝑇𝑇𝑣𝑣
𝑘𝑘𝑘𝑘𝑜𝑜𝑜𝑜𝑙𝑙𝑎𝑎𝑎𝑎 

 [21] 

𝑑𝑑𝑜𝑜𝑎𝑎𝑣𝑣𝑣𝑣 Active site 

diameter 
1.9 ∙ 10−9 𝑚𝑚 [21] 

𝐻𝐻𝐶𝐶𝑇𝑇2 Henry coefficient 

CO2 

   40  𝑚𝑚𝑖𝑖𝑙𝑙
𝑚𝑚3 𝑏𝑏𝑎𝑎𝑟𝑟

  

𝐻𝐻𝐻𝐻2 Henry coefficient 

H2 

   1.54 𝑚𝑚𝑖𝑖𝑙𝑙
𝑚𝑚3 𝑏𝑏𝑎𝑎𝑟𝑟

  

 

 

 

Lastly, the studied process conditions are summarized in Table 3.2. In order to 

experimentally determine the critical temperature of the triethylamine adduct 

mixtures, a 1:1 molar ratio mixture was prepared and heated within a Rotavap. It was 

established that the mixture remains biphasic until all triethylamine has evaporated. 

For this reason, it was opted to set the critical temperature to the boiling point of 

triethylamine.  

Parameter  Value  Unit  
Temperature 323 K 

Critical temperature  420 K 

Pressure 15 bar 

Relative tolerance  1 ∙ 10−8 -  

Number of reactive sites 8 -  

H2: CO2 volumetric ratio 0.5 -  

 
3.4 Results and discussion  
 
 

Table 3.1: Overview of catalyst physical properties and Henry coefficients. Henry coefficients [mol m-3 
bar-1] for H2 and CO2 in triethylamine at 50 degrees Celsius. Coefficients were determined using the 
SRK property method in Aspen Plus V11. 

 

 

Table 3.2: Overview of simulation parameters 
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Within this study, solventless batch experiments at elevated pressures were 

performed to gain insights into the performance of using triethylamine as an 

extraction base during the direct hydrogenation of CO2 to formic acid. Afterwards, a 

2D pore model describing spinodal decomposition was created in an attempt to 

further clarify the experimental results. Verification and validation of the model can 

be found in the Appendix B.  

 

3.4.1 Fed-batch experiments 
 
First, the catalytic performance of a 1 wt% Au/TiO2 catalyst in the direct 

hydrogenation of CO2 at 15 bars of equimolar CO2/H2 mixture was tested using 

triethylamine as a base. In order to verify the activity of the received catalyst, an 

experiment was performed using a polar solvent to ensure solubility of all 

components. Here, a 1:3 vol/vol (0.45 mol/mol) mixture of triethylamine and 1-

decanol was used, with the reaction a steady state formic acid concentration after 4 

days, as shown in Figure 3.1.  

 

Next, with fresh catalyst an experiment was performed using pure neat triethylamine, 

without the addition of polar solvents. After 7 hours reaction time at otherwise 

identical conditions, the amount of FA observed in liquid samples was negligible. 

While exact determination of the concentrations was deemed inaccurate due to the 

very low concentrations, the estimated FA concentration is within the ppm range,  

whereas the experiment with solvent reached the thermodynamic equilibrium FA 

concentration expected based on the work of Hensen et al. [21] .                                                                                 
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Within Chapter 2, it was shown that such formic acid – triethylamine adducts are 

almost completely immiscible in neat triethylamine [22]. As FA is highly soluble in 

water, the spent catalyst was subsequently placed in 10 mL of demi water for 1 hr 

after reaction. 1H-NMR spectroscopy revealed a significant FA concentration, with 

the total molar amount of formic acid in the pores being approximately 3 orders of 

magnitude larger than those in the bulk fluid. 

 

The verified catalyst activity and release of formic acid from the spent catalyst in the 

neat amine case, provide an initial indication that while formic acid is being produced, 

it cannot leave the pores. Even if the formation of formic acid in the form of formic 

acid – triethylamine adducts would result in phase separation with the reagents, the 

reaction would progress if the product can diffuse away from the active site in order 

to retain low local concentrations. However, within the experiments, virtually no 

formic acid is observed to be present within the bulk fluid, providing an indication that 

the produced formic acid cannot diffuse away from the active site to reach the bulk 

liquid. This would result in high local concentrations of adduct within the pores of the 

catalyst resulting in a local equilibrium being reached around the active gold 

crystallites, therefore stopping the production of formic acid. To investigate this at 

pore level, a modelling approach is used. 

 

Figure 3.1: Concentration of FA in time. The reaction was run in a batch reactor, total pressure 15 bar, 
temperature 50 ⁰C, 1:3 vol/vol triethylamine:1-decanol. 
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3.4.2 Numerical modelling of catalyst pores  
Numerical simulations were performed at meso-scale of a two-dimensional 

multicomponent system including spinodal decomposition representing the direct 

hydrogenation of CO2 towards formic acid within a catalyst pore. Conditions were 

selected such to resemble the experimental protocol as closely as possible, with 

conditions summarized in Table 3.3. 

   

The numerical simulations summarized in Table 3.2 were performed on a 40x40 cell 

grid, representing a physical size of 80 nm with the pore mouth exposed to a bulk 

liquid of constant concentration. The temporal evolution of the adduct front diffusing 

through the catalyst pore according to the process conditions summarized in Table 

3.2 is shown in Figure 3.2, while the temporal evolution of all species is shown in 

Figure B7. 

 

Here, one distinctive active site was placed on the wall of the catalyst pore. It should 

be noted that the active sites are placed flat against the simulation boundaries, and 

thus do not occupy any volume. All simulations were started with the catalyst pore 

filled with neat triethylamine, saturated with CO2 and H2. The initial adduct 

concentration was set to 1e-6 mol/m3. 

 

Within Figure 3.2, the formic acid concentration directly above the active site in the 

y-direction is visualized over time. Here, high concentrations of formic acid – 

triethylamine adducts of up to 48.6 mol/m3 are observed directly above the active 

site after approximately 10 seconds, while no formic acid is present within the bulk 

of the pore fluid. Then, the formic acid diffuses through the catalyst pore, forming a 

thin shell of adduct around the active site over a distance of several grid cells, thus 

showing the slight miscibility of the adduct and neat triethylamine, in line with 

previous experimental observations reported in Chapter 2.  
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Figure 3.3 depicts the average adduct reaction rate and the thickness of the adduct 

layer formed around a single gold crystallite. The thickness of the layer was 

determined directly on top of the active gold site, in the y-direction, with a grid cell 

being part of the adduct layer if the formic acid concentration is > 0.1 mol/m3.  Here, 

initially a high formic acid formation rate of 0.067 mol/s is observed, followed by a 

rapid decline until the production rate of formic acid is decreased to nearly zero 

(0.0002 mol/s). While the observed reaction rate is close to zero, Figure 3.2 reveals 

that the reagents (CO2, H2 and triethylamine) are not depleted but present at the 

active site close to saturation concentrations.  

 

 

 

 

 

Figure 3.2: Temporal evolution of FA formation over multiple active sites using a 40x40 cell grid, 
representing 200x200 nm. Simulation conditions can be found in Table 3.3 (temperature of 50 degrees 
Celsius, 15 bar total pressure). 

 

 



Modelling of  formic acid production using solventless trialkylamine reduction 
strategies  
 

106 
 

 

 

Therefore, the net zero production rate is not caused by diffusion limitations or 

unavailability of the reagents at the active site, but by local equilibrium conditions 

being achieved around the active site, as evident from the equal forward and 

backward reaction rates, which are equal to ~0.008 mol/s.  

 

As evident from Figure 3.3, the thickness of the adduct layer follows an opposite 

trend to the adduct production rate, with the adduct concentration within the bulk fluid 

remaining equal to zero during the initial highly reactive period. After approximately 

10 seconds, the decrease in formic acid production rates corresponds with the 

moment the formed adduct starts to diffuse away from the active site to form a layer 

around the active site, with the layer thickness growing up to 10.6 nm. The slow 

diffusion rate of the product away from the active site is also evident from the 

diffusivity of the adduct within the neat amine phase, which is found to be equal to 

6.63e-12, compared to ~8.49e-9 for the gaseous reagents within the neat amine 

phase. Thus, the inability of the product to diffuse away from the active sites results 

in a local equilibrium condition forming around the active site, thereby reducing the 

average reaction rate to zero.  

Figure 3.3: Average adduct reaction rate and adduct layer thickness over a single active site. 
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Simulations were also performed for larger catalyst pores. The temporal evolution of 

a larger catalyst pore is shown in Figure B8. Upon expending the pore size to 200 

nm and placing 4 evenly spaced active sites on each side of the catalyst pore, the 

trends observed for the single active site are also observed for the larger pore. Here, 

despite a larger adduct productivity capacity due to the presence of multiple active 

sites, only a thin layer of adduct is formed around the active sites before reducing 

the average reaction rate to nearly zero due to the inability of the product to diffuse 

towards the bulk phase and therefore locally reaching the equilibrium condition. 

These numerical observations show comparable behavior to the experimental 

observations, in which formic acid was observed to be present within the catalyst 

pores, but not in the bulk reaction fluid.  

 
3.5 Conclusion 

Solventless batch experiments at elevated pressures were performed to gain 

insights into the performance of using triethylamine as an extraction base during the 

direct hydrogenation of CO2 to formic acid.  

 

After several hours of reaction, no formic acid was observed within the bulk liquid of 

the batch experiments. Due to the biphasic nature of formic acid – triethylamine 

systems, the formic acid concentration within the catalyst pores after reaction was 

evaluated by placing the spent catalyst in water. Here, the total molar amount of 

formic acid in the pores being orders of magnitude larger than those in the reactor 

fluid.  

 

In order to investigate this at pore level, a 2D model describing spinodal 

decomposition was created and verified in C++. Here, the Cahn – Hilliard equation 

was used to describe the temporal evolution of spinodal decomposition through 

describing the Helmholtz free energy as a function of composition and the spatial 

derivative of the composition at the grid point. 

 

The biphasic nature of the tertiary alkylamine – formic acid system was found to have 

significant implications for the reaction performance of the proposed system. The 
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inability of the adduct to dissolve in the available non-binding amine results in the 

catalyst pores readily reaching the equilibrium condition, therefore reducing the 

average reaction rate by two orders of magnitude, from 0.067 to 0.0002 mol/s. 
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Appendix B 

B.1 Density and viscosity measurements 

 Figure B1: Density measurements as a function of temperature for a 1:1 FA:NEt3 molar adduct and 3:1 
FA:NEt3 molar adduct. 

 

Figure B2: Viscosity measurements as a function of temperature for a 1:1 FA:NEt3 molar adduct and 3:1 
FA:NEt3 molar adduct 
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B.2 Molecular properties 

  M [g/mol] V [Å3/molecule] 
 

r [Å3/molecule] 
 

Source  

H2  2.016 10.495 1.358 [1] 
CO2  44.01 32.713 1.984 [1] 

HCO2H  46.03 37.762 2.082 [1] 
NEt3  101.19 123.36 3.089 [2] 

Adduct   170.235 287.32 4.094 This work 
 

 
Component  H2 CO2 NEt3 NEt3 

H2 6.38 ∙ 10−9 6.38 ∙ 10−9 6.38 ∙ 10−9 1.68 ∙ 10−11 
CO2 6.38 ∙ 10−9 4.37 ∙ 10−9 4.37 ∙ 10−9 1.15 ∙ 10−11 
NEt3 6.38 ∙ 10−9 4.37 ∙ 10−9 2.80  ∙ 10−9 7.38 ∙ 10−12 
NEt3 1.68 ∙ 10−11 1.15 ∙ 10−11 7.38 ∙ 10−12 5.57 ∙ 10−12 

 

 

B.3 Model verification and validation 

The validation of the models is performed by validating each key ingredient. First, 

the implementation of the temporal and spatial discretization schemes is verified 

through the analytical solution for unsteady Fickian diffusion in 1D. Secondly, proof-

of-concept simulations were performed in 1D and 2D to validate the Cahn-Hilliard 

equation implementation. Here, the interaction parameter and solvency parameter 

were chosen such to represent a system undergoing spinodal decomposition.  

To verify the implementation of the numerical discretization schemes, let us consider 

an infinitely long flat plate of thickness 2L with a homogeneous initial concentration 

as an elementary verification case. At outer ends of the plate (-L and L), a constant 

concentration is applied (Dirichlet boundary condition), while a Neumann boundary 

condition is enforced at the center of the plate. The unsteady analytical solution to 

this problem was previously derived by [3]. A comparison between the analytical 

solution and the solution obtained numerically is shown in Figure B3. Here, an 

absolute error of maximum 1e-3 mol/m3 is found when using 100 grid cells.  

 

Table B1: Overview of molar weights, volumes and radii of reactants 

Table B2: Matrix of binary diffusion coefficients in m2/s. Diffusion coefficients were calculated using 
equation 3.15 and the data given in Table B1. 
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To test the qualitative implementation of the phase field model, the equations 

presented in Section 3.3.2 were rewritten to allow for freely chosen interaction 

parameters (the interface parameter and the solvency parameter). Here, a closed 

system is considered with no flux at the simulation boundaries. The system is 

initialized using 2 components with a binary diffusion coefficient of 1, no reaction and 

the concentrations to form a linear gradient over the grid. The solvency parameter 

was set to 3 to invoke spinodal decomposition, and the interface parameter was set 

to -0.5, with the obtained concentration profiles shown in Figure B4.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure B3: left) Model solution of 1D Fickian diffusion in a flat plate using a 100x1 grid. The analytical 
solution was taken from [7]. Right) absolute error between analytical and model solutions.   

Figure B4: Temporal evolution of a 1D simulation of 2 components for a system having a solvency 
parameter of 3 and interface parameter of -0.5. Concentrations were initialized having a linear profile, and 
the grid was divided into 10 grid cells 
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Figure B4 reveals the expected demixing of the system, with a smooth and 

continuous tangent hyperbolic curve at the interface. This hyperbolic curve was 

previously shown in the original works of Cahn and Hilliard [3]-[5]. 

 

Next, the domain size is decreased to 0.1 and the interface parameter set to 0.5 

while keeping all other parameters constant. From Figure 3, it is observed that the 

initialized linear profile readily mixes into a flat homogeneous profile even below the 

critical temperature because the domain size is smaller than the interface parameter.  

 

Repeating these simulations at domain sizes above the interface parameter, a 

gradient in concentration is observed instead due to non-homogeneous mixing 

instead of the homogeneous profiles observed in Figure B4, as shown in Figure B5a.  

Lastly, a simulation is performed in which a homogeneous concentration profile is 

initialized subject to a stochastic noise in concentration (Figure B5b).  

 

 

Here spinodal decomposition is observed, resulting in the formation of domains of 

component 0. The formation of domains is inherent to one-dimensional systems as 

the formation of 2 separate phases would involve the diffusion of component 0 

through component 1 rich domains. Hence, a meta-stable system is formed, as 

previously described by [6]. 

 

 

Figure B5: Temporal evolution of a 1D simulation of 2 components for a system having a solvency 
parameter of 3 and interface parameter of 0.5. Concentrations were initialized having a linear profile, and 
the grid was divided into 10 grid cells. The domain size is smaller than the interface parameter  
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A two-dimensional simulation was performed on a 50 x 50 grid in which random 

perturbations of 0.05 mol/m3 were applied to an initial concentration of 0.5 mol/m3 in 

order to supply a driving force for spinodal decomposition. The solvency parameter 

was set to 3, while the interface parameter was set to -0.02. The temporal evolution 

as shown in Figure 3.5 initially reveals the formation of droplets. Subsequently, these 

droplets are merging and agglomerating, resulting in the formation of larger 

structures.  Through the agglomeration, the interfacial area is minimized and thus 

the surface energy. When simulated for sufficiently long times, the structures will 

develop into two separate phases.  

 
 
 
 
 
 
 
 
 
 

Figure B6: Temporal evolution of a 1D simulation of 2 components for a system having a solvency 
parameter of 3 and interface parameter of 0.5, and discretized into 10 grid cells . left) Concentrations 
were initialized having a linear profile. The domain size is larger than the interface parameter. Right)  
Concentrations were initialized having a homogeneous profile subjected to a stochastic noise of 2%. 
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Figure B7: Temporal evolution of 2D spinodal decomposition from randomly initialized concentration 
profiles on a 50 x 50 grid. Solvency parameter = 3, interfacial parameter = -0.02, noise of 2%. 
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Figure B8: Temporal evolution of FA formation over a single active site using a 40x40 cell grid, representing 
80x80 nm. Simulation conditions can be found in Table 3.3 (temperature of 50 degrees Celsius, 15 bar 
total pressure) 
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Figure B9: Temporal evolution of FA formation over multiple active sites using a 40x40 cell grid, 
representing 200x200 nm. Simulation conditions can be found in Table 3.3 (temperature of 50 degrees 
Celsius, 15 bar total pressure) 
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Effect of tertiary amine selection on CO2 to formic acid hydrogenation with 
Au-np catalyst 
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Abstract 
The influence of the tertiary amine on CO2 conversion and product selectivity is 

experimentally studied in batch and packed bed reactors using a Au/TiO2 catalyst. A 

wide range of tertiary amines were selected, based on their boiling point, kinetic 

diameter, pKa and solubility with alcohol-based solvents and formic acid. Following 

these criteria, 15 amines were selected having a wide range of pKa values and 

molecule sizes. To allow for an initial screening of kinetic rates, formic acid 

decomposition reactions were performed in batch reactors using an Au/TiO2 catalyst. 

Following the selection of the most promising amines in terms of CO2 conversion 

rates, high pressure fixed bed experiments were executed. 

 

Steric hindrance and the pKa of the tertiary amine were identified as key parameters 

influencing both the observed kinetic rates as well as the CO2 conversion. The usage 

of solventless polar amines such as diethylethanolamine allowed for FA productivity 

up to 5x that of the benchmark triethylamine system. Catalyst deactivation of the 

Au/TiO2 catalyst was observed for all amines studied within this work, and the 

deactivation mechanism was shown to be sintering of the Au nanoparticles with no 

significant leaching, morphological changes or oxidation of the Au species observed. 
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4.1 Introduction 
Several strategies have been investigated to perform the reaction under base-free, 

neutral circumstances [27][31]–[34]. Common strategies include the usage of ionic 

liquids as solvents/buffers [27][34] and the immobilization of amines or ionic liquids 

onto solid carries [31][32][34], often combined with active hydrogenation metals 

[35][36]. Typically, such systems operate under high H2 and CO2 partial pressures 

resulting in supercritical conditions [37] and the total system activity obtained is 

significantly lower compared to basic conditions [31].  

 

While the economic competitiveness of the direct hydrogenation reaction performed 

under basic condition is currently hampered by the challenging and energy-intensive 

separation [28], the TOFs obtained are significantly higher compared to base free 

systems [32]. Previous works have shown the employed tertiary amine to be of 

significant influence on the observed kinetic rates [25][31][41]. Loges et al. have 

studied the influence of the tertiary amine performing the formic acid decomposition 

reaction on 5/2 molar ratio adducts using a homogeneously catalyzed  batch 

process. TOFs up to 445 h-1 were observed after 2 hours using asymmetrical tertiary 

amines such as dimethyloctylamine at 40 ⁰C [39]. Cao et al. performed a similar 

study, revealing promising results using a heterogeneous gold supported on 

amphoteric zirconia catalyst showing a TOF up to 1166 h-1 for a FA-

dimethylethanolamine system at 60 ⁰C [23]. Recently, Lee et al. studied the 

hydrogenation of CO2 towards formic acid as a reactive CO2 capture process based 

on the formation of bicarbonates using water as solvent under supercritical 

conditions. Based on a heterogeneous Ru/bpyTNCTF catalyst, formic acid 

production was performed in a batch reactor, showing clear correlation between the 

pKa of the amine, steric hindrance and CO2 conversion rates [38]. 

 

Within Chapter 3 it was shown that the inability of formic acid – tertiary amine adduct 

to dissolve in free amine results in formic acid remaining confined in the catalyst 

pores. This rapidly leads to the formation of a local equilibrium with 100x lower 

productivity. Consequently, a solvent is required to overcome the adduct insolubility.  

Within this work, 1-decanol is used as a solvent for all trialkylamines studied. 
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Triethylamine was regarded as the state-of-the-art amine due to numerous works 

reporting promising results [15][28], and thus used as a reference. However, 

triethylamine has been shown to form a stable azeotrope with formic acid at 27 mol% 

formic acid [30], rendering direct thermal splitting intractable. While low-boiling 

tertiary amines such as triethylamine result in azeotrope formation, longer 

hydrocarbon chain length amines such as trihexylamine do not [25]. 

 

In order to overcome the limitations posed by the employment of low boiling tertiary 

amines, this work aims to study the influence of the nature of the tertiary amine used 

to shift the equilibrium to the product side on CO2 conversion rates and product 

selectivity using alcohol based solvents in non-supercritical conditions.  

 

In Chapter 2, it was revealed that the formic acid binding capacity of tertiary amines 

is virtually independent of the hydrocarbon chain length [42]. Therefore, allowing for 

the usage of a wide variety of tertiary amines. Amines were selected based on their 

boiling point, steric hindrance, pKa and solubility with alcohol-based solvents and 

formic acid. Following these criteria, 15 amines were selected having a wide range 

of pKa values and molecule sizes. To allow for an initial screening of kinetic rates, 

the much faster formic acid decomposition reactions was performed in a batch 

reactor using an Au/TiO2 catalyst. Following the selection of the most promising 

amines in terms of FA conversion rates, high pressure fixed bed experiments were 

executed for the CO2 hydrogenation.  

 
4.2 Experimental materials and methods  

4.2.1. Materials 

Au/TiO2 cylindrical catalyst pellets (AUROlite) were bought from Strem Chemicals, 

Inc. (1 wt.% Au, dp = 2.6 nm). 1-Decanol (>98%), 2-diethylaminoethanol (99%) 

and 1-(n-butyl)imidazole (99%) from Thermo Scientific Chemicals. Formic acid 

(>99%), Triethylamine (>99.5%), Methyldiethanolamine (> 99%),  N-

Methylimidazole (>99%), N-methylpiperidine (>99%), N,N-dimethylbenzylamine 

(>99%) and Tributylamine (>98.5%) from Sigma-Aldrich. Trihexylamine(> 95.0%), 
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N,N-Dimethylbutylamine (>98.0%), N-N-dimethyloctylamine (>95%), 2-

(Dimethylamino)ethanol (> 99.0%), 4-Dimethylamino-1-butanol (> 98.0%), 6-

dimethylamino-1-hexanol (>98%) and 1-(3-dimethylaminophenyl)ethanol (>98%) 

from TCI Chemicals. Gasses (H2 (5.0), CO2 (4.5) and Ar (5.0)) were supplied by 

Linde Gas in bottles.  

 

The chemicals used for H-NMR and ICP analysis were: acetonitrile-d3, obtained from 

Thermo Scientific Chemicals (> 99 atom% D). Chloroform-d from Sigma-Aldrich (> 

99.8 atom% D). 1,3,5-Trimethoxybenzene from TCI Chemicals (> 98.0%). Gold 

standard for ICP from Fluka TraceCERT Ultra (1002 ppm). Hydrofluoric acid 

EMSURE (48%), nitric acid (65%) EMPLURA (>99.9%) and hydrochloric acid (37%) 

a.c.s. reagent  from Merck. 

 

All materials were used as received, handled in air and used without any additional 

purification. In order to prevent catalyst deactivation, the catalyst was stored under 

Ar in a cold and dark environment. 

 
4.2.2  Tertiary amine testing 
 
Due to the slow kinetic nature of this reaction and the requirement of significant 

amounts of catalyst, it was opted to use the formic acid decomposition reaction as a 

screening tool on the basis of microscopic reversibility. To allow for an initial 

assessment of activity, formic acid decomposition reactions were performed in batch 

reactors using an Au/TiO2 catalyst. Prior to reactive testing, the catalyst was reduced 

off-line at 423 K in 5 vol.% H2 / He [40] at a total flowrate of 50 mLn/min. The catalyst 

was received in the form of extrudates, and thus subsequently crushed and sieved 

to a particle size of 150-250 μm. 

 

Formic acid decomposition experiments were conducted in glass batch reactors. 

Since it was not possible to sample from these reactors without disturbing the 

equilibrium, 7 identical vials (N18, Machery-Nagel, 20ml, N18 magnetic screw caps) 

were prepared for each reaction. Each vial contained 10 ± 1 mg of Au/TiO2 catalyst 

and 1 ml of reaction mixture. The results were normalized per catalyst mass. The 
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reaction mixture consisted out of a tertiary amine, formic acid and, in case of non-

polar tertiary amines, 1-decanol as solvent. The formic acid and amine concentration 

was 1 mol/liter, ensuring no unbound formic acid is present within the solution. In 

case of the OH-substituted amines, no solvents are required as these amines do not 

show biphasic behavior. The formic acid concentration was kept constant at 1 

mol/liter, with the tertiary amine used for dilution.  

 

The vials were prepared and subsequently put in an aluminum heating block and 

placed on a magnetic stirring hotplate (IKA RCT basic). The temperature was 

controlled using a PID controller (IKA ETS-D5). The heating block was thermally 

insulated using thermal insulation to prevent the formation of radial temperature 

profiles along the radial direction of the heating block. An image of the set-up can be 

found in Appendix C Figure 6.  

 

CO2 hydrogenation experiments were performed at elevated pressure in a stainless 

steel packed bed reactor, with a schematic overview given in Figure 4.1. The reactor 

consisted of ½” Swagelok VCR connections (internal diameter 10 mm) and a 

stainless steel tube with a total length of 10 cm. Metal gaskets with 5 μm pore size 

were used on either end to prevent the catalyst from flushing out of the reactor. The 

reactor was placed vertically, and packed using 1 mm glass beads and quartz wool 

above and below the catalyst bed to ensure proper liquid-solid contact. The catalyst 

bed consisted out of 2.5 grams Au/TiO2 catalyst (125-180 μm), with no further 

dilution. The reactor was placed inside an electrical oven, with the temperature 

monitored using two PT-100 thermal probes, one placed at the beginning of the 

catalyst bed and one at the reactor outlet. Liquid was pumped using a syringe-pump 

(Teledyne ISCO 260D). The gas streams are controlled by Bronkhorst MFCs (EL-

FLOW Prestige, Fmax = 50 mLn/min). To ensure proper gas – liquid mixing, the 

incoming streams are mixed in a T-piece prior to entering the reactor. The pressure 

was controlled by a Bronkhorst back pressure controller (EL-PRESS, Fmax = 50 

mLn/min) . A condenser is placed after the reactor to liquefy any condensables, after 

which the gas and liquid were separated using a gas – liquid separator. Liquid 

samples were taken from a valve placed behind the cold trap. The gaseous reaction 
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products were analyzed with a compact gas chromatograph (Global Analyser 

Solution) equipped with a TCD detector and two packed columns (Molsieve 5A and 

Rt-Q-BOND). The lower detection limit for CO was established to be 2 ppm. This 

lower detection limit was determined using calibration bottles supplied by Linde Gas. 

All reaction tests were performed at a residence time of 15 minutes (Liquid flowrate 

1 mL/min, CO2 flow rate 1 mLn/min and H2 flow rate 1 mLn/min). As the desired 

product is present in the liquid phase, the liquid residence time 𝜏𝜏 is used and is 

calculated by: 

 

𝜏𝜏 =  
𝑉𝑉𝑣𝑣  𝜀𝜀𝐿𝐿
𝜕𝜕𝑣𝑣,𝑙𝑙𝑎𝑎𝑎𝑎

                                                                                                                                           4.1 

 

Here, 𝑉𝑉𝑣𝑣  represents the total reactor volume, 𝜀𝜀𝐿𝐿 the liquid hold-up and 𝜕𝜕𝑣𝑣.𝑙𝑙𝑎𝑎𝑎𝑎 the liquid 

flow rate.  

 

Liquid samples were analyzed using 1H-NMR (Bruker, 400 MHz) to determine the 

chemical composition. Here, 0.5 mL of deuterated solvent (Acetonitrile-d3 or 

chloroform-d) and 1,3,5-trimethoxybenzene as internal standard was mixed with 0.1 

mL of sample.  

 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 Figure 4.1 Schematic overview of the set-up used for CO2 hydrogenation experiments. P, CV, MFC, TE 
and BPC indicate pressure transmitters, check valves, mass flow controller, PT-100 and back pressure 
controller respectively   
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4.2.3 Catalyst characterization   
Transmission electron microscopy (TEM) images of fresh and spent catalysts were 

acquired using a FEI CryoTitan transmission electron microscope operating at 300 

kV. HAADF-STEM was also acquired on the CryoTitan (300 kV) at room 

temperature. Samples were prepared by finely crushing the sample, followed by 

ultrasonic suspension in ethanol and dispersed over a Cu grid with holey carbon film. 

The particles were individually identified using the image software ImageJ and the 

particle size distribution of each catalyst sample was quantified accordingly. 

 

CO pulse chemisorption was performed using a Micromeritics Autochem II 2920. 

First, the catalyst is dried and reduced at 300 degrees Celsius for 60 minutes under 

a 40 mL/min 10 vol.% H2/Ar flow. During this time, the TCD signals are recorded to 

ensure full reduction. The H2 is then purged using a He flow for 60 minutes. A 

temperature of -72 degrees Celsius was reached by submerging the U-shaped glass 

reaction in a dry ice-isopropanol slurry. For the pulse chemisorption, a 5 vol.% 

CO/He is utilized at a flowrate of 30 mL/min with a pulse time of 2 minutes. The 

pulsing is continued until a stable saturation is reached.  

 

Inductively Coupled Plasma – Optical Emission Spectroscopy (ICP-OES; iCAP™ 

PRO ICP-OES; Thermo Scientific™)  was used to obtain the Au concentrations of 

the fresh and spent catalysts. Samples were prepared by dissolution of 50 mg of 

catalyst in a mixture of concentrated HF (3 ml) and aqua regia (6 ml) at elevated 

temperatures. After digestion, the samples were filtered and diluted using double 

distilled water.  

 

X-Ray Diffraction (XRD) was used for crystal phase identification in the 2θ range 10-

120⁰ with a Rigaku MiniFlex600 operating with a Ni β-filtered Cu-Kα radiant (40 kV, 

30 mA). The scan rate was 0.05⁰/min. The diffraction peaks were identified using the 

JCPDS database.   

 

X-ray photoelectron spectroscopy (XPS) samples were prepared by finely crushing 

the catalyst, following by drying in vacuo at 50 degrees Celsius. Measurements were 



Chapter 4 
 

133 
 

performed using conventional ultrahigh vacuum XPS (Thermo Scientific K-Alpha, 

equipped with Al anode ((Al Kα=1,486.68 eV) monochromatized X-ray source). 

Samples were prepared by placing the finely crushed catalyst onto double sided 

carbon tape. Wide-range survey spectra were recorded using a 200 eV pass energy 

using 10 scans, while high-resolution core level spectra were measured using a 50 

eV pass energy and 50 scans. The pressure inside the analysis chamber was kept 

below 8e-8 mbar at all times. Surface charging was prevented by using the flood gun 

(low energy Ar+ ions). Energy referencing was performed using the adventitious 

carbon peak at 284.5 eV [44]-[46]. 

 

4.3 Results and discussion   

The results obtained from the FA decomposition reaction are presented first, 

followed by a validation of using the decomposition reaction as a screening tool. The 

most promising amines were identified and studied for formic acid production in 

longer time-on-stream experiments in a high pressure fixed bed reactor. Lastly, the 

spent catalysts were studied using several solid state characterization techniques. 

The absence of internal and external mass transfer limitations was confirmed using 

the Mears and Weisz-Prater criteria. Example calculations are including in Appendix 

C. 

 

4.3.1 Formic acid decomposition  
In order to investigate the effect of the tertiary amine used as an extraction base, 

different formic acid decomposition experiments were carried out in glass batch 

reactors using Au/TiO2 as catalyst at 50 ⁰C.  An overview of the pKa and molar 

volume of all amines is given in Appendix C Table 1. Figure 2a reveals a significant 

effect of the aliphatic chain length with kinetic rates decreasing going from 

triethylamine to tributylamine to trihexylamine, with the FA conversion being almost 

negligible in the case of trihexylamine.  

 

While previous works reported a significant dependency between activity and pKa 

[38], the difference between the pKa values of triethylamine (10.225) and 

trihexylamine (10.318) is negligible. Thus, this decrease in reactivity is likely caused 
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by the bulky alkyl chains leading to kinetics effects.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

To decrease the kinetic diameter of the tertiary amines and subsequently the kinetic 

effects, asymmetrical amines (Figure 4.2a) and cyclic amines (Figure 4.2b) were 

tested. Figure 4.2a reveals comparable performance in terms of CO2 conversion and 

kinetic rates between triethylamine (pKa 10.225)  and dimethylbutylamine (pKa 

10.191). Extending the alkyl chain to dimethyloctylamine (pKa 10.200) results in a 

decrease in the observed FA conversion. Interestingly, while the reaction time 

required to reach the equilibrium conversion is comparable between all amines, the 

equilibrium conversion for the dimethyloctylamine is ~18% lower. The addition of 

bases to CO2 hydrogenation reactions is known to result in an enthalpy driven 

process [27][41], with the equilibrium composition being a strong function of the 

protonation enthalpy gained by formic acid protonating the tertiary amine.  

 

Three types of cyclic amines were tested, as shown in Figure 4.2b: piperidines (pKa 

Figure 4.2: Formic acid conversion versus time for several types of amines in glass batch reactors (20 
ml): straight chain trialkylamines (top left), cyclic trialkylamines (top right) and alcohol-group substituted 
trialkylamines (bottom). Conditions: 1:1 molar ratio FA:amine, with a total formic acid concentration of 1 
mol/liter using either the alcohol amine or 1-decanol as diluent. Temperature was 50 degrees Celsius, 
catalyst: 10 mg Au/TiO2. The total batch time is 4 hours. 

a)

c)

b)
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~10.1), imidazoles (pKa ~5.1) and cyclic tertiary amines (pKa ~9). Here, FA 

conversions and kinetics outperforming the benchmark triethylamine were observed 

for N-methylpiperidine and N,N-dimethylbenzylamine, imidazoles of several chain 

lengths result in significant decreases in performance. The pKa value of imidazoles 

is much lower than that of N-methylpiperidine and N,N-dimethylbenzylamine, leading 

to lower FA conversions. Similar to the case of the alkylamines, an increase in kinetic 

diameter caused by an extension of the alkyl chain of the imidazoles leads to a 

significant decrease in kinetic rates. These effects are visualized within Figure 4.3, 

where the TOF versus pKa is graphed for all alkyl- and cyclic amines. As an 

activation phase seems to be present for nearly all amines depicted in Figure 4.2, 

the TOF values were determined based on the time required to reach equilibrium. 

 

 

 

 

 

 

 

 

 

From Figure 4.3 two trends can be distinguished, namely an increase in TOF with 

an increase in pKa for amines of similar molar volume, and a significant decrease in 

TOF for amines of similar pKa but increasing molar volume. For symmetrical and 

asymmetrical amines, this trend is observed to be linear, as shown in Figure 4.4.  

Figure 4.3: pKa versus TOF observed during FA decomposition over an Au/TiO2 catalyst for trialkylamines 
and cyclic amines. NMI represents n-methylimidazole, nBIM n-butylimidazole, DMBenA 
dimethylbenzylamine, NMPi n-methylpiperidine, NEt3 triethylamine, DMBA dimethylbutylamine, NBut3 
tributylamine, DMOA dimethyloctylamine and NHex3 trihexylamine.  
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From Figure 4.4, it is found that the slope of the decrease in TOF with increasing 

hydrocarbon chain length is much less steep than is the case for symmetrical 

amines. This effect is most likely due to the decrease in volume of the bulky alkyl 

tails, thus reducing the degree of steric hindrance, of the amine, therefore allowing 

the formic acid – tertiary amine adducts to diffuse faster through the catalyst pores 

to reach the catalytic active site.  

 

Filonenko et al. have previously shown the kinetic rate of CO2 hydrogenation to 

formic acid to directly scale with the amine concentration in the reactor [13], while 

Schaub et al. [25] and de Leeuw den Bouter et al. [41] have demonstrated the 

necessity of polar solvents. Subsequently, it was hypothesized that the employment 

of polar tertiary amines could allow for the removal of additional solvents such as 

ethanol or 1-decanol and give rise to enhancement of the kinetic rates. Several OH-

group substituted tertiary amines (2-(dimethylamino)ethanol, 6-dimethylamino-1-

hexanol, methyldiethanolamine and triethanolamine) were mixed with formic acid in 

molar ratios ranging from 0.1 to 10. No phase separation was observed for any of 

the amines or at any molar ratio, thus allowing for the reaction to proceed without 

the addition of any additional polar solvents. However, triethanolamine yielded highly 

viscous, close to solid adducts, which were not suitable for batch or continuous 

processing.  

 

Figure 4.4: TOF versus alkyl tail length observed during FA decomposition over an Au/TiO2 catalyst for 
trialkyl amines. NEt3 represents triethylamine, NBut3 tributylamine, NHex3 trihexylamine, DMBA 
dimethylbutylamine, and DMOA dimethyloctylamine. 
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Based on the results of the alkylamines, it was opted to focus on asymmetrical and 

cyclic polar amines, with results depicted in Figure 4.2c. To allow for comparison to 

the previous experiments, a total formic acid concentration of 1 mol/liter was 

maintained. From Figure 4.2c, it becomes apparent that the effect of steric hindrance 

is much less pronounced for asymmetrical amines with one OH-group compared to 

asymmetrical amines without the OH-group, with the performance in terms of 

kinetics and FA conversion of 2-(dimethylamino)ethanol, 4-dimethylamino-1-butanol 

and 6-dimethylamino-1-hexanol being very comparable to triethylamine. 1-(3-

dimethylaminophenyl)ethanol yielded lower kinetic rates, most likely due to steric 

hindrance as the pKa value is comparable to the basicity of triethylamine. Lastly, 

methyldiethanolamine was tested, yielding a very significant decrease in kinetic 

rates, with no equilibrium achieved after 4 hours of reaction. The 

methyldiethanolamine – formic acid adducts were observed to be highly viscous, 

posing a possible explanation for the slower kinetics.  

 

Severe catalyst deactivation was reported for a Pd/C catalyst exposed to formic acid 

– triethylamine adducts under similar conditions [39] to the ones used within this 

study. To ensure stability of the Au/TiO2 catalyst, ICP and TEM analyses were 

performed on the post mortem samples of the catalyst tested through at least each 

type of amine. An overview of the obtained results is shown in Table 4.1. A 

comparison of the particle size distribution obtained based on TEM measurements 

for the fresh catalyst and a catalyst exposed to triethylamine – formic acid adducts 

is shown in Figure 4.5. All other particle size distributions and exemplary TEM 

images can be found in Figure C2. 
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No significant leaching is observed for any of the amines, while gold nanoparticle 

sizes increase from 2.6 nm to 4-7 nm depending on the amine the catalyst was 

exposed to. While no significant conversion was observed in case of formic acid – 

trihexylamine adducts, a particle size increase from 2.6 to 5.5 nm is observed, 

leading to the hypothesis that the observed sintering is not caused by the reaction 

itself, but by exposure to formic acid – tertiary amine adducts. 

 

Tertiary amine  Particle size (TEM) 
[nm] 

Catalyst loading 
[wt%] 

Triethylamine  4.69 ± 1.84 1.17 ± 0.05 
Tributylamine 5.78 ± 3.26 1.14 ± 0.03 
Trihexylamine  5.45 ± 2.22 1.15 ± 0.07 

N,N-dimethylbenzylamine  4.50 ± 1.68 1.17 ± 0.02 
2-(dimethylamino)ethanol 4.98 ± 1.74 1.09 ± 0.07 

Methyldiethanolamine  4.41 ± 1.32 1.11 ± 0.05 
6-dimethylamino-1-hexanol 4.32 ± 1.10 1.15 ± 0.03 

1-(3-
dimethylaminophenyl)ethanol 

6.95 ± 1.92 1.10 ± 0.09 
 

Figure 4.5: TEM images of a fresh Au/TiO2 catalyst (left) and catalyst exposed to formic acid – 
triethylamine adducts for 4 hours at 50 ⁰C  (right). At least 50 particles were analyzed for each sample. 
The average particle size of the fresh catalyst was confirmed using CO pulse chemisorption, assuming 
an equal Au/CO chemisorption stoichiometry and hemispherical particles, following the work of [43]    

Table 4.1: Formic acid decomposition post-mortem particle size (obtained from TEM) and catalyst 
loading (obtained from ICP-OES). Reaction time was 4 hours at 50 degrees Celsius. Initial particle size 
was established to be 2.6 ± 0.8 nm and the loading 1.21 wt%. For TEM, at least 50 particles were 
analyzed for each sample. The average particle size of the fresh catalyst was confirmed using CO pulse 
chemisorption (2.63 nm)  
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4.3.2 Formic acid formation 
 
To validate the usage of the formic acid decomposition reaction as a screening tool 

to predict the activity of the tertiary amine for formic acid production, triethylamine, 

tributylamine and trihexylamine were used in a high pressure continuous flow packed 

bed reactor. Experiments were performed under a constant solvent:amine molar 

ratio and residence time to allow for direct comparison of kinetic rates, and the 

carbon balance of all experiments was found to be >95%. Figure 4.6 reveals a trend 

similar to the one observed in Figure 4.2 based on the formic acid decomposition 

reaction with formic acid production decreasing with an increase in aliphatic chain 

length going from triethylamine to trihexylamine. In agreement with the previous 

observations, the reactive test with trihexylamine resulted in very low to no CO2 

conversion, while the usage of N,N-dimethylbenzylamine outperformed triethylamine 

in terms of productivity. This validates the use of the decomposition reaction for 

measurement of kinetic rate and equilibrium composition.   

 

 

 

 

 

 

 

 

While predictions can be made for the FA productivity, Figure 4.6 reveals severe 

catalyst deactivation which was not expected based on the decomposition study. For 

the linear chain amines, the rapid deactivation phase of approximately 1.5 hours is 

followed by a constant productivity up to 4 hours time-on-stream in a 4 hour 

experiment. The rate of deactivation is much lower for N,N-dimethylbenzylamine, as 

it does not reach this stable phase within 4 hours time-on-stream.    

Figure 4.6: Amine screening of the commercial Au/TiO2 catalyst using a continuous flow reactor performing 
in CO2 hydrogenation mode for several amines. The catalyst was replaced for each test. Employed 
conditions: 2.5 g of catalyst, amine:solvent ratio of 1:3(mol/mol), 70 degrees Celsius, 40 bar total pressure 
and a CO2:H2 feed ratio of 1:1 at 1 ml/min. Liquid flowrate was 1 mL/min (resulting residence time 
approximately 10 minutes)  



Effect of tertiary amine selection on CO2 to formic acid hydrogenation with Au-np 
catalyst 
 

140 
 

As shown in Figure 4.7, a significant increase of initial formic acid production 

compared to the benchmark triethylamine is observed when polar amines such as 

diethylethanolamine and ethyldiethanolamine are used, with the FA productivity 

increasing up to a factor of 5. This increase of productivity is the consequence of no 

longer requiring the usage of additional solvents such as 1-decanol, resulting in 

much higher tertiary amine concentrations compared to the case where the amine is 

diluted within a solvent phase. However, also exposure of the Au/TiO2 catalyst to 

diethylethanolamine and ethyldiethanolamine at the studied conditions results in a 

rapid decrease of productivity, followed by stabilization. Interestingly, the stable 

formic acid productivity lies in the same concentration range for both triethylamine 

and ethyldiethanolamine, with the exception of diethylethanolamine.  No CO 

formation was detected during any of the experiments. 

 

 

 

 

 

 

 

 

 

To gain a deeper understanding into the deactivation and subsequent stabilization 

for longer times on stream, 2 long duration experiments (1:3 mol/mol triethylamine: 

1-decanol  and diethylethanolamine) were performed in which the catalyst was re-

used in 4 separate experiments. Between experiments, the catalyst was kept under 

argon to prevent air exposure.  

 

As shown in Figure 4.8, the stable FA production rate after the rapid deactivation 

Figure 4.7: Alcohol amine screening of the commercial Au/TiO2 catalyst using a continuous flow reactor 
performing in CO2 hydrogenation mode, without the usage of additional solvents. The catalyst was 
replaced each test. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 40 bar total pressure and 
a CO2:H2 feed ratio of 1:1 at 1 ml/min. Liquid flowrate was 1 ml/min (resulting residence time approximately 
10 minutes)  
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remains for longer time on streams up to 12 hours. The steady-state production of 

the conventional triethylamine based process is the range of 2-3 mM at a residence 

time of 10 minutes, while diethylethanolamine results in a nearly double productivity 

at roughly 5 mM. 

 

 

 

 

 

 

 

 

 

 

Consecutively, the catalysts used for formic acid production (single runs and long 

duration tests) were analyzed using a variety of characterization techniques (TEM, 

ICP-OES, CO pulse chemisorption). The TEM and ICP-OES results are summarized 

in Table 4.2.  

 

 

 

Similar to the catalysts exposed to formic acid – tertiary amine adducts, no significant 

Tertiary amine  Particle size (TEM) [nm] Catalyst loading [wt%] 
Triethylamine (15 minutes 

residence time) 
12.33 ±  2.91 1.09 

Tributylamine 7.06   ±  2.52 1.08 
Trihexylamine  5.50   ±  3.45 1.17 

N,N-dimethylbenzylamine  8.47   ± 3.68 1.13 
Diethylethanolamine (15 
minutes residence time) 

9.14   ± 3.17 1.16 

Ethyldiethanolamine  5.43   ± 2.32 1.14 
Triethylamine (4 cycles) 8.76   ± 4.11 1.06 

Diethylethanolamine (4 cycles) 12.99 ± 3.69 1.19 
n-butylimidazole (time-on-

stream 50 hr) 
8.57   ± 3.17 1.17 

Figure 4.8: Long duration stability test of an Au/TiO2 catalyst using a continuous flow reactor performing 
in CO2 hydrogenation mode, The catalyst was re-used for 4 cycles. Employed conditions: 2.5 g of catalyst, 
70 degrees Celsius, 40 bar total pressure and a CO2:H2 feed ratio of 1:1 at 1 mL/min. Liquid flowrate was 
1 mL/min (resulting residence time approximately 10 minutes)  

  

Table 4.2: Formic acid production post-mortem particle size (obtained from TEM) and catalyst loading 
(obtained from ICP-OES). Reaction time was 4 hours at 70 degrees Celsius. Initial particle size was 
established to be 2.6 ± 0.8 nm and the loading 1.21 wt%. For TEM, at least 50 particles were analyzed 
for each sample. The average particle size of the fresh catalyst was confirmed using CO pulse 
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leaching is observed for the catalysts used for formic acid production. However, the 

size of the gold nanoparticles increases from 2.6 nm up to 13 nm. The catalytic 

behavior of gold nanoparticles has been shown to be strongly affected by the particle 

size for several reactions, such as CO oxidation, formic acid decomposition and the 

water gas shift reaction [43]. Loges et al. have demonstrated that the TOFs of the 

FA decomposition reaction based on an Au/ZrO2 catalyst decrease rapidly when 

increasing the Au particle size from 0.8 nm to negligible at a particle size of 10 nm 

[39].  

 

Further catalyst characterization (XPS, XRD and CO pulse chemisorption) was 

performed on the catalysts used in the stability test. To eliminate the possibility of 

TEM-invisible Au species existing on the catalyst surface, low-temperature CO pulse 

chemisorption was employed. The average particle sizes obtained were in line with 

the TEM results, with the determined particle sizes being 2.63, 8.82 and 13.03 nm 

for the fresh catalyst, 4 cycle triethylamine catalyst and the 4 cycle 

diethylethanolamine catalyst, respectively.  

 

XRD measurements were performed to study the crystallographic structure of the 

fresh and spent catalysts, with the XRD patterns given in Figure C5 and Figure C6. 

No morphological changes were observed, and no reflections pertaining to the Au 

nanoparticles in metal or oxide state were detected. The lack of Au reflections is 

caused by the small particle size (< 20 nm) of the gold nanoparticles, and is in line 

with previous works on titania support Au catalysts [48]. 
 

Filonenko et al. have previously determined the active species during the reaction to 

be zero valence Au species [13]. Thus, the oxidation state of Au on the surface 

nanoparticles was analyzed using XPS, with the resulting fitting shown in Figure C4. 

The spectra of fresh and spent catalysts are presented in Figure C4. The 4f7/2 and 

4f5/2 Au orbitals were fitted to the obtained data using a peak area ratio of 3:4 

between the 7/2 and 5/2 spin orbits [45]. Peak splitting between these peaks was 

constrained to be 3.7 eV. A Shirley background and a GL(90) line shape were used, 

along with a charge correction of adventitious carbon at 248.8 eV [44]–[46]. The fits on 
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the spectra indicate that metallic gold was exclusively present on the surface of the 

catalyst of both fresh and spent catalyst, since only Au0 without Au1+ and Au3+ could 

be fitted to the obtained data. 

 

The significant decrease in FA productivity observed in this work is thus caused by 

the growth of the Au particles. Yang et al. have reported the sintering of Au 

nanoparticles supported on titania. During this study, the catalyst was exposed to a 

1:1 CO/CO2 gaseous mixture, with gold nanoparticles becoming mobile in the range 

of 300 – 410 K. It was hypothesized the movement of Au particles was caused by 

CO adsorbates [47]. However, within this work no CO was detected using in line GC 

with a lower detection limit of 2 ppm.  

 

 

 

 

 

 

 

 

 

 

 

 

To investigate if the catalyst deactivation also occurs when using less strong bases 

such as n-butylimidazole, long duration experiments were performed. N-

butylimidazole was found to be completely miscible with formic acid in any molar 

ratio, thus no additional solvents were required. Experiments with a residence time 

of 15 minutes resulted in formic acid productivity below the NMR detection limit. 

Subsequently, the residence time was increased to 100 minutes, with the FA 

production as a function of time-on-stream as shown in Figure 4.9. Similar behavior 

is observed as when employing strong bases such as triethylamine, a phase of 

catalyst deactivation followed by stable FA production of roughly 5mM. TEM and 

Figure 4.9: Long duration testing of n-butylimidazole in combination with the commercial Au/TiO2 catalyst 
using a continuous flow reactor performing in CO2 hydrogenation mode, without the usage of additional 
solvents. The catalyst was replaced each test. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 
40 bar total pressure and a CO2:H2 feed ratio of 1:1 at 0.73 mL/min. Liquid flowrate was 0.025 mL/min 
(resulting residence time approximately 2hr).  
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ICP-OES (Table 4.2) reveal significant particle growth and no leaching. 

  

4.4 Conclusion 

The activity of the direct hydrogenation of CO2 towards formic acid was found to 

strongly depend on the tertiary amine used to reduce the formic acid in the reaction 

mixture to reduce its activity and thus shift the equilibrium. 

  

Due to the slow kinetic nature of the CO2 hydrogenation to formic acid, the formic 

acid decomposition reaction was used to screen a wide variety of tertiary amines 

based on the principle of microscopic reversibility. Steric hindrance and the pKa of 

the tertiary amine were identified as a key parameters influencing both the observed 

kinetic rates as well as the formic acid conversion. Polar tertiary amines allow  

solventless formic acid production, with significantly higher kinetic rates due to higher 

amine concentrations. Here, the amount of alcohol groups showed a strong influence 

on the observed kinetic rates, most likely due to viscosity effects.  

 

The assumption of microscopic reversibility was verified in a high pressure packed 

bed reactor. Here, the usage of solventless polar amines such as 

diethylethanolamine allowed for FA productivity up to 5x that of the benchmark 

triethylamine system. Catalyst deactivation of the Au/TiO2 catalyst was observed for 

all amines studied within this work, and the deactivation mechanism was shown to 

be sintering of the Au nanoparticles with no significant leaching, morphological 

changes or oxidation of the Au species observed. The catalyst deactivation was 

found to be very rapid, with the catalyst allowing for stable FA production up to 50 

hours after the initial gold nanoparticle growth.  
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Appendix C 
C.1 TEM imaging  

 

 
 
 
 
 
 
 
 
 
 

 
 
 
 
 
 
 
 
 
 
 
 
 

 
 
 
  
 
 

 

 

 

 

Triethylamine fresh Au/TiO2 

Tributylamine  

N,N-dimethylbenzylamine 2-(dimethylamino)ethanol 

Trihexylamine 
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Methyldiethanolamine  

 

6-dimethylamino-1-hexanol 

1-(3-dimethylaminophenyl)ethanol 

Figure C1: TEM images and particle size distributions of Au/TiO2 catalysts used in formic acid 
decomposition. Reaction time was 4 hours at 50 degrees. At least 35 particles were analyzed per sample 
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Triethylamine, 4 cylces Diethylethanolamine, 4 cylces 

N,N-dimethylbenzylamine, 72hr reaction N-butylimidazole, 72hr reaction 

Figure C2: TEM images and particle size distributions of Au/TiO2 catalysts using in the direct 
hydrogenation of CO2 to formic acid . Reaction time was 4 hours at 70 degrees, unless otherwise 
indicated. At least 50 particles were analyzed per sample 
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  C.2 XPS and XRD 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure C3:  XPS spectra of the Au 4f orbital of fresh Au/TiO2, spent Au/TiO2 exposed to 1:3 mol/mol 
triethylamine: 1-decanol for 12 hours time-on-stream and spent Au/TiO2 exposed to diethylethanolamine 
for 12 hours time-on-stream   
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Figure C5:  XRD pattern of fresh Au/TiO2 and spent Au/TiO2 exposed to diethylethanolamine for 12 
hours time-on-stream   

 

Figure C4:  XRD pattern of fresh Au/TiO2 and spent Au/TiO2 exposed to 1:3 mol/mol triethylamine: 1-
decanol for 12 hours time-on-stream  
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C.3 Formic acid decomposition set-up 

 

  

C.4 Absence of mass transfer limitations  

External Diffusion: Mears Criterion  

The absence of external mass transfer limitations can be evaluated using the Mears 

criterion [1]: 

𝑤𝑤 =  
𝑟𝑟𝑜𝑜𝑜𝑜𝑜𝑜  ∙  𝜌𝜌𝐴𝐴  ∙  𝑅𝑅𝑝𝑝
𝑘𝑘𝑙𝑙𝑜𝑜  ∙  𝐶𝐶𝑇𝑇𝑜𝑜

  ≤  0.15                                                                                                  𝐶𝐶. 1 

Here, 𝑟𝑟𝑜𝑜𝑜𝑜𝑜𝑜 represents the observed reaction rate per kilogram of catalyst, 𝜌𝜌𝐴𝐴 the bulk 

density of the catalyst bed, 𝑅𝑅𝑝𝑝 the catalyst particle size, 𝑘𝑘𝑙𝑙𝑜𝑜 the external mass transfer 

coefficient and 𝐶𝐶𝑇𝑇𝑜𝑜 the bulk concentration. The bulk density of the catalyst was 

determined by  

 Figure C6:  Set-up for batch formic acid decomposition    
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𝜌𝜌𝐴𝐴  =  
𝜌𝜌𝑇𝑇𝑎𝑎𝑇𝑇2

1 −  𝜀𝜀𝑣𝑣𝑜𝑜𝑎𝑎𝑎𝑎
                                                                                                                             𝐶𝐶. 2 

The mass transfer coefficient was determined using a mass transfer coefficient 

correlation for small laboratory batch reactors by Pestre et al. [2]: 

𝑘𝑘𝑙𝑙𝑜𝑜𝑎𝑎𝑙𝑙𝑜𝑜  = 9.5 ∙  10−4 𝑁𝑁2.2                                                                                                             𝐶𝐶. 3                                           

Here, 𝑁𝑁 is the stirring speed. The Mears criteria were calculated for all reactions, 

however, the only the formic acid decomposition reaction with dimethylbenzylamine 

(highest observed reaction rate) is illustrated here. 

𝑤𝑤 =  𝑣𝑣𝑜𝑜𝑜𝑜𝑜𝑜 ∙ 𝜌𝜌𝐴𝐴 ∙ 𝑅𝑅𝑝𝑝
𝑘𝑘𝑙𝑙𝑜𝑜 ∙ 𝐶𝐶𝑇𝑇𝑜𝑜

  =  11.1 ∙ 37.5 ∙ 10−6

1000
 ∙  4230

(1−0.4)
 ∙  75 ∙ 10−6

2 ∙ 10−6
 =  0.11 ≤  0.15                          𝐶𝐶. 4    

It can thus be concluded that the system does not suffer form external mass transfer 

limitations for any of the reactions.  

Internal diffusion: Weisz-Prater Criterion  

The absence of internal mass transfer limitations was evaluated using the Weisz-

Prater criterion [1]. Here, internal mass transfer limitations are absent when: 

𝐶𝐶𝑤𝑤𝑝𝑝  =  −𝑣𝑣𝑜𝑜𝑜𝑜𝑜𝑜 ∙ 𝑅𝑅𝑝𝑝2

𝐷𝐷𝑒𝑒 ∙ 𝐶𝐶𝑇𝑇𝑜𝑜
 ≤  3𝛽𝛽                                                                                                             𝐶𝐶. 5                                                                                             

Here, 𝑟𝑟𝑜𝑜𝑜𝑜𝑜𝑜 is the observed volumetric reaction rate, 𝑅𝑅𝑝𝑝 the catalyst particle size, 𝐷𝐷𝑣𝑣 

the effective diffusivity and 𝐶𝐶𝑜𝑜 the reactant concentration at the particle surface. 𝛽𝛽 is 

described by: 

𝛽𝛽 =  4 (1 − 𝜂𝜂)
𝑛𝑛

                                                                                                                                𝐶𝐶. 6                                                                                                         

where 𝜋𝜋 and 𝑖𝑖 are the effectiveness factor and reaction order respectively. The 

effectiveness factor was determined by the Thiele equation for spherical particles: 
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𝜋𝜋 =  
tanh𝜑𝜑
𝜑𝜑

                                                                                                                                  𝐶𝐶. 7 

𝜑𝜑 =  �
2𝑘𝑘−  ∙  𝑅𝑅𝑝𝑝2  ∙  𝐶𝐶0𝑛𝑛+1 

𝐷𝐷𝑣𝑣
                                                                                                            𝐶𝐶. 8 

and,  

𝐷𝐷𝑣𝑣  =  𝜀𝜀𝑣𝑣𝑜𝑜𝑣𝑣𝑣𝑣
𝜏𝜏

 ∙  𝐷𝐷                                                                                                                                𝐶𝐶. 9   

With 𝜏𝜏 the tortuosity, which was taken equal to 3. The diffusivity was taken equal to 

1e-6.  

𝜑𝜑 =  �
2𝑘𝑘−  ∙  𝑅𝑅𝑝𝑝2  ∙  𝐶𝐶0𝑛𝑛+1 

𝐷𝐷𝑣𝑣
 

=  �
2 ∙  6.88 ∙  103  ∙  exp � −31200

8.314 ∙  373�  ∙  (37.5 ∙  10−6)2  ∙  10002

0.492
2.93  ∙  10−6

 =  2.22        𝐶𝐶. 10 

−𝑣𝑣𝑜𝑜𝑜𝑜𝑜𝑜 ∙ 𝑅𝑅𝑝𝑝2

𝐷𝐷𝑒𝑒 ∙ 𝐶𝐶𝑇𝑇𝑜𝑜
 ≤  3 

4 (1 − tanh𝜑𝜑𝜑𝜑 )

𝑛𝑛
 →  0.0066 ≤  6.72                                                                     𝐶𝐶. 11                                                        

It can thus be concluded that the system does not suffer form internal mass transfer 

limitations for any of the reactions.  
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C.5 Molecular structures and pKa 

Structure  pKa Molar volume 

[cm3/mol] 

  

N

1

2

1

2

1

2

triethylamine  

10.225 34.34 

N

1

2

3

4

1

2

3

4

1
2

3

4

tributylamine  

10.295 61.94 

N

1

2

3

4

5

6

1

2

3

4

5

6

1
2

3
4

5

6

trihexylamine  

10.318 89.53 

N

1

2

3

4

dimethylbutylamine  

10.191 33.94 
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N

1

2

3

4

5

6

7

8

dimethyloctylamine  

10.200 52.34 

2

N
1

54

N3

N-Methylimidazole  

7.0 24.34 

2

N
1

5
4

N 3

1

2

3

4

N-butylimidazole  

7.09 38.34 

N

1

1

2

3

4

5

6

dimethylbenzylamine  

9.615 44.44 

N
1

2

3

4

5

6

N-Methylpiperidine  

9.996 31.86 
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N
1

2
HO

1

2

1

2

diethylethanolamine  

9.389 

 

35.71 

N
1

2
HO

Dimethylethanolamine  

9.331 26.11 

N
1

2

3

4
HO

Dimethylbutanolamine  

10.002 35.31 

N
1

2

3

4

5

6
HO

dimethylhexanolamine  

10.176 44.50 

1
2

1

2

3

4

5

6

N

OH

1-(3-Dimethylaminophenyl)ethanol  

14.373 52.41 
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N
1

2
HO

1

2
OH

Methyl diethanolamine  

8.524 32.27 

N
1

2
HO

1

2
OH

1

2

ethyldiethanolamine  

8.553 35.71 
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Abstract 

Within this work the performance of several gold based bimetallic catalysts (Au-Cu, 

Au-Ni and Au-Pd supported on alumina) was evaluated and compared to mono-

metallic (Au, Pd and Ru based) catalysts for the direct hydrogenation of CO2 towards 

formic acid. The doping of Au-based catalysts with Ni or Cu was shown to be 

detrimental for selectivity towards FA and catalyst stability. Promising behavior in 

terms of catalyst activity and selectivity was observed for Au-Pd based catalysts with 

low Pd concentrations. 

 

Severe catalyst deactivation up to ~88% of the original activity was observed for all 

catalysts studied within this work. The influence of the triethylamine:1-decanol ratio 

on the catalyst deactivation was studied, identifying different deactivation 

mechanisms for the Au and Pd based catalysts. Ru-based catalysts were observed 

to have extremely low (< 1 mM) FA productivity. Extraordinary selectivity of 100% 

was demonstrated using an Au/TiO2 compared to the other studied mono- and 

bimetallic catalysts, with all other catalysts producing significant amounts of 

undesired CO.  
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5.1 Introduction 
A broad range of catalysts has been previously studied for the hydrogenation of  CO2 

to formic acid, with catalysts based on both homogeneous and heterogeneous 

formulations [9][10][18][19]. While homogeneous metal complexes based on Ru and 

Ir have shown excellent activity and selectivity [18]-[20], the inherent drawbacks of 

homogeneous catalysts such as difficult product separation and catalyst recycling 

have prompted research towards heterogeneous catalysts [20][21]. 

 

The heterogeneous compositions explored by previous authors focus on a wide 

range of noble metals including Au [23][24], Pt [24][25], Pd [26][27] and Ru 

[19][28][30] deposited on a wide range of supports [9][10]. 

 

Bredig and Carter reported the hydrogenation of gaseous CO2 and carbonates to 

formates in 1914 using Pd black as a catalyst  [31]. While Pd-based catalysts are 

often hailed as promising alternatives to the homogeneous complexes due to their 

superior kinetic performance compared to other metals at moderate temperatures, 

significant limitations still have to be overcome in terms of selectivity and stability 

[31][32]. Pd based mono-metallic catalysts have been shown readily poisoned by 

reaction intermediates such as CO and formates, resulting in limited stability [34][35]. 

 

In 2011, Preti et al. demonstrated the ability of Au black (gold black) [22][35][37] to 

catalyze the hydrogenation of supercritical CO2 towards formic acid using 

triethylamine as a base. In their work, rapid deactivation of gold black due to particle 

sintering was observed. However, Au supported on titania showed a remarkable 

stability for 37 days at temperatures of 40 degrees Celsius [23].  Following the 

promising results obtained by Preti et al., Hensen et al. [24] studied gold-based 

colloidal nanoparticles and gold supported on a wide selection of metal oxides, basic 

Mg-Al supports and Mg-Cr hydrotalcite supports. Here, it was concluded that besides 

the nature of the support, also the support itself is of vital importance, as no FA 

production was observed for the colloidal nanoparticles, thus proposing the reaction 

to occur at the metal-support interface. Upon comparison of Au/Al2O3 and Au/TiO2 

catalysts of similar loading and particle size at non-supercritical pressures, the 
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Au/Al2O3 catalyst showed a nearly two-fold activity with no signs of catalyst 

deactivation.  

 

While no catalyst deactivation was observed by previous works for gold based 

catalysts at supercritical conditions and moderate temperatures (> 90 bar and 40-90 

⁰C) [23][38] and non-supercritical conditions at 40 ⁰C [24], Chapter 4 revealed 

significant catalyst deactivation of an Au/TiO2 catalyst at 40 bar and 70 ⁰C in a 

packed bed reactor using a wide range of tertiary amine bases. The cause of 

deactivation was shown to be rapid nanoparticle sintering over a period of 2 hours, 

followed by stable catalyst activity up to 50 hours during a 50 hour time-on-stream 

experiment.  

 

Doping the mono-metallic catalyst with a second noble metal has been shown to 

result in significant increases in catalyst stability, with promising results obtained for 

Au-Pd [33][39][40], Co-Pd [34] and Pd-Ag [42] formulations. Barlocco et al. reported 

an enhanced activity, selectivity, and stability for Au-Pd bimetallic catalysts over their 

mono-metallic counterparts in the dehydrogenation of formic acid at room 

temperature due to mitigating the sintering of Pd nanoparticles [43]. Similarly, Grad 

et al. observed significantly lower FA decomposition activation energies for an Au-

Pd/carbon catalyst compared to the mono-metallic Pd counterpart [44]. Several 

groups also reported an enhanced CO poisoning tolerance for Au-Pd/C catalysts 

[44][45].  Besides the usage of precious noble metals, Cu/TiO2 was previously 

demonstrated in the direct hydrogenation of CO2, displaying a TOF of 1.8 h-1. 

However, significant catalyst deactivation was observed [46]. Alternatively, the 

incorporation of Ni was illustrated to have a potentially high activity in FA 

decomposition based on DFT and microkinetic modelling [47]. 

 

In this work, we have evaluated a number of mono-metallic (Au/TiO2, Au/Al2O3, 

Pd/Al2O3 and Ru/Al2O3) and bimetallic catalysts (Au-Pd/Al2O3, Au-Ni/Al2O3, and Au-

Cu/Al2O3) in terms of productivity, selectivity and stability. Due to the low CO2 

hydrogenation kinetic rates observed in Chapters 3 and 4, it was opted to perform 

the initial screening using the of decomposition of formic acid – triethylamine adduct. 



Chapter 5 
 

167 
 

These experiments were performed in batch reactors for the bimetallic catalysts. 

Following the identification of the most promising catalysts in terms stability and 

selectivity, CO2 hydrogenation high pressure fixed bed experiments were conducted 

using triethylamine and diethylethanolamine as reactive bases. Within Chapter 4, it 

was discovered that alcohol substituted amines allowed for a near doubling of kinetic 

rates compared to triethylamine, motivating the kinetic tests using 

diethylethanolamine as extractive base with bimetallic catalysts. 

 

5.2 Experimental materials and methods  

5.2.1. Materials 

Au/TiO2 and Au/Al2O3 cylindrical catalyst pellets (AUROlite) were purchased from 

Strem Chemicals, Inc. (TiO2 supported: 1 wt.% Au, dp = 2.6 nm) (Al2O3 supported: 

1 wt.% Au,  dp = 1 .9  nm), Pd/Al2O3 (1 wt.% Pd, dp = 3.5 nm) and Ru/Al2O3 (5 

wt.% Ru) from Thermo Scientific. Dibromomethane (>99.9%, stabilized with 

butylhydroxytoluene) was purchased from TCI chemicals.  

 

Chloroauric acid trihydrate (HAuCl₄·3 H₂O) (99.995%), palladium(II) chloride (PdCl2) 

(99%), nickel(II) acetylacetonate (Ni(acac)2) (95%) and γ-alumina powder (99.9%) 

were purchased from Sigma Aldrich. Copper (II) nitrate trihydrate (Cu(NO3)2 ·3 H₂O) 

(99%) was supplied by Fischer Scientific. N,N-diethylethanolamine (>99%) was 

received from Merck, 1-decanol (>98%) from Thermo Scientific Chemicals, formic 

acid (>99%) and triethylamine (>99.5%) from Sigma-Aldrich.  

 

The chemicals used for H-NMR and ICP analysis are: acetonitrile-d3, obtained from 

Thermo Scientific Chemicals (> 99 atom% D). 1,3,5-Trimethoxybenzene from TCI 

Chemicals (> 98.0%). Gold standard for ICP from Fluka TraceCERT Ultra (1002 

ppm). Hydrofluoric acid EMSURE (48%), nitric acid (65%) EMPLURA (>99.9%) and 

hydrochloric acid (37%) a.c.s. reagent and sulfuric acid (98%) from Merck. 

 

All materials were used as received, handled in air and used without any additional 

purification. In order to prevent catalyst deactivation, the commercially obtained 

catalysts were stored under Ar in a cold and dark environment. 
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5.2.2. Catalyst preparation 

Au/TiO2, Au/Al2O3, Pd/Al2O3 and Ru/Al2O3 were commercially obtained. All other 

materials were synthesized using the deposition-precipitation technique with NaOH 

as precipitation agent, based on protocols described elsewhere [48]–[50]. All metal 

precursors were selected based on their excellent water solubilities. In a typical 

procedure, a 10 g/L suspension containing γ-alumina in water was prepared. The 

suspension temperature was raised to 70 ⁰C. To ensure proper metal precursor 

dispersion, the metal precursor was added dropwise using a burette. Once a stable 

suspension is obtained, the NaOH is added dropwise until the desired pH is reached. 

The mixture is stirred for 1 hour while shielded from light to prevent bulk precipitation 

of the gold. Afterwards, the mixture is quenched using an ice bath. In order to remove 

any residual Cl- ions, the catalyst is washed 5 times using DI-water. The absence of 

Cl- is confirmed using Ag(NO)3. All catalysts were calcined in air at 250 ⁰C for 4 

hours, followed by reduction for 3 hours in a 10 vol.% H2 stream at a temperature of 

300 ⁰C using a 2 ⁰C /min ramp rate. Commercial catalysts were reduced according 

to the same protocol.  

 

5.2.3. Catalyst testing 

Chapter 3 and 4 revealed the slow kinetic nature of CO2 hydrogenation to formic 

acid, as well as the necessity of significant amounts of catalyst. For this reason, it 

was opted to perform an initial assessment of activity, selectivity and stability of the 

catalysts based on the decomposition of formic acid – triethylamine adducts in glass 

batch reactors. Details of the set-up and the validation of this approach are described 

in Chapter 4. CO2 hydrogenation experiments were performed at elevated pressure 

in a stainless steel packed bed reactor, as described in Chapter 4. 

 

Liquid samples were analyzed using 1H-NMR (Bruker, 400 MHz) to determine their 

chemical composition. Here, 0.5 mL of deuterated solvent (acetonitrile-d3) and 1,3,5-

trimethoxybenzene or dibromomethane as internal standard were mixed with 0.1 ml 

of sample. The gaseous reaction products were analyzed with a compact gas 

chromatograph (Global Analyser Solution) equipped with a TCD detector and two -



Chapter 5 
 

169 
 

packed columns (Molsieve 5A and Rt-Q-BOND). The lower detection limit for CO 

was established to be 2 ppm. 

 

5.2.3. Catalyst characterization 

Metal loadings of fresh and spent catalysts were determined using ICP-OES (iCAP™ 

PRO ICP-OES; Thermo Scientific™). TiO2 supported catalysts were digested using 

a mixture of concentrated HF (3 ml) and aqua regia (6 ml) at elevated temperatures 

[52]. Al2O3 supported catalysts were digested based on a two-step protocol, based 

on the work of [24]: the active metals were digested in aqua regia at 60 ⁰C for 2 

hours, followed by digestion of the γ-alumina through the addition of 1 ml of DI water 

and 1 ml of concentrated H2SO4 at 70 ⁰C. After digestion, the samples were filtered 

and diluted using double distilled water. All ICP results were averaged over 3 lines 

with each measurement performed 3 times.  

 

Particle sizes were obtained based on TEM and HAADF-STEM measurements 

performed on a FEI CryoTitan transmission electron microscope operating at 300 

kV. Samples were prepared by finely crushing the sample, followed by ultrasonic 

suspension in ethanol and dispersion over a Cu grid with holey carbon film.  The 

particles were individually identified using the image software ImageJ and the 

particle size distribution of each catalyst sample was quantified accordingly through 

the measurement of at least 50 particles.  

 

5.3 Results and discussion   

5.3.1 Formic acid decomposition 

First the catalytic performance of a series of bimetallic Au-based catalysts were 

evaluated for the decomposition of formic acid – triethylamine adducts, as depicted 

in Figure 5.1 and 5.2. A blank test without the presence of a catalyst revealed no 

thermal formic acid decomposition at the studied conditions. The usage of Al2O3 and 

TiO2 without additional metals present did also not result in any observable FA 

decomposition. The molar ratio between Au and the second metal (Cu, Ni or Pd), as 

well as the total loading of the catalysts based on ICP-OES measurements is shown 

in Table D1-4. Previous works have shown the FA decomposition reaction over an 
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Au/TiO2 catalyst to be 100% selective towards CO2 and hydrogen [23][29][39] thus 

depicting the thermodynamic equilibrium conversion of the studied system where no 

CO production occurs. Reproducibility experiments performed at 70 ⁰C established 

the equilibrium conversion to be 39.7 ± 3.0 %, with individual experiments tabulated 

in Table D5. The formation of gaseous products resulted in a pressure increase of 

approximately 0.75 bar. The low standard deviation also confirms the reproducibility 

of the batch and 1H-NMR methods.  

 

Figure 5.1 reveals full FA conversion for all Au-Cu/Al2O3 catalysts, irrespective of the 

Au:Cu molar ratio, therefore suggesting significant CO production through the 

dehydration pathway. Contrarily, conversions below the thermodynamic limit are 

observed for all Au:Ni molar ratios in steady-state conditions. Such behaviour is a 

clear indication of rapid catalyst deactivation, as the observed reaction rate is 

reduced to zero before reaching the thermodynamic limit.  

 

Au-Pd/Al2O3 catalysts were studied at two different temperatures, namely 50 and 70 

⁰C. The performance of several molar ratio Au-Pd/Al2O3 catalysts at 50 ⁰C is 

compared to mono-metallic Au/TiO2, Au/Al2O3 and Pd/Al2O3, with the FA conversion 

shown in Figure 5.2. 

 

 

Figure 5.1: Formic acid conversion versus time for Au-Cu/Al2O3 (left) and Au-Ni/ Al2O3 (right) catalysts of 
several active metal molar ratios (n) in glass batch reactors (20 ml). Conditions: 1:1 molar ratio FA:amine, 
with a total formic acid concentration of 1 mol/liter using 1-decanol as solvent and triethylamine as base. 
Temperature was 70 degrees Celsius, catalyst mass 10 ± 0.2  mg. The total batch time is 4 hours.  
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Here, it is observed that Au supported on alumina and low Pd concentration Au-Pd 

bimetallic catalysts are able to perform FA decomposition with similar selectivity and 

conversion rates as Au/TiO2, as evidenced by the observed steady state conversion 

being equal to the thermodynamic limit. An increase in catalyst activity is discerned 

with an increase in Pd molar ratio, with the 0.56:0.44 molar ratio Au:Pd showing 

similar kinetic behavior as the Pd/Al2O3 catalyst. Besides similar FA conversion 

rates, both catalysts achieve FA conversions that surpass the thermodynamic limit, 

indicating the production of CO as a byproduct. The formation of an apparent 

equilibrium in these cases is most likely the result of catalyst deactivation. Similar to 

the Au-Ni/Al2O3 catalysts, the high ratio Pd catalyst and the mono-metallic Pd 

catalyst seem to rapidly deactivate.  Upon increasing the temperature to 70 ⁰C, 

similar trends are observed.  

 
5.3.2 Formic acid production  

In Chapter 4,  CO2 hydrogenation using Au-based monometallic catalysts in a flow 

reactor highlighted significant catalyst deactivation caused by sintering of the Au 

nanoparticles after exposure to formic acid – tertiary amine adducts with and without 

solvents [39]. Therefore, to gain a deeper understanding into the influence of the 

amount of tertiary amine present on the sintering of Au nanoparticles supported on 

titania, high-pressure packed bed experiments were performed using several 

Figure 5.2: Formic acid conversion versus time for several molar ratio Au-Pd/Al2O3 at 50 ⁰C (left) and Au-
Pd/ Al2O3 at 70 ⁰C (right) catalysts in glass batch reactors (20 ml). Conditions: 1:1 molar ratio FA:amine, 
with a total formic acid concentration of 1 mol/liter using 1-decanol as solvent and triethylamine as base. 
Catalyst mass 10 ± 0.4  mg. The total batch time is 4 hours.  
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triethylamine:1-decanol volumetric ratios as well solventless experiments using 

diethylethanolamine. 

Figure 5.3 shows an increase in formic acid productivity with an increasing amount 

of triethylamine, which is in line with previous observations [24]. Inline GC 

measurements revealed no CO was produced above the lower detection limit, 

thereby confirming the 100% selectivity reported in previous works [23][29][39]. 

However, for all ratios of triethylamine:1-decanol as well as the solventless case 

using diethylethanolamine, initially a decrease in catalyst activity is observed, 

followed by stable formic acid productivity.  

Deactivation of Au-based catalysts is often attributed to sintering of Au particles and 

the formation and subsequent accumulation of carbonate species on the catalyst 

surface [53]. TEM measurements confirmed agglomeration of the Au particles for all 

amine:solvent ratios, with particle sizes increasing from 2.6 nm up to 9.6 nm, as 

summarized in Table 5.1. Exemplary TEM images and particle size distributions are 

shown in Figure D1.  No trend can be distinguished between the amine:solvent ratio 

and the final nanoparticle size. The leaching of Au was excluded based on ICP 

measurements summarized in Table 5.1. 

 

 

Figure 5.3: Several ratios of triethylamine (NEt3) to 1-decanol (solvent) using a commercial Au/TiO2 
catalyst. Experiments performed in a continuous flow reactor performing in CO2 hydrogenation mode. 
The catalyst was replaced each test. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 40 bar 
total pressure and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid flowrate was 1 ml/min (resulting 
residence time approximately 10 minutes)  
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 Particle size [nm] Catalyst loading [wt%] 

Fresh catalyst  2.6 ± 0.8  1.01 ± 0.01 

1:2 vol/vol  7.4 ± 3.3  1.00 ± 0.02 

1:3 vol/vol 9.6 ± 3.7 0.99 ± 0.04 

1:4 vol/vol 6.1 ± 2.2 1.01 ± 0.01 

1:5 vol/vol 6.9 ± 2.7 0.99 ± 0.01 

Diethylethanolamine (no 

solvent) 

9.1 ± 3.2 0.99 ± 0.03 

 

 

 
 

 

 

 

The experiments were repeated using a commercially available Pd/Al2O3 catalyst. In 

Figure 5.4, a similar trend is observed as for the Au/TiO2 catalyst, with the initial 

formic acid productivity increasing with increasing ratios of triethylamine to solvent. 

For the solventless diethylethanolamine and the high volumetric ratios of 

triethylamine, a 1:2 and 1:3 volumetric ratio of triethylamine to 1-decanol, a clear 

decrease in catalyst activity as a function of time-on-stream is discerned. Contrary 

to the Au-based catalyst, no regime of constant productivity is reached, highlighting 

a slower and continuous catalyst deactivation mechanism. 

 

 

Table 5.1: Formic acid production post-mortem particle size of a 1 wt% Au/TiO2 catalyst (obtained from 
TEM) and catalyst loading (obtained from ICP-OES). Reaction time was 4 hours at 70 degrees Celsius.   

Figure 5.4: Several ratios of triethylamine (NEt3) to 1-decanol (solvent) using a commercial Pd/Al2O3 
catalyst. Experiments performed in a continuous flow reactor performing in CO2 hydrogenation mode. The 
catalyst was replaced each test. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 40 bar total 
pressure and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid flowrate was 1 ml/min (resulting residence 
time approximately 10 minutes). The uncorrected CO outlet curve and selectivity data (FCO/FFA) is given 
in Figure D3.   
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The employment of low triethylamine:solvent (1:4 and 1:5) ratio results in constant 

catalyst activity. Similar continuous catalyst deactivation behaviour was reported by 

Lefferts et al. for FA decomposition in aqueous media and was shown to be induced 

by CO poisoning [54]. Continuous catalyst deactivation was also observed by 

Upadhye et al. during FA decomposition, and was attributed to the formation of 

palladium hydrides [55]. Alternatively, Hu et al. propose competitive adsorption and 

thus occupation of active sites by intermediate species to be responsible for the Pd 

catalyst deactivation [56]. In line with findings of previous works [33][45], the 

selectivity of the Pd-based mono-metallic catalysts was found to be below 100%, 

with CO production observed for all amine:solvent ratios. No other gaseous 

hydrocarbons such as methane or ethylene were detected.  Due to the presence of 

a large volume gas-liquid separation vessel (500 ml) within the experimental set-up, 

the gaseous phase requires much longer experimental times to reach steady state 

conditions than the liquid phase, with current experimental times not allowing to 

reach steady state performance. In order to correct for this, the gas-liquid separator 

was modelled as an unsteady state CSTR to calculate the CO concentration at the 

reactor outlet, with final equations shown in the Appendix D. The CO concentration 

as measured by the GC is shown in Appendix D, Figure 3. As shown in Figure 5.4, 

the amount of CO produced is inversely proportional to the amine:solvent ratio, with 

larger amounts of triethylamine resulting in higher selectivity towards formic acid 

production.  

 

Catalyst characterization, as shown in Table 5.2, revealed no significant leaching 

(ICP-OES) and very minor nanoparticle agglomeration (TEM) for any amine:solvent 

ratio, while only exposure to diethylethanolamine resulted in  significant (~10%) 

leaching of Pd. Interestingly, the amine:decanol mixtures resulting in the highest CO 

productivity and lowest FA productivity show constant catalyst activity towards FA 

during 4 hours time-on-stream, making it unlikely that CO poisoning is the sole 

deactivation mechanism.  
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 Particle size [nm] Catalyst loading [wt%] 

Fresh catalyst  3.4 ± 1.0  0.91 ± 0.02 

1:2 vol/vol  5.7 ± 2.5  0.90 ± 0.04 

1:3 vol/vol 3.6 ± 0.9 0.91 ± 0.05 

1:4 vol/vol 3.8 ± 1.0 0.92 ± 0.03 

1:5 vol/vol 4.1 ± 1.5 0.93 ± 0.01 

Diethylethanolamine (no 

solvent) 

4.1 ± 1.8 0.79 ± 0.02 

 

 

5.3.3 CO2 hydrogenation: comparison of catalysts  
Based on the catalyst activity and stability observed during the formic acid 

decomposition reaction, Au-Pd/Al2O3 was selected to further test in the direct CO2 

hydrogenation. The decomposition results shown in Section 5.3.1 revealed an Au:Pd 

molar ratio of 3:1 to result in significant increased catalyst activities while maintaining 

selectivity towards H2 and CO2. This catalyst was compared to mono-metallic Au-

based catalysts supported on titania and alumina, Pd/Al2O3 of similar active metal 

loadings and a 5 wt% Ru/Al2O3 catalyst, as shown in Figure 5.5. A triethylamine:1-

decanol ratio of 1:2 was selected. 

 

 

 

 

Figure 5.5: Comparison of catalysts using a 1:2 vol/vol triethylamine: 1-decanol ratio. Experiments 
performed in a continuous flow reactor performing in CO2 hydrogenation mode. Employed conditions: 2.5 
g of catalyst, 70 degrees Celsius, 40 bar total pressure and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid 
flowrate was 1 ml/min (resulting residence time approximately 10 minutes). The uncorrected CO outlet 
curve and selectivity data (FCO/FFA) is given in Figure D4.   

  

   

Table 5.2: Post-mortem particle size of a 0.9 wt Pd/Al2O3 catalyst (obtained from TEM) and catalyst loading 
(obtained from ICP-OES). Reaction time was 4 hours at 70 degrees Celsius. 
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Comparable initial FA productivity is observed for the Au, Pd and Au-Pd catalysts 

supported on alumina, while the Ru/Al2O3 catalyst has low (<1 mM) selectivity 

towards FA. Furthermore, all alumina supported catalysts result in the unwanted 

production of CO, with the Ru-based catalyst yielding CO as the major product. While 

the Au catalyst supported on titania is fully selective towards FA, the alumina 

supported catalyst results in the production of significant amounts of CO. Previous 

works have highlighted the fact that the presence of alumina instead of titania could 

enhance the decomposition of formate species. Here, it was shown that the Au 

nanoparticles themselves do not contribute to formate decomposition, but that the 

decomposition is strongly influenced by the acidity of the catalyst support with the 

introduction of Au on alumina resulting in the formation of CO via FA [57].  Also, it 

was shown by Laszlo et al. that Au/TiO2 catalysts do not produce CO via the rWGS 

or formate decomposition at temperatures below 450 K [58]. 

Interestingly, while the FA productivity and rate of deactivation for Au and Pd 

supported on alumina are comparable, the Pd-based catalyst is found to have a 

higher selectivity towards FA as evident from the much lower CO production rates. 

Catalyst deactivation is observed for all studied catalysts with the FA productivity 

reducing to zero for the Au-Pd/Al2O3 and Ru/Al2O3 catalysts, while Au/Al2O3 and 

Pd/Al2O3 have much lower rates of deactivation and do not show a steady FA 

productivity during the 4 hour time-on-stream experiments. No steady FA productivity 

is observed for these catalysts, but a steady CO productivity is found for the Au-Pd 

and Pd/Al2O3 catalysts, with CO productivity decreasing for the Au and Ru/Al2O3 

catalysts, being indicative of total catalyst deactivation.  

Section 5.3.1 showed the FA productivity of Au/TiO2 in combination with 

diethylethanolamine as a base to be 3.8x higher than the 1:3 vol/vol triethylamine 

case, whilst the Pd/Al2O3 catalyst deactivated continuously. While significant 

increases in initial FA productivity are observed for Au/TiO2 with the FA concentration 

increasing from 14 mM to 40 mM with diethylethanolamine as a base, this is not 

observed for Pd/ Al2O3 with FA productivity remaining equal to the productivity using 

a 1:2 vol/vol triethylamine:1-decanol mixture. 
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As evident from Figure 5.6, the increase in FA productivity with diethylethanolamine 

as base is solely observed for Au based catalysts, while comparable or lower 

productivities observed for Pd and Ru based catalysts compared to the usage of 

triethylamine.  

 

Besides an influence on FA productivity, the usage of diethylethanolamine instead 

of triethylamine also results in a significant influence on product selectivity. This 

becomes evident from Au-based catalyst being fully selective towards FA, with Au 

supported on alumina producing significant amounts of CO in combination with 

triethylamine. Furthermore, the initial catalyst activity of the Pd and Au-Pd catalysts 

remains comparable, with the Au-Pd bimetallic catalyst now being more selective 

towards FA than the Pd based catalyst. Full catalyst deactivation towards FA is 

observed for Pd/Al2O3, Au-Pd/Al2O3 and Ru/Al2O3 catalysts. While CO productivity 

was found to slightly decrease when using triethylamine, significant reduction in CO 

production was observed during the 4 hour experiments using diethylethanolamine.  

 
5.4 Conclusion 

Within this work the performance of several gold based bimetallic catalysts (Au-Cu, 

Au-Ni and Au-Pd supported on alumina) was evaluated for the direct hydrogenation 

of CO2 towards formic acid.    

 

Figure 5.6: Comparison of catalysts using diethylethanolamine as a base. Experiments performed in a 
continuous flow reactor performing in CO2 hydrogenation mode. Employed conditions: 2.5 g of catalyst, 
70 degrees Celsius, 40 bar total pressure and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid flowrate was 
1 ml/min (resulting residence time approximately 10 minutes). The uncorrected CO outlet curve and 
selectivity data (FCO/FFA) is given in Figure D5.   
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Due to the slow kinetic nature of the hydrogenation reaction, it was opted to perform 

an initial screening of the bimetallic catalysts based on the formic acid decomposition 

reaction, comparing the conversion, selectivity and catalyst stability to Au/TiO2. Here, 

it was found that Au-Cu based catalysts result in complete FA conversion for all 

Au:Cu molar ratios, therefore producing significant amounts of undesired CO. Au-Ni 

catalysts supported on alumina generally demonstrated poorer catalytic activity 

compared to mono-metallic gold on titania, with the catalysts showing significant 

deactivation, therefore suggesting the synergetic effects between gold and nickel or 

copper to be detrimental. Lastly, promising behavior in terms of catalysts activity and 

selectivity was observed for Au-Pd based catalysts with low Pd concentrations. 

 

Performing CO2 hydrogenation experiments at elevated pressures revealed 

significant catalyst deactivation for the mono-metallic Au/TiO2 and Pd/Al2O3 

catalysts. The influence of the triethylamine:1-decanol ratio on the catalyst 

deactivation was studied, identifying different deactivation mechanisms for the Au 

and Pd based catalysts. In case of Au supported on titania, the deactivation is 

caused by Au nanoparticle agglomeration. For Pd, the amount of CO produced was 

found to be inversely proportional to the amount of amine present within the reactive 

mixture. Stable FA productivity was observed for low amine:solvent ratios, making 

that the deactivation cannot solely be attributed to CO poisoning.  

 

Testing under constant triethylamine:1-decanol ratio revealed comparable initial FA 

productivity for the Au, Pd and Au-Pd catalysts supported on alumina, while the 

Ru/Al2O3 catalyst has low (<1 mM) selectivity towards FA. Furthermore, all alumina 

supported catalysts result in the unwanted production of CO, with the Ru-based 

catalyst yielding CO as the major product. The replacement of triethylamine:1-

decanol with diethylethanolamine was observed to result in an increase in FA 

productivity and selectivity for gold based catalysts, while Pd and Ru-based 

materials have comparable or lower FA productivity compared to when triethylamine 

is used.    
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Appendix D 

D.1 Catalyst composition  

Au loading [wt%] Ni loading [wt%] Molar Au:Ni ratio  

1.98 0.11 0.85 

0.93 0.16 0.69 

0.46 0.52 0.26 

0.81 0.67 0.30 

 

Au loading [wt%] Cu loading [wt%] Molar Au:Cu ratio  

0.57 0.27 0.40 

0.56 0.42 0.30 

0.58 0.51 0.27 

0.53 0.75 0.19  

 

Au loading [wt%] Pd loading [wt%] Molar Au:Pd ratio  

0.58 0.11 0.46 

0.65 0.15 0.42 

0.44 0.30 0.27 

0.81 0.52 0.26 

 

 

 
 
 
 
 
 
 

Au loading [wt%] Pd loading [wt%] Molar Au:Pd ratio  

0.62 0.097 0.77 

0.52 0.12 0.70 

0.32 0.23 0.43 

Table D.1: Loading and active metal molar ratio for the Au-Ni/Al2O3 catalysts 

   

Table D.2: Loading and active metal molar ratio for the Au-Cu/Al2O3 catalysts 

   

Table D.3: Loading and active metal molar ratio for the Au-Pd/Al2O3 catalysts tested at 70 ⁰C 

   

Table D.4: Loading and active metal molar ratio for the Au-Pd/Al2O3 catalysts tested at 50 ⁰C 
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D.2 Reproducibility formic acid decomposition 

 
 
 
 
 
 
 
 
 
 

 
 
 
 
D.3 GC calculations  

Due to the presence of a large volume gas-liquid separation vessel (500 ml) within 

the experimental set-up, the gaseous phase requires much longer experimental 

times to reach steady state conditions than the liquid phase, with current 

experimental times not allowing to reach steady state performance. In order to 

correct for this, the gas-liquid separator was modelled as an unsteady state CSTR 

to calculate the CO concentration at the reactor outlet: 

 
𝑑𝑑𝑁𝑁𝑎𝑎
𝑑𝑑𝑖𝑖 

 =  𝜕𝜕𝑎𝑎0  −  𝜕𝜕𝑎𝑎                                                                                                                            D. 1 

 

with Na the total amount of moles of species A and Fa the molar flowrate. Due to the 

liquid accumulating within the vessel, the gaseous volume is not constant. To correct 

for this, the average residence time in the sample interval is used:  

 

𝜏𝜏𝑎𝑎𝑣𝑣𝑔𝑔  =  
𝑉𝑉𝑣𝑣𝑣𝑣𝑜𝑜𝑜𝑜𝑣𝑣𝑙𝑙
𝜕𝜕𝑣𝑣

 =  
𝜏𝜏𝑜𝑜𝑎𝑎𝑣𝑣𝑝𝑝𝑙𝑙𝑣𝑣  +  𝜏𝜏𝑜𝑜𝑎𝑎𝑣𝑣𝑝𝑝𝑙𝑙𝑣𝑣 −1  

2
                                                                              D. 2 

Here, 𝑉𝑉𝑣𝑣𝑣𝑣𝑜𝑜𝑜𝑜𝑣𝑣𝑙𝑙 represents the volume of the gas liquid separator, 𝜕𝜕𝑣𝑣 the gaseous 

volumetric flowrate and 𝜏𝜏𝑎𝑎𝑣𝑣𝑔𝑔 the average residence time.  

 

∫ 𝑉𝑉𝑣𝑣𝑣𝑣𝑜𝑜𝑜𝑜𝑣𝑣𝑙𝑙  𝑎𝑎𝐶𝐶𝑎𝑎
𝑎𝑎𝑣𝑣 

  =   ∫ 𝜕𝜕𝑣𝑣𝐶𝐶𝑎𝑎0  −  𝐶𝐶𝑎𝑎
𝐶𝐶𝑎𝑎(𝑡𝑡−1)

𝜕𝜕𝑣𝑣𝐶𝐶𝑎𝑎                                                                    D. 3𝜏𝜏𝑎𝑎𝑣𝑣𝑎𝑎
𝑣𝑣 = 𝜏𝜏𝑎𝑎𝑣𝑣𝑎𝑎−1

   

 FA conversion [-] 
1 0.412 
2 0.384 
3 0.370 
4 0.394 
5 0.388 
6 0.389 
7 0.403 
8 0.406 
9 0.398 

Table D.5: Reproducibility formic acid decomposition   
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𝐶𝐶𝑎𝑎0  =  𝐶𝐶𝑎𝑎

�1− 𝑣𝑣𝑥𝑥𝑝𝑝(� −𝑡𝑡
𝜏𝜏𝑎𝑎𝑣𝑣𝑎𝑎

��
                                                                                             D. 4 

 

D.4 TEM imaging  

  

 

fresh Au/TiO2 Au/TiO2 exposed to 1:2 [vol/vol] triethylamine:1-
decanol  

Au/TiO2 exposed to 1:3 [vol/vol] triethylamine:1-
decanol  

Au/TiO2 exposed to 1:4 [vol/vol] triethylamine:1-
decanol  
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Au/TiO2 exposed to 1:5 [vol/vol] triethylamine:1-
decanol  

Au/TiO2 exposed to diethylethanolamine 

 
Figure D1: TEM images and particle size distributions of Au/TiO2 catalysts using in the direct 
hydrogenation of CO2 to formic acid . Reaction time was 4 hours at 70 degrees 

fresh Pd/Al2O3 Pd/Al2O3 exposed to 1:2 [vol/vol] triethylamine:1-
decanol  
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Figure D2: TEM images and particle size distributions of Pd/Al2O3 catalysts using in the direct 
hydrogenation of CO2 to formic acid. Reaction time was 4 hours at 70 degrees 

Pd/Al2O3 exposed to 1:3 [vol/vol] triethylamine:1-
decanol  

Pd/Al2O3 exposed to 1:4 [vol/vol] triethylamine:1-
decanol  

Pd/Al2O3 exposed to 1:5 [vol/vol] triethylamine:1-
decanol  

Pd/Al2O3 exposed to diethylethanolamine 
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Figure D3: CO concentrations obtained from inline GC-TC before dilution correction for several ratios of 
triethylamine (NEt3) to 1-decanol (solvent) using a commercial Pd/Al2O3 catalyst (left), and selectivity 
(FCO/FFA), with F the molar flow rate [mol/s] (right). Experiments performed in a continuous flow reactor 
performing in CO2 hydrogenation mode. The catalyst was replaced each test. Employed conditions: 2.5 
g of catalyst, 70 degrees Celsius, 40 bar total pressure and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid 
flowrate was 1 ml/min (resulting residence time approximately 10 minutes).  

   

Figure D4: CO concentrations obtained from inline GC-TC before dilution correction  for the comparison 
of catalysts using a 1:2 vol/vol triethylamine: 1-decanol ratio (left), and selectivity (FCO/FFA), with F the 
molar flow rate [mol/s]  (right). Experiments performed in a continuous flow reactor performing in CO2 
hydrogenation mode. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 40 bar total pressure 
and a CO2:H2 feed ratio of 1:1 at 1 mln/min. Liquid flowrate was 1 ml/min (resulting residence time 
approximately 10 minutes).  

   

Figure D5: CO concentrations obtained from inline GC-TC before dilution correction  for the comparison 
of catalysts using diethylethanolamine as a base (left), and selectivity (FCO/FFA) with F the molar flow rate 
[mol/s] (right). Experiments performed in a continuous flow reactor performing in CO2 hydrogenation 
mode. Employed conditions: 2.5 g of catalyst, 70 degrees Celsius, 40 bar total pressure and a CO2:H2 
feed ratio of 1:1 at 1 mln/min. Liquid flowrate was 1 ml/min (resulting residence time approximately 10 
minutes). Uncorrected CO outlet curve given in Figure D5.   
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6 
Techno-economic comparison of low-pressure FA production via the direct 

hydrogenation of CO2 using triethylamine and n-butylimidazole 

 

 

 

 
This chapter is based on the following publication:  

A.W.N. de Leeuw den Bouter, A.Chila, D.Castillo Guerra, L.Brito, A.Miquelot, 

P.Olivier, J. van der Schaaf, “Techno-economic comparison of low-pressure FA 

production via the direct hydrogenation of CO2 towards formic acid using 

triethylamine and n-butylimidazole”, to be submitted to the Journal of CO2 utilization.  



 

196 
 

Abstract 

Within this work, this state-of-the-art process configuration was compared with the 

usage of high-boiling (i.e. n-butylimidazole), less reactive amines within the reactor, 

followed by pressure-swing distillation. The overall plant efficiency significantly 

increased (i.e. 2.08% to 3.47%) when n-butylimidazole was used as the reactive 

amine due to a decrease in heating requirement in the distillation train.  

 

From an economic perspective, the determined minimum selling price of formic acid 

was found to be heavily dominated by the OPEX, caused by the amount of catalyst 

volume required to achieve the annual productivity of 35 kton/year. The minimum 

formic acid selling price was calculated to be €10821.47 and €18913.15 per ton of 

formic acid for the amine-exchange and pressure-swing process, respectively, 

based on a hydrogen price of 2945 euro/ton. Nevertheless, these FA prices are up 

to 12.3 and 21.4 times the current market value, making the process uneconomic.  
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6.1 Introduction 
Formic acid can also be decomposed within direct formic acid fuel cells (DFAFC) to 

generate electricity [22]. Previous work has shown that the utilization of formic acid 

within DFAFC’s would result in higher overall energy efficiencies than the 

hydrogenation/dehydrogenation pathway, allowing for hydrogen storage energy 

efficiencies comparable or larger than existing methods for hydrogen storage 

[20][21][23]. Therefore, this application is selected as an used case for this work.  

 

Besides energy related applications, formic acid is a valuable commodity chemical  

with applications in textiles, agriculture, pharmaceuticals etc. [8][9], and a frequently 

used reductant within various synthesis routes, and solvents [26]. 

 

An overview of current, CO based, and novel FA production methods based on CO2 

and biomass is given in Figure 6.1.  

Current FA production methods are based on fossil resources and include the 

acidolysis of alkali formates and the hydrolysis of methyl formates. The latter is the 

most used on industrial scale [24], and involves a two-step process: the reaction 

between CO and methanol to produce methyl formate, followed by the subsequent 

hydrolysis resulting in FA and methanol [20][23].  A multitude of intermediates have 

been shown to form during the process, resulting in a complex, multistep and highly 

energy intensive product separation. Commonly, CO is produced through the 

gasification of coal or natural gas at high temperatures (> 900 K) [27], resulting in 

significant CO2 emissions. 

Figure 6.1: Overview of FA production methods.  
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Alternatively, FA can be produced from biomass through a variety of transformation 

methods such as acid hydrolysis, wet oxidation and catalytic oxidation. High yields 

of FA has already been obtained on lab scale. [26][28]. A prime example here is the 

acid catalyzed hydrolysis of cellulosic biomass, yielding equimolar amounts of formic 

acid and levulinic acid [29]. However, these processes still suffer from problems with 

product purification and has been shown to be energy intensive [26][29]. 

Alternatively, biomass can be gasified to produce syngas, allowing for the 

continuation of the previously discussed methyl formate pathway [30][31].  

 

CO2 based FA production has a large potential for mitigating CO2 emissions 

compared to the conventional methyl formate hydrolysis process [14][15]. Formic 

acid can be sustainably produced from CO2 based on a variety of methods such as 

photochemical, electrochemical and thermal chemical methods [32][25][26].  

 

Previous studies on electrochemical methods have highlighted the potential for a 

significant decrease in global warming impact (GWI) due to low steam consumption, 

the integration of renewable electricity and the relativity simple process layout [32]. 

A techno-economic evaluation performed by Kim et al. revealed the economic 

performance of the electrochemical FA production method to be competitive with 

liquefied H2 distribution [15]. However, the technology has not yet been proven on a  

large scale continuous system, while such pilot plant studies have readily been 

performed for the thermal chemical production method [32]. 

 

With the later method, the thermochemical FA production, the process is however 

highly thermodynamically unfavorable and pressures above 10 MPa are required for 

the reaction to proceed towards formic acid [27][28]. The addition of solvents results 

in an exergonic reaction, that can be shifted to the product side using bases or 

amines [36][37]. One solution often used is low boiling tertiary amines such as 

triethylamine, which are known to form stable azeotropes with formic acid [30]. 

Commonly, formic acid purification of such formic acid – triethylamine adducts is 

performed according to a process developed by British Petroleum (BP) [38]. This 

methodology is based on a so-called amine exchange process, in which the low 



Chapter 6 
 

199 
 

boiling tertiary amine is replaced by a high-boiling tertiary amine in a reactive 

distillation process [31][32]. However, this process is yet to be employed at industrial 

scale, but is already proven at pilot scale [32]. The amine – exchange methodology 

is required instead of e.g. pressure-swing distillation as the azeotropes formed by 

formic acid – trialkylamine mixtures are virtually independent of pressure [40]. 

 

Pérez-Fortes et al. performed the design and techno-economic evaluation of a 

thermal formic acid production process with a final FA purity of 85 wt.% using a Ru-

based homogeneous catalyst at 105 bar in a batch reactor [14]. The study 

highlighted the ability of the CO2 hydrogenation to formic acid process to aid in 

mitigating CO2 emissions compared to the conventional methyl formate hydrolysis 

process. The negative CO2 emissions balance can only be achieved on the condition 

of using renewable electricity to generate renewable hydrogen through electrolysis 

and to produce high-pressure steam. However, in its current form, the process is not 

economically viable compared to the conventional two-step hydrolysis of methyl 

formate process, due to the consumption of large amounts of steam required to drive 

the reboilers of the distillation train and the usage of a homogeneous catalyst. Here, 

the large energy requirement arises from the energy required to break the formic 

acid – tertiary amine bond.  

 

Park et al. published a techno-economic evaluation and life cycle assessment based 

on continuous FA production using a Ru-based heterogeneous catalyst at 120 bar, 

using triethylamine as reactive amine and n-butylimidazole (nBIM) as amine-

exchange amine in the reactive distillation train [41]. The energy intensive amine – 

exchange step  was found to be one of the major contributors to the overall formic 

acid price, and the process was concluded to require a significant reduction in high-

pressure steam consumption to become economically viable. FA – nBIM adducts 

were observed to be readily separable using thermal splitting.  

 

Recently, Kim et al. continued upon the work of Park et al., optimizing the 

combination of the reactive amine (N-methyl-2-pyrrolidone) and the amine (nBIM) 

used within reactive distillation train [32]. Validating their techno-economic 
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assessment with a 10 kg/day pilot plant, they concluded that the optimization of the 

amine-couple results in an economically viable process with a decrease of 37% in 

production cost compared to the conventional methyl formate process, as well as a 

42% decrease in global warming impact. However, while the optimization of the 

amine pair results in an economically viable process, the energy intensive reactive 

distillation amine-exchange step is still observed to be the major driver of the formic 

acid price.  

 

This study proposes a methodology to circumvent the necessity of the amine-

exchange step in an attempt to propose a significantly simpler process design and 

decrease both the CAPEX and the energy requirements of the process, and thus the 

formic acid price. Previous works have investigated the influence of different tertiary 

amines on key parameters such as FA productivity and selectivity [42]. Here, the 

high boiling amine nBIM was identified as a promising candidate and is thus selected 

as an amine for this work.  

 

While techno-economic evaluations have been performed based on high 

supercritical CO2 pressures and high H2 pressures [14] [15][16][28], a clear gap 

exists within literature for techno-economic evaluations below the supercritical 

pressure limit (<50 bar) and the circumvention of the amine-exchange step. 

Therefore, within this study, the extension will be made towards low pressure (< 50 

bar) applications and the utilization of n-butylimidazole as sole amine. A techno-

economic comparison of two routes for the direct CO2 hydrogenation based on non-

supercritical conditions is demonstrated: 1) the conventional route based on the 

patents of BP and BASF, in which triethylamine is used as a reactive amine and 

exchanged with trihexylamine in a reactive distillation process using an Au/Al2O3 

catalyst; 2) a direct route in which no amine exchange is performed, but purification 

is performed directly through pressure swing distillation without the necessity of a 

second amine using an Au/TiO2 catalyst. A schematic overview of the two proposed 

processes is given in Figure 6.2. 
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The two processes are designed in Aspen Plus V14 at a 35 kton/year scale, which 

corresponds to the average yearly productivity of the 20 largest FA production plants 

[43]. The final FA impurity level is set to <1 ppm of  tertiary amine, in line with the FA 

purities required for Direct Formic Acid Fuel Cell (DFAFC) applications [35]. We will 

show whether the exchange from a low boiling amine to a high boiling amine as a 

reactive amine can improve the economic performance of the direct hydrogenation 

to formic acid, and therefore the economic competitiveness of the process. 

 
6.2 Methodology and assumptions 
Mass and energy balances calculations were performed using process flow 

modelling software (Aspen Plus V14) targeting a productivity of 35 kton/year at 

99.9999% purity, while reactor optimization was carried out in MATLAB 2022B. 

Figure 6.2: Overview of the proposed, CO2 based, processes. The amine-exchange route corresponds 
to the state-of-the-art CO2 route based on the patents of BASF and BP. The pressure-swing route (direct 
route) represents a significant simplification to the process and is proposed within this work.  
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Physical properties missing from the Aspen Plus database were obtained using 

either the COSMO-SAC implementation in the Amsterdam Modelling Suite (AMS) 

[34][35] or based on experimental literature. Energy optimalization was done using 

the Aspen Plus Energy Analyzer. Afterwards, the CAPEX and OPEX of both 

processes was evaluated based on the Lang factor approach, resulting in a minimum 

formic acid selling price (MFSP).  

 

6.2.1. System boundaries 
• This analysis focuses on the production and purification of formic acid, with 

the production, purification and transportation of hydrogen and CO2 falling 

outside the scope of this work. The CO2 is assumed to originate from 

sustainable sources, such as the sorption enhanced water gas shift 

(SEWGS) process used at iron and steel plants [46]. CO2 enters the plant 

at ambient conditions (1 bar, 20 ⁰C). H2 is assumed to originate from Solid 

Oxide Electrolyzers(SOEC), entering the plant at 30 bar and 20 ⁰C [47]. 

The gaseous streams are assumed to be of 100% purity, as purification is 

usually performed at the production site. The cost of purification is taken 

into account in the feedstock price. All tertiary amines and solvents (1-

decanol, triethylamine, trihexylamine and n-butylimidazole) are assumed 

to enter at ambient conditions and 100 % purity.  

• The formic acid production facility comprises of the following building 

blocks (inside battery limits (ISBL)): 1) compression section for the 

gaseous and liquid streams, 2) the formic acid production reactors, 3) 

distillation train either based on the amine exchange strategy or pressure 

swing distillation, 4) recycle of unconverted feedstock and 5) the heat 

exchanger network. The outside battery limits (OSBL) include electricity 

and high-pressure steam generation, a cooling tower for the cooling water 

and a refrigeration cycle based on Freon. All utilities are assumed to be 

derived from the grid. 
• Both technologies target a productivity of 35 kton/year, as this is equal to 

the average yearly productivity of the 20 largest FA production plants 

globally [48]. Furthermore, a plant lifetime of 20 years is assumed with a 



Chapter 6 
 

203 
 

production time of 8000 hours a year, corresponding to a capacity factor 

of 91.3% [49].   
• Both processes target the purity required for fuel cells applications, 

meaning the residual tertiary amine and CO concentrations have to be 

below 1 ppm [23].  
• The plant is considered to be constructed and located in the Netherlands, 

thus the cost of labor is taken according to the Dutch regulations.  
 

6.2.2. Reactor design and sizing approach and assumptions  
• The reactor in which triethylamine is the reactive base of choice is 

designed based on a heterogeneous, steady state, non-isothermal one-

dimensional reactor model, taking into account catalyst efficiency (i.e. 

internal diffusion limitations) and external mass transfer limitations. The 

kinetics are based on the work of Filonenko et al. [50]. No  dispersion 

profiles were taken into account in the axial and radial direction, as well as 

no pressure drop in the axial direction. A detailed description of the 

governing mass and energy balances, as well as model validation, can be 

found in the supporting information. It was chosen to optimize the reactor 

in terms of productivity, due to the slow kinetic nature of the direct 

hydrogenation reaction.   The n-butylimidazole case is designed based on 

previous experimental data [42]. For this reason, the reactor is modelled 

in Aspen Plus using a RStoic block at a total pressure of 40 bar. The gas-

liquid ratio, residence time and fractional CO2 conversion are enforced 

using design specs to ensure a close agreement with experimental data. 

In both cases, the H2:CO2 stoichiometric ratio of 1:1 is set. For both cases, 

the reaction enthalpy is taken from literature [24][30][51]. 
• Au/Al2O3 (1wt.%) is used as a catalyst in the amine-exchange scenario, 

while Au/TiO2 (1wt.%) is used in case of n-butylimidazole. Moreover, the 

solid hold-up of the catalyst bed is set to 0.6 m3solid / m3reactor and the particle 

void fraction to 0.5 m3void / m3catalyst for both cases.  

• The reactor is designed to have an external reactor shell, with heat 

supplied by low-pressure steam.  
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• The reactors are sized to meet the target productivity of the plant 

accounting for possible FA losses in the separation train, based on an 

aspect (L/D) ratio of 7. 
 

6.2.3. Process design approach and assumptions 
• n-butylimidazole (nBIM) is selected as the tertiary amine for the pressure 

swing distillation case. This choice was motivated by promising FA 

productivity observed by previous works [42], combined with facile 

separation of formic acid – through thermal splitting [15][24]. Previous work 

[42] showed no phase separation to occur between FA and nBIM over a 

wide range of molar ratios. This makes that pure nBIM without solvents can 

be fed to the reactor. FA-nBIM adducts were shown to have an azeotropic 

point at 25mol% at 100 torr. 

• The NRTL-HOC method is selected as equation of state for the pressure 

swing distillation approach because of its proven ability to describe the 

highly non-ideal formic acid – tertiary amine system [41][52]. 
• The amine – exchange process was designed as reactive distillation using 

the RadFrac model in Aspen Plus. The formic acid – triethylamine and formic 

acid – trihexylamine compounds are not present within the Aspen Plus 

database, so their physical properties including enthalpy of reaction and 

entropy were predicted using the COSMO-SAC implementation of the 

Amsterdam Modelling Suite. The thermodynamic method in Aspen Plus was 

chosen to be COSMO-SAC. The equilibrium constants of each of the 

compounds were implemented within the RadFrac models to account for the 

reactive amine exchange. More details are described in Section 3.1.3. 

Within the RadFrac model, a Murphree efficiency of 85% and pressure drop 

of 7 mbar per stage are taken into account, following the work of Poto et 

al.[53]. Column height and diameter as well as column internals were 

designed to prevent stages drying up based on a 80% flooding approach. 

• The pressure swing distillation train for formic acid n-butylimidazole 

separation was designed based on the graphical McCabe-Thiele method to 

obtain the minimum number of stages, the feed stage and the minimum 
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reflux ratio (Rmin). The optimal reflux ratio was taken as 1.2 times Rmin. The 

sieve tray spacing was set to 0.5 meters, with a stage efficiency of 85% [54]. 

Column diameters were determined using the flooding chart of Fair, as given 

in Perry’s Chemical Engineers’ Handbook. Pressure drop over the column 

was not taken into consideration.  

• The recycle streams between the two distillation towers in the pressure 

swing distillation design was taken into account on the basis of molar 

balances. As illustrated in Figure 3, the bottom stream of the second tower 

(stream 30) is recycled to the feed of the first tower (stream 23). The 

composition (xF1) and molar flowrate (F1 ) entering the first tower are given 

by 

𝑁𝑁𝐹𝐹1  =  
𝑁𝑁𝑅𝑅  +  𝑁𝑁𝑅𝑅𝑁𝑁𝐷𝐷1𝐶𝐶 −  𝑁𝑁𝐴𝐴2𝑁𝑁𝐷𝐷1𝐶𝐶  

1 −  𝑁𝑁𝐴𝐴2𝐶𝐶  +  𝑁𝑁𝑅𝑅  𝐶𝐶
                                                               6.1 

 𝜕𝜕1 =  
𝑁𝑁𝑅𝑅𝑅𝑅

𝑁𝑁𝐹𝐹1  −  𝑁𝑁𝐴𝐴2(𝑁𝑁𝐹𝐹1 − 𝑁𝑁𝐷𝐷1)𝐶𝐶
                                                                       6.2 

 𝐴𝐴 =  
𝑁𝑁𝐴𝐴1  −  𝑁𝑁𝐷𝐷2
𝑁𝑁𝐴𝐴2  −  𝑁𝑁𝐷𝐷2

                                                                                                6.3 

  𝐶𝐶 =  
𝐴𝐴

𝑁𝑁𝐴𝐴1  −  𝑁𝑁𝐷𝐷1
                                                                                               6.4 

 

With x the molar composition, A and C constants and R the molar flow rate 

leaving the reactor. The subscripts R, D and B indicate the reactor, distillate 

and bottom respectively. As indicated in Figure 6, 𝑁𝑁𝑅𝑅 corresponds to stream 

21, 𝑁𝑁𝐷𝐷1 stream 24, 𝑁𝑁𝐴𝐴1 steam 25,  𝑁𝑁𝐷𝐷2 stream 28 and 𝑁𝑁𝐴𝐴2 to stream 30.  

• The heat exchanger (HEX) network was designed based on counter-current 

shell and tube heat exchangers and the shortcut method implemented in 

Aspen Plus. Energy optimalization was performed using pinch analysis in 

combination with a minimum temperature approach. A minimum 

temperature difference (ΔTmin) of 5 ⁰C is considered for HEXs in the 0 – 200 

⁰C range, while for operating temperatures outside this range the ΔTmin is set 

to 10 ⁰C. 

• All turbomachines (i.e. compressors, steam turbines and pumps) are 

simulated within Aspen Plus V14 considering mechanical (0.95) and 
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isentropic (0.72) efficiencies to obtain the thermodynamic conditions of the 

outlet streams as well as the accompanying energy balances [53]. In case 

of multistage compressors, the discharge temperature and power 

consumption are optimized based on inter-refrigerated multistage 

compressors as implemented in Aspen Plus. The maximum pressure ratio 

was set to 3, as this is the optimum economic ratio [54]. The intermediate 

cooler outlet temperature was chosen based on the required cooling energy 

input and energy requirement of the compressor.  

• The high pressure (HP) steam conditions are assumed to be 40 bar and 250 

⁰C. 
• A cooling tower is used to enable cooling water recirculation, therefore 

reducing the cost of cold utilities.  
• The selected material depends on the amount of formic acid present in the 

process stream. High concentrations of formic acid (>50mol%) have been 

shown to cause heavy corrosion to stainless steel [32]. Besides corrosion, 

the Ni and Fe species present in SS304 and SS306 can result in undesired 

FA decomposition [55]. For this reason, the material of choice is stainless 

steel 316 L (high grade) at FA concentrations < 50 mol%, and Inconel above 

this threshold. Inconel has previously been shown to be fully compatible with 

formic acid [56].   
• Within the amine-exchange process, a recovery of 99% is achieved for the 

amines and 1-decanol. Within the pressure-swing process, the n-

butylimidazole is fully recycled. 
 

6.2.4 Economic analysis and economic indicators  

The economic section is divided into two parts: the initial capital investment (i.e. 

CAPEX) and the operational expenditures (i.e. OPEX). The factorial method based 

on Lang factors is used to determine the CAPEX of both processes. Within this 

method, the total CAPEX is taken as a factor of the purchase equipment cost (PEC), 

as summarized in Table 6.1. To determine the PEC, the correlation of R.Smith [57] 

is used, given by: 
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𝐶𝐶𝐸𝐸  =  𝐶𝐶𝐴𝐴  �
𝑄𝑄
𝑄𝑄𝐴𝐴
�
𝑀𝑀

𝑓𝑓𝑣𝑣 𝑓𝑓𝑝𝑝 𝑓𝑓𝑇𝑇                                                                                                              6.5 

 

where 𝐶𝐶𝐸𝐸   is the equipment cost of an equipment with a capacity 𝑄𝑄; 𝐶𝐶𝐴𝐴 is the base 

cost with base capacity 𝑄𝑄𝐴𝐴; 𝑄𝑄 and 𝑄𝑄𝐴𝐴 are capacity measures which depends on the 

equipment type. 𝑓𝑓𝑣𝑣, 𝑓𝑓𝑝𝑝 𝑎𝑎𝑖𝑖𝑑𝑑 𝑓𝑓𝑇𝑇 are correction factors for the material of construction, 

the operational pressure and temperature respectively. Details on the correlations 

used for the determination of the PEC of all equipment are reported in the supporting 

information.   

 

The costs given within the work of Smith are based on pricing in 2000, to actualize 

these costs to the base year of this study (i.e. 2023), the Chemical Engineering Plant 

Cost Index (CEPCI) index is used: 

 

𝐶𝐶𝐶𝐶2023  =  
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2023
𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶2000

 𝐶𝐶𝐶𝐶2000                                                                                                      6.6  

 

The CEPCI was taken to be 435.8 in January 2000 [57], and 797.94 in 2023 [58]. 

Cost component  Lang factor  
Purchase Equipment Cost (PEC) 1 
Purchase equipment installation  0.39 
Instrumentation and controls 0.26 
Piping  0.31 
Electrical system  0.1 
Building (including services) 0.29 
Yard improvements 0.12 
ISBL 2.47 * PEC 
OSBL 0.12 * PEC 
Engineering and supervision 0.32 * (ISBL+ OSBL) 
Construction expenses 0.34 * (ISBL+ OSBL) 
Legal expenses 0.04 * (ISBL+ OSBL) 
Contractor’s fee 0.19 * (ISBL+ OSBL) 
Indirect Costs (IC) 0.89 * (ISBL+ OSBL) 
Project contingency  0.89 * (ISBL+ OSBL + IC) 
Process contingency  0.89 * (ISBL+ OSBL + IC) 
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Fixed Capital Investment (FCI) 0.89 * (ISBL+ OSBL + IC) 
Working Capital (WC) 0.15 * FCI 
Start-up costs  0.15 * FCI 
CAPEX 0.15 * FCI 

Table 6.1: Lang factors used for the determination of CAPEX costs [44][48] 

The OPEX is split into two contributions, namely the variable (OPEXvar) and fixed 

OPEX (OPEXfix). OPEXfix is used to account for labor, supervison, working capital 

and maintenance, with the methodology summarized in Table 6.3. Correlations used 

for the determination of the total labor requirement can be found in Appendix E. The 

cost of labor is based on the average yearly operator salary within the Netherlands 

(i.e. 60000 euro) [59].The variable OPEX comprises the costs of feedstock (i.e. 

tertiary amine and solvent make-up, CO2 and H2), utilities (i.e. electricity, HP steam, 

freon cooling cycle) and the cost of the catalysts. An overview of the OPEXvar 

methodology is given in Table 6.2.  

 

To evaluate the total annual cost (TAC) comprising of the annual CAPEX (ACAPEX) 

and OPEX is defined as:  

 

𝑇𝑇𝐴𝐴𝐶𝐶 =  𝐴𝐴𝐶𝐶𝐴𝐴𝐶𝐶𝐶𝐶𝐴𝐴 +  𝑂𝑂𝐶𝐶𝐶𝐶𝐴𝐴                                                                                                         6.7 

 

The methodoloy to determine ACAPEX is given within Appendix E.   

 Price  Unit  Reference  

H2 (from SOEC) 6000 €/ton  [60] 

CO2 (SEWGS) 33 €/ton [46] 

Electricity  0.07 €/KWh [32] 

Cooling water 0.2 €/ton [54] 

HP Steam   25.12 €/ton H2O [14] 

Au/TiO2 692,61 €/kg [61][62] 

Au/Al2O3 700,66 €/kg [53][63]  

1-decanol  43,67 €/kg [64] 

n-butylimidazole  23,56 €/kg [32] 

Triethylamine 320 €/ton [65] 
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Trihexylamine  724 €/ton [14]  
Table 6.2: Assumed feedstock and utility prices used to obtain the variable OPEX 

 
Cost component  Value 
Supervision  0.25 * Labor 
Direct overhead 0.25 * (Labor + Supervision)  
General overhead 0.65 * (Labor + Supervision + Direct 

overhead) 
Maintenance labor 0.65 * FCI 
Maintenance materials  0.03 * ISBL 
Insurance and tax 0.015 * FCI 
Financing working capital  Debt interest * WC  

Table 6.3: Methodology for the calculation of the fixed OPEX (OPEXfix)  

The TAC allows for the calculation of the minimum formic acid selling price (MFSP) 

based on the methodology of discounted cash flow (DCF) analysis, with the 

equations given within Appendix E. An overview of all assumptions and financial 

parameters such as the interest rate, debt/equity ratio and cost of equity used within 

the DCF are summarized in Table 6.4. Following the work of [66] the plant is 

assumed to be constructed in a 3 year time period, with the following division of 

capital investments: 20%, 50% and 30%. The prices of feedstock, products and 

utilities were assumed constant over the 20 year operational lifetime of the plant. No 

salvage value is expected for the plant equipment, however, it is assumed the 

precious noble metals of the gold-based catalysts are extracted after the plant 

lifetime. Following the work of Hachhach et al., it is assumed that 96% of the gold 

can be reclaimed at a cost of 3.30 dollar/kg catalyst [61]. 

 

Parameter  Value  
Location Netherlands  
Base year 2023 
Project lifetime (year) 20 
Construction period (year) 3 
Plant availability (hour/year) 8000 
Tax rate (%) 25 
Equity/Debt rate 50/50 
Debt interest rate (%) 4 
Cost of equity (%) 12 
WACC (%) 8 
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Depreciation period (year) 10 
Salvage value (-) 96% gold recovery from the catalyst 
Exchange rate (USD/EUR) 0.92 
Catalyst lifetime (year) 20 
Tertiary amine lifetime (year) 20 

Table 6.4: Overview of economic assumptions and parameters 

6.2.5. Key performance indicators (KPI) 

The reactor designs are compared in terms of the CO2 conversion, reaction 

conditions and residence time.  The CO2 conversion is given by:  

 

𝐴𝐴𝐶𝐶𝑇𝑇2 =  
𝜕𝜕𝐶𝐶𝑇𝑇2,𝑎𝑎𝑛𝑛  −  𝜕𝜕𝐶𝐶𝑇𝑇2,𝑜𝑜𝑜𝑜𝑡𝑡 

𝜕𝜕𝐶𝐶𝑇𝑇2,𝑎𝑎𝑛𝑛  
                                                                                                      6.8 

The plant designs were evaluated in terms of several carbon and  energy metrics: 

cold gas efficiency (CGE), the overall energy efficiency (ηtot) and the overall carbon 

footprint.  

 

The CGE is defined as the ratio of the energy content stored in formic acid referred 

to the lower heating value (LHV), to the energy content of the feedstock: 

 

𝐶𝐶𝐶𝐶𝐶𝐶 =  
�̇�𝑚𝐹𝐹𝑇𝑇 𝐿𝐿𝐻𝐻𝑉𝑉𝐹𝐹𝑇𝑇
�̇�𝑚𝐻𝐻2  𝐿𝐿𝐻𝐻𝑉𝑉𝐻𝐻2

                                                                                                                   6.9 

 

The overall energy efficiency (ηtot) is defined based on previous works, and 

represents the ratio of the energy stored to the total energy used to produce formic 

acid [66]: 

 

η𝑣𝑣𝑜𝑜𝑣𝑣 =  
𝑊𝑊𝑎𝑎ℎ𝑣𝑣𝑣𝑣

𝑊𝑊𝑓𝑓𝑣𝑣𝑣𝑣𝑎𝑎  +  
𝑊𝑊𝑜𝑜𝑣𝑣𝑣𝑣𝑎𝑎𝑣𝑣,𝑁𝑁𝑁𝑁
𝜋𝜋𝑜𝑜𝑣𝑣𝑣𝑣𝑎𝑎𝑣𝑣,𝑁𝑁𝑁𝑁

 +  𝑊𝑊𝑣𝑣𝑙𝑙
𝜋𝜋𝑣𝑣𝑙𝑙

                                                                                    6.10 

 

The energy content on the product and feed based on the lower heating values is 

given by 𝑊𝑊𝑎𝑎ℎ𝑣𝑣𝑣𝑣 and 𝑊𝑊𝑓𝑓𝑣𝑣𝑣𝑣𝑎𝑎, respectively. To account for the energy put into the 

production in the form of electricity and HP steam, the 𝑊𝑊 𝑜𝑜𝑣𝑣𝑣𝑣𝑎𝑎𝑣𝑣 and 𝑊𝑊𝑣𝑣𝑙𝑙 terms are 
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added to the denominator. Two cases were considered, one in which the steam and 

electricity are derived from fossil fuels, and one in which all heating requirement is 

derived from renewable electricity. HP steam and electricity are assumed to be 

obtained from the grid, we assumed that the HP steam produced using natural gas 

at an efficiency of 77.5% [57] and electricity is produced at an efficiency of 58.4% 

[67]. 

 

To evaluate the ability of the process to reduce carbon emissions, the amount of CO2 

consumed through FA production (�̇�𝑚𝐶𝐶𝑇𝑇2,𝑎𝑎𝑛𝑛) is compared to the amount of CO2 

emitted (�̇�𝑚𝐶𝐶𝑇𝑇2,𝑣𝑣𝑣𝑣𝑎𝑎𝑜𝑜𝑜𝑜𝑎𝑎𝑜𝑜𝑛𝑛𝑜𝑜) by the plant. Within the fossil fuel derived case, the emissions 

account for the burning of natural gas to produce HP steam and the production of 

electricity. The CO2 emissions from energy consumption are taken to be 0.47 

tCO2/(MWh) [68] for electricity and 0.317 tCO2/(MWh) for heat in the form of HP steam 

[69]. In case of electrical heating based on renewables, the CO2 emissions are taken 

to be 0.013 tCO2/(MWh), which corresponds to shore wind production [70]. All CO2 

emissions correspond to studies conducted by the U.S. Department of Energy.  Any 

CO2 emissions originating from storage, transport etc. of feedstock and products is 

deemed to be outside the scope of this work. 

 

6.3. Process modelling  
6.3.1. Amine exchange process 

6.3.1.1. FA production reactor design  
The reactor is designed based on a heterogeneous, steady state, non-isothermal 

one-dimensional reactor model, taking into account catalyst efficiency (i.e. internal 

diffusion limitations) and external mass transfer limitations. The kinetics are based 

on the work of Filonenko et al. [50]. A detailed description of the governing equations 

and model verification is given in Appendix E. Figure 6.3 evaluates the influence of 

reaction temperature, pressure, liquid residence time and amine:solvent ratio on the 

formic acid productivity based on the reactor model. 
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Residence times are calculated by setting superficial liquid velocities such that a 

constant trickle flow regime and full catalyst wetting are ensured, according to the 

correlations presented by [71]. From Figure 6.3, it becomes apparent that higher 

pressures and lower temperatures result in higher FA productivities at lower 

residence times. The effect of higher pressure is expected due to increased CO2 and 

H2 solubility, as is the observed temperature behaviour due to the exothermicity of 

the reaction. Based on Figure 6.3, an operational pressure and temperature of 40 ⁰C 

and 50 bar was selected. The incorporated kinetics derived by Filonenko et al. [50] 

assume a direct relation between the FA productivity and the amount of amine 

present. However, previous works highlighted the evaporation of triethylamine within 

the purification section to be highly energy intensive [15]. Thus, the amount of 

triethylamine should be minimized but not limit the kinetic performance of the reactor. 

The influence of the triethylamine:1-decanol volumetric ratio on CO2 conversion is 

shown in Figure 1 for the selected operational conditions. An increase of FA 

productivity is observed until a volumetric ratio of 0.43, which is taken as the optimal 

amine:solvent ratio.  

Figure 6.3: Design of reactor using triethylamine as reactive base.  Left top) Influence of temperature and 
pressure on FA productivity for a reactor length of 50 m and 5 m wide. right top) Residence times used in 
the left top graph. Bottom) CO2 conversion at a temperature of 40 ⁰C , pressure of 50 bar (1:1 vol/vol 
H2:CO2)  and a reactor size of 50x5 m as a function of triethylamine:1-decanol ratio  
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Particle size was determined based on the Ergun equation, with the maximum 

pressure drop set to 0.2 bar over the reactor length. This results in cylindrical catalyst 

particles, with a diameter of 0.2 mm and a length of 1 mm. At these operating 

conditions and particle size, no internal or external mass transfer limitations occur, 

as evidenced by the Weisz-Prater and first Mears’ criteria.  

 

6.3.1.2. Physical properties 
Physical properties such as the vapor-liquid equilibria (VLE) of the triethylamine – 

formic acid and trihexylamine – formic acid adducts were determined using COSMO-

SAC due to unavailability of such properties within literature and imported into Aspen 

Plus using the calculated sigma profiles and van der Waals volume. To perform the 

COSMO – SAC simulations, geometric structure optimization at DFT level was 

performed using the B3LYP functional [72] in conjunction with a TZP Slater-type 

basis set in the Amsterdam Modelling Suite (AMS) software package version 21 

[34][35][73]. The geometric structure of the adducts was based on that of acetic acid 

– triethylamine complexes [74].  

 

The reactions between the tertiary amines and formic acid are modelled as equilibria 

[61][62]:  

 

𝑁𝑁𝐶𝐶𝑖𝑖3  +  𝜕𝜕𝐴𝐴 ↔  𝜕𝜕𝐴𝐴:𝑁𝑁𝐶𝐶𝑖𝑖3                                                                                                      6.11 

      

𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3  +  𝜕𝜕𝐴𝐴 ↔  𝜕𝜕𝐴𝐴:𝑁𝑁𝐻𝐻𝑁𝑁𝑁𝑁3                                                                                               6.12 

 

To obtain the equilibrium constants for each of the adducts, the Gibbs free energy 

(ΔG) of each of the complexes was calculated: 

 

∆𝐶𝐶 =  −𝑅𝑅𝑇𝑇𝑙𝑙𝑖𝑖(𝐾𝐾𝑣𝑣𝑎𝑎)  =  ∆𝐻𝐻 −  𝑇𝑇∆𝑆𝑆                                                                                    6.13 

 

With, R the universal gas constant, T the temperature in Kelvin, ∆𝐻𝐻 the enthalpy of 

protonation taken from [30][42], and ∆𝑆𝑆 the entropy obtained from DFT simulations. 

The resulting equilibrium constants are depicted in Figure 6.4.   
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To validate the amine-exchange distillation methodology, the amine-exchange was 

experimentally performed at lab scale using a RotaVap (IKA RV 10 Basic) at 120 

mbar.  A mixture of formic acid, triethylamine and trihexylamine was heated using 

an external oil bath. Experiments were performed between 110 and 170 ⁰C, with 

steps of 10 ⁰C.  1H-NMR   analysis of the distillate is summarized in Table 6.5. 

 

T [⁰C] xFA xNET3 XNHEX3 

110 0 1 0 

120 0 1 0 

130 0 1 0 

140 0 1 0 

150 0 0 0 

160 0.92 0.06 0.02 

170 0.94 0.04 0.02 
Table 6.5: The molar fractions of each component in the distillate of a formic acid – triethylamine – 
trihexylamine mixture distilled in a single stage RotaVap at 120 mbar. Molar fractions determined using 
1H-NMR. 

At 170 ⁰C, the molar formic acid fraction within the distillate is 94%, while the 

azeotropic point for a formic acid – triethylamine mixture at 120 mbar is 28 mol% 

[76]. As formic acid purities surpassing the azeotropic point are observed, the 

proposed methodology is considered validated.    

 

  

Figure 6.4: left) Equilibrium constants of the reactions between formic acid – triethylamine and formic acid 
– trihexylamine as a function of temperature. The equilibrium constants were determined using 
experimental literature and COSMO-SAC simulations. Right) Ratio between the equilibrium constants  
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6.3.1.3. Process description: amine-exchange method  
Figure 6.5 depicts the process flow diagram of the direct hydrogenation of CO2 to 

formic acid process in which triethylamine is used as a base within the packed bed 

reactor (Au/Al2O3 catalyst). Here, the concept of amine-exchange is used for FA 

purification. CO2 enters the plant at ambient conditions (i.e. 1 bar and 20 ⁰C) as 

stream 1 and is compressed to 50 bar (the working pressure of the packed bed 

reactors, R1) via a multistage compressor unit (MCU) comprising of 4 compressors 

with intermediate cooling. The outlet temperature of the MCU unit is 40 ⁰C. H2 

(stream 2)  enters the plant at 30 bar and 20 ⁰C, and is compressed and heated to 

50 bar and 40 ⁰C. The 1-decanol and triethylamine recycle is pumped to reach 50 

bar, heated and mixed with the gaseous feed stream before entering the fixed bed 

reactors. 2 parallel fixed bed reactors are used, at an operational temperature of 40 

⁰C and 50 bar. The reactor is heated using low pressure (LP) steam. The gaseous 

and liquid streams are separated using a flash column (F1) operating at 1 bar. The 

gaseous stream (stream 17) is repressurized and fed back to the reactor. The liquid 

product (stream 18) is then fed to distillation column T1 to remove the 1-decanol 

solvent. Distillation tower 1 operates at 1 bar and in the temperature range of 116.5 

– 228.8 ⁰C to separate 1-decanol (stream 20) over the bottom. Next, the top stream 

(stream 21) is cooled down to 70 ⁰C, the pressure reduced to 0.11 bar and eventually 

fed to distillation tower 2 (T2) and 3 (T3). To break the azeotropic point, the amine-

exchange strategy is followed, in which triethylamine is replaced by trihexylamine. 

To maximize the contact time between the NHex3 and the FA – NEt3 adducts, the 

NHex3 is fed near the top (stage 8), while the FA – NEt3 adducts are fed at the bottom 

of the tower (stage 6) in T2, and stage 5 and 4 respectively in T3. The operating 

temperatures of T2 are 107.9 – 202.2 ⁰C, while T3 operates between 40.6 and 214.1 

⁰C. The majority (95%)  of the distillate of T3 (stream 27) is recycled to T2. The 

recovered triethylamine (stream 63) is cooled  to 40 ⁰C and recycled to the reactor 

after pumping to 50 bar. The formic acid – trihexylamine adducts leaving the bottom 

of T3 (stream 30) are fed to T4, where the adducts are separated to FA over the top 

(stream 32) and trihexylamine over the bottom (stream 33). The trihexylamine is 

cooled to 60 ⁰C and recycled to T2 and T3 (stream 34).  The stringent purity demands 

of the FA products requires an additional distillation tower (T5) in which formic acid 

(stream 35) is separated from trace amounts of trihexylamine and 1-decanol (stream 
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36) .The bottom steam of T5 (stream 36) comprises mostly out of NHex3 and is 

recycled to stream 34. The formic acid is cooled to 20 and repressurized to 1 bar for 

storage.   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Figure 6.5: Process flow diagram for the direct hydrogenation of CO2 to formic acid using the amine-
exchange strategy for formic acid purification   
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6.3.2.Pressure swing distillation process  

6.3.2.1. FA production reactor design  
Due to a lack of kinetic descriptions for the direct CO2 hydrogenation using n-

butylimidazole as base over an Au/TiO2 catalyst, the reactor was designed based on 

the experimental data presented Chapter 4. Here, the operational conditions were 

40 bar (1:1 vol/vol H2:CO2) and 75 ⁰C, a gaseous flowrate of 1.46 mLn/min, a liquid 

flow rate of 0.025 mLn /min. The resulting gas/liquid ratio is 0.78 with a liquid 

residence time of 75 minutes, resulting in a fractional conversion of 0.136. The 

catalyst FA productivity  ([gFA/ gcat /s]) was determined by: 

 

𝜕𝜕𝐴𝐴 𝑒𝑒𝑟𝑟𝑖𝑖𝑑𝑑𝑝𝑝𝑖𝑖𝑖𝑖𝑖𝑖𝑝𝑝𝑖𝑖𝑖𝑖𝑖𝑖 =  
[𝜕𝜕𝐴𝐴]𝑜𝑜𝑣𝑣𝑣𝑣𝑀𝑀𝑤𝑤,𝐹𝐹𝑇𝑇𝜀𝜀𝑙𝑙𝑉𝑉𝑣𝑣

𝑚𝑚𝑣𝑣𝑜𝑜𝑣𝑣,𝑎𝑎𝑎𝑎𝑣𝑣𝜏𝜏
                                                                             6.14 

 

with [𝜕𝜕𝐴𝐴]𝑜𝑜𝑣𝑣𝑣𝑣 the experimental outgoing FA concentration, 𝑀𝑀𝑤𝑤,𝐹𝐹𝑇𝑇 the molecular weight 

of FA, 𝜀𝜀𝑙𝑙 the liquid hold-up, 𝑉𝑉𝑣𝑣 the experimental reactor volume, 𝑚𝑚𝑣𝑣𝑜𝑜𝑣𝑣,𝑎𝑎𝑎𝑎𝑣𝑣 the amount 

of catalyst used in the experimental reactor and 𝜏𝜏 the residence time.  

 

The reactor volume was scaled to meet the target plant productivity. A final reactor 

length of 50 m and diameter of 7.5 m was chosen. The number of reactors in parallel 

was defined as the ratio of the total required reactor volume by the reactor volume 

of one reactor. The resulting required catalyst weight is 8.57 kton, which translates 

to 4 reactors at a solid hold-up of 0.6 m3solid / m3reactor. The reaction enthalpy is set to 

-20.15 kJ/mol [32]. 

 

6.3.2.2. Physical properties 
Due to n-butylimidazole (nBIM) physical properties missing from the Aspen Plus 

database, all physical properties were manually imported based on literature. The 

parameters required for the NRTL-HOC model were obtained from Usosky et al. 

[52][77], including the Antoine equation parameters. The heat capacity coefficient 

under constant pressure (Cp) was obtained by interpolating literature data of 

imidazoles with different chain length, as shown in Appendix E. All other parameters 

of chemicals and mixtures were obtained from Aspen Plus V14. 

 



Techno-economic comparison of low-pressure FA production via the direct 
hydrogenation of CO2 using triethylamine and n-butylimidazole 
 

218 
 

VLE data of nBIM-FA complexes at a pressure of 50 mmHg is presented by Park et 

al. [41]. In order to extent the VLE data to a wider set of pressures, the raw VLE 

dataset was extracted and regressed in Aspen Plus V14 to obtain the first three 

binary parameters (aij, aji, bij, bji, cij and cji ) of the NRTL equation, assuming aij is not 

equal to aji. The predefined algorithm options chosen were: Maximum-likelihood 

objective function, Britt-Luecke algorithm and Deming initialization method with a 

convergence tolerance of 1e-5. An overview of fitted binary interaction parameters 

and the resulting VLE curve are included in the Appendix E.  

 
6.3.2.3 Process description  

Figure 6.6 depicts the process flow diagram of the direct hydrogenation of CO2 to 

formic acid process in which n-butylimidazole is used as a base within the packed 

bed reactor (Au/TiO2 catalyst). CO2 enters the plant at ambient conditions (i.e. 1 bar 

and 20 ⁰C) as stream 1 and is compressed to 40 bar (the working pressure of the 

packed bed reactors, R1) via a multistage compressor unit (MCU) comprising of 4 

compressors with intermediate cooling. The outlet temperature of the MCU unit is 75 

⁰C. H2 (stream 2) enters the plant at 30 bar and 20 ⁰C, and is compressed and heated 

to 40 bar and 75 ⁰C. The temperatures of the four intermediate coolers are set to 49, 

50, 45 and 75 ⁰C respectively. Liquid nBIM (stream 3) enters the system at ambient 

conditions (20 °C and 1 bar) into pump P1 increasing its pressure to 40 bar. Due to 

recycle stream 31, and negligible amine losses, no additional heating is required. 

Both gas and liquid streams are mixed together to enter the reaction section (R1). 

The reactants are converting CO2 into formic acid in R1 with a molar fractional CO2 

conversion of 0.136. The outlet flow of R1 (stream 19) is send to flash drum F1 for 

gas-liquid separation. The unreacted gases that leave F1 (stream 20) are 

repressurized and recycled with the inlet CO2 stream. The liquid stream leaves F1 

from the bottom of the drum, and its pressure is reduced to 0.16 bar (120 torr). The 

stream contains 2,3mol.% formic acid, thus the mixture is on the left side of the 

azeotropic point on the Txy diagram. The mixture is preheated in heat exchanger 

E5, which uses HP steam as a hot side. The outlet temperature is 176 °C, the boiling 

point of the feed. The stream is then fed into distillation tower T1, where pure nBIM 

is obtained over the top and the azeotropic mixture is separated at the bottom. The 
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condenser is operating at 167 °C, the boiling point of nBIM, and the reboiler is 

operating at 201.6 °C, the boiling point of the azeotropic mixture. The top stream is 

cooled down with E12 to 75 °C to be recycled and mixed with the inlet nBIM. The 

bottom stream of T1, containing the azeotropic mixture at 120 torr, is cooled to 

180 °C with E8. E8 uses pressurized and heated water as a coolant to generate LP 

steam. The liquid mixture is lowered in pressure to 0.133 bar (100 torr) with P3 before 

entering T2. With change in pressure, the azeotropic composition is reduced in terms 

of formic acid content. The condenser is operating at 44 °C, a temperature just below 

the boiling temperature of formic acid and the reboiler is operating at 181 °C, the 

boiling point of the azeotropic mixture. The bottom of T2 is sent to P4 to increase the 

pressure to 120 torr and is recycled back (stream 31) to T1. The distillate steam of 

T2, containing pure formic acid, is cooled to 20°C with E11 using Freon 12 as coolant 

and repressurized to 1 bar with P6. 

 

  
Figure 6.6: Process flow diagram for the direct hydrogenation of CO2 to formic acid using the pressure-
swing distillation strategy for formic acid purification.  
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6.4. Technical comparison  

The technologies proposed within this work are first compared at reactor scale, 

followed by comparison at process level.  An overview of operating conditions and 

KPIs is given in Table 6.6. Both processes require significant amounts of gold based 

catalyst to achieve an FA productivity of 35 kton/year, at a total catalyst amount of 

2.8 and 8.57 kton for the amine-exchange process and the pressure-swing process, 

respectively. The increase of amount of catalyst for the pressure-swing process is 

caused by the lower residence time within the reactor, as well as the lower reactivity 

of n-butylimidazole compared to triethylamine. This results in very substantial 

reactors, having a length of 50 meters and a diameter of 7.5m, of which a single 

reactor is required when triethylamine is the reactive base (amine-exchange 

process) and 4 reactors operating in parallel are required for the utilization of n-

butylimidazole as reactive base.  

 

KPI Unit  Amine-exchange 
process 

Pressure-swing 
distillation process 

Catalyst - Au/Al2O3 Au/TiO2 
Number of reactors - 1 4 
Reaction 
temperature  

°C 40 75 

Reaction pressure  bar  50 40 
Mass of catalyst  kton 2.8 8.57 
Residence time  h 36 1.25 
CO2 conversion  % 33 13.6 
H2 feed  kton/year 1.7  1.8 
CO2 feed kton/year 38.1 38.2 

Table 6.6: An overview of key performance indicators (KPI) at reactor scale 

The hydrogen and carbon dioxide consumption of both processes is comparable due 

to the processes being designed for the same FA productivity and recycling of the 

reactor outlet stream after gas-liquid separation.  

 

The technical performance of the amine-exchange and pressure-swing distillation 

processes on plant level are summarized and compared in Table 6.7, based on the 

technical performance indicators discussed in Section 6.2.5, evaluated from the 

mass and energy balances. To minimize the energy requirement of both processes, 
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the pinch method developed by Linnhoff [78] was used. As a consequence, the heat 

integration within the processes was performed maximizing the internal cooling and 

heating based on process streams, rather than solely relying on external utilities. 

Most cooling capacity is supplied by cooling water,  supplemented with air and 

refrigerant (Freon 12) when required. Instead of a continuous fresh water supply, 

both processes make use of cooling towers, allowing for the recycling of cooling 

water.  

 

From Table 6.7, it is observed that the pressure-swing distillation process in which 

triethyamine is replaced by n-butylimidazole as reactive amine allows for a significant 

reduction in overall heating requirement in the form of HP steam from 270 MW to 

186 MW, corresponding to a 31% decrease. Particularly, while the cold gas 

efficiencies are comparable at 90.7% versus 86.6%, explained by the comparable 

hydrogen consumptions, formic acid productivities and final formic acid purities ( < 1 

ppm amine) between the processes, a significant increase (37.4% increase) of the 

overall energy efficiency is observed for the pressure-swing distillation design. This 

increase of the overall energy efficiency in both the case of HP steam heating or 

electrical heating (2.08% versus 3.47%, 1.23% versus 2.11%) is mostly due to the 

decreased reboiler duties within the separation section of the proposed processes.  

  Unit  Amine-
exchange 
process 

Pressure-swing 
distillation 
process 

Feedstock     
H2  kg/hr 190.8 199.88 
CO2  kg/hr 5500.8 4363.68 
Thermal input (Wfeed)  MW 6.36 6.66 
Products      
Formic acid   kg/hr 3844.8 4496.35 
Thermal output 
(Wchem) 

 MW 5.76 6.74 
 

Cold Gas Efficiency 
(CGE) 

 % 90.7 86.6 

Electricity   MW 0.81 0.87 
Compressors   MW 0.60  
Pumps   MW 0.21  
Electrical energy input 
(𝑾𝑾𝒆𝒆𝒆𝒆
𝜼𝜼𝒆𝒆𝒆𝒆

) 
 MW 1.38 1.49 

Heating        
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HP steam flow   MW 269.91 185.74 
Natural gas energy 
input (𝑾𝑾𝑵𝑵𝑵𝑵

𝜼𝜼𝑵𝑵𝑵𝑵
) 

 MW 347.88 239.98 

Natural gas feedstock  kg/hr 22524.6 15538.3 
Electric heating 
energy input (𝑾𝑾𝒆𝒆𝒆𝒆

𝜼𝜼𝒆𝒆𝒆𝒆
) 

 MW 462.17 318.05 

Overall energy 
efficiency (𝛈𝛈𝒕𝒕𝒕𝒕𝒕𝒕 ,𝑵𝑵𝑵𝑵) 
 

 % 2.08 3.47 

Overall energy 
efficiency (𝛈𝛈𝒕𝒕𝒕𝒕𝒕𝒕 ,𝒆𝒆𝒆𝒆𝒆𝒆𝒆𝒆) 

 % 1.23 2.11 

     
Table 6.7: Technical comparison in case of fossil-fuel derived steam production  of the amine-exchange 
process based on triethylamine as reactive base, and the pressure-swing distillation process using n-
butylimidazole as reactive base.  

While the overall energy efficiency significantly increases when using n-

butylimidazole instead of triethylamine, due to preventing the necessity of the energy 

intensive amine exchange reaction, the overall heating requirement remains very 

large and thus the plant efficiency low, as only ~3.5% of the input energy is stored 

within the chemical bonds of formic acid. The steam requirement for the proposed 

processes is 269.9 and 185.7 MJ/kg FA, for the amine-exchange process and the 

pressure-swing process, respectively. Comparing the steam requirement per kg of 

produced formic acid (MJ/kg FA) to the conventional carbon monoxide based 

process, the proposed processes are up to ~17 times more energy intensive in terms 

of steam consumption, as the conventional process only requires 19.25 MJ/kg FA  

[14].   

 

Within the application of formic acid as hydrogen carrier, the energy efficiency will 

most likely be even lower due to the energy required to produce the hydrogen, obtain 

and purify the CO2 feedstock and the energy required to liberate either hydrogen or 

electricity from the produced formic acid, which was deemed outside the scope of 

this work. Such low energy utilization is most likely not acceptable in future 

applications due to the scarcity and high prices of renewable energy [67][68].  

 

To evaluate the carbon footprint of the proposed processes, a gate-to-gate analysis 

on the CO2 emissions was performed. Here, no direct CO2 emissions for the 
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processes are considered, as no CO2 is present in any of the purge or residual 

streams. To determine the indirect CO2 emissions, natural gas-based electricity and 

natural gas-based HP steam are considered. The CO2 emissions from energy 

consumption are taken to be 0.47 tCO2/(MWh) [68] for electricity and 0.317 

tCO2/(MWh) for heat in the form of HP steam [69]. An overview of CO2 emissions is 

given in Table 6.8.  

 Amine-exchange 
process 

Pressure-swing 
distillation process 

CO2 emissions electricity  
[tCO2/year] 

5188.8 5601.4 

CO2 emissions heat (NG) 
[tCO2/year] 

882233.5 471036.6 

CO2 emissions [tCO2/tFA] 25.4 11.9 
CO2 net emissions [tCO2/year] 840433.5 438438.0 

Table 6.8: Gate-to-gate analysis of the carbon footprint in case of fossil fuel derived heat of the 
proposed processes.  

Due to the very significant energy consumption associated with the large HP steam 

consumption of the processes, the proposed processes do not result in net negative 

CO2 emissions. The CO2 emissions of the processes are found to be 25.4 tCO2/tFA 

(amine-exchange) and 11.9 tCO2/tFA (pressure-swing), while the current fossil fuel 

based process only results in the emission of 2.18 tCO2/tFA [14]. An overview of the 

yearly CO2 emissions in case of renewably sourced electrical heating is given in 

Table 6.9.  

 Amine-exchange 
process 

Pressure-swing 
distillation process 

CO2 emissions electricity  
[tCO2/year] 

5188.8 5601.4 

CO2 emissions heat 
(elec)[tCO2/year] 

52487.7 36120.3 

CO2 emissions [tCO2/tFA] 1.65 1.04 
CO2 net emissions [tCO2/year] 57638.4 41638.6 

Table 6.9: Gate-to-gate analysis of the carbon footprint in case of electrical heating of the proposed 
processes.  

When renewable electrical energy is used instead of fossil fuel derived heat, the CO2 

emissions per ton of produced formic acid are significantly decreased from 25.4 to 

1.65 and 11.9 to 1.04 for the amine-exchange and pressure-swing distillation 

process respectively, and becomes lower than the emissions of the current methyl 

formate process. However, the CO2 emissions remain larger than the CO2 
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consumption, resulting in a non-negative net CO2 emissions. Therefore, the currently 

proposed formic acid production processes cannot result in net negative emissions. 

However, the current comparison only concerns the formic acid production, and does 

not take into account the production of the feedstock. Indeed, within the proposed 

process, green H2 and CO2 obtained from CCU can directly be utilized, opening 

perspectives towards much lower CO2 emissions compared to the current pathway 

which utilizes CO. Therefore, we open the door towards a negative emissions 

balance, as reported in the literature [14]. 

 

6.5. Economic comparison  

An overview of the economic comparison between the amine-exchange and 

pressure-swing processes is given in Table 10 and Figure 7, for an annual 

productivity of 35 kton/year. The cost evaluation is based on the Lang Factor 

approach, as described in Section 2.4. Both proposed configurations have roughly 

the same purchase equipment cost (PEC) (i.e. 42.3 M€ vs 38.22 M€). While in the 

amine-exchange process the PEC is dominated by the heat-exchanger network 

(55.65%) and the distillation towers (31.7%) in line with the substantial HP steam 

consumption, the PEC of the pressure-swing process is mostly dominated by the 

reactor costs (62.38%). Previous work has shown n-butylimidazole to be less 

reactive than triethylamine [42], explaining the quadrupling of the reactor size and 

thus cost observed.   

 

Cost component  Unit  Amine-exchange 
process 

Pressure-swing 
process 

Initial capital 
investment  

   

PEC M€ 42.347 38.22 
Compressors  % 1.81 4.59 
Pumps  % 1.41 0.85 
Distillation towers % 31.69 3.53 
Flash columns  % 1.10 0.29 
Heat exchanger  % 55.65 28.35 
Reactors % 8.31 62.38 
CAPEX M€ 321.414 290.130 
Operating costs    
Total variable M€ / year  301.779 741.62 
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costs  
Feedstock (H2) % 3.03 1.29 
Feedstock (CO2) % 0.48 0.19 
Feedstock (NEt3) % 0.418 - 
Feedstock (NHex3) % 0.06 - 
Feedstock (nBIM) % - 0.10 
Feedstock (1-
decanol) 

% 2.92 - 

Catalyst  % 61.48 89.08 
Utilities  % 31.60 9.33 
Fixed OPEX M€ / year 6.73 6.17 
OPEX M€ / year  308.51 747.79 
ACAPEX M€ / year  32.74 29.55 
TAC M€ / year  341.25 777.34 
MFSP € / ton FA  10821.47 18913.15 

Table 6.10: Overview of the economic analysis for both proposed processes  

Previous experimental work highlighted the promising FA productivity of the high-

boiling nBIM [42]. The lower reactivity of n-butylimidazole is explained by its lower 

enthalpy of protonation with formic acid [24][30], as the reaction is enthalpy driven 

[37]. While the lower protonation enthalpy of n-butylimidazole compared to 

triethylamine is a downside in reactive conditions, it is majorly beneficial within the 

separation train as less energy has to be supplied by the reboilers of the distillation 

towers to break the formic acid tertiary amine bond. The implication of the selection 

of n-butylimidazole as reactive base is also visible within the total OPEX and the cost 

distribution of the OPEX. 

 

The amine-exchange process has a total OPEX of 308.51 M€/year, while the OPEX 

of the n-butylimidazole based pressure-swing distillation process is 747.79 M€/year, 

i.e. more than twice the cost. The main cost contributors to the OPEX expenses in 

the amine-exchange case are observed to be the annualized catalyst cost (i.e. 

61.5%) and the utilities (i.e. 31.6%). Of the utilities, the majority (i.e. 97.8%) 

corresponds to the HP stream consumption of the reboilers. For the pressure-swing 

process, the main cost contributor (i.e. 89.08%) is the cost of the large amount 

catalyst required. It is worth noticing that even though, the combination of lower 

reactivity and lower protonation enthalpy of n-butylimidazole resulted in the expected 

decrease in total utility cost caused by a decrease in HP steam consumption (due to 

requiring less energy to break the FA-amine bond), it does not counteract the 
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detrimental effect of the significant increase in required catalyst mass resulted in a 

the highest  yearly OPEX expenditure.  

 

The formic acid price is heavily driven by the OPEX expenditures for both processes, 

with the OPEX being 90.4% and 96.2% of the total annual expenses (TAC) for the 

amine-exchange and pressure-swing process, respectively. Accounting for the 

salvage value of the gold-based catalysts after the operational life time of the plants, 

the minimum formic acid selling price is calculated to be €10821.47 and €18913.15 

per ton of formic acid for the amine-exchange and pressure-swing process, 

respectively.  

 

Currently, the formic acid price is 881.36 € per ton [43]. This analysis is based on 

the strong assumption that the catalyst does not deactivate within the 20 year 

operational lifetime. If the catalyst has to be replaced within the operational lifetime, 

the formic acid prices are expected to increase significantly due to the large amounts 

of catalyst required for the 35 kton/year FA production. If this is not taken into 

account, the obtained formic acid prices are up to 12.3 and 21.4 times the current 

market value.  However, this is the market price corresponding to technical grade 

formic acid (85%). Within this work, the formic acid purity is much higher (<1 ppm 

impurities), fitting with fuel cell applications envisioned for formic acid. Therefore, 

prices are not directly comparable due to purity differences.  

 

Figure 6.7: left) Distributed PEC. right) Distributed OPEX for both proposed processes  
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6.6 Sensitivity analysis and forecasting 

The economic analysis presented in Section 6.5 revealed that the proposed direct 

CO2 hydrogenation pathways for formic acid production are not yet competitive with 

the current benchmark process (i.e methyl formate hydrolysis), based on the current 

market conditions.  

 

From Table 6.10 it readily becomes evident that the formic acid production pathways 

proposed are OPEX intensive processes, with the ACAPEX only accounting for 9.6% 

and 3.8% of the TAC for the amine-exchange and pressure-swing process, 

respectively. Thus, the MFSP is mainly influenced by the OPEX costs, with small 

contributions from the CAPEX.    

 

 

 

Figure 6.8 shows that the price of the catalyst is the largest contributor to the MFSP 

for both processes, followed by the price of steam. Furthermore, the cost of the other 

OPEX cost drivers such as the chemical feedstock and electricity only show minor 

effects on the MFSP. The results of this analysis reveal that the MFSP can be 

significantly reduced upon the reduction of the total catalyst price, or the utilization 

of a more active catalyst, as this would result in a decrease in the required catalyst 

volume. Thus, a forecasting analysis was carried out to estimate the required 

increase in catalyst activity to allow the proposed processes to become economically 

competitive to the current methyl formate hydrolysis process. The result of this 

forecasting analysis is presented in Figure 6.9.  

 

Figure 6.8: Effect of a variation of ± 30% in the price of the main OPEX cost contributions on the MFSP. 
Left) Amine-exchange process. Right) Pressure-swing process. 
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Figure 6.9 reveals a significant decrease of the MFSP as a function of catalyst 

activity, however, at a catalyst activity factor of 100 the catalyst price no longer has 

a significant impact on the MFSP and the price becomes dominated by steam 

consumption. However, at this catalyst activity increase, the steam consumption 

corresponds to 75.9% and 71.1% of the OPEX cost for the amine-exchange and 

pressure-swing process, respectively. For both processes, it was observed from 

Figure 6.9 that a catalyst activity increase of a factor 10 is sufficient to decrease the 

contribution of the catalyst cost from 60.1 to 13.1% and 88.06 to 42.45%, for the 

amine-exchange and pressure-swing process, respectively.  

 

While significant cost reductions can be achieved for both proposed processes if 

more active catalyst formulations are designed and developed while maintaining the 

current extraordinary selectivity of supported gold nanoparticles, the proposed 

processes remain economically uncompetitive compared to the current methyl 

formate hydrolysis process due to the significant energy requirement of formic acid 

purification. Further optimization of the utilized amine is thus required to decrease 

the required energy consumption. 

 

6.7 Conclusions 

Within this work, two routes for the direct hydrogenation of CO2 to formic acid at non-

supercritical pressures were designed and compared at a techno-economic level. 

The formic acid productivity was set to 35 kton/year, with the formic acid produced 

at fuel cell purity (<1 ppm impurities).  

Figure 6.9: Forecasting the cost of formic acid based on an improvement in catalyst activity. Left) 
Amine-exchange process. Right) Pressure-swing process. 
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The first route represents the conventional CO2 hydrogenation route based on the 

state-of-the-art literature to perform the azeotropic separation between formic acid 

and the low boiling tertiary amine used to shift the equilibrium towards formic acid in 

the reactor. Here, the low boiling amine (triethylamine) is replaced by a higher boiling 

amine using reactive distillation, followed by thermal splitting. The second route 

presents a methodology to circumvent the amine-exchange through the usage of a 

higher boiling amine (n-butylimidazole) within the reactor, followed by vacuum 

pressure-swing distillation. The overall energy efficiency significantly increased (i.e. 

2.08% to 3.47%) when n-butylimidazole was used as the reactive amine due to a 

decrease in heating requirement in the distillation train (i.e. 347 MW vs 240 MW).   

 

The environmental analysis revealed no net carbon emission reduction if fossil-

based or renewable sources are used for steam and electricity production. From an 

economic perspective, the determined minimum selling price of formic acid was 

found to be heavily dominated by the OPEX, i.e. 90.4 and 96.2% of the total annual 

expenses (TAC) for the amine-exchange and pressure-swing process, respectively. 

The majority of these costs arises from the large energy consumption of both 

processes,  as well as the very significant amounts of catalysts required (i.e. 2.7 and 

8.5 kton). The minimum formic acid selling price was calculated to be €10821.47 and 

€18913.15 per ton of formic acid for the amine-exchange and pressure-swing 

process, respectively. These FA prices are up to 12.3 and 21.4 times the current 

market value. However, the current comparison only concerns the formic acid 

production, and does not take into account the production of the feedstock. Indeed, 

within the proposed process, green H2 and CO2 obtained from CCU can directly be 

utilized, opening perspectives towards much lower CO2 emissions compared to the 

current pathway which utilizes CO. 

 

While significant cost reductions can be achieved for both proposed processes if 

substantially more active and stable catalyst formulations are designed and 

developed while maintaining the current extraordinary selectivity of supported gold 

nanoparticles, the proposed processes remain economically uncompetitive 
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compared to the current methyl formate hydrolysis process due to the significant 

energy requirement of formic acid purification under the current market conditions.  
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Appendix E 

E.1 Stream table amine-exchange process 
Stream 

Name 
Unit
s 

1 2 3 9 11+13 

Temperature C 21 21 40 40 152,685712
3 

Pressure bar 1 30 50,0000058
3 

50,0000007
6 

1 

Molar 
Enthalpy 

cal/m
ol 

-
94023,7313
5 

-
27,4793010
2 

-
93853,4514 

103,259522 -
77438,3786
3 

Mass Flows kg/hr 5501,225 191,5086 5501,225 191,5086 50806,5137
7 

DECANOL 
 

0 0 0 0 0,75081835
9 

NET3 
 

0 0 0 0 0,22506322
7 

NHEX3 
 

0 0 0 0 0,00531158 

H2 
 

0 1 0 1 0 

CO2 
 

1 0 1 0 0 

FOR-ACID 
 

0 0 0 0 0,00481641 

ADDNET3 
 

0 0 0 0 0,01398123
8 

ADDNHEX3 
 

0 0 0 0 9,18693E-
06 

H2O 
 

0 0 0 0 0 

CO 
 

0 0 0 0 0 

 
 
Stream Name Units 12+14 16 17 18 

Temperature C 40 40 40 38,33661693 

Pressure bar 50 50 50 1 

Molar Enthalpy cal/mol -87655,67936 -111025,5469 -93778,34611 -112624,7908 

Mass Flows kg/hr 50806,51377 55543,43758 1320,342381 54223,0952 

DECANOL 
 

0,750818359 0,686786143 0 0,703509513 

NET3 
 

0,225063227 0,032793309 0 0,033591832 

NHEX3 
 

0,00531158 0,004852318 0 0,004970472 

H2 
 

0 8,7105E-07 3,66429E-05 0 

CO2 
 

0 0,023770477 0,999963357 0 

FOR-ACID 
 

0,00481641 0 0 0 

ADDNET3 
 

0,013981238 0,251796882 0 0,257928183 

ADDNHEX3 
 

9,18693E-06 0 0 0 

H2O 
 

0 0 0 0 
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CO 
 

0 0 0 0 

 
 
Stream Name Units 20 21 22 23 

Temperature C 228,8992771 116,5265739 116,5036593 70 

Pressure bar 1 1 0,11 0,11 

Molar Enthalpy cal/mol -92201,37458 -105713,6546 -105715,4193 -94798,13008 

Mass Flows kg/hr 36583,16349 17639,93171 17639,93171 22714,5262 

DECANOL 
 

0,973680798 0,14320574 0,14320574 0,111944879 

NET3 
 

2,25084E-14 0,103257379 0,103257379 0,093214695 

NHEX3 
 

0,00736717 4,23255E-13 4,23255E-13 0,000100092 

H2 
 

0 0 0 0 

CO2 
 

0 0 0 0 

FOR-ACID 
 

0 0 0 0,204692407 

ADDNET3 
 

0,018952032 0,753536881 0,753536881 0,589660714 

ADDNHEX3 
 

0 0 0 0,000387213 

H2O 
 

0 0 0 0 

CO 
 

0 0 0 0 

 
Stream Name Units 64 25 26 27 

Temperature C 29,00375856 31,0429745 59 39,9001319 

Pressure bar 0,11 0,11 0,11 0,11 

Molar Enthalpy cal/mol -31041,92887 -34083,84599 -99002,40902 -93661,86432 

Mass Flows kg/hr 10932,70034 11199,77864 677180,772 5341,672787 

DECANOL 
 

3,00862E-08 7,82032E-05 0,002603319 0,003278176 

NET3 
 

0,998911297 0,976480897 0 0,058305054 

NHEX3 
 

2,0927E-05 3,11119E-05 0,994986904 0,000448025 

H2 
 

0 0 0 0 

CO2 
 

0 0 0 0 

FOR-ACID 
 

8,95213E-09 0,021849093 0,002409776 0,916229081 

ADDNET3 
 

0,001067385 0,00151902 0 0,020006452 

ADDNHEX3 
 

3,52394E-07 4,16755E-05 2,63428E-10 0,001733213 

H2O 
 

0 0 0 0 

CO 
 

0 0 0 0 

 
 
 
 



Chapter 6 
 

233 
 

 
Stream Name Units 29 30 31 32 

Temperature C 39,9001319 213,9317388 130 40,88464364 

Pressure bar 0,11 0,11 0,11 0,11 

Molar Enthalpy cal/mol -93661,86432 -75592,80119 -
89115,13893 

-98384,02016 

Mass Flows kg/hr 5074,594489 1495504,124 1495504,124 8869,794244 

DECANOL 
 

0,003278176 0,004020713 0,004020713 0,301323713 

NET3 
 

0,058305054 1,93013E-11 1,93013E-11 3,25432E-09 

NHEX3 
 

0,000448025 0,991188964 0,991188964 0,235626853 

H2 
 

0 0 0 0 

CO2 
 

0 0 0 0 

FOR-ACID 
 

0,916229081 0,0047902 0,0047902 0,463028631 

ADDNET3 
 

0,020006452 6,69164E-17 6,69164E-17 0 

ADDNHEX3 
 

0,001733213 1,23513E-07 1,23513E-07 2,07987E-05 

H2O 
 

0 0 0 0 

CO 
 

0 0 0 0 

 
 

Stream Name Units 34 35 36 

Temperature C 214,8122774 39,31011458 119,480604 

Pressure bar 0,11 0,11 0,11 

Molar Enthalpy cal/mol -74986,67747 -95125,29805 -99759,43633 

Mass Flows kg/hr 1486632,843 3852,181141 5017,613103 

DECANOL 
 

0,002246896 8,75959E-16 0,53265951 

NET3 
 

5,19407E-23 3,80229E-09 2,83363E-09 

NHEX3 
 

0,995696919 3,29493E-15 0,416525082 

H2 
 

0 0 0 

CO2 
 

0 0 0 

FOR-ACID 
 

0,002056185 0,999999995 0,050778639 

ADDNET3 
 

0 0 0 

ADDNHEX3 
 

1,56976E-10 1,22879E-09 3,67656E-05 

H2O 
 

0 0 0 

CO 
 

0 0 0 
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E.2 Stream table pressure-swing distillation process 
Stre
am 

Temper
ature 

Pressur
e 

Molar 
Enthalpy 

Mass 
Flows 

H2 CO2 FA N-BIM 
 

C (bar) (cal/mol) (kg/hr) 
    

1 20 1 -
94044,10
955 

4363,68
4754 

0 1 0 0 

2 20 30 -
25,27173
534 

199,879
5478 

1 0 0 0 

3 
  

-
20723,03
867 

0 0 0 0 0 

4 70,3726
9109 

1 -
52222,78
319 

33266,2
6284 

0,03480
1813 

0,96519
8187 

0 0 

11 75 40 -
52294,16
942 

33266,2
6284 

0,03480
1813 

0,96519
8187 

0 0 

13 55,5460
3969 

40 224,6607
091 

199,879
5478 

1 0 0 0 

14 73,1908
2726 

40 -
48582,65
669 

33466,1
4238 

0,04056
6546 

0,95943
3454 

0 0 

16 75 0,13332
2368 

-
16050,09
403 

517595,
3896 

0 0 0 1 

17 75,5066
7509 

40 -
15909,16
018 

517595,
3896 

0 0 0 1 

18 76,7241
3565 

40 -
24137,91
622 

551061,
5321 

0,00246
3619 

0,05826
6699 

0 0,93926
9681 

19 75 40 -
24441,25
76 

551061,
5321 

0,00210
0902 

0,05034
8011 

0,00828
1406 

0,93926
9681 

20 75 1 -
48780,76
683 

28902,5
7808 

0,04005
6158 

0,95994
3842 

0 0 

21 75 1 -
17274,99
917 

522158,
9541 

0 0 0,00873
9799 

0,99126
0201 

22 74,9933
5692 

0,15998
6842 

-
17277,61
677 

522158,
9541 

0 0 0,00873
9799 

0,99126
0201 

50 131,248
0357 

0,15998
6842 

-
21604,74
501 

1272328
,521 

0 0 0,06965
1867 

0,93034
8133 

23 176 0,15998
6842 

-
17481,42
591 

1272328
,521 

0 0 0,06965
1867 

0,93034
8133 

24 167,261 0,15998
6842 

-
8385,283
653 

517595,
3896 

0 0 0 1 

31 75 0,13332
2368 

-
16050,09
403 

517595,
3896 

0 0 0 1 

25 201,617 0,15998 - 754733, 0 0 0,11741 0,88258
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02 6842 23291,25
223 

1313 9062 0938 

26 180 0,15998
6842 

-
25130,26
799 

754733,
1313 

0 0 0,11741
9062 

0,88258
0938 

27 179,999
6738 

0,13332
2368 

-
25130,33
895 

754733,
1313 

0 0 0,11741
9062 

0,88258
0938 

30 180,75 0,13332
2368 

-
24186,04
117 

750236,
7851 

0 0 0,11212
9546 

0,88787
0454 

28 43,763 0,13332
2368 

-
101533,6
062 

4496,34
6136 

0 0 1 0 

29 20 0,13332
2368 

-
101797,3
664 

4496,34
6136 

0 0 1 0 

30 20,0257
8817 

1 -
101796,5
455 

4496,34
6136 

0 0 1 0 

31 180,75 0,15998
6842 

-
24185,96
164 

750236,
7851 

0 0 0,11212
9546 

0,88787
0454 

 
 
 
E.3 Economic analysis 
The fixed OPEX costs are dependent on the labor requirement of the plant. This was 

calculated based on the number of operators required on site and the average yearly 

salary. The country of choice is The Netherlands where the average yearly salary is 

60.000 euro/year, based on 8 hour shifts [1]. The labor requirement can be 

calculated according to: 

 

𝑁𝑁𝑇𝑇𝐿𝐿  =  (6.29 +  31.7 𝐶𝐶2  +    0.23𝑁𝑁)0.5                                                                              𝐶𝐶. 1 

 

where 𝑁𝑁 is the number of non-particulate processing steps such as compression, 

heating/cooling, mixing and reaction. Based on the assumptions stated in Table 6.4, 

we should consider 15 operators for the amine-exchange process and 14 operators 

for the pressure-swing distillation process.  

 

The annualized CAPEX (ACAPEX) is determined under the assumption of constant 

yearly OPEX costs by multiplying the total CAPEX (based on the Lang factor 

methodology) with an annualization factor:  
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𝐴𝐴𝐶𝐶𝐴𝐴𝐶𝐶𝐶𝐶𝐴𝐴 = 𝐶𝐶𝐴𝐴𝐶𝐶𝐶𝐶𝐴𝐴 ∙
𝑟𝑟(1 + 𝑟𝑟)𝐿𝐿𝑡𝑡

(1 + 𝑟𝑟)𝐿𝐿𝑡𝑡 − 1
                                                                                      𝐶𝐶. 2 

 

where 𝑟𝑟 is the fractional interest rate, also called the weighted average cost of capital 

(WACC) and 𝐿𝐿𝑣𝑣 is the lifetime of the plant, assumed to be 20 years.  The WACC is 

calculated by:  

 

𝑊𝑊𝐴𝐴𝐶𝐶𝐶𝐶 = 𝐷𝐷𝑅𝑅 ∙ 𝑖𝑖𝑎𝑎 + (1 − 𝐷𝐷𝑅𝑅) ∙ 𝑖𝑖𝑣𝑣                                                                                             𝐶𝐶. 3 

 

where 𝐷𝐷𝑅𝑅 is the debt ratio, 𝑖𝑖𝑎𝑎 is the interest rate and 𝑖𝑖𝑣𝑣is the cost of equity, an 

overview of these values is given in Table 6.4. To determine the minimum formic 

acid selling price (MFSP), an discounted cash flow (DCF) analysis was performed. 

The annual cash flow ACF is defined as the profit of each year i.e. the difference 

between yearly production sales and the TAC (total annual cost). To account for the 

cost of capital, the net present value (NPV) is defined the sum of the cash flow of 

each year n, depending on the fractional interest rate i which is equal to the WACC. 

 

𝑁𝑁𝐶𝐶𝑉𝑉  =   �
𝐴𝐴𝐶𝐶𝐹𝐹,𝑛𝑛

(1 +  𝑖𝑖 )𝑛𝑛  
                                                                                                         𝐶𝐶. 4

𝐿𝐿𝑡𝑡

𝑛𝑛 =1

 

 

where the 𝐴𝐴𝐶𝐶𝐹𝐹,𝑛𝑛 is dependent on the gross profit 𝐶𝐶𝑛𝑛, tax rate 𝑖𝑖, depreciation 𝐷𝐷𝑛𝑛, 

construction costs 𝐶𝐶𝐶𝐶 and construction period 𝐶𝐶𝐶𝐶: 

𝐴𝐴𝐶𝐶𝐹𝐹,𝑛𝑛  =  𝐶𝐶𝑛𝑛(1 −  𝑖𝑖)  + 𝐷𝐷𝑛𝑛𝑖𝑖 −  
𝐶𝐶𝐶𝐶
𝐶𝐶𝐶𝐶

                                                                                    𝐶𝐶. 5  

 

To determine the MFSP, the NPV was set to 0, and the interest rate equal to the 

discount rate. 

 

E.4 Reactor modelling amine-exchange case  
Within industrial scale reactors, mass and/or heat transfer limitations can often 

occur, resulting in lower conversions than predicted by kinetic systems. In a regular 

fixed bed reactor, these mass and/or heat transfer limitations can occur at several 
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length scales: within the catalyst particle (intra-particle mass/heat transfer 

limitations) and between the catalyst particle and the build fluid (external mass/heat 

transfer limitations). Within this work, these different length scales were studied for 

the packed bed reactor.  

 

At all length scales, the following assumptions were taken: 

1. Steady state conditions 

2. 1D ideal plug flow: axial and radial heat and mass dispersion are neglected  

3. No pressure drop is considered, which entails a constant interstitial velocity 

in the axial direction both gas and liquid. 

4. The CO2 and H2 concentration at the start of the column in the liquid phase 

is equal to saturation conditions  

5. No phase separation between reactants and products at any length scale 

6. The catalyst particle can be a flat plate, cylindrical or spherical  

7. Film theory is assumed to be valid  

8. The catalyst remains stationary during operation 

9. The liquid enters the column at saturation conditions 

10. The catalyst is fully wetted 

 

Particle scale 

First, the governing equations and boundary conditions of the rigorous particle model 

are discussed. The particle model is used to evaluate the extent to which internal 

mass and/or heat transfer limitations play a role, allowing to design appropriate 

catalyst particles.  

 

The particle model consists out of mass and energy balances. Convection was 

considered to be negligible at this scale. The steady state balance for any component 

I  for any catalyst geometry is known to be: 

 

0 =  
1
𝑟𝑟𝑣𝑣

 
𝜕𝜕
𝜕𝜕𝑟𝑟

 �𝑟𝑟𝑣𝑣 𝐷𝐷𝑎𝑎,𝑣𝑣𝑓𝑓𝑓𝑓
𝜕𝜕𝑖𝑖𝑎𝑎
𝜕𝜕𝑟𝑟
� −  𝑅𝑅𝑎𝑎                                                                                            𝐶𝐶. 6 

 

Here, r is the characteristic length of the catalyst particle, v the geometry factor ( 0 = 
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flat plate, 1 = cylindrical, 2 = spherical), Di,eff the effective diffusivity of component i, 

ci the molar concentration of component i and Ri the reaction rate of component I in 

terms of catalyst volume.  

 

The coordinate system was chosen such that the particle center is the origin. At the 

center a finite concentration is enforced, also known as the symmetry boundary 

condition, in the form of a Neumann boundary condition: 

 
𝜕𝜕𝑖𝑖
𝜕𝜕𝑟𝑟
�
𝑣𝑣=0

= 0                                                                                                                                    𝐶𝐶. 7 

 

At the outer edge of the particle, where r = Rparticle,, the concentration is equal to the 

fluid bulk concentration (Dirichlet boundary condition):  

 
𝜕𝜕𝑖𝑖
𝜕𝜕𝑟𝑟
�
𝑣𝑣=𝑅𝑅

= 𝑖𝑖𝐴𝐴                                                                                                                                 𝐶𝐶. 8 

 

 

As the formation of formic acid from CO2 is known to be exothermic, heat is 

generated by the reaction within the catalyst particle. The heat within the catalyst 

particle was assumed to only be governed by thermal conductivity, resulting in the 

following balance: 

 

0 =  
1
𝑟𝑟𝑣𝑣

 
𝜕𝜕
𝜕𝜕𝑟𝑟

 �𝑟𝑟𝑣𝑣 𝜆𝜆𝑣𝑣𝑓𝑓𝑓𝑓
𝜕𝜕𝑇𝑇
𝜕𝜕𝑟𝑟
� + �∆𝐻𝐻 ∙  𝑅𝑅𝑎𝑎                                                                               𝐶𝐶. 9 

 

Here, the same definition are used as presented previously, with λeff the effective 

thermal conductivity and ΔH the reaction enthalpy. The reaction rate is a function of 

temperature following the Arrhenius approach. The boundary conditions employed 

are equal to those used within the mass balances. The particle model was subject 

to extensive verification based on irreversible first order reactions using a derived 

analytical expression, assuming a constant diffusivity. Two separate cases were 

studied, isothermal (flat plate geometry and spherical geometry) and non-isothermal. 
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The results of the isothermal case can be found in  Figure E.1. 

Figure E.1: a) The concentration profile of verification compound A as a function of particle radius [m] 
obtained numerically and analytically for a flat plate geometry using an irreversible first order reaction 
under isothermal conditions, using 100 equidistant grid cells. b) The concentration profile as a function of 
particle radius obtained numerically and analytically for a spherical geometry using an irreversible first 
order reaction under isothermal conditions, using 100 equidistant grid cells. 

The error between the analytical and numerical profiles was defined as follows: 

 

∈ = max��
𝑖𝑖𝑛𝑛𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑣𝑎𝑎𝑎𝑎𝑎𝑎𝑙𝑙 −  𝑖𝑖𝑎𝑎𝑛𝑛𝑎𝑎𝑙𝑙𝑎𝑎𝑣𝑣𝑎𝑎𝑎𝑎𝑎𝑎𝑙𝑙

𝑖𝑖𝑎𝑎𝑛𝑛𝑎𝑎𝑙𝑙𝑎𝑎𝑣𝑣𝑎𝑎𝑎𝑎𝑎𝑎𝑙𝑙
��                                                                                 𝐶𝐶. 10 

 

The maximum error was found to be < 1e-3 for both geometries when using 100 grid 

cells, indicating a high model accuracy and correct equation implementation for the 

isothermal case. To evaluate the non-isothermal case, representing the coupling of 

the mass and concentration balance using an Arrhenius law, the Weizs-Hicks 

solution is used. Within this approach, the coupled ODEs were transformed to a 

single ODE, which is solved using MATLAB’s ode15s solver. The result is depicted 

in Figure E.2. In order to solve the Weisz-Hicks case two parameters are required: 

the Arrhenius number (β) and the Prater number (γ): 

 

𝛽𝛽 =  
𝑖𝑖𝐴𝐴 ∆𝐻𝐻 𝐷𝐷𝑣𝑣𝑓𝑓𝑓𝑓
𝜆𝜆𝑣𝑣𝑓𝑓𝑓𝑓 𝑇𝑇𝐴𝐴

                                                                                                                       𝐶𝐶. 11 

 

𝛾𝛾 =  
𝐶𝐶𝑎𝑎𝑎𝑎𝑣𝑣
𝑅𝑅 𝑇𝑇𝐴𝐴

                                                                                                                                    𝐶𝐶. 12 

 

The latter represents the dimensionless heat of the reaction and the Arrhenius 
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number expresses the sensitivity of the rate to temperature. These two 

dimensionless parameters are central to the Weisz and Hicks solution, allowing to 

describe the multiple steady states often found in mass and heat balances with 

Arrhenius coupling.  

 

 

 

 

 

 

 

 

 

 
Figure E.2: Comparison between Weisz & Hicks curves and numerically obtained model results for a 
model of 10, based on a spherical particle geometry. 

In Figure E.2, the multiple steady state curves of Weisz and Hicks (1995) and the 

numerical model results are shown for an Arrhenius number of 10, again using 100 

grid cells. The error was again observed to be below 1e-3, therefore confirming model 

accuracy and implementation.  

 

The kinetic parameters of the CO2 hydrogenation towards formic acid are described 

using a power law, with the temperature dependency implemented using an 

Arrhenius law. The rate constants are based on the work of Hensen et al. for a 

commonly employed gold catalyst (Au/Al2O3), within this work triethylamine (NEt3) is 

used as the trialkylamine extraction base. The produced formic acid is assumed to 

immediately bind to the available triethylamine, forming an adduct. Because of this 

very fast step, the total process is described using a single rate expression. In short 

the reaction can be summarized by: 

 

𝐶𝐶𝑂𝑂2 + 𝐻𝐻2 + 𝑁𝑁𝐶𝐶𝑖𝑖3  ⇄ ( FA ∙ 𝑁𝑁𝐶𝐶𝑖𝑖3)                                                                                    𝐶𝐶. 13 
 
Here, the forward rate is given by: 



Chapter 6 
 

241 
 

 
𝑅𝑅𝐹𝐹 =  𝑘𝑘𝐹𝐹 [𝐶𝐶𝑂𝑂2]  [𝐻𝐻2]0.5 [𝑁𝑁𝐶𝐶𝑖𝑖3]                                                                                             𝐶𝐶. 14 
 
While the reverse reaction is given by: 
 
𝑅𝑅𝑅𝑅 =  𝑘𝑘𝑅𝑅  [𝑖𝑖 ∙  𝜕𝜕𝐴𝐴 ∙  𝑁𝑁𝐶𝐶𝑖𝑖3]                                                                                                    𝐶𝐶. 15 
 
The kinetic constants are described using an Arrhenius law, with the following 
kinetic parameters: 
 
 
Parameter Forward reaction Reverse reaction  
Eact [J/mol] 5000 74000 
A0 [1/s] 0.0052 4.74e8  
ΔH [kJ/mol] -60.0 -167.0 

Table 2 : Kinetic parameters of the catalytic hydrogenation of CO2 to FA, based on the work of Filonenko 
et al. [2] 

The reaction enthalpy of the forward reaction was experimentally determined, while 

the reaction enthalpy of the backward reaction was estimated based on formation 

enthalpies taken from NIST.  

 

Particle-fluid interphase scale 

Within the previous section Dirichlet boundary condition were used, meaning the 

concentration of any reagent and product at the edge of the catalytical concentration 

is equal to the bulk conditions. However, this assumption is often subject to the type 

of reactor used, as well as of the reaction conditions. For this reason, at the particle-

fluid interphase, this assumption is often not valid. For this reason, the mass and 

heat transfer from the bulk fluid to the catalyst particle is modelled, allowing us to 

study the extent of external mass/heat transport resistance present allowing for an 

additional comparison between different reactor types.  

 

According to film theory, the following relations can be used to describe the flux 

transport (Ji) of mass and heat between the bulk and particle phase, respectively: 

 

𝐽𝐽𝑎𝑎 =  𝑘𝑘𝑣𝑣𝑥𝑥𝑣𝑣 �𝑖𝑖𝑎𝑎,𝑜𝑜 −  𝑖𝑖𝑎𝑎|𝑣𝑣=𝑅𝑅 �                                                                                                       𝐶𝐶. 16 

 

𝐽𝐽𝑎𝑎 = ℎ𝑣𝑣𝑥𝑥𝑣𝑣 (𝑇𝑇𝑜𝑜𝑣𝑣𝑙𝑙𝑘𝑘 −  𝑇𝑇|𝑣𝑣=𝑅𝑅 )                                                                                                     𝐶𝐶. 17 
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Here, kext and hext are the external mass and heat transfer coefficients, both were 

obtained using appropriate correlations of previous works. When applying the above 

equations to a particle model, the above equation can be enforced using the 

boundary conditions of the particle model. Here, the aforementioned Dirichlet 

boundary condition, in which the bulk concentration is imposed, is replaced by a 

Robin boundary condition, in which a flux is imposed. The flux boundary conditions 

for mass and heat are given by: 

 

𝐷𝐷𝑣𝑣𝑓𝑓𝑓𝑓,𝑎𝑎 
𝜕𝜕𝑖𝑖𝑎𝑎
𝜕𝜕𝑟𝑟
�
𝑣𝑣=𝑅𝑅

=   𝑘𝑘𝑣𝑣𝑥𝑥𝑣𝑣 �𝑖𝑖𝑎𝑎,𝑜𝑜 −  𝑖𝑖𝑎𝑎|𝑣𝑣=𝑅𝑅 �                                                                               𝐶𝐶. 18 

 

𝜆𝜆𝑣𝑣𝑓𝑓𝑓𝑓
𝜕𝜕𝑇𝑇
𝜕𝜕𝑟𝑟
�
𝑣𝑣=𝑅𝑅

=   ℎ𝑣𝑣𝑥𝑥𝑣𝑣 (𝑇𝑇𝐴𝐴 −  𝑇𝑇|𝑣𝑣=𝑅𝑅 )                                                                                     𝐶𝐶. 19 

 

The analytical expression used in the previous section was adapted to the boundary 

condition discussed above, resulting in the following analytical expression for 

isothermal irreversible reaction for a spherical and flat plate geometry respectively: 

 
𝑖𝑖
𝑖𝑖𝑜𝑜

=  
sinh(𝜆𝜆𝑎𝑎 𝜑𝜑)

sinh(𝜑𝜑)  ∙  
1
𝜆𝜆𝑎𝑎 

 ∙  𝐶𝐶𝑤𝑤                                                                                                  𝐶𝐶. 20 

 
𝑖𝑖
𝑖𝑖𝑜𝑜

=  
cosh(𝜆𝜆𝑎𝑎 𝜑𝜑)

cosh(𝜑𝜑)   ∙  𝐶𝐶𝑤𝑤                                                                                                           𝐶𝐶. 21 

 

Here, λc is the dimensionless particle coordinate, φ the Thiele modulus and Cw the 

drag coefficient given by: 

 
1
𝐶𝐶𝑤𝑤 

=  
𝜑𝜑 ∙  tanh(𝜑𝜑)

𝐵𝐵𝑖𝑖
+ 1                                                                                                         𝐶𝐶. 22 

 

𝐵𝐵𝑖𝑖 =  
𝑘𝑘𝐿𝐿𝐿𝐿  ∙  𝐿𝐿𝑎𝑎
𝐷𝐷𝑣𝑣𝑓𝑓𝑓𝑓

                                                                                                                          𝐶𝐶. 23 
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Within the above equations, kLS is the external liquid-solid mass transfer coefficient 

and LC the characteristic length of the corresponding geometry. The comparison of 

the obtained analytical and numerical results can be found in Figure E.3, for a flat 

plate and spherical geometry using 100 grid cells. The error was again observed to 

be below 1e-3, therefore confirming model accuracy and implementation.  

 

Fixed bed reactor scale 

Within the previous section the particle was connected to a bulk fluid while 

accounting for external transfer resistances. However, within the bulk fluid there is 

convective flow and in some cases axial dispersion. However, as stated before, axial 

dispersion is neglected by using L/dp ≥ 50 and a D/dp ≥ 25, respectively.  The 

following governing equation was used to design the fixed bed reactor: 

 
𝜕𝜕
𝜕𝜕𝜕𝜕

(𝑝𝑝 𝑖𝑖𝑎𝑎) =  𝑅𝑅𝑎𝑎                                                                                                                           𝐶𝐶. 24 
 
Here, v is the velocity of the phase (gas or liquid) for which the balance is used.  It 

was opted to study a upflow co-current model as these flow configurations are known 

to have higher liquid-solid mass transfer rates and often higher liquid hold-ups 

compared to a downflow configuration. The definition of the reactive term is 

dependent on the rigorous particle model in order to take external mass transfer into 

Figure E3 : a) The concentration profile as a function of particle radius obtained numerically and 
analytically for a flat plate geometry subject to Robin boundary conditions using an irreversible first order 
reaction under isothermal conditions, using 100  equidistant grid cells. b) The concentration profile as a 
function of particle radius obtained numerically and analytically for a spherical geometry subject to Robin 
boundary conditions using an irreversible first order reaction under isothermal conditions, using 100 
equidistant grid cells. 
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account, for a spherical particle the rate expression is given by: 

𝑅𝑅𝑎𝑎 =  𝐷𝐷𝑎𝑎𝑎𝑎𝑣𝑣(1 −  𝜀𝜀𝑜𝑜𝑣𝑣𝑎𝑎) 
6

𝑑𝑑𝑝𝑝𝑎𝑎𝑣𝑣𝑣𝑣 
 �𝐷𝐷𝑣𝑣𝑓𝑓𝑓𝑓,𝑎𝑎  

𝜕𝜕𝑖𝑖𝑎𝑎
𝜕𝜕𝑟𝑟
�
𝑣𝑣=𝑅𝑅

�                                                                 𝐶𝐶. 25 

 
The governing equation for heat is analogous to the governing equation previously 

shown for mass. As is the case for the mass axial dispersion, heat axial dispersion 

is also neglected: 

 

𝜕𝜕
𝜕𝜕𝜕𝜕
�𝑝𝑝 ��𝑖𝑖𝑎𝑎  ∙  𝐶𝐶𝑝𝑝,𝑎𝑎�

𝑎𝑎

 𝑇𝑇� −  �𝛥𝛥𝐻𝐻𝑎𝑎 𝑅𝑅𝑎𝑎                                                                               𝐶𝐶. 26 

 
Here, Cp,i is the heat capacity  of component i. At the reactor inlet (x = 0), it was 

opted to enforce the concentration and temperature (Dirichlet boundary condition). 

 

𝑖𝑖𝑎𝑎|𝑥𝑥=0 =  𝑖𝑖𝑎𝑎,𝑎𝑎𝑛𝑛                                                                                                                            𝐶𝐶. 27 
 
𝑇𝑇|𝑥𝑥=0 =  𝑇𝑇𝑎𝑎,𝑎𝑎𝑛𝑛                                                                                                                            𝐶𝐶. 28 
 

At the reactor outlet (x = L), the gradient in terms of mass and temperature should 

be equal to zero (Neumann boundary condition): 

 
𝜕𝜕𝑖𝑖𝑎𝑎
𝜕𝜕𝜕𝜕
�
𝑧𝑧=𝐿𝐿

= 0                                                                                                                                𝐶𝐶. 29 

 
𝜕𝜕𝑇𝑇
𝜕𝜕𝜕𝜕
�
𝑧𝑧=𝐿𝐿

= 0                                                                                                                                𝐶𝐶. 30 

 

To allow for the derivation of analytical expressions, enabling the verification of the 

packed bed reactor model, two limiting verification cases were studied. Within the 

first case, the gas concentration was assumed to remain constant, while in the 

second case the liquid concentration was assumed constant. Additionally, as was 

done in the previous cases, an isothermal first order irreversible reaction was used, 

allowing for the usage of a Thiele modulus efficiency factor, leading to the following 

governing equation for the catalyst phase: 
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0 =  − 𝜋𝜋 ∙ 𝑘𝑘 ∙  𝑖𝑖𝑜𝑜 + 𝑘𝑘𝑙𝑙𝑜𝑜  ∙  𝑎𝑎𝐿𝐿𝐿𝐿  ∙ (𝑖𝑖𝐿𝐿 − 𝑖𝑖𝑜𝑜 )                                                                         𝐶𝐶. 31 
 

Using the above governing equation to obtain an expression for the solid 

concentration results in: 

𝑖𝑖𝑜𝑜 =  𝑖𝑖𝐿𝐿  �
𝑘𝑘𝑙𝑙𝑜𝑜  ∙  𝑎𝑎𝐿𝐿𝐿𝐿 

 𝜋𝜋 ∙ 𝑘𝑘 ∙  𝑖𝑖𝑜𝑜 + 𝑘𝑘𝑙𝑙𝑜𝑜  ∙  𝑎𝑎𝐿𝐿𝐿𝐿
�                                                                                       𝐶𝐶. 32 

 

Upon substituting the obtained expression for the catalyst phase concentration 

profile in the liquid phase balance: 

 
𝜕𝜕𝑖𝑖𝐿𝐿
𝜕𝜕𝜕𝜕

= 𝐴𝐴 −  𝑖𝑖𝐿𝐿  ∙ 𝐵𝐵                                                                                                                     𝐶𝐶. 33 
 

With:  

 

A = 
�𝜀𝜀𝐺𝐺 𝑘𝑘𝐺𝐺𝐺𝐺 𝑎𝑎𝐺𝐺𝐺𝐺  

𝑣𝑣𝐺𝐺 
 𝑖𝑖𝑁𝑁   �                                                                                                                         𝐶𝐶. 34  

 
B = �𝜀𝜀𝐺𝐺 𝑘𝑘𝐺𝐺𝐺𝐺 𝑎𝑎𝐺𝐺𝐺𝐺  

𝑣𝑣𝐺𝐺 
+  𝜀𝜀𝑣𝑣𝑜𝑜𝑣𝑣𝑣𝑣 𝑘𝑘𝐺𝐺𝐿𝐿 𝑎𝑎𝐺𝐺𝐿𝐿  

𝑣𝑣𝐺𝐺 
−   𝜀𝜀𝑣𝑣𝑜𝑜𝑣𝑣𝑣𝑣 𝜀𝜀𝑜𝑜𝑒𝑒𝑣𝑣 𝑘𝑘𝐺𝐺𝐿𝐿 𝑎𝑎𝐺𝐺𝐿𝐿  

𝑣𝑣𝐺𝐺  
   ∙  � 𝑘𝑘𝑙𝑙𝑜𝑜 ∙ 𝑎𝑎𝐺𝐺𝐿𝐿 

 𝜂𝜂 ∙𝑘𝑘 ∙ 𝑎𝑎𝑜𝑜+ 𝑘𝑘𝑙𝑙𝑜𝑜 ∙ 𝑎𝑎𝐺𝐺𝐿𝐿
��                  𝐶𝐶. 35 

 

Integration leads to the final verification expression for the limiting gas of constant 

gas concentration: 

𝑖𝑖𝐿𝐿 =  𝑖𝑖𝐿𝐿,0  ∙  exp(− 𝐵𝐵 ∙ 𝜕𝜕) −  
𝐴𝐴
𝐵𝐵

 ∙  exp(− 𝐵𝐵 ∙ 𝜕𝜕) + 
𝐴𝐴
𝐵𝐵

                                                      𝐶𝐶. 36 

 

Within Figure E.4, the analytical expression was compared to the numerical model 

results using 100 grid cells in the axial direction and 100 grid cells within the particle 

model. The maximal error obtained was 4.6e-6, similar results were obtained for the 

case of constant liquid concentration.  
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Figure E.4: a) The concentration profile in the axial direction obtained analytically and numerically for an 
isothermal irreversible first order reaction, using 100 grid cells in the axial direction using spherical 
particles. b) The maximum error between the analytical expression and the numerical simulation 

E.5  Cp value n-butylimidazole 
The theoretical work of Turner et al. revealed a linear trend between the Cp value 

and the chain length of n-alkylimidazoles [3]. However, no data was available for n-

butylimidazoles. For this reason, we employed linear regression, resulting in a R2 of 

0.9984.  

 
Figure  E5 : Plotting and fitting of experimental Cp values of n-alkylimidazoles against the number of 
carbon atoms in the alkyl chain based on the work of Turner et al. [3] 

 
E.6 n-butylimidazole - formic acid VLE 

 
Table E.3 : Regressed FA-nBIM binary interaction parameters based on the NRTL-HOC thermodynamic 
model. Obtained from Aspen Plus V12 based on the work of Park et al. [4] 
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E.7 Methods for the Purchase Equipment Cost (PEC) determination   
Within this section the correlations and cost factors used to determine the PEC are 

summarized. All correlations were taken from [5], and shown in Section 6.2.4. In 

case the cost basis is material mass, the wall thickness needs to be calculated. The 

wall thickness is calculated by [6]:  

 

 𝑤𝑤𝑎𝑎𝑙𝑙𝑙𝑙 𝑖𝑖ℎ𝑖𝑖𝑖𝑖𝑘𝑘𝑖𝑖𝑁𝑁𝑖𝑖𝑖𝑖 =  𝑃𝑃𝐷𝐷
2𝐿𝐿𝑚𝑚𝑎𝑎𝑚𝑚𝐸𝐸𝑤𝑤 − 1.2𝑃𝑃

                                                                                      𝐶𝐶. 37  

 

with, 𝐶𝐶 the pressure, 𝐷𝐷 the vessel diameter, 𝑆𝑆𝑣𝑣𝑎𝑎𝑥𝑥 the maximum allowable stress 

taken from [6], and 𝐶𝐶𝑤𝑤 the welded joint efficiency. The welded joint efficiency is taken 

to be 1. According to the ASME Boiler and Pressure Vessel Code [6], a minimum 

wall thickness of 5 mm is required for corrosive materials. Thus, if a wall thickness < 

5 mm was obtained, the wall thickness was set to 5 mm. With exception of the 

reactor, a height/diameter ratio of 3 was assumed.  

 

Pressure vessels  
Unit  Cb ($) Qb(ton)  Q (ton) M Fm Fp FT 

R1 98400 6 101,2 0,82 3,2 1,5 1 

F1 98400 6 5,1 0,82 3,2 1 1 
Table E.4 : Factors used for determination of the PEC of the pressure vessels used within the amine-
exchange process 

Figure E.6: left) Fitting of experimental VLE data of the nBIM-FA binary system at 50 mmHg. Data obtained 
from Park et al. [4]. Fitting performed in Aspen Plus V14. Right) nBIM-FA VLE  curves at 100 and 120 Torr 
based on the binary interaction parameters shown in Table 2.  



Techno-economic comparison of low-pressure FA production via the direct 
hydrogenation of CO2 using triethylamine and n-butylimidazole 
 

248 
 

 
Unit  Cb ($) Qb(ton)  Q (ton) M Fm Fp FT 

R1 98400 6 270,36 0,82 3,2 1,5 1 

F1 98400 6 0,1 0,82 3,2 1 1 
Table E.5 : Factors used for determination of the PEC of the pressure vessels used within the pressure 
swing distillation process 

Distillation towers  
Unit  Cb ($) Qb(ton)  Q (ton) M Fm Fp FT 

T1 65600 8 101,7 0,89 3,2 1 1 

T2 65600 8 38,8 0,89 3,2 1,3 1 

T3 65600 8 35,3 0,89 3,2 1,3 1 

T4 65600 8 30,1 0,89 3,9 1,3 1 

T5 65600 8 4,2 0,89 3,9 1,3 1 
Table E.6 : Factors used for determination of the PEC of the distillation column (empty shell) used within 
the amine-exchange process 

Unit  Cb ($) Qb(m)  Q (m) M Fm Fp FT 

T1 18000 0,5 4 0,97 3,2 1 1 

T2 18000 0,5 4 0,97 3,2 1,3 1 

T3 18000 0,5 4 0,97 3,2 1,3 1 

T4 18000 0,5 4 0,97 3,9 1,3 1 

T5 18000 0,5 1,5 0,97 3,9 1,3 1 
Table E.7 : Factors used for determination of the PEC of the distillation column stages (valve trays) used 
within the amine-exchange process 

Unit  Cb ($) Qb(ton)  Q (ton) M Fm Fp FT 

T1 65600 8 5,7 0,89 3,2 1,3 1 

T2 65600 8 1,1 0,89 3,9 1,3 1 
Table E.8 : Factors used for determination of the PEC of the distillation column (empty shell) used within 
the pressure-swing process 

 
Unit  Cb ($) Qb(m)  Q (m) M Fm Fp FT 

T1 18000 0,5 11,3 0,97 3,2 1 1 

T2 18000 0,5 3,63 0,97 3,2 1,3 1 
Table E.9 : Factors used for determination of the PEC of the distillation column stages (sieve trays) used 
within the pressure-swing process 
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Compressors and pumps  
Unit  Cb ($) Qb(kW)  Q (kW) M Fm Fp FT 

C1 98400 250 177,64 0,46 1 1,5 1 

C2 98400 250 188,47 0,46 1 1,5 1 

C3 98400 250 188,47 0,46 1 1,5 1 

C4 98400 250 48,92 0,46 1 1,5 1 

P1 11000 10 147,9 0,44 3,2 1,3 1 

P2 11000 10 147,9 0,44 3,2 1,3 1 

P3 9840 4 56,3 0,55 3,2 1,3 1 

P4 11000 10 0,3 0,44 3,2 1,3 1 

P5 11000 10 0,8 0,44 3,9 1,3 1 
Table E.10 : Factors used for determination of the PEC of the compressors and pumps used within the 
amine-exchange process 

Unit  Cb ($) Qb(kW)  Q (kW) M Fm Fp FT 

C1 98400 250 1477,79 0,46 1 1,5 1 

C2 98400 250 1385,43 0,46 1 1,5 1 

C3 98400 250 1383,49 0,46 1 1,5 1 

C4 98400 250 1349,12 0,46 1 1,5 1 

P1 11000 10 683,15 0,44 3,2 1,5 1 

P2 11000 10 12,99 0,44 3,2 1,3 1 

P3 11000 10 0,6 0,44 3,2 1,3 1 

P4 11000 10 0,09 0,44 3,9 1,3 1 

P5 11000 10 0,67 0,44 3,2 1,3 1 
Table E.11 : Factors used for determination of the PEC of the compressors and pumps used within the 
pressure-swing process 

Heat exchangers 
Unit  Cb ($) Qb(m2)  Q (m2) M Fm Fp FT 
E1 32800 80 90 0,68 1 1,5 1 
E2 32800 80 97 0,68 1 1,5 1 
E3 32800 80 162 0,68 3,2 1,5 1 
E4 32800 80 162 0,68 3,2 1,5 1 
E5 32800 80 50 0,68 3,2 1 1 
E6 32800 80 246 0,68 3,2 1 1 
E7 32800 80 2974 0,68 3,2 1 1 
E8 32800 80 675 0,68 3,2 1,3 1 
E9 32800 80 3502 0,68 3,2 1,3 1 
E10 32800 80 3080 0,68 3,2 1,3 1 
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E11 32800 80 129 0,68 3,2 1,3 1 
E12 32800 80 5296 0,68 3,2 1,3 1 
E13 32800 80 1174 0,68 3,2 1,3 1 
E14 32800 80 396 0,68 3,9 1,3 1 
E15 32800 80 6415 0,68 3,9 1,3 1 
E16 32800 80 121 0,68 3,9 1,3 1 
E17 32800 80 48 0,68 3,9 1,3 1 
E18 32800 80 71,8 0,68 3,9 1,3 1 
E19 32800 80 10 0,68 3,2 1,3 1 
E20 32800 80 97 0,68 1 1,5 1 
E21 32800 80 49 0,68 1 1,5 1 

Table E.12 : Factors used for determination of the PEC of the heat exchangers used within the amine-
exchange process 

 
Unit  Cb ($) Qb(m2)  Q (m2) M Fm Fp FT 
E1 32800 80  0,68 1 1,5 1 
E2 32800 80  0,68 1 1,5 1 
E3 32800 80  0,68 1 1,5 1 
E4 32800 80  0,68 1 1,5 1 
E5 32800 80  0,68 3,2 1,3 1 
E6 32800 80  0,68 3,2 1,3 1 
E7 32800 80  0,68 3,2 1,3 1 
E8 32800 80  0,68 3,2 1,3 1 
E9 32800 80  0,68 3,9 1,3 1 
E10 32800 80  0,68 3,9 1,3 1 
E11 32800 80  0,68 3,9 1,3 1 

Table E.13 : Factors used for determination of the PEC of the heat exchangers used within the 
pressure-swing process 
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7.1 Conclusion 

In this thesis, the potential of the production of formic acid based on the direct 

hydrogenation of CO2 was investigated, addressing various aspects from the 

exploration of the influence of the aliphatic chain length of the tertiary amine on 

formic acid binding capacity, the influence of the reactive amine on key aspects such 

as activity and selectivity, the development of catalytic materials and lastly a 

demonstration of the technology at reactor and process scale, based on a 

combination of numerical and experimental tools.  

 

The primary objective of Chapter 2 was to gain a deeper understanding into the 

nature of different formic acid – aliphatic tertiary amine adducts. Here, a combination 

of 1H-NMR and IR spectroscopy was used to shed light into the type of chemical 

bonds occurring within the formic acid – trialkylamine adducts and the degree of 

proton transfer between formic acid and several trialkylamines. The phase 

equilibrium was established to be independent of the alkyl chain length with the 

critical point determined to be at a molar ratio of 1.5 acid to amine.  

 

IR spectroscopy was employed to probe the chemical interactions present within 

these systems and revealed the existence of a complex mixture of hydrogen bonding 

and ionic interactions. The red-shift observed for the asymmetrical COO- band gave 

an indication for a decrease in proton transfer as a function of chain length. For 

smaller alkyl chains (up to C4) this effect was found to be pronounced, while longer 

chains (C6 and C8) resulted in less pronounced shifts. Due to significant overlap 

between the characteristic bands of COO- and NH+ combined with a significant red 

shift of the symmetrical COO- stretch frequency, it was not possible to determine the 

ionicity of the PILs using FTIR. Thus, to allow for quantitative analysis of the degree 

of proton transfer, NMR spectroscopy was employed. 

 

The behavior observed within the IR study qualitatively aligns with the behavior 

observed within the 1H-NMR study, with the degree of proton transfer decreasing as 

a function of alkyl chain length. The asymmetrical amines, DMBA and DMOA, both 

reveal a high degree of proton transfer comparable to triethylamine.  Remarkably, it 
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is observed that the decrease in ionicity is exactly compensated by in the increase 

in hydrogen bonding, resulting in a constant acid to amine ratio irrespective of the 

nature of the amine.  

 

For trioctylamine-based adducts a significant color change from colorless to 

magenta to blue was observed over a time span of several months. UV-VIS revealed 

the highly dynamic nature of these complexes, while DLS revealed an average 

aggregate size of 1.78 nm independent of the acid:base ratio.  

 

Based on this study, several promising tertiary amines were identified and further 

studied in Chapter 3 and 4. 

 

Specifically, Chapter 3 focused on an attempt to  intensify the reaction through 

removal of the additional alcohol based solvents in a batch reactor. Solventless 

batch experiments at elevated pressures were performed to gain insights into the 

performance of using triethylamine as an extraction base during the direct 

hydrogenation of CO2 to formic acid.  

 

After several hours of reaction, no formic acid was observed within the bulk liquid of 

the batch experiments. Due to the biphasic nature of formic acid – triethylamine 

systems, the formic acid concentration within the catalyst pores after reaction was 

evaluated by placing the spent catalyst in water. Here, the total molar amount of 

formic acid in the pores being orders of magnitude larger than those in the reactor 

fluid.  

 

In order to investigate this at pore level, a 2D fundamental, continuum based model 

describing Cahn-Hilliard spinodal decomposition model describing spinodal 

decomposition was created and verified in C++. Here, the Cahn – Hilliard equation 

was used to describe the temporal evolution of spinodal decomposition through 

describing the Helmholtz free energy as a function of composition and the spatial 

derivative of the composition at the grid point. 
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The biphasic nature of the tertiary alkylamine – formic acid system was found to have 

significant implications for the reaction performance of the proposed system. The 

inability of the adduct to dissolve in the available non-binding amine results in the 

catalyst pores readily reaching the equilibrium condition, therefore reducing the 

average reaction rate to zero.  

 

In Chapter 4, the influence of the tertiary amine on CO2 conversion and product 

selectivity was experimentally studied in batch and packed bed reactors using a 

Au/TiO2 catalyst. A wide range of tertiary amines were selected, based on their 

boiling point, kinetic diameter, pKa and solubility with alcohol-based solvents and 

formic acid. Following these criteria, 15 amines were selected having a wide range 

of pKa values and molecule sizes. Due to the slow kinetic nature of the CO2 

hydrogenation to formic acid, the formic acid decomposition reaction was used to 

screen a wide variety of tertiary amines based on the principle of microscopic 

reversibility. Steric hindrance and the pKa of the tertiary amine were identified as a 

key parameters influencing both the observed kinetic rates as well as the FA 

conversion. The usage of polar tertiary amine allowed for the removal of additional 

solvents, allowing for significantly higher kinetic rates due to higher amine 

concentrations. Here, the amount of OH-groups showed a strong influence on the 

observed kinetic rates, most likely due to viscosity effects.  

 

The assumption of microscopic reversibility was verified in a high pressure packed 

bed reactor. Here, the usage of solventless polar amines such as 

diethylethanolamine allowed for FA productivity up to 5x that of the benchmark 

triethylamine system. Catalyst deactivation of the Au/TiO2 catalyst was observed for 

all amines studied within this work, and the deactivation mechanism was shown to 

be sintering of the Au nanoparticles with no significant leaching, morphological 

changes or oxidation of the Au species observed. The catalyst deactivation was 

found to be very rapid, with the catalyst allowing for stable FA production up to 50 

hours after the initial gold nanoparticle growth.  

 

Chapter 5 concerned the development of mono-metallic (Au/Al2O3, Pd/Al2O3 and 
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Ru/Al2O3) and bimetallic catalysts (Au-Pd, Au-Ni, and Au-Cu/Al2O3). The synthesized 

catalysts were characterized through XPS, XRD, TEM, ICP and CO pulse 

chemisorption to identify possible deactivation mechanisms.  

 

As was the case in Chapter 4, it was opted to perform an initial screening of the 

bimetallic catalysts based on the formic acid decomposition reaction, comparing the 

conversion, selectivity and catalyst stability to Au/TiO2  due to the slow kinetic nature 

of the hydrogenation reaction. Here, it was found that Au-Cu based catalysts result 

in complete FA conversion for all Au:Cu molar ratios, therefore producing significant 

amounts of undesired CO. Au-Ni catalysts supported on alumina generally 

demonstrated poorer catalytic activity compared to mono-metallic gold on titania, 

with the catalysts showing significant deactivation, therefore suggesting the 

synergetic effects between gold and nickel or copper to be detrimental. Lastly, 

promising behavior in terms of catalysts activity and selectivity was observed for Au-

Pd based catalysts with low Pd concentrations. 

 

Performing CO2 hydrogenation experiments at elevated pressures revealed 

significant catalyst deactivation for the mono-metallic Au/TiO2 and Pd/Al2O3 

catalysts. The influence of the triethylamine:1-decanol ratio on the catalyst 

deactivation was studied, identifying different deactivation mechanisms for the Au 

and Pd based catalysts. In case of Au supported on titania, the deactivation is 

caused by Au nanoparticle agglomeration. For Pd, the amount of CO produced was 

found to be inversely proportional to the amount of amine present within the reactive 

mixture. Stable FA productivity was observed for low amine:solvent ratios, making 

that the deactivation cannot solely be attributed to CO poisoning.  

 

Testing under constant triethylamine:1-decanol ratio revealed comparable initial FA 

productivity for the Au, Pd and Au-Pd catalysts supported on alumina, while the 

Ru/Al2O3 catalyst has low (<10%) selectivity towards FA. Furthermore, all alumina 

supported catalysts result in the unwanted production of CO, with the Ru-based 

catalyst yielding CO as the major product. The replacement of triethylamine:1-

decanol with diethylethanolamine was observed to result in an increase in FA 
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productivity and selectivity for gold based catalysts, while Pd and Ru-based 

materials have comparable or lower FA productivity compared to when triethylamine 

is used.  

 

Chapter 6 proposed a comparison on techno-economic level of two routes for the 

direct hydrogenation of CO2 towards formic acid in the context of DFAFC 

applications: 1) the conventional route based on the patents of BP and BASF; 2) a 

direct route based on the utilization of a high-boiling amine such as n-butylimidazole. 

The objective of this study was to identify, if any, the plant operating conditions that 

would make the high boiling reactive amine case more economically competitive 

compared to the conventional amine-exchange process, analysing both the technical 

and economic performance of both processes. The formic acid productivity was set 

to 35 kton/year, with the formic acid produced at fuel cell purity (<1 ppm impurities).  

 

The first route represents the conventional CO2 hydrogenation route based on the 

state-of-the-art literature to perform the azeotropic separation between formic acid 

and the low boiling tertiary amine used to shift the equilibrium towards formic acid in 

the reactor. Here, the low boiling amine (triethylamine) is replaced by a higher boiling 

amine using reactive distillation, followed by thermal splitting. The second route 

presents a methodology to circumvent the amine-exchange through the usage of a 

higher boiling amine (n-butylimidazole) within the reactor, followed by vacuum 

pressure-swing distillation. The overall energy efficiency, defined as the ratio 

between the energy stored and the energy required to obtain high purity formic acid,0 

significantly increased (i.e. 2.08% to 3.47%) when n-butylimidazole was used as the 

reactive amine due to a decrease in heating requirement in the distillation train (i.e. 

347 MW vs 240 MW).  

 

The environmental analysis revealed no net carbon emission reduction if fossil-

based or renewable sources are used for steam and electricity production. From an 

economic perspective, the determined minimum selling price of formic acid was 

found to be heavily dominated by the OPEX, i.e. 90.4 and 96.2% of the total annual 

expenses (TAC) for the amine-exchange and pressure-swing process, respectively. 
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The majority of these costs arises from the large energy consumption of both 

processes,  as well as the very significant amounts of catalysts required (i.e. 2.7 and 

8.5 kton). The minimum formic acid selling price was calculated to be €10821.47 and 

€18913.15 per ton of formic acid for the amine-exchange and pressure-swing 

process, respectively. A sensitivity and forecasting analysis was conducted. Here, it 

was observed that an increase in the catalyst activity of at least a factor 100 is 

required for the catalyst to no longer be the dominant contribution to the minimum 

formic acid selling price, with the energy consumed by the distillation processes 

becoming the major price factor.   

 

7.2 Outlook and recommendations for future research 

In this work, the potential of the direct hydrogenation of CO2 towards formic acid was 

evaluated, while addressing various aspects from the exploration of the influence of 

the aliphatic chain length of the tertiary amine on formic acid binding capacity, the 

influence of the reactive amine on key aspects such as activity and selectivity, the 

development of catalytic materials and lastly a demonstration of the technology at 

reactor and process scale. 

 

Despite promising developments made in terms of reactive amine optimization and 

the development of catalytic materials in Chapter 4 and 5, the techno-economic 

evaluation in Chapter 6 revealed the overall energy efficiency of the proposed 

processes to be only ~3.5% in the most favorable scenario (i.e. pressure-swing 

distillation using n-butylimidazole as reactive amine), and formic acid selling prices 

up to 22 times the current market value. The low overall energy efficiency was shown 

to be caused by the large amounts of energy required to break the formic acid – 

amine bond combined with the low FA concentrations, while the high prices were the 

consequence of low catalyst activity and the aforementioned energy consumption. 

In order to circumvent this, it could be considered to release hydrogen while the 

formic acid is still bound to the amine. However, due to the energy density of the 

LOHC significantly decreasing, a techno-economic evaluation and life cycle 

assessment would be required to determine the viability of such an operational 

strategy.  
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Even if substantial improvements in terms of catalyst activity and stability are 

achieved, resulting in significantly smaller reactors, the low energy efficiency caused 

by the complex and costly separation of the low FA concentrations makes it unlikely 

that the proposed production routes become competitive with the conventional fossil-

based production route under the studied conditions. Such low energy efficiencies 

are also highly undesirable when using formic acid for energy storage applications, 

as it would result in major energy losses.   

 

To decrease the energy consumption of the proposed processes, further 

optimization of the reactive amine is required, as well as an increase in FA 

productivity. Previous work has shown FA productivities up to 2.5x the ones 

observed in this work on gold-based catalysts when using supercritical CO2 

combined with high H2 pressures [1]. The higher H2 and CO2 pressures lead to higher 

FA concentrations and thus higher FA percentages in the outgoing reactor stream. 

If is it assumed that the OPEX is linearly proportional to the FA concentration, the 

increase in pressure results in a lower OPEX per kg of formic acid, while also the 

CAPEX is significantly decreased due to requiring 2.5x less catalyst. Such CAPEX 

and OPEX reductions would possibly be sufficient to result in a process which is 

competitive with the current formic acid market price for the proposed pressure-

swing process using n-butylimidazole as reactive amine.  

 

As the process is driven by the enthalpy obtained from tertiary amine protonation to 

circumvent the thermodynamic limitations of the reaction, the overall energy 

consumption is largely determined by the protonation enthalpy. Thus, to decrease 

the energy requirement, an amine with a low protonation enthalpy would have to be 

utilized, which in turn would significantly limit the formic acid concentrations at 

thermodynamic equilibrium. Currently, the optimum of this trade-off remains 

unknown. Preferably, the selected amine allows for direct thermal splitting of the 

adducts to circumvent the necessity of complex separation strategies such as 

pressure-swing distillation or amine-exchange strategies, and should thus have a 

large boiling point difference between the amine and formic acid. To identify such a 

tertiary amine, a combination of reactive testing at elevated pressures, calorimetric 
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measurements to determine the protonation enthalpy, vapor-liquid equilibrium 

measurements to determine the existence and position of the azeotrope, and 

techno-economic evaluation at process scale would be required.  However, within 

this work, it was shown that bulky amines, often having high boiling points, do not 

allow for the production of formic acid. In order to asses the viability of utilizing polar 

amines, vapor-liquid equilibrium measurements were performed. Here, it was 

observed that the vacuum distillation of mixtures of such amines with formic acid do 

not result in observable split between formic acid and the polar amine, but rather 

decompose the formic acid into carbon monoxide. It is thus highly unlikely that a 

plausible solution to the aforementioned trade-off can be found.  

 

While FA productivities could be enhanced through the utilization of increased 

pressures and the optimization of the reactive amine, the direct formic acid synthesis 

remains hampered by the thermodynamic nature of the reaction. Alternatively, 

inspiration could be taken from the current FA synthesis method, in which methyl 

formates or alkali formates are used as an intermediate compound to aid the 

thermodynamic behaviour of the reaction.  

 

A possible method could be the two-step hydrogenation of CO2, as recently 

demonstrated by Reymond et al. [2]. Here, three consequential packed bed reactors 

are placed in series, to produce formic acid and methanol exploiting the formation of 

methyl formate as intermediary. Methanol is produced from CO2  over a Cu-based 

catalyst in the first packed bed, followed by the production of methyl formate (through 

the reaction of methanol, CO and H2) in a second reactor employing a Ag-based 

catalyst and the subsequential hydrolysis to result in methanol and formic acid over 

an acid resin [2].  

 

Alternatively, the current industrial methyl formate pathway could be continued with 

syngas obtained from sustainable sources. Examples include the utilization of CO2 

for the production of syngas through the reverse water gas shift reaction [3], or the 

gasification of biomass [4].  
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While such integrated processes are less developed than the process proposed 

within this work and thus still require significant research efforts, the rationale behind 

the processes is building on the current FA synthesis methods. This could 

significantly shorten the time required to develop such methods, and thus allow for 

faster implementation of such methods at industrial scale, possibly even using 

existing equipment/infrastructure. 
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