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₷ynthetic chemicals produced from green hydrogen and captured carbon

dioxide for methanol and methane, or nitrogen for ammonia, can address renewable 

energy intermittency issues and provide fossil-free resources for hard-to-electrify 

sectors like transportation and distributed power generation. However, these reac-

tion systems are typically limited by thermodynamic equilibrium, which constrains 

reactant conversion under relevant process conditions. Membrane reactors (MRs) 

have established as a significant contribution in process intensification allowing 

overcoming these limitations through the combination of reaction and product 

separation in a single device. In their most basic configuration, a MR involves a 

tubular vessel with vertically inserted membranes surrounded by a catalyst-packed 

bed. Reactants enter from the bottom and move upward, with the product collected 

inside the membrane as permeate, while other chemical components form the reten-

tate. This thesis explores the use of the MR technology in the Power-to-X context 

from various perspectives, including process synthesis, techno-economic analysis 

and the potential of additive manufacturing to enhance the basic MR configuration 

along with experimental testing of the technology
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Summary 

Synthetic chemicals produced from green hydrogen and captured carbon dioxide for 
methanol and methane, or nitrogen for ammonia, can address renewable energy intermittency issues 
and provide fossil-free resources for hard-to-electrify sectors like transportation and distributed 
power generation. However, these reaction systems are typically limited by thermodynamic 
equilibrium, which constrains reactant conversion under relevant process conditions. Membrane 
reactors (MRs) have established as a significant contribution in process intensification allowing 
overcoming these limitations through the combination of reaction and product separation in a single 
device. In their most basic configuration, a MR involves a tubular vessel with vertically inserted 
membranes surrounded by a catalyst-packed bed. Reactants enter from the bottom and move 
upward, with the product collected inside the membrane as permeate, while other chemical 
components form the retentate. This thesis explores the use of the MR technology in the Power-to-
X context from various perspectives, including process synthesis, techno-economic analysis and the 
potential of additive manufacturing to enhance the basic MR configuration along with experimental 
testing of the technology. 

Chapter 1 begins with a general introduction to the topic, emphasizing the pressing need to limit 
CO₂ emissions and the importance of Power-to-X (PtX) technologies in addressing this challenge. 
It then introduces membrane reactor systems, highlighting their potential in sustainable chemical 
processes. Additionally, the chapter provides an overview of 3D-printed catalytic supports as well 
as a discussion on the modeling approaches used to study & optimize these systems. 

Chapter 2 provides an in depth state-of-the-art in membrane reactors for hydrogen and e-chemical 
production. Most studies report improved conversion rates depending on reactor operating 
conditions. Future directions include stronger integration of functionalities such as structured 
catalysts, enhanced thermal management, and more selective membranes. While some process-level 
insights indicate higher performance, there remains limited knowledge on the benefits of integrating 
membrane reactors into several e-fuel synthesis pathways.  

Chapter 3 & 4 discuss the use of MRs for power generation applications first in combination with 
proton exchange membrane (PEM) fuel cells and then to improve ammonia combustion in large 
combined cycle gas turbines (CCGTs). An economic comparison is made between small-scale PEM 
fuel cell gensets using membrane reactors for methanol, ammonia, and methane. Methane emerges 
as the most cost-effective fuel, while ammonia offers the highest efficiency (Chap. 3). At the large 
scale for CCGT, it has been found that CMR systems can achieve better performance than the 
traditional concept. However, their adoption is hindered by the scarcity of palladium and ruthenium, 
making this approach currently impractical (Chap. 4).  

Chapter 5, 6 & 7 explore the potential of 3D printed Periodic Open Cell Structures (POCS) to 
improve the basic configurations of MRs. First, Chap. 6. provides a fundamental investigation into 
the thermohydraulic performance of POCS reactors. Using computational fluid dynamic (CFD) 
simulations and experiments, Kelvin, Body Centered Cubic (BCC), and gyroid lattice structures 
were 3D-printed, characterized, and analyzed. The gyroid lattice showed optimal performance at 
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low velocities, while the BCC lattice performed better at higher velocities. Afterward, Chap. 6 
examines how external mass transfer rates in POCS reactors affect ammonia synthesis, both 
independently and with selective membranes. Chap. 7 extends this to ammonia cracking, 
emphasizing the role of POCS baffles in improving hydrogen permeation through palladium-based 
membranes. 

Chapter 8 evaluates the cost and efficiency of power-to-ammonia processes under uniform 
assumptions, highlighting the advantages of innovative pathways, including MRs and solid oxide 
electrolysis cell (SOEC) integrations.  
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Chapter 1 | Introduction  

1.1. Power-to-X  

Today, the global average surface temperature is approximately 1.2 °C above pre-
industrial levels, leading to heatwaves and other extreme weather events, while greenhouse gas 
emissions have yet to peak [1]. Achieving carbon neutrality by 2050 necessitates a drastic reduction 
in emissions and a shift from fossil fuels to renewable energy. Leading the way, countries like 
Greece, the Netherlands, Spain, Denmark, and Germany already generate over 40% of their 
electricity from renewables and are expected to exceed 50% by 2028. According to the International 
Energy Agency (IEA), renewables could account for 44% of global electricity by 2040 and nearly 
90% by 2050 under the Net Zero scenario [2]. As renewable energy continues to expand, energy 
storage technologies will play a crucial role in ensuring grid stability and maximizing the effective 
use of these resources. Emerging solutions such as "power-to-liquid" and "power-to-gas" are 
considered to address the intermittency of renewable energy by converting surplus renewable energy 
into synthetic molecules (also called e-molecules). Green hydrogen, produced through water 
electrolysis, is the simplest option and a building block in the synthesis of other Power-to-X 
molecules. As of 2023, the global installed electrolyzer capacity stands at ~1.4 GW, with projections 
rising to 230 GW by 2030 or even 520 GW including early-stage projects [1,3]. However, this 
ambitious growth trajectory faces several challenges, such as high production costs, supply chain 
bottlenecks, and uncertainties in demand and regulatory frameworks [4-5]. Furthermore, hydrogen's 
low volumetric energy density and risks of leakage and corrosion complicate its direct use [6-8]. 
Hydrogen-derived molecules present a promising solution, offering practical options for storage and 
transport while utilizing existing infrastructure. These e-molecules play a pivotal role in 
decarbonizing hard-to-abate sectors by replacing fossil-based fuels and serving as sustainable 
alternatives to traditional fossil-derived molecules in industries such as chemicals, agriculture, and 
manufacturing. Key examples of hard-to-abate sectors include heavy-load vehicles, stationary 
power generators (e.g. backup power [9], off-grid projects [10], residential [11] and mobile [12] 
applications) or maritime shipping, which alone contributes ~3% of global greenhouse gas (GHG) 
emissions [13] and releases harmful pollutants like sulphur oxides (SOX), nitrogen oxides (NOX), 
and particulate matter (PM) [14-15]. Ammonia and methanol, traditionally produced from fossil 
fuels, are prime examples of products that could be replaced by their green hydrogen-based 
counterparts. Ammonia, with over 180 million tons produced annually, primarily supports 
agriculture as nitrogen-based fertilizers (85–90%), essential for nearly half of global food production 
[16-18], and is also used in dyes and explosives. Methanol, with annual production nearing 90 
million metric tons, serves as a fuel, a chemical feedstock, and a precursor for compounds like 
formaldehyde and methyl tert-butyl ether (MTBE). The conventional production of these chemicals 
is associated with substantial CO₂ emissions per ton, primarily due to the reliance on hydrogen from 
natural gas reforming: 3.2 tCO₂/t for jet fuel, 2.4 tCO₂/t for ammonia, and 2.1 tCO₂/t for methanol. In 
comparison, cement and steel emit 0.6 tCO₂/t and 1.4 tCO₂/t, respectively, with 30% of steel now 
produced using low-emission electric arc furnaces powered by renewable electricity and scrap steel. 
While cement and steel production volumes far exceed those of hydrogen-derived chemicals, the 
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chemical process industry remains a major contributor to global CO2 emissions [19]. Figure 1-1 

illustrates this, reporting sectoral CO2 emissions and emphasizing the contributions from transport, 
electricity, and industry.  

 

 

 
 

Figure 1-1: Reproduced from IEA reports [19-20]: (A) Breakdown of CO2 emissions by sector 
[20] total CO2 emission of 36.8 t in 2022 and 37.4 t in 2023 (B) Energy demand associated to the 

Industry sector emissions in 2020 [19] (C) Energy intensity and carbon intensity associated to 
steel, cement, ammonia and other chemicals production [19] 

 

1.2. E-molecules properties  

E-molecules vary significantly in their energy density, hydrogen content, handling 
requirements, costs & combustion characteristics, costs, and emissions, making their careful 
evaluation essential for specific applications. The following discussion briefly highlights key aspects 
[21]. From a storage perspective, Figure 1-2 compares their volumetric (kWh/L) and gravimetric 
(kWh/kg) energy densities, considering the impact of storage equipment while Table 1-1 lists 
approximative energy densities ratios between stored fuels and diesel, the benchmark. Diesel, with 
high energy density (8.3 kWh/kg and 8.2 kWh/L), retains most of its intrinsic energy due to minimal 
storage requirements, making it ideal for long-range and high-demand applications. Hydrogen, 
despite its high gravimetric energy density as a pure fuel (33 kWh/kg), is limited by heavy and bulky 
storage systems. For example, liquefied hydrogen requires cryogenic storage at -253 °C, reducing 

A. 

B. C. 
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its volumetric energy density to ~1.3 kWh/L (~6.8 times smaller than diesel) and gravimetric energy 
density to ~1.5 kWh/kg (~4.1 times smaller than diesel). Methanol and, to a lesser extent, ammonia 
are easier to store but still fall short of diesel. Methanol achieves ~4 kWh/kg and ~3.8 kWh/L, 
roughly half of diesel’s energy density. Ammonia, requiring cryogenic storage at -33 °C and 
corrosion-resistant tanks, has an effective energy density of ~3.6 kWh/kg and ~2.7 kWh/L, about 
three times smaller than diesel. Compared to lithium-ion batteries, diesel and methanol offer 
significantly higher energy densities, while hydrogen, compressed or liquefied, provides only 
modest improvements [22]. While not the focus of this work, it is relevant to note that lithium-ion 
batteries currently achieve up to 0.140 kWh/kg and 0.200 kWh/L at the pack level, with projected 
targets of 0.235 kWh/kg and 0.500 kWh/L to support long-range mobility [106]. Recent 
advancements include for example Tesla Model 3 (2017) reaching 236 Wh/kg and 673 Wh/L (cell 
level) offering a driving range of 490-630 km or CATL’s commercial battery packs reaching 0.175 
kWh/kg and 0.305 kWh/L with R&D claims of reaching 0.330 kWh/kg [107]. These energy density 
factors are critical to consider in the decision-making phase for space-constrained applications like 
shipping or some genset markets (e.g., data centers or cold ironing). In addition, easier storage 
conditions often translate to lower costs. For instance, storing ammonia requires only 2.45 kWh/kg 
compared to 11.82 kWh/kg for compressed hydrogen, making it ~80% more energy-efficient [23] 
and 26-30 times cheaper [24]. From the perspective of compatibility with existing infrastructure, 
certain e-molecules, such as e-methane, e-kerosene, e-diesel, and e-gasoline, can be seamlessly 
integrated into current infrastructure and conventional combustion systems as drop-in e-fuels. In 
contrast, e-molecules like e-ammonia and e-methanol, which primarily function as commodity 
chemicals, require modifications to distribution networks, bunkering systems, and combustion 
devices. Additionally, they may involve partial or complete hydrogen recovery, via ammonia 
decomposition or methanol reforming, to address flammability concerns or to generate high-purity 
hydrogen for applications like Proton Exchange Membrane (PEM) fuel cells. Liquid ammonia has 
a density of approximately 123 kgH2/m3, while methanol has density of 99 kgH2/m3, which are well 
above other advanced hydrogen storage systems like metal hydrides (25 kgH2/m3), liquefied 
hydrogen (71 kgH2/m3), compressed hydrogen at 700 bar (42.2 kgH2/m3) or formic acid (53 kgH2/m3) 
[25]. From a safety perspective, adopting drop-in fuels like ammonia and methanol presents 
significant challenges that require thorough evaluation and proactive mitigation strategies. 
Methanol’s flammability and toxicity necessitate robust safety measures, such as inert gas systems 
and emergency protocols, as outlined in International Maritime Organization (IMO) standards 
(MSC.1/Circ.1621). Ammonia, while less flammable, poses severe toxicity risks, with US EPA 
Acute Exposure Guideline Levels (AEGLs) indicating life-threatening concentrations at 2700 ppm 
for 10 minutes and 390 ppm for 8 hours, far exceeding its odor detection range of 5 to 50 ppm. 
Research, including Hu et al. (2024) [26], highlights ammonia’s toxicity as a primary hazard in 
marine applications, stressing the need for early-warning systems, water curtains (capable of 
dissolving large volumes of ammonia gas), effective ventilation, and safe upwind escape routes.  
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Figure 1-2: Energy densities of various energy carriers. Triangle markers represent pure fuels, 

while dot markers indicate approximative effective energy densities considering storage. [24, 27-
31]. 

 

Table 1-1: Rough energy densities ratio between stored diesel and other storage medium 
 Gravimetric Volumetric 

Li-ion battery 48.8 27.3 
Compressed H2 (350 bar) 5.9 16.4 

Liquefied H2 (-253 °C) 4.1 6.8 
Ammonia (-33 °C) 2.6 3.5 

Liquefied Methane (-162 °C) 1.1 2.4 
Methanol 2.1 2.2 

Diesel 1 1 

 

1.3. E-fuel Production and Processing  

For e-molecules to be effective, their synthesis, utilization, and potential reconversion to 
hydrogen, whether for use in PEM fuel cells or as a booster in combustion, should be seamlessly 
integrated into an efficient value chain (see Figure 1-3). This section provides a summary of the key 
steps in this value chain, including the electrolysis, fuel synthesis, and the recovery of hydrogen for 
end-use applications.  
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Figure 1-3: Illustration of the e-fuel value chain from production to utilization including a 

recovery step for on-site hydrogen production when required. 
 

1.3.1. Electrolysis  

Power-to-X technologies begin with renewable hydrogen production through electrolysis, 
using renewable electricity to split water into hydrogen and oxygen. Various electrolysis 
technologies are being developed, with low-temperature processes like Alkaline Electrolysis Cells 
(AEC) and Proton Exchange Membrane (PEM) cells being the most common [32]. While AECs 
dominate the market, PEM cells are valued for their flexibility, though they rely on costly materials 
like iridium and platinum. Solid Oxide Electrolysis Cells (SOEC), operating at higher temperatures, 
offer advantages in heat integration and co-electrolysis, where both water and CO2 are converted to 
produce syngas in one step [33]. Table 1-2 summarizes the main characteristics of each primary 
type of electrolysis technology, highlighting differences in materials (e.g., electrolytes, electrodes, 
bipolar plates), operating conditions (e.g., temperature, current density), and reaction mechanisms. 
These distinctions result in unique attributes for each technology, such as power density, lifespan, 
and fuel flexibility, making them suitable for specific applications. The Second Law of 
Thermodynamics as per Eq. 1.1 offers great insights into the energy efficiency of water electrolysis 
processes, by delineating energy requirements and setting theoretical efficiency limits. The total 
energy requirement (ΔH) consisting of electrical energy (ΔG) and thermal energy (TΔS). As shown 
in Figure 1-4, the energy contributions shift with temperature. At lower temperatures, the process 
is dominated by electrical energy demand (ΔG), while at higher temperatures, the thermal energy 
contribution (TΔS) increases, reducing the demand for electrical energy and encouraging the use of 
heat in an energy-efficient manner. For example, the ratio of ΔG to ΔH decreases from 93% at 373 
K to 70% at 1273 K, indicating enhanced thermal-to-hydrogen energy conversion efficiency at 
elevated temperatures. This principle is particularly advantageous in high-temperature electrolysis 
processes, such as SOECs, where external thermal energy significantly enhances overall system 
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efficiency. SOECs are particularly well-suited for scenarios where a high-temperature heat source 
is available, as this can be utilized for water evaporation, further improving efficiency. The Nernst 
potential (E), as described by Eq. 1.2, is directly tied to the thermodynamic driving force of the 
reaction (−ΔG), normalized by the amount of charge (nF) involved in the process. (n is the number 
of moles of electrons transferred per mole of reaction & F is the Faraday constant, representing the 
charge of one mole of electrons). It represents the equilibrium voltage for an electrochemical 
reaction, under ideal conditions. As temperature increases, the Nernst potential decreases, indicating 
a reduced equilibrium voltage requirement for the reaction to occur reflecting a reduced energy 
requirement for the process and thereby theoretically enhancing the efficiency of hydrogen 
production. However, real-world systems deviate from this ideal behavior due to irreversibilities, 
including ohmic losses, activation and concentration overpotentials. These irreversibilities generate 
entropy and reduce the overall efficiency of the system. Advanced materials and optimized designs 
are therefore key levers to minimizing these losses and moving closer to the theoretical efficiency 
dictated by the Nernst potential. 

Δ� = Δ� + �Δ� Eq. 1.1 

	 =  − ��

� Eq. 1.2 

Beyond thermodynamic efficiency, system efficiency serves as a practical performance metric by 
accounting for real-world losses, including compression, electrical heating, and auxiliary power 
consumption & AC–DC conversion. It is defined as the ratio of the lower heating value of hydrogen 
(LHVH2) (33.3 kWh/kg H2) to the system's specific energy consumption, as described by Eq. 1.3. 
Based on reported SOEC energy consumption values in Table 1-2, system efficiencies can be 
calculated as ~84% for 40 kWh/kg H2 (with steam at 150 °C) and ~70% for 48 kWh/kg H₂ (without 
steam).  

� = �����
�������� �
���� � 
!"#�$� 
 Eq. 1.3 

SOECs offer significant thermodynamic and kinetic advantages, making them a promising 
technology for hydrogen and syngas production. However, their widespread adoption is limited by 
challenges in achieving long-term stack durability. Common degradation mechanisms include nickel 
depletion in fuel electrodes, strontium migration in oxygen electrodes, and microstructural changes 
in zirconia electrolytes, such as the formation of small pores along grain boundaries [34, 35]. Recent 
durability studies at the stack level, summarized in Table 1-3, suggest progress toward meeting the 
Clean Hydrogen Joint Undertaking's 2030 target of reducing degradation rates to 0.5% per 1000 
hours [36]. For instance, stack-level tests of electrolyte-supported cell-based stacks over >1000 
hours reported varying degradation rates, with some studies observing values between 0.5% and 
1.3% per 1000 hours. Other long-term studies prefer to measure degradation using the increase in 
area-specific resistance (ASR) over time, reporting values of 12–18 mΩ·cm² per 1000 hours [34, 
35, 42, 45–48]. SOEC technology is now starting to be demonstrated at multi-MW scale in Europe 
(MultiPLHY project with Sunfire technology) or in the USA (4 MW system from Bloom Energy 
installed at NASA) [48].  
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Table 1-2: Summary of the main technical characteristics for the three main typical 
types of electrolysis technologies [37-41] 

 AEC PEM SOEC 

Anode reaction 2&�' → �)& + 1
2 &) + 2+' �)& → 2�, + 1

2 &) + 2+' &)' → 1
2 &) + 2+' 

Cathode reaction 2�)& + 2+' → �) + 2&�' 2�)& + 2+' → �) + 2&�' �)& + 2+' → �) + &)' 
Charge carrier HO- H+ O2- 

Reactant Liquid water Liquid water Water vapor 
Anode catalyst Ni, Ni-Mo alloys Iridium oxide LSM/YSZ or LSCF/GDC 

electrode supported [42] 
Cathode catalyst Ni, Ni-Mo alloys Platinum Ni/YSZ 

Electrolyte 20-40 wt% KOH PSFA membrane YSZ 
Hydrogen purity 

[%] 
99.5–99.9998% 99.9–99.9999% 99.9% [39] 

Temperature [°C] 60-80 50-80 [39] 650-900 [42] 
Pressure [bar] 1-30 bar [41] 1-50 bar [38] 

<70 bar [39,41] 
1 bar 

Nominal Current 
density [A cm-2] 

0.2-0.4 [39-40] 0.6-2 [38] 0.3-1 [39] 
0.3-2 [40] 

Maturity Mature Commercial Demonstration 
Stack specific 
consumption* 

kWh/Nm3 

*Nominal condition 

4.2-5.9 4.2-5.5 NA 

System specific 
consumption 

kWh/Nm3 

4.5-6.6 4.2-6.6 ~4.32 without steam 
~3.6 with steam at 150 °C 

Cold start time 
(min) 

<60 <20 <60 

Lifetime of stack 
(hr) 

<90000 [38] 50000–80000 [38] 20000 [38] 

Capital cost stack USD 270/kWBEC [40] USD 400/kWBEC [40] >USD 2000/kWBEC [40] 
 
 



1.General Introduction    Chapter 1 

8 

 

 
Figure 1-4: Energy demand for water and steam electrolysis �)& → �) + -

) &) with 
Thermodynamic properties derived using Kirchhoff's equations and data from [43]. Note: slight 

adjustments (<10%) to ΔS and ΔH were made to ensure continuity in the Nernst potential (A 
similar plot can be found in [44]).  
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1.3.2. E-fuel production 

Figure 1-5 outlines the key stages involved in e-fuel production, starting with renewable 
hydrogen generation via electrolysis. Regarding the synthesis steps, commercial-scale reactor 
technologies typically react CO2 or CO with H2 for carbon products and N2 with H2 for ammonia, 
but achieve low single-pass conversion despite operating under demanding conditions. Methanol 
synthesis uses typically copper catalysts at 200-300 °C and 50-100 bar, while ammonia synthesis 
typically relies on iron catalysts at 150-250 bar and 380-520 °C [49-51], with milder conditions 
achievable using ruthenium. Fischer-Tropsch (FT) synthesis occurs through two main processes: 
high-temperature FT (300-350 °C), using iron catalysts, which favors the production of shorter 
hydrocarbons like synthetic gasoline and low-molecular-weight olefins, and low-temperature FT 
(200-240 °C), utilizing iron or cobalt catalysts to produce longer hydrocarbon chains such as 
kerosene and diesel. FT typically operates at pressures ranging from 20 to 40 bar, with higher 
pressures favoring the production of longer hydrocarbons. However, direct CO2 utilization, 
particularly in Fischer-Tropsch synthesis, remains challenging due to current catalyst limitations. 
Traditional systems are optimized for syngas feedstock (CO and H2), not pure CO2, which results in 
excessive water by-products that can inhibit reaction kinetics, accelerate catalyst deactivation and 
can lead to catalyst oxidation [52, 53]. A detailed discussion is unnecessary here, as these reactions 
will be thoroughly addressed in the next chapter's literature review. 

A brief discussion on e-fuel production efficiencies and costs seems nonetheless required. 
Despite extensive literature on the topic, significant variability exists due to differing assumptions 
(e.g., CO2 capture, electrolysis technology, subsidies), methodologies, system boundaries (e.g., 
inclusion of storage, transport, and infrastructure costs), and study types (e.g., broad-based studies 
vs. process systems engineering [PSE] analyses) [91–104]. Figure 1-6 & Figure 1-7 illustrate 
discrepancies in both absolute and relative values for production efficiencies and costs. In terms of 
cost rankings, broad-based studies generally identify e-diesel as the most expensive e-fuel, while the 
relative costs of e-methanol, e-ammonia, and e-methane depend on key assumptions—particularly 
CO2 capture costs and whether transport and storage expenses are included. Dias et al. [71] indicate 
that if direct air capture (DAC) costs rise to 1000 €/ton CO2 (compared to 30 €/ton CO2 under their 
default scenario), hydrogen and ammonia become more cost-competitive than carbon-based e-fuels. 
The comparison between e-methanol and e-methane varies across studies. Under low CO2 capture 
costs and when excluding storage and transport, e-methane is generally reported as less expensive 
than e-methanol [71, 99]. However, when factoring in storage and transport costs, Dias et al. [71] 
and Korberg et al. [91] find that e-methanol becomes more advantageous than e-methane. The 
relative ranking between these fuels also depends on CO2 capture costs. Ueckert et al. [108] suggest 
that e-methane requires ~20% less CO2 per unit of energy, making it slightly cheaper than e-
methanol in high CO2 cost scenarios (DAC), where its storage disadvantages are outweighed by 
reduced CO2 requirements. Similarly, different cost rankings exist for e-methane and e-ammonia. 
For example, Bellotti et al. [99] consider ammonia more expensive than methane, while Horvath et 
al. [94] and Dias et al. [71] report similar costs under their default assumptions, and Korberg et al. 
[91] suggest the opposite. This study also indicates that, when infrastructure costs are considered, 
hydrogen becomes more expensive than e-methanol and e-ammonia due to higher costs associated 
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with fuel handling, storage, and bunkering in ports. It indicates that infrastructure costs are 
particularly significant for methane, accounting for 10–17% of the final fuel cost, while for liquid 
hydrogen (LH2), these costs can reach up to 23%. Specialized PSE studies focusing on individual 
fuels, such as diesel [97, 100, 101], methanol [102-105], and ammonia [33, 96], also provide 
valuable insights but are difficult to compare due to differences in process designs and assumptions 
regarding CAPEX, OPEX, and infrastructure. Beyond cost factors, assessments must account for 
the technical maturity of production methods, as these significantly impact well-to-tank efficiency 
and total cost of ownership, key metrics for industries like shipping and genset markets aiming to 
decarbonize with these e-fuels. To enhance comparability across future studies, standardizing key 
variables, such as electricity prices, CAPEX/OPEX, and energy demands for electrolysis, direct air 
capture, and Fischer-Tropsch synthesis would be crucial. For context, Figure 1-7 also presents the 
retail price range of fossil diesel from March 2021 to March 2024, as these data are more readily 
available than production costs. However, these figures should be interpreted with caution, as retail 
prices include taxes, distribution, marketing, and profit margins. In Europe, for example, taxes alone 
can account for 40–60% of the retail price, significantly inflating costs relative to production+. 
Finally, it is important to highlight that some of the lower cost estimates reported in the literature 
appear optimistic, as they incorporate anticipated reductions in electrolyzer costs and renewable 
electricity prices, making e-fuels potentially competitive with their fossil fuel counterparts. Ueckert 
et al. [108] project a lower bound of ~10 €/GJ for hydrogen and ~15 €/GJ for e-methanol under their 
2050 scenario. Similarly, IEA (2024) [21] estimates that by 2030, e-methanol could cost ~35 €/GJ 
and e-ammonia ~30 €/GJ, making them comparable with the upper range of fossil diesel prices.  

 

Figure 1-5: Master flow diagram of an e-fuel production plan featuring the main process steps. 

 
+ The government taxes were consulted from this website: https://www.fuel-prices.eu/government-
fuel-taxes-diesel/ illustrating that taxes can constitute a substantial portion of diesel fuel prices in 
Europe, often ranging from 40% to 60% of the retail price, thereby significantly inflating the cost 
relative to production. 
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Figure 1-6: Literature analysis of PtX efficiencies from generalized studies and process 

system engineering studies. General studies using fuel price as an input [91, 99, 31, 94], and 
specific studies on diesel [100, 97, 101], methanol [102, 103, 104, 105], and ammonia [96, 33]. 

Note that Cinti et al. (2017), Zhang et al. (2019), and Peter et al. (2022) considered SOEC 
technologies in their analyses. The electrolysis efficiency zone (in grey) is depicted between 
approximately 70% (without steam) and 84% (with steam at 150 °C) calculated from SOEC 

specific consumptions given in Table 1-2. 

 

 

 
Figure 1-7: Levelized cost of PtX production comparing different fuel options from [91, 

99, 31, 21, 94, 108], with diesel fuel retail prices shown for reference, showing its fluctuation 
range from March 2021 to March 2024∗. Main assumptions: Dias et al. (2020) [71] (electrolysis: 

PEM 2100 €/kW & alkaline 1100 €/kW, electricity cost: 50 €/MWh, CO2 capture: 30 €/ton or 

 
∗ Diesel retails prices taken from: 
https://www.eia.gov/dnav/pet/hist/LeafHandler.ashx?n=pet&s=emd_epd2d_pte_nus_dpg&f=m  
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DAC: 1000 €/ton) - Korberg et al. (2021) [91] (electricity cost: 33 €/MWh, electrolysis: 600 
€/kW, CO2 capture: 400 €/ton ) - IEA (2024) [21] (electrolysis: 800 €/kW, CO2 capture: 30 €/ton) - 
Ueckert et al. (2022) [108]  (H2 cost: 80 €/MWh ~2.7  €/kg, CO2 capture: 30 – 920 €/ton) - Bellotti 

et al. (2022) [99] (electricity cost: 50 €/MWh, electrolysis: 1000 €/kW, CO2 capture: 15 €/ton) 

 

1.3.3. H2 recovery  

For reconversion of these molecules to hydrogen, whether for use in PEM fuel cells, as a 
combustion booster, or to meet hydrogen demand (e.g. at ammonia terminals or refueling stations), 
an additional processing step is required. Similar to the synthesis process, traditional hydrogen 
recovery methods vary depending on the type of molecule. These techniques have evolved from 
methane steam reforming to methanol steam reforming- initially developed for high-energy-density 
military fuel cells [22] and more recently to ammonia cracking [54], as the use of these commodity 
chemicals as hydrogen carriers gains increasing recognition. Methane steam reforming operates at 
high temperatures (800 - 1000 °C) and typically utilizes nickel or more active alternatives like Ru, 
Rh, or Ir, followed by water-gas shift reactions and subsequent CO purification [55]. Methanol 
reforming occurs at lower temperatures (220 - 300 °C) with copper-based catalysts, often avoiding 
secondary shift reactions but still requiring CO purification [55]. The ammonia cracking process 
normally runs at temperatures exceeding 700 °C, to achieve complete conversion and frequently 
makes use of nickel as a catalyst. However, precious metal catalysts like rhodium, iridium, platinum, 
and especially ruthenium demonstrate better catalytic activity in this process [56-59]. For these 
different systems, purification step is commonly accomplished using Pressure Swing Adsorption 
(PSA), although cryogenic separation and ion-exchange zeolites are also viable alternatives [60]. 
However, the semi-continuous nature of traditional PSA and hence the need for multiple units 
reduces its overall economic efficiency. Therefore, a key opportunity for hydrogen recovery systems 
is to simplify balance-of-plant components, reducing costs [61] while also addressing space 
constraints in specific markets, such as cold ironing and onboard applications. Similarly, further 
discussion is unnecessary at this point, as these reactions will be thoroughly covered in the literature 
review in the next chapter, with the economic aspects explored in detail in Chapter 3.  

 

1.3.4. Power-to-power efficiency  

When e-molecules are used as fuel, it is important to acknowledge that power-to-power 
efficiency is low due to multiple conversion steps—electrolysis, fuel synthesis, storage, and 
reconversion to power. But efficiency isn’t everything—for sectors where electrification isn’t 
feasible, energy density and power density can matter just as much. A comparative analysis on 
different e-fuels for onboard applications in the thesis outlook (page 266) considering fuel use in 
PEM fuel cells (with reforming when needed) and internal combustion engines (ICEs), compared to 
battery-based direct electrification as the primary alternative. The results show that while e-diesel in 
ICEs has very low power-to-power efficiency (~0.14), its high energy density makes it one of the 
few viable options for long-haul applications. In contrast, batteries, despite their high efficiency 
(~0.81), have low energy density, limiting them to short, high-power applications (1–5 hours). 
Meanwhile, LH₂, ammonia, and liquefied methane, when used in PEM fuel cells with reforming, 
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provide a balance between efficiency and energy density, with efficiencies of ~0.27 for LH₂ and 
~0.24 for ammonia, supporting operations up to 15 hours. Ultimately, e-fuels, as previously 
mentioned, are essential for decarbonizing hard-to-electrify sectors. The key challenge lies in 
improving the global efficiency to enhance competitiveness and facilitate their integration. 

 

1.4. Membrane reactors  

Advancing these processes, namely fuel synthesis and reverse hydrogen recovery, to 
operate under milder conditions aligns with the principles of Process Intensification (PI), a key 
strategy in modern chemical engineering aimed at enhancing efficiency, sustainability, and process 
compactness often through the integration of multiple unit operations or by employing novel reactor 
designs [109]. PI-driven approaches can extend equipment lifespan, reduce energy consumption, 
and enable scalable, flexible production systems. Membrane reactor (MR) technology exemplifies 
a PI-based solution by overcoming thermodynamic limitations of conventional processes through 
the integration of reaction and separation into a single unit. In a typical MR setup, reactants flow 
through a tubular vessel containing selective membranes within a catalyst-packed bed. These 
membranes selectively extract desired products (permeate) based on gradients in partial pressure, 
while retaining other components (retentate). This configuration generally allows MRs to surpass 
equilibrium constraints, achieving higher conversion rates at lower temperatures, reducing catalyst 
deactivation and side reactions, and significantly improving target-product yields-which may not be 
attained through catalyst development alone. Furthermore, highly selective membranes can 
minimize or even eliminate the need for downstream purification As will be demonstrated in this 
thesis, membrane reactors (MRs) have been applied or are actively being explored in various 
processes, including hydrogen production and the synthesis of e-chemicals. A sketch of a packed 
bed membrane reactor is reported in Figure 1-8.  
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Figure 1-8: Schematic representation of multi-tubular packed bed membrane reactor. 
This type of reactor is often chosen for its ease of manufacturing, scalability from a single tube to 
multiple tubes and efficient heat exchange. Membrane reactor-concept represented for ammonia 

synthesis reaction [62] 

 

1.5. Structured catalyst  

The traditional packed bed configuration (as represented in Figure 1-8) while valued for 
its straightforward design and substantial catalyst loading capacity, faces several challenges, 
including flow channeling, inconsistent flow distribution, and limitations in mass and heat transfer. 
Moreover, these reactors often encounter significant pressure drops, which increase operational 
costs [63]. In the case of membrane reactors, the low thermal conductivity of packed catalyst beds 
can result in substantial temperature gradients, leading to degradation of both the catalyst and the 
membrane. Designing these reactors requires careful consideration of trade-offs: smaller catalyst 
pellets can improve catalyst utilization and heat transfer but also result in higher pressure drops. 
Balancing these factors adds complexity to achieving optimal designs. To address these challenges, 
alternative catalytic supports have been developed, offering greater design flexibility and enhanced 
control over fluid flow, species distribution, and heat transfer. For example, the nature-inspired 
honeycomb design presents advantages like a high surface-to-volume ratio, enabling efficient gas-
to-solid mass and heat transfer rates, all while ensuring low pressure drops in a homogeneous 
structure [64-65]. Similarly, open-cell foams (OCF) [66] have been introduced, characterized by 
their tortuous solid matrix of interconnected open cells. The diverse solid ligaments within OCFs 
foster fluid mixing, leading to heightened fluid-solid transfer rates. Recently, there has been a surge 
in interest surrounding Periodic Open-Cell Structures (POCS) as a novel catalytic support [67]. 
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These supports are defined by their structured network of consistently shaped, interconnected unit 
cells forming a three-dimensional framework. Combining the advantages of OCFs and honeycombs, 
POCS effectively manage both axial and radial heat transfer while maintaining a uniform structure 
with a reasonable pressure drop. Using additive manufacturing, also referred to as 3D printing, 
POCS could offer a new way to design catalytic supports tailored to specific needs [68-69]. A range 
of 3D printing methods have already been used to produced POCS with precision, including 
robocasting [70] selective electron beam melting (SEBM) [71], selective laser melting (SLM) [72-
73], direct metal laser sintering (DMLS) and stereolithography [74]. The literature also present a 
variety of unit cell types such as cubic [71,75,76], diamond [74-75, 77], octet [78] and triply periodic 
minimal surface (TPMS) [79-82]. Some example of POCS printed by SLM for membrane reactor 
integration are reported in Figure 1-9. Advances in 3D printing have positioned POCS supports as 
a compelling alternative to traditional packed beds, offering significant advantages in heat and mass 
transfer, minimized temperature gradients, and hotspot prevention, all while maintaining low 
pressure drops. The design flexibility of 3D printing allows for localized optimization in critical 
areas of the reactor, such as the inlet or regions near the membrane. However, compared to packed 
beds, POCS have a reduced catalyst holdup due to their open structure, which can impact reaction 
rates that depend heavily on catalyst weight and the fluid-solid interfacial area (cf. Figure 1-10).  

 

 

Figure 1-9: POCS Support for Ambher EU Project proof of concept, 3D-Printed by ENGIE 
Laborelec using Selective Laser Melting with Kelvin Cell design [83] (featuring gyroid and BCC 

lattices and holes for the membranes & thermocouple integration) 
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Figure 1-10: Specific surface area vs porosity of different POCS supports reported in the literature 

[84-85] together with the generalization of a correlation for the kelvin cell plotted for strut 
diameters from 0.3 to 0.9 mm and several cell diameters (dcell) [86]. The pellet bed porosity and 
specific surface area were estimated assuming a simple cubic packing (SCP) i.e. void fraction of 

0.48, pellet diameter ϵ [1-10] mm 

 

1.6. Modelling membrane reactors  

Modeling membrane reactors (MRs) is indispensable for their developments, providing a 
comprehensive understanding of reactor behavior under various operating conditions. It supports 
key engineering tasks such as performance optimization, feedstock comparison, design 
modifications, and industrial scaling. Due to the multiscale nature of MR processes, modeling an 
entire reactor requires integrating phenomena at the microscale (e.g., membrane transport), 
mesoscale (e.g., external mass transfer limitations), and macroscale, including the surrounding 
process environment. (cf. Figure 1-11). At the microscale (~nm–µm), pore-level processes such as 
Knudsen diffusion, surface reactions, and molecular interactions can dominate. These microscale 
phenomena are often parameterized into simplified expressions, which are validated experimentally 
and then incorporated into larger-scale models. For example, the intrinsic rates of reaction are often 
based on assumptions like the Langmuir-Hinshelwood or Eley-Rideal mechanisms.  

The mesoscale (~100 µm–1 mm) focuses on localized transport phenomena within reactor 
internals. For mesoscale reactor modeling, the microscale simplified expressions are integrated with 
transport equations to account for non-idealities like concentration or temperature gradients or 
pressure drops. Computational Fluid Dynamics (CFD) tools plays a critical role here [87-90], 
providing a robust framework for detailed reactor design and optimization. Moreover, CFD can 
generate empirical correlations, such as pressure drop or permeability, which simplify the modeling 
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of localized phenomena and can be incorporated into macroscale models. Compared to experimental 
methods that require specialized equipment for preparation and testing, numerical simulations are 
often faster and more cost-effective. These simulations also enable detailed analysis prior to reactor 
construction, allowing for the exploration of multiple configurations to identify the optimal design 
while providing understanding of how reactor geometry influences transport phenomena. At the 
macroscale (mm-dam), MR modeling focuses on system-wide behavior, integrating the reactor and 
its surrounding process environment, often referred to as the balance of plant (BOP). In this context, 
simplified models, such as 0D or 1D approaches, provide high-level insights into reactor 
performance while maintaining low computational demand. These models depend on inputs from 
smaller scales, such as concentration polarization losses or pressure drop correlations, to ensure 
accurate predictions. 

 

 
Figure 1-11: Multiscale modeling framework in (membrane) reactors. At the microscale, 

molecular simulation (e.g., Monte Carlo and molecular dynamics) can also provide atomistic 
insights, accelerate the design of new catalysts/membrane through computational screening. 

 

1.7. Objectives and scope  

This thesis investigates the application of membrane reactors in Power-to-X processes 
from two main perspectives: First, it explores the potential integration of 3D-printed catalyst 
structures with selective membranes as a means to enhance reactor performance. This approach is 
explored through experimental studies, supported by computational fluid dynamics modeling, to 
assess the impact of POCS design parameters and operational conditions on mass transfer and 
thermohydraulic behavior. Second, it evaluates the deployment of membrane reactors at the 
macroscale level in Power-to-X environments (e.g. choice of e-molecules or choice of process 
configurations). To achieve this, simplified 0D/1D phenomenological models are developed for key 
unit operations, such as membrane reactors, electrolysis, and fuel cells, and are implemented within 
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a process systems engineering (PSE) simulation tool. The thesis manuscript is structured according 
to the following plan: 

Chapter 2 aims to provide a more thorough analysis of recent advancements in MR design and 
applications relevant to Power-to-X systems, focusing on the past decade. The goal is here to 
embrace a larger scope and concisely summarize the progress in membrane reactor and will allow 
the reader to gain a deep understanding of membrane reactor and help identify research gap. It 
provides a background on the topic and examines how membrane reactors have evolved in design 
and application to address key reaction engineering challenges.  

Chapter 3 & 4 investigate the use of MRs in power generation applications. Chapter 3 examines 
their integration with proton exchange membrane (PEM) fuel cells, assessing the impact of fuel 
choice, methanol, ammonia, or methane, on the performance of the fuel processor and genset. 
Chapter 4 explores the advantages and challenges of using MRs compared to conventional Fired 
Tubular Reactors (FTRs) for ammonia cracking in large Combined Cycle Gas Turbine (CCGT) 
plants, emphasizing their potential to improve efficiency and overall performance. 

Chapter 5, 6 & 7 investigate the potential of 3D-printed Periodic Open Cell Structures (POCS) to 
enhance the performance of membrane reactors. First, Chapter 5 investigates how the cell type- 
Kelvin, Body Centered Cubic (BCC), and gyroid lattice- impact the thermohydraulic behaviour of 
a POCS reactor. Then Chapter 6 examines how external mass transfer rates in POCS reactors affect 
ammonia synthesis, both independently and with selective membranes. Finally Chapter 7 extends 
this to ammonia cracking, emphasizing the role of POCS baffles in improving hydrogen permeation 
through palladium-based membranes. 

Chapter 8 evaluates the cost and efficiency of power-to-ammonia process, highlighting the 
advantages of innovative pathways, including MRs and solid oxide electrolysis cell (SOEC) 
integrations.  

Finally, the findings are summarized and an outlook is given.  
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Chapter 2 | Membrane reactors technologies for e-fuel 

processing & production: a review  

Abstract 

This chapter∗ aims to provide a comprehensive analysis of recent advancements in MR (membrane 
reactor) design and applications relevant to Power-to-X systems, focusing on the past decade. Using 
a top-down approach, the study begins with an evaluation of shared design attributes such as main 
membrane materials, heat management, and catalyst configurations, followed by a comparison of 
several laboratory-scale demonstrations and their performance in various process environments. 
Advanced integration in membrane reactors were highlighted, including additive manufacturing for 
optimizing porosity and shape, addressing heat and mass transfer challenges. Combined with electric 
heating, these innovations could result in compact, flexible technologies ideal for the Power-to-X 
framework. Laboratory studies have demonstrated significant conversion enhancements, including 
up to ~250% in methanol synthesis, ~200% in DME synthesis, ~30% in methanol reforming (with 
a large specific membrane area), ~30% in ammonia decomposition, and ~175% in methane 
reforming, as well as the potential to eliminate side reactions, such as those in Fischer-Tropsch 
synthesis. However, differences in membrane properties, catalyst behavior, and operating conditions 
complicate direct comparison across different studies. Despite similar temperature and pressure, 
variations in specific membrane area, space velocity, and driving forces are the main factors causing 
performance differences. These differences are discussed in more detail in this review.  

 

 

 
∗ This review chapter is based on the following paper: S. Richard, P. Olivier, M. Jegoux, C. 
Makhloufi, F. Gallucci, Membrane reactors technologies for e-fuel processing & production: 
Review, Submitted to Int. J. Hydrogen Energy 
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2.1. Introduction  

As noted in Chapter 1 (page 14), MRs can offer a promising solution to the limitations of 
conventional processes by combining reaction and separation in a single unit. This integration 
enables MRs to overcome equilibrium constraints, achieving superior (or similar) performance 
under similar (or milder) operating conditions. This approach also reduces catalyst deactivation and 
side reactions, significantly enhancing target-product yields, achievements often unattainable 
through catalyst development alone. Additionally, the use of highly selective membranes can 
minimize or even eliminate the need for downstream purification. Alternatively, membranes can 
serve as reactant distributors, allowing for precise dosing along the reactor axis, or as contactors, 
facilitating the selective removal of products through interaction with a solvent. MRs have been 
applied, or are currently being explored, in a variety of processes, including hydrogen production 
and the synthesis of e-chemicals. As shown in Figure 2-1, certain applications, such as ammonia 
decomposition, have gained popularity, while others, like methanol reforming, have attracted only 
modest interest. Meanwhile, processes like ammonia synthesis remain rarely mentioned in the 
literature. In terms of development trajectory, these reactors follow a similar path. Early laboratory-
scale studies typically focus on minimizing mass and heat transfer limitations to address kinetic and 
thermodynamic constraints. As development progresses towards industrial applications, optimizing 
heat and mass transfer becomes crucial. This requires refining catalyst configurations, heat 
management strategies, and developing membranes that are thermally, chemically, and 
mechanically stable under process conditions. These considerations open numerous design 
possibilities (cf. Figure 2-3) and hold significant potential for advancing Power-to-X processes, 
particularly in the creation of compact and dynamic systems.  

Although more than 30 reviews (e.g., [1-5]) have examined membrane reactors from various 
angles, none have specifically addressed their potential within the Power-to-X framework. A 
thorough review on this subject seems essential to consolidate the state of the art across different 
applications, assess MR performance from a comparative perspective, and clearly highlight the 
research gaps and technological challenges that must be addressed to make membrane reactors a 
viable industrial solution. This chapter aims to offer a comprehensive overview of the evolving 
design and key applications of membrane reactors in Power-to-X processes, highlighting their role 
in addressing common reaction engineering challenges over the past decade. Adopting a top-down 
approach, the chapter begins with an assessment of shared design features, including membrane 
materials, heat management, and catalyst configurations, and then compares several laboratory-scale 
demonstrations and their performance in various process environments. 
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Figure 2-1: Annual publication trends on various membrane reactor applications obtained by a 
Scopus search of 'Membrane Reactor' and relevant keywords (cf. legend) in research and review 

articles (accessed on 5/08/2024) 
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2.2. Performance Indicators generally used  

To compare experimental results, several key performance indicators (KPIs) are used to 
assess membrane performance, including permeance (.�), permeability (/+�), and selectivity (0�/2) 

as defined per Eq. 2.1-2.3. Permeance represents the species flux across the membrane (3�) per unit 
pressure difference 4/�, while permeability is the permeance normalized by membrane thickness 
(t7). Selectivity is the ratio of the permeance of one gas to another under the same conditions.  

.� = 9:
;<:

   Eq. 2.1 

/+� = =:
>?

   Eq. 2.2 

0�/2 = =:
=@

  Eq. 2.3 

In evaluating membrane reactor performance, key performance indicators (KPIs) include 
feedstock conversion (Xi), product yield (Yi), and the recovery factor (RF). Conversion, as defined 
in Eq. 2.4, measures the percentage of reactants transformed into products, while product yield (Eq. 
2.5) is the ratio of the desired product’s molar flow rate to that of the limiting reactant (or all 
reactants), reflecting the efficiency of converting reactants into the desired product. The recovery 
factor quantifies the amount of pure compound successfully separated by the membrane. However, 
the definition of these KPIs can vary across studies; for instance, the hydrogen recovery factor (HRF) 
can be calculated based on either the maximum possible hydrogen production at full conversion or 
the actual conversion achieved, as outlined in Eq. 2.6 and Eq. 2.7 [6-8]. Another important KPI is 
the enhanced conversion in the membrane reactor (MR) compared to a traditional reactor (TR), 
where TR refers to a conventional reactor without a membrane, as defined by Eq. 2.8. Additionally, 
specific membrane area (SMA) - the membrane surface area per unit mass of catalyst - and gas 
hourly space velocity (GHSV), which normalizes the flow rate at standard conditions by either 
reactor volume or catalyst mass, are critical parameters. These factors play a significant role in 
reactor efficiency, influencing both conversion rates and scalability. 

A��B�$B
$ = �CDEFGEHG,:HJDG '�CDEFGEHG,KLGJDG

�CDEFGEHG,:HJDG . 100  Eq. 2.4 

O� = P�:KLG
JDG ,�:KLG
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2.3. Membrane reactors design  

This section evaluates the shared attributes commonly encountered in MR design, 
beginning with catalyst configurations (e.g., packed bed, fluidized bed, structured bed), followed by 
an analysis of the main membrane materials (e.g., H2-selective membranes or water-selective 
membranes), the permeation driving force, and a discussion on heat management. 

 

2.3.1. Catalyst configuration 

2.3.1.1. Packed-bed  

Membrane reactors can be designed with various catalyst configurations, with the packed 
bed being the most common and often the first to be tested due to its simplicity. However, packed 
bed membrane reactors (PBMRs) face industrial challenges such as flow channeling, pressure drops, 
and poor heat and mass transfer, which can negatively impact permeation efficiency. These 
challenges are particularly pronounced in high-flux membranes, where mass transfer limitations, 
known as concentration polarization, arise from the buildup of species in the retentate, leading to 
reduced membrane performance (cf. section “2.3.3. Permeation reduction”) Additionally, the low 
thermal conductivity of packed beds can create temperature gradients due to reaction exo- or 
endothermicity, accelerating catalyst degradation, increasing byproduct formation, and posing 
safety risks (e.g. thermal runaway). These issues may also reduce membrane flux and stability. 
Traditional industrial solutions for managing reaction heat include quench reactors, which inject 
fresh feed gas to regulate temperature, and mostly externally cooled multi-tubular reactor, such as 
the Lurgi™ design developed in 1970s for methanol synthesis (now part of Air LiquideTM since 
2007 [9]). Dieterich et al. (2022) [10] in their review highlighted alternative advanced designs 
focused on efficient temperature control, low pressure drop, and scalability. Examples include 
LindeTM's Variobar process with coil-wound heat exchangers, ToyoTM's Multi-Stage Radial Flow 
reactor with bayonet tubes for minimal pressure drop, MitsubishiTM's "Superconverter" integrating 
gas cooling and steam raising, and Methanol CasaleTM's Isothermal Methanol Converter with hollow 
plates for precise temperature management. Reducing radial temperature gradients can also be 
achieved by using smaller tube diameters, though this often leads to an increased number of tubes 
and higher overall investment costs. Other strategies involve reducing catalytic activity by diluting 
the catalyst bed or increasing the gas inlet velocity to enhance convective heat transfer. However, 
these adjustments may necessitate the use of longer reactor tubes to ensure sufficient residence time 
for the reaction, which can, in turn, result in higher pressure drops [11]. Balancing these factors is 
essential to ensure efficient heat management without compromising reactor performance. To 
further address the limitations of packed bed reactors, researchers have explored innovative designs 
such as fluidized bed membrane reactors (FBMRs) and structured reactors. These alternatives are 
particularly suited for highly energetic processes like methane reforming and propane 
dehydrogenation [12, 13]. Some of these concepts are illustrated in Figure 2-3 compared in Table 

2-1 and discussed hereafter.  
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Figure 2-3: Examples of membrane reactor concepts for hydrogen production: (a) Conventional 
packed bed reactor (b) Multi-tubular membrane reactor (packed or structured bed) (c) Fluidized 

bed reactor (d) Chemical looping  
 

Table 2-1: Relative comparison of three different catalyst configurations (+++ ↔Good / ++ 
↔Medium /+ ↔ Bad performance with respect to the criteria)  

Criteria Packed bed Fluidized bed Periodic Open Cell 
Structure (POCS)  

Low Pressure drop + ++ ++/+++ 
High radial heat transfer 

and mass transfer 
+/++ +++ ++/+++ 

Scale up ease +++ + ++ 
Membrane preservation 

(e.g. prevent erosion) 
++ + +++  

Low manufacturing cost +++ + ++ 

Catalyst loading +++ ++ + 
Changing/recycling the 

catalyst 
+++ ++ +  

Design freedom + + +++ 

 

2.3.1.2. Structured-bed 

Cellular structures, such as open-cell foams (OCF), present a promising solution to address 
heat and mass transport limitations in catalytic reactors. These novel fixed-bed supports, made from 
conductive metals like AlSi10Mg (120 W/m/K), IN718 (11.4 W/m/K), and Ti6Al4V (6.7 W/m/K), 
enhance overall heat transfer through thermal conduction and promote high radial mixing due to 
their tortuous fluid paths, all while maintaining reasonable pressure drops and short contact times 
[14]. Yan et al. (2022) [15] demonstrated that silicon carbide (SiC) OCF reactors, combined with 
palladium membranes and Ru-based catalysts, can outperform packed beds, particularly at higher 
temperatures, by improving radial mass transfer and achieving greater gas flow rates. Additionally, 
Periodic Open-Cell Structures (POCS) have emerged as innovative catalytic supports with 
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interconnected cells in various shapes (e.g., cubic [17-19], diamond [18, 20-21], octet [22] and triply 
periodic minimal surface (TPMS) [23-26].), forming highly regular three-dimensional structures. 
These supports combine the advantages of OCF by enhancing both axial and radial gas-solid transfer 
rates while maintaining a consistent and uniform framework.  

3D printing offers a promising approach for fabricating POCS, with the added benefits of 
reducing material waste and improving energy efficiency compared to traditional subtractive 
manufacturing methods [27]. Techniques such as robocasting [28], selective electron beam melting 
(SEBM) [17], selective laser melting (SLM) [11, 29-30], direct metal laser sintering (DMLS), and 
stereolithography [20] have already been employed to produce highly reproducible POCS. For 
example, lattice structures with struts as fine as 0.5–0.6 mm can be achieved, while ceramic 
stereolithography allows for even greater precision, producing structures with dimensions as small 
as 0.2 mm [31]. While predominantly investigated in thermohydraulic studies (e.g. heat transfer [14, 
24, 32-33] and pressure drop [24,33]), POCS are also beginning to demonstrate promising success 
in reactive processes affected by external heat and mass transfer limitations. These include 
methanation [23,28], methanol synthesis [34], Fischer Tropsch [35], methane reforming [36-37] or 
methanol reforming [38], ammonia cracking [39] CO oxidation [20,40] methanol oxidation [11] and 
ammonia synthesis (cf. Figure 2-4.A). The superior conductive heat transfer properties of POCS 
were utilized for isothermal kinetic measurements at elevated temperatures, particularly under low 
flow rates due to superior conductive heat transfer compared to a packed bed [11]. This allows for 
safer operation in harsher environments, such as higher wall temperatures and increased catalyst 
loadings, while also potentially reducing catalyst deactivation through improved temperature 
control. However, at high flow rates, packed beds perform better due to increased convective heat 
transfer, though at the expense of higher pressure drops [14]. Additionally, wall coupling is crucial, 
as even a small contact area (10-20%) significantly enhances heat transport, as demonstrated by 
Busse et al. (2018) [14] (cf. Figure 2-4.C). 3D printing offers design flexibility to optimize transport 
properties in key reactor areas, such as membranes and inlets, through advanced designs like 
optimized lattice orientations, new cell shapes, or porosity gradients (cf. Figure 2-4.D).  

Despite the promising benefits of POCS, converting them into active catalytic supports 
poses significant challenges. With a few exceptions, so called self-catalytic POCS [38,41], the 
structures reported so far are typically not catalytically active. The development of uniform catalytic 
layers on the POCS support, which remain active and stable under the reaction's operational 
conditions, is a crucial aspect of this technology. A variety of activation techniques have been 
employed [42] involves investigated depositing catalytically active phases on metallic supports, 
including chemical vapor deposition (e.g. Ti–6Al–4V diamond lattice [43]), solution combustion 
synthesis [36,44], and washcoating (e.g. iron based OCF [45], copper based diamond cell [46] or 
aluminium based cubic cell [40]), each aimed at anchoring a catalytically active phases onto the 
POCS. These methods involve a series of additional stages after the printing process that can 
increase the cost of this type of structure investigated. For instance, the washcoating method, one of 
the most common methods, involves multiple steps: including preparing and controlling powder 
materials, dispersing them in a solvent, adjusting the slurry's viscosity, applying the slurry through 
dip and spin coating to achieve a homogeneously thick active material layer, followed by drying or 
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calcination, and repeating the process until the desired loading is achieved. The SCS method seems 
to be promising in terms of time reduction, it takes the advantage of an exothermic, very quick and 
self-sustaining chemical reaction between metal/oxides precursors and an organic fuel (i.e., urea), 
resulting in the synthesis of nanocrystalline oxide powders over the surface of structured supports, 
however, it is more suitable for activating ceramic-based supports. These methods are particularly 
beneficial for mass transfer-limited processes, as they can lead to higher specific activity per catalyst 
mass compared to conventional packed beds. However, in kinetically limited processes, the lower 
catalyst loading may necessitate reactor oversizing. A potential solution could involve combining 
POCS supports with catalyst particles, as proposed by Politecnico di Milano, by packing the cavities 
with catalyst pellets. However, this approach may compromise the pressure drop advantage typically 
provided by POCS [47].  

 

 

Figure 2-4: (A) POCS Support for Ambher EU Project proof of concept, 3D-Printed by ENGIE 
Laborelec using Selective Laser Melting  [48] (B) Temperature profile comparison: conventional 
reactor randomly packed beds of egg-shell catalyst vs. POCS Reactor made of AlSi10Mg under 

similar catalytic loading [11] (C) Overall heat transfer coefficient Uov vs. superficial mass velocity 
G with varying wall couplings [14]. (D) POCS with increasing porosity from inlet to outlet, as 
shown in the plot on the right. Both structures offer the same overall specific surface area and 

porosity [11] 

 

2.3.1.3. Fluidized-bed  

In Fluidized Bed Membrane Reactors (FBMRs), membranes are immersed in a catalytic 
bed that operates under bubbling to turbulent fluidization regimes, as shown in Figure 2-3.c. One 
of the key advantages of fluidized beds is their low pressure drop and uniform temperature profile, 
achieved through the internal circulation of solids. The integration of membranes in a fluidized bed 
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has been shown to create a synergistic effect, improving fluidization behavior by 
compartmentalizing the bed, reducing axial back-mixing, and decreasing average bubble size 
through enhanced bubble breakage. This leads to improved mass transfer between bubbles and the 
emulsion phase [49]. Despite these benefits, FBMRs face challenges like erosion of catalysts and 
membranes from particle movement. Additionally, membrane extractive flux can create densified 
zones near the membrane, negatively impacting hydrogen extraction and recovery. Voncken et al. 
(2019) [50] provided numerical insights, showing that 500 μm particles help minimize densified 
zones, whereas 250 μm particles significantly increase emulsion phase density near the membrane, 
reducing local hydrogen flux. FBMRs are generally considered promising for scaling up membrane 
reactor applications, especially in endothermic processes like methane reforming [51], where precise 
temperature control is key to optimizing hydrogen production and membrane longevity. Adris et al. 
(1997) [52] were among the first to demonstrate hydrogen removal in FBMRs for steam methane 
reforming using palladium membranes. Since then, extensive research has been conducted through 
both experimental studies and modeling efforts. 

 

2.3.1.4. Catalytic membrane 

Catalytic membranes offer an alternative approach, directly integrating the catalyst into 
the membrane support, where it serves both as nucleation sites for membrane deposition and as 
active sites for chemical reactions. This close membrane-catalyst proximity minimizes transport 
limitations, enabling high performance even with minimal catalyst loading. Additionally, this 
configuration shields delicate membranes from abrasion by catalyst particles, a common issue in 
packed bed reactors. Mechanical damage, such as scratching, is also reduced since the membrane is 
not directly exposed to external surfaces, enhancing its durability and practicality [53-54]. This 
design offers a promising solution for improving durability and performance in membrane reactors. 
The challenge of low catalyst loading, similar to that faced by structured supports, can be addressed 
by packing catalyst particles at the interface of the catalytic membrane, as demonstrated in Figure 

2-5 for ammonia cracking applications.  

 

 
Figure 2-5: (A) Sketch of the catalytic membrane reported proposed by Sitar et al. [54] for 

ammonia decomposition application (the authors also added catalyst in the lumen of the 
membrane) (B) SEM of the catalytic membrane reactor proposed by Li et al. [55] 
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2.3.2. Membrane choices 

2.3.2.1. Hydrogen selective membrane  

 Palladium membranes  

Dense palladium-based membranes are widely considered the most effective for hydrogen 
production in membrane reactors due to their excellent permeability and selectivity as shown in 
Figure 2-6.A palladium membrane reactors often function as extractors in hydrogen production 
processes such as methanol reforming, methane reforming, ammonia decomposition, and propane 
dehydrogenation. Additionally, although less commonly demonstrated experimentally, they can 
serve as distributors for controlled hydrogen introduction along the reactor axis in e-fuel synthesis 
pathways, including ammonia synthesis [56] and Fischer-Tropsch synthesis [57-58]. Their 
performance is highly dependent on factors such as temperature, transmembrane pressure, and 
membrane thickness. To improve the long-term performance and high-temperature stability of 
palladium membranes, ongoing research focuses on different alloying and advancements in support 
materials. Alloying palladium with metals such as silver, yttrium, gold, and copper has been shown 
to reduce embrittlement below 300 °C and mitigate the poisoning effects of contaminants like H₂S 
and CO [57,59]. Supported membranes on porous structures, such as ceramics and porous stainless 
steel (PSS), are favored for their high mechanical strength, ability to withstand high pressure 
differentials, and the capability to support thin palladium layers. Metallic supports, while robust and 
capable of reducing sealing struggles, face challenges in matching the deposition-ready nature of 
ceramic supports counterparts, often requiring an inter-metallic diffusion barrier between the support 
and the Pd-based layer [60] (Figure 2-6.B). The use of very thin Pd-based membranes increases 
hydrogen permeability and reduces material costs, but this comes at the expense of selectivity. 
Thinner membranes are more prone to defects, which can allow small contaminants like CO or NH3 
to pass through (Figure 2-6.C). These problems associated to defects can be exacerbated under high 
pressure differentials; for example, Anzelmo et al. (2017) [8] observed a drop in selectivity from 
near-infinite at 100 kPa to values of 9000 and 40000 at 200 kPa, attributed to membrane defects. 
Several long-term tests have demonstrated stable performance over 600-1000 hours of operation 
[61], nonetheless performance declines are still commonly observed especially at temperatures 
above 550 °C (Figure 2-6.D).  
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Figure 2-6: (A) Example of ideal H2-N2 Selectivity vs H2 Permeability for various Pd-
based membranes collected at around 1 bar transmembrane pressure [62-73] (B) Ideal selectivity 
vs permeance at different membrane thickness taken from Melendez et al. (2017) [65] (C) H2/N2 

selectivity obtained during long-term stability tests conducted across various temperature [64,71, 
73, 74-75] (D) SEM of a Pd-Ag membrane supported on ceramic coated Hastelloy X porous tube 

[60] 

 

 Non palladium membranes  

To remove hydrogen, non-palladium membranes such as silica [7, 55], zeolite [72] and 
carbon molecular sieve membranes (CMSMs) [76-77] have emerged as cost-effective alternatives 
to palladium membranes (cf. Figure 2-7.A), each with unique advantages and limitations. These 
membranes typically separate hydrogen through size exclusion, which often results in lower 
selectivity compared to dense inorganic palladium membranes (cf. Figure 2-7.B & C). Although 
these membranes can achieve higher H2 recovery in some cases, additional purification steps are 
usually required to meet the high purity standards necessary for fuel cell applications. CMSMs, 
produced through the pyrolysis of polymer precursors, offer high separation factors and mechanical 
stability, with permeance values comparable or higher to those of zeolite. These membranes have 
shown promise in gas separation and membrane reactor applications, sometimes even surpassing the 
Robeson line for polymeric membranes and approaching the lower selectivity range of palladium 
membranes. Additionally, new materials like graphene and other two-dimensional (2D) atomically 
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thin structures are gaining attention due to their minimal thickness, high mechanical strength, 
chemical stability, and the ability to create selective nanoscale pores within their unique layered 
lattices [78]. Wu et al. (2024) [79] reported that MXene (titanium carbide, Ti3C2TX) exhibited 
performance comparable to zeolite membranes in ammonia cracking applications. Table 2-2 
presents several examples of non-palladium hydrogen-selective membranes tested in reaction 
environments. 

 

Figure 2-7: (A) Cost breakdown of various membrane types [80] (B) Comparison of ideal H₂–N₂ 
selectivity versus H₂ permeability for palladium-based and other membranes, including CMSM 

and polymeric membranes (C) Performance details of non-palladium membranes, highlighting the 
2008 and 2015 Robeson upper bound limits [81]. Note: for membranes without a specified 

thickness in the source article, a thickness of 1 μm was assumed for permeability calculations. 
Araújo et al. (2024) [82] Rodrigues et al. (2019) [83] Hosseini et al. (2009) [84] Ogieglo et al. 

(2019) [85] Llosa Tanco et al. (2021) [86] Li et al. (2015) [87] Moral et al. (2024) [88] Lei et al. 
(2021) [89] Gallucci et al. (2004) [90] Rodriguez-Vega et al. (2021) [91] Ghasemzadeh et al. 

(2015) [7] Li et al. (2013) [55] Cechetto et al. (2024) [77] Jiang et al. (2021) [72] Wu et al. (2024) 
[79]  
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2.3.2.2. Hydrophilic membranes  

To tackle water accumulation in CO/CO₂ hydrogenation, which can limit reaction 
equilibrium and deactivate catalysts, water-selective membranes have been proposed. However, 
developing these membranes is challenging due to the need to selectively extract water (kinetic 
diameter of ~2.6 Å) from small gases like H2 (~2.9 Å) under the harsh conditions typical of e-
chemical processes, which often exceed 200 °C and 20 bar. Owing to their high thermal stability, 
inorganic materials like zeolites [92-93] or CMSM [94] as shown in Table 2-3, have been tested in 
reaction environments. This selectivity can arises from pore blocking by condensed H₂O in the 
micropores, which prevents other gases from penetrating. However, at elevated temperatures, the 
hydrophilicity diminishes, reducing the pore-blocking effect and consequently the selectivity 
towards H₂O [94]. While polymeric membranes are typically unsuitable for high-temperature 
applications due to challenges like plasticization and swelling, certain types, such as polyimide 
membranes, have demonstrated promising selectivity (0��b/��= 200 at 300 °C) [95], albeit with 

moderate durability due to operation at temperature close from their glass transition temperature. 
Their ease of processing and ability to form hollow fiber membranes with high surface-area-to-
volume ratios make them worth further investigation for applications requiring high permeation rates 
per unit reactor volume. In a follow up study from the same group, Hyeon et al. (2023) [96] 
developed a thermally rearranged polybenzoxazole membrane that demonstrated high H₂O 
selectivity up to 440 °C, offering a promising solution for water extraction in extreme conditions.  

 

Table 2-3: Examples of recent water-selective membrane performance tested in reaction 
environments  

Author Material Single 
or gas 

mixture 
tests  

Temp 
(°C)  

Pressure 
gradient 

(bar)  

Thick
-ness 
(μm)  

H2O Permeance 
z{| z'}~'���'� 

Selectivity  Reaction 
H2O/ 
CO2 

H2O/ 
CO 

H2O/
H2 

H2O/ 
MeOH 

H2O/ 
DME 

Li et al. 
(2020)  

[97] 

Na+ gated 
micro 

channel 
(zeolite) 

mixture  200 21 3 4.86 ∗ 10'� 786 112 128 49 - Methanol 
synthesis  

Li et al. 
(2020)  

[97] 

Na+ gated 
micro 

channel 
(zeolite) 

mixture  250 21 3 1.85 ∗ 10'� 373 87 92 41 - Methanol 
synthesis  

Seshimo 
et al. 

(2021)  
[98] 

Si- rich 
LTA 

zeolite 

Mixture 
10/90 
wt% 

200 - - 1.5 ∗ 10'� - - - 2000 - Methanol 
synthesis  

Poto et al. 
(2023) 

[99] 

boehmite-
phenolic 

resin 
(CMSM)   

Single 
Gas  

200 - 
 

34 1.39 ∗ 10'� 2.37 3.99 2.06 2.39 - DME 
synthesis  

Ateka et 
al. (2021) 

[92] 

 LTA 
zeolite 

Mixture   275 - - 7.9 ∗ 10'� 0.56 2.39 1 1.62 8 DME 
synthesis  

Sakai et 
al. (2022) 

[100] 

ZSM-5 
membrane 
(zeolite) 

Single 
Gas  

250 - 1 3.89 ∗ 10'� - - 2.24 - - RWGS 

Sakai et 
al. (2022) 

[100] 

ZSM-5 
membrane 
(zeolite) 

Single 
Gas  

350 - 1 3.58 ∗ 10'� - - 1.35 - - RWGS 
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Hyeon et 
al. (2023) 

[96] 

Polybenzo
xazole 

membrane  

Single 
gas  

250  2 48 7.91 ∗ 10'� 133 528 44 - - RWGS & 
FT 

Hyeon et 
al. (2023) 

[96] 

Polybenzo
xazole 

membrane 

Single 
gas  

400 2 48 1.74 ∗ 10'� 224 488 60 - - RWGS & 
FT 

 

2.3.3. Permeation reduction  

When designing membrane reactors, it is also important to address potential permeation 
reduction to avoid underestimating the required membrane surface area. This reduction can mainly 
be caused by two factors: concentration polarization and competitive adsorption involving species 
such as H2S or CO.  

In concentration polarization, non-permeable species accumulate near the membrane, 
forming a boundary layer that reduces permeate flux Figure 2-8.A shows this effect in palladium 
membranes, where significant permeation reduction is observed, with polarization becoming more 
pronounced under conditions of low hydrogen content but also high driving force, and reduced space 
velocity. While this issue is well-documented in high flux palladium membranes, its impact on 
porous, less selective membranes is less clear. For example, Cechetto et al. (2024) [77] reported no 
noticeable concentration polarization effect on a CMSM membrane with a H2/N2 selectivity of 165, 
possibly due to the small specific membrane area (SMA) used in their study. Methods for mitigating 
the impact of concentration polarization have often been proposed through numerical simulations, 
focusing on strategies such as: (i) increasing convective forces and (ii) designing baffles to enhance 
radial mass transfer, which is typically lacking in catalytic packed bed reactors [101]. During the 
scale-up of multi-tube membrane reactors, concentration polarization can also intensify due to 
overlapping zones from adjacent membranes, reducing recovery. Voncken et al. (2019) [50] 
highlighted this in a fluidized bed reactor (cf. Figure 2-8.B) study using a Euler-Euler approach 
with 500 μm particles under bubbling fluidization. The effect was found more pronounced when 
membrane spacing was below 2 cm.  

Regarding permeation reduction due to competitive adsorption, Figure 2-8.C illustrates 
the impact of CO on hydrogen flux, showing a steep initial decline in flux with just 5% CO, followed 
by a more gradual reduction as CO concentration increases. Studies have shown that CO 
significantly hinders hydrogen permeation in Pd-based membranes, especially at lower temperatures 
or higher CO concentrations [57,65,102]. In CO-rich environments (up to 30%) and at temperatures 
around 250 °C, hydrogen flux can decrease by more than 70% [57]. 
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Figure 2-8: (A) Comparison of hydrogen flow rates obtained from experimental data on Pd 
membrane and modeled results for mixtures with different hydrogen inlet contents; solid line 
represents the ideal case, while the dotted line accounts for mass transfer limitations at 400 °C 

[103] (B) Averaged hydrogen mole fractions with an inter membrane distance of 1.75 cm 
simulated on a fluidized bed membrane reactor [50] (C) H2 flux through a Pd-Ag membrane with 
varying CO concentrations (5% to 15%) at 400 °C as a function of H₂ partial pressure difference 

[65]  

 

2.3.4. Membrane-catalyst contact  

It is worth noting that the catalyst can be placed either inside the membrane tube (lumen) 
[74,91] or on the shell side, with the permeate collected on the opposite side of the membrane. The 
latter configuration provides greater flexibility in adjusting the membrane area relative to bed 
volume and is often preferred for scale-up applications [51]. An alternative method to increase 
membrane area is the use of hollow fiber membranes [6,96,104].  

 

2.3.5. Permeation driving forces  

The choice of driving force in membrane reactors is crucial and must suit the specific 
membrane. A pressure gradient, achieved by either applying a vacuum or using a sweep gas, is 
commonly used. For selective membranes like palladium, a simple pressure drop is often sufficient. 

A. B. 

C. 
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However, for porous membranes, a sweep gas is preferred as it helps retain reactants, operates at 
lower pressure gradients, dilutes permeated species, and assists with thermal management [99]. For 
example, using reactants as a sweep gas in methanol steam reforming enhances performance and 
reduces CO production, while a similar approach in methanol synthesis helps retain H2. This 
approach, sometimes combined with a pressure drop, can significantly enhance the efficiency of a 
membrane reactor. The recovery efficiency depends on the sweep gas flow configuration, with 
counter-current flow generally outperforming co-current flow. However, at high sweep gas flow 
rates, the performance differences between the two configurations have been reported as negligible 
[62]. 

 

2.3.6. Heat management  

Effective heat management is essential in membrane reactors to avoid temperature 
gradients that can damage catalysts and membranes. Common strategies include catalyst dilution, 
high flow rates, and external cooling, which help mitigate hotspots and minimize conversion losses. 
Additionally, membranes can contribute to heat management by evenly distributing reactants along 
the reactor axis, promoting a uniform temperature profile. The introduction of a sweep gas further 
supports a homogeneous temperature distribution. For endothermic reaction direct combustion 
within the catalytic bed, using a burner with heat provided by immersed tubes carrying hot flue 
gases, is a viable option. Alternatively, autothermal reforming, where air or oxygen is fed directly 
into the reactor, has proven effective, especially in fluidized bed reactors to avoid hot spots, as 
demonstrated in methane reforming [105]. Another approach is chemical looping (cf. Figure 2-3.e), 
where a membrane reactor with a solid oxygen carrier acts as a catalyst [106]. The carrier is 
regenerated in an air reactor for continuous use in a fluidized bed catalyst configuration, offering an 
innovative method for managing heat and reaction efficiency. Thermally coupling exothermic and 
endothermic reactions is another effective strategy. For example, Pati et al. (2020) [107] successfully 
coupled propane dehydrogenation with CO₂ hydrogenation in a membrane reactor. When green 
electricity is available, emerging methods like electricity-driven heating, such as Joule, induction, 
and microwave heating, could offer significant potential for dynamic operation. By supplying energy 
directly to the catalyst through close contact with the heat source, these methods offer precise control 
over the reaction front, making them particularly suitable for systems that demand exact thermal 
management. Electrification also brings additional benefits, including eliminating the need for a 
furnace, reducing reactor volume, lowering CO₂ and NOx emissions, and minimizing waste heat 
streams. A review by Zheng et al. (2024) [108] identified Joule heating as particularly promising, 
noting that the knowledge from furnace heating can be directly applied to Joule-heated catalytic 
reactors. Plasma-assisted reactors, with or without catalysts, are also emerging as promising methods 
for efficient heat transfer [109-111].  

 

2.4. Lab scale performance  

This section reviews laboratory-scale applications of membrane reactors for various e-
chemical reactions and hydrogen production, as summarized in Table 2-4. Equilibrium conversions 
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are plotted in Figure 2-9. From a thermodynamic perspective, hydrogen production processes are 
endothermic and require high temperatures for significant conversion, whereas exothermic e-
chemical production typically benefits from lower temperatures. Methanol and DME synthesis are 
exceptions, as they involve both exothermic and endothermic reactions, leading to non-monotonic 
CO₂ equilibrium conversion. At lower temperatures, the exothermic reactions are favored, while at 
higher temperatures, the endothermic reverse water-gas shift (RWGS) reaction becomes more 
dominant due to the presence of H2O, H2, and CO. In the case of methanation, the highly exothermic 
nature of the CO and CO₂ hydrogenation reactions masks the effect of the RWGS. The significant 
heat release from methane formation dominates the reaction equilibrium, suppressing the influence 
of RWGS even under conditions where it might otherwise become relevant. Pressure also plays a 
critical role in these reactions. For hydrogen production, higher pressures tend to reduce conversion, 
as the reaction produces more moles of product, leading to volume expansion (Le Châtelier 
principle). On the other hand, higher pressures generally improve conversion in e-chemical 
synthesis, where reactions benefit from the compression effect. Although membrane reactors can 
offer an elegant, integrated solution by combining reaction and separation into a single unit, this 
approach is not always superior to using separate reactors and separation units, where each process 
step can be optimized independently. In membrane reactors, the integration of catalyst and 
membrane requires careful optimization of reactor geometry and operating conditions to balance 
conversion, which may be limited either by thermodynamics or catalytic performance, and the 
permeation rate of species, as illustrated in Figure 2-10 highlighting two limiting regimes. In a 
conversion-limited regime, the system's performance is dictated by the catalyst's efficiency or the 
thermodynamic equilibrium. Here, the production of reactants is insufficient relative to their 
extraction by the membrane, and the membrane's influence on the overall system behavior is 
minimal (e.g., due to insufficient membrane area or excessively high GHSV). Conversely, in a 
permeation-limited regime, the membrane’s permeance becomes the bottleneck. The membrane's 
removal capacity surpasses the rate of reactant production, which can lead to uneconomical 
operation (e.g., due to excessive membrane area or very low GHSV). Achieving the right balance 
between reaction and permeation is thus critical for optimal system performance.  

 

Figure 2-9: Equilibrium conversion as a function of temperature and pressure obtained using 
Aspen PlusTM & Peng Robinson equation of state: (A) Synthesis reactions (H2/CO2=3 for 

A. B. 



2. Membrane reactor review    Chapter 2 

45 

 

methanol & DME synthesis, H2/CO2 = 4 for methane synthesis and H2/N2=3 for ammonia 
synthesis) (B) Steam reforming / decomposition reactions (SCR=1 and 3 for methanol and 

methane respectively) 

 

Table 2-4: Reactions where membrane reactors are considered beneficial in power-to-x 
applications 

 Synthesis Reforming/ Cracking 

Methanol 

�&) + 3�) ⇄ ��h&� + �)& 4��° = −49.5 �3
km�  CO) ℎ��^m�+o�p�mo

H) + �O) ⇄ �& + H)& 4��° =  41.2 kJ
mol  T���

�& + 2H) ⇄ CHh&� 4��° = −90.5 kJ
mol �& ℎ��^m�+o�p�mo

 

��h&� + �)& ⇄ �&) + 3�) 4��° = 49.5 �9
# V  �p+�k T+�m^k�o� 

�& + �)& ↔ �) + �&) 4��° = −41.2 �3
km�  ��� 

��h&� ↔ �& + 2�) 4��° = 91 �3
km� �+pℎ�om� �+�mklm��p�mo 

DME 

�&) + 3�) ⇄ ��h&� + �)& 4��° = −49.5 �3
km�  CO) ℎ��^m�+o�p�mo

H) + �O) ⇄  �& + H)& 4��° = 41.2 kJ
mol  T���

�& + 2H) ⇄ CHh&�  4��° = −90.5 kJ
mol  �& ℎ��^m�+o�p�mo

2��h&� = CHh&��h + �)&  4��° = −23.4 kJ
mol �+pℎ�om� �+ℎ��^�p�mo 

 
Not considered in this review as DME is more likely to be used directly 

rather than as a hydrogen carrier. 

Ammonia 

 ) + 3�) ⇄ 2 �h 4��° = −45.92 kJ
mol 

This reaction is not included in this review as, to our knowledge, only a 

single research study addresses ammonia synthesis using a membrane 

reactor (distributor role) [56] 

 �h ⇄ 1
2  ) + 3

2 �) 4��° = 45.92 �3
km� 

 

Methane 

�&) + 4�) ⇄ ��¡ + 2�)& 4��° = −165 �3
km�  CO) ℎ��^m�+o�p�mo 

H) + �O) ⇄  �& + H)& 4��° = 41.2 kJ
mol T��� 

�& + 2H) ⇄ ��¡ + �)&  4��° = −206  kJ
mol  �& ℎ��^m�+o�p�mo 

Not considered in this review, as the thermodynamic conversion is already 

high under such conditions and is very rarely studied in the literature for 

membrane reactors. 

��¡ + �)& ↔ 3�) + �& 4��° = 206 �3
km� �p+�k T+�m^k�o� 

CO + H)O ↔ �) + CO) 4��° = −41.2 kJ
mol ��� 

FT 

H) + �O) ⇄  �& + H)&   4��° = 41.2 �3
km�  T��� 

�& + 2�)  ⇄ (−��) −)
 + �)&   4��° ≈ −195 �3
km� 

Not considered in this review. FT fuels (e.g. diesel or gasoline) are 

meant to be used for combustion applications. Alternatively it can be 

useful to crack some derived product (e.g. propane) [13]. 
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MEMBRANE REACTOR REGIMES 

Conversion limited  Permeation limited  

High product recovery   Low product recovery   

Driving 

force 

SMA

GHSV

Design & operational parameters   

 
Figure 2-10: Membrane reactor regimes 

 

2.4.1. E-Chemical production  

2.4.1.1. Methanol synthesis  

Traditional methanol synthesis relies on Cu-based catalysts like Cu/ZnO/Al2O3, but their 
effectiveness decreases when pure CO2 is used as the sole carbon source. To overcome this 
challenge, researchers have explored alternative Cu-based formulations with various oxide supports 
and promoters, such as ZrO2, CeO2, Fe2O3, SiO2, and TiO2 [91,104]. Pioneering work by Struis et 
al. (1996) [112] firstly introduced the application of membrane reactors to improve methanol 
conversion, conducting experiments with a lithiated NafionTM membrane at 200 °C.  Building on 
this, more thermally resistant membranes, such as zeolites (e.g. NaA [53], A [54], LTA [55]) have 
been developed, focusing on removing either methanol [55] or water [53] from the reaction 
environment thus alleviating thermodynamic limitations. Figure 2-11 highlights some of the recent 
progress in this area. Notably, Li et al. (2020) [97] developed a sodium ion-gated water-conduction 
nanochannel membrane using NaA zeolite crystals, achieving a more than 200% improvement in 
yield and conversion by removing 95% of water in situ, resulting in very high-purity methanol at 
95.9 wt%. The performance of this membrane, with high selectivities of H2O over H2, CO, and 
methanol (H2O/H2 = 190, H2O/CO = 170, H2O/MeOH = 80), significantly contributed to these 
results. Similarly, Seshimo et al. (2021) [113] achieved substantial conversion increases and 
methanol purity of around 95% by targeting methanol separation with a zeolite membrane, boasting 
an impressive H2O/MeOH selectivity of approximately 2000. Li and Tsotsis et al. (2019) [114] 
proposed a novel approach using tetra ethylene glycol dimethyl ether as a sweep gas, selectively 
absorbing methanol while preventing the passage of permanent gases. Although this method showed 
more modest conversion gains, it holds potential with improved design, particularly regarding 
membrane area per bed volume and sweep flow rate  
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Figure 2-11: Literature data about methanol synthesis (A) Effect of temperature and GHSV on 
CO2 conversion for both MRs (cross symbols) and TRs (circle symbols) (B) Effect of temperature 
and pressure on catalytic CO2 conversion for both MRs (cross symbols) and TRs (circle symbols) 
(C) CO2 conversion (circle symbols) & Methanol yield improvement (cross symbols) as a function 

of temperature and pressure [90, 97, 113-116]. 
 

2.4.1.2. DME synthesis  

Dimethyl ether (DME) is traditionally produced via an indirect process involving 
methanol dehydration. However, integrating methanol synthesis and dehydration into a single 
reactor using a bifunctional catalyst with selective membranes may offer a more efficient and 
streamlined process with significantly improved conversion rates. Typically, this bifunctional 
catalyst combines a methanol synthesis catalyst with an acid catalyst for methanol dehydration, such 
as γ-Al2O3 or zeolites like HZSM-5, FER, and MOR [104]. Several studies have explored one-step 

A. B. 

C. 
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DME synthesis in membrane reactors, with their findings summarized in Figure 2-12. Rodriguez-
Vega et al. (2021) [91] were among the first to demonstrate the potential of in-situ water removal to 
enhance DME synthesis by integrating a hydrophilic LTA membrane with a Si/Al ratio of 1 and 
using a CuO-ZnO-ZrO2/SAPO-11 catalyst. However, due to high operating temperatures and the 
aforementioned challenges, the performance improvement they achieved was modest. Notably, 
Dong et al. (2022) [104] achieved a 2-3 fold increase in conversion and a sixfold increase in DME 
yield at 300 °C by using a system that combined selective NaA zeolite membranes with bifunctional 
Cu−ZnO−ZrO2−Al2O3/HZSM-5 catalysts. The NaA zeolite membrane exhibited high selectivity for 
H2O over CO2, H2, CO, and methanol (with selectivities of 551, 190, 170, and 80, respectively, 
under 21 bar at 250 °C). In contrast, Poto et al. (2023) [99] employed a carbon molecular sieve 
membrane with much lower selectivity (H2O/CO2, H2O/H2, H2O/CO, and H2O/MeOH selectivities 
of 2.37, 2.06, 3.99, and 2.39, respectively, at 200 °C). They observed a similar enhancement in 
conversion but a significantly lower increase in DME yield (67%). Above 200 °C, the DME yield 
became negligible and was actually worse than in a traditional reactor at 300 °C, due to the 
intensified reverse water-gas shift (RWGS) reaction under these conditions, which led to a CO yield 
2.7 times higher than that of a traditional packed-bed reactor at 260 °C. This effect was not reported 
by Dong et al. (2022), possibly because they used a fivefold higher proportion of acid catalyst. The 
authors also observed that even a slight positive pressure differential caused nearly all the gas to 
permeate from the reaction zone to the permeation zone, leading to lower performance compared to 
the traditional reactor. This highlights the need for careful tuning of the driving force for the specific 
membrane used.  

 

  

Figure 2-12: Literature data on DME synthesis (A) Effect of temperature and GHSV on CO2 
conversion for both MRs (cross symbols) and TRs (circle symbols) (B) CO2 conversion (circle 

symbols) & Methanol yield  improvement (cross symbols)-as a function of temperature and 
GHSV. These results are reported for identical stoichiometric proportion of H2/CO2=3 and 

operating pressure of ~40 bar [91, 99, 104]  

 

A. B. 
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2.4.1.3. Fischer Tropsch and Reverse water gas shift  

The Fischer-Tropsch (FT) process predominantly utilizes iron (Fe), cobalt (Co), and 
ruthenium (Ru) catalysts, with Ru being the most active [117]. For CO2 conversion, FT synthesis 
often involves a multi-step system where CO2 is first converted to syngas via the Reverse Water Gas 
Shift (RWGS) reaction, followed by the FT process. Membrane reactor configurations have shown 
potential in integrating these steps, as summarized in Table 2-5. Regarding FT, membrane reactors, 
particularly in a distributor configuration, have demonstrated precise control over the H2/CO ratio 
along the reactor, improving selectivity toward longer-chain hydrocarbons. However, Liuzzi et al. 
(2016) [58] reported a decrease in conversion and H2 permeation due to membrane deactivation 
caused by adsorbed CO species and pore blockage from wax formation (C20+). These challenges 
could be mitigated by employing alternative H₂-selective membrane types (cf. section 2.3.2). 
Escorihuela et al. (2021) [57] for instance, demonstrated that a Cu protective membrane layer 
effectively mitigated these issues, maintaining stable conversion rates. Additionally, the removal of 
water vapor during the reaction using hydrophilic membranes has been studied extensively [118]. 
Hyeon et al. (2023) [96] demonstrated that using a polybenzoxazole membrane integrated with an 
Fe catalyst suppressed side reactions by removing produced H2O. This significantly improved 
hydrocarbon selectivity, reducing CO2 production by the WGS reaction from 47.9% to 15.1%. 
Several studies have demonstrated that integrating water-selective membranes in the RWGS process 
can shift the equilibrium favorably [95-96,100]. While the RWGS reaction is essential for CO2 

conversion, direct one-step FT synthesis is also gaining attention [119-121] and could be an area 
where membrane reactor have a role to play.  

 

Table 2-5: Recent studies related to FT and RWGS with membrane reactors 
Reaction Author Membrane 

role 
Membrane & 

support 
Catalyst Driving 

force 
Operating 
conditions 

Conversion / 
Yield 

Selectivity 

FT Escorihuela et 
al. (2021) [57] 

Distributor Cu-protective 
layer (0.5 -1 μm) 

deposited onto the 
Pd-based 100 μm 
-Self supported 

 

Bifunctional 
CoRu/Al2O3-β 

zeolite 

Pressure 
gradient 

Δ/=19-23 
bar & 

N2 sweep 
gas 

T= 250 °C 
P=20 bar 

H2/CO= 2 
SV=29300 

NL kgcat
-1 h-1 

At H2/CO =2: 
A�b£¤ ≈ 30% 
A�b¥¤ ≈ 41% 

 

At H2/CO 
=2: 

�^���¦'�§�
¨©

≈ 50% 
�^���¦'�§�

ª©
≈ 46% 

FT Liuzzi et al. 
(2016) [58] 

Distributor PdAg 13–15% of 
Ag (ceramic) 3.2 

μm 

B doped 
Ru/TiO2(3 wt% 
Ru; B:Ru 1:1 at), 

Pressure 
gradient 

Δ/=2 bar 
& 

He sweep 
gas 

T= 280 °C 
P=10 bar 

H2/CO= 2 
SV=7500 NL 

kgcat
-1 h-1 

At H2/CO =1: 
A�b£¤ ≈ 39% 

(initial) 
A�b£¤ ≈ 15% (at 

15 hour) 
A�b¥¤ ≈ 10% 

At H2/CO =2: 
A�b¥¤ ≈ 40% 

At H2/CO 
=1: 

�^���§«, ¨©
≈ 49% 
At H2/CO 

=2: 
�^���-¬­ª©
≈ 17% 

FT Hyeon et al. 
(2023) [96] 

Extractor Polybenzoxazole 
membrane 

K4Fe100Cu6Al16 
catalyst with SiC 

Sweep gas 
of same 

compositio
n as feed 
SW=1 

T= 320 °C 
P=1 bar 

H2/CO= 2 
SV=1800 NL 

kgcat
-1 h-1 

- - 

RWGS Lee et al. 
(2021) [95] 

Extractor Polyimide Cu/ZnO/Al2O3 Sweep gas 
of same 

compositio
n as feed 
SW=1-8 

T= 200-250 
°C 

P=1 bar 
H2/CO2=1 

SV=225  NL 
kgcat

-1 h-1 

A�b�
£¤ ≈ 28% 

A�b�
¥¤ ≈ 24% 

 

- 
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RWGS Sakai et al. 
(2022) [100] 

Extractor Hydrophilic ZSM-
5 membrane 

Cu/ZnO/Al2O3 Sweep gas 
of same 

compositio
n as feed 

T= 242-336 
°C 

P=1 bar 
H2/CO2=1/3 

 

O�b£¤ ≈ 24% 
O�b¥¤ ≈ 21% 

- 

RWGS Hyeon et al. 
(2023) [96] 

Extractor Polybenzoxazole 
membrane 

CuO/ZnO/Al2O3 
catalyst 

(ShiftMax210, 
Clariant) 

H2/CO2 
stream was 

used 
as the 

sweep gas 
SW=1 

T= 200-250 
°C 

P=1 bar 
H2/CO2=1 

SV=225  NL 
kgcat

-1 h-1 

A�b�
£¤ ≈ 32% 

A�b�
¥¤ ≈ 20% 

 

- 

 

2.4.2. Hydrogen restitution 

In the context of hydrogen production through cracking and steam reforming of various 
feedstocks, the process becomes increasingly thermodynamically limited as it transitions from 
methanol reforming to ammonia cracking, and finally to methane reforming under typical process 
conditions. Palladium-based membranes perform exceptionally well at higher temperatures, 
however, their effectiveness diminishes in low-temperature reactions like methanol reforming. This 
is due to a mismatch between the optimal operating conditions of the reaction and those of the 
membrane. In such cases, the change in conversion is less pronounced, particularly for reactions 
approaching complete conversion, as shown in Figure 2-13, leading to reduced hydrogen recovery. 
As an alternative to palladium membranes, porous membranes have been proposed (cf. section 2.3.2) 
While these membranes are relevant for Internal Combustion Engines (ICE), they may require 
additional downstream purification, particularly for applications in Proton Exchange Membrane 
Fuel Cells (PEMFCs). For PEMFCs, it is critical that the anode feed gas contains carbon monoxide 
(CO) at concentrations below 10 ppm and ammonia levels below 0.1 ppm to prevent poisoning of 
the platinum-based anode catalyst. This section compares results obtained from three 
dehydrogenation systems-methanol, methane, and ammonia reforming-while highlighting the 
impact of specific operating conditions and reactor designs (cf. Figure 2-14).  

 

Figure 2-13: Comparison of TR and MR at 10 bar with the same space velocity and 
specific membrane area: Methanol reforming (SCR=1) [122, 123], Ammonia cracking [124, 125], 

Methane reforming (SCR=3) [126], modelled developed in [127], thermodynamic equilibriums 
plotted using the Peng-Robinson Equation of State using Aspen PlusTM software. The MR curves 

are plotted for two permeations reducing factors accounting for concentration polarization 
limitations 
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Methanol reforming typically utilizes Cu-based catalysts similar to those used in methanol 
synthesis. Briceño et al. (2012) [76] employed a carbon molecular sieve membrane (CMSM) with a 
modest H2-to-N2 selectivity of 5.5 at 25 °C and a permeance of approximately 10-7 mol/m²/Pa/s, 
achieving hydrogen purities between 83.1% and 87.3% on the permeate side, with a maximum 
conversion improvement of 15%. Ghasemzadeh et al. (2015) [7] used a more efficient microporous 
silica membrane, offering a hydrogen-to-nitrogen selectivity of 26 at 25 °C and a permeance of 10-

6 mol/m²/Pa/s, resulting in a modest enhancement of around 5%, likely due to higher space velocity 
and lower pressure drop across the membrane, with hydrogen recovery reaching 38% at 300 °C. 
García-García et al. (2014) [6], using a Pd-based membrane with a hydrogen-to-argon selectivity 
exceeding 5000, reported up to 34% higher conversion at 250 °C compared to conventional reactors, 
with hydrogen recovery of 50%. Liguori et al. [74], while not directly comparing with traditional 
reactors, achieved an 85% methanol conversion and produced highly pure hydrogen with a CO 
content below 10 ppm. This was accomplished using the highest space velocity among the reviewed 
studies and a membrane area per unit mass of catalyst of 34 cm²/g. 

Ammonia cracking in membrane reactors typically uses ruthenium-based catalysts [128], 
though cobalt and nickel catalysts have also been explored [79]. The increase in NH3 conversion 
can be attributed to shifts in thermodynamic equilibrium due to selective H2 separation, or 
alternatively, to a kinetic enhancement effect. The removal of H2 through the membrane walls 
reduces its inhibitory effect on the forward kinetics of NH3 decomposition, thereby improving 
conversion. Cechetto et al. (2021) [128] achieved notable performance using a double-skin 
palladium membrane, with a maximum 50% enhancement compared to a conventional reactor and 
93% hydrogen recovery under vacuum conditions, using a very low space velocity and a small 
specific membrane area of approximately 0.33 cm2/gcat. They observed a gradual improvement in 
purity with increasing GHSV, reaching between 99.978% and 99.989%. However, in a subsequent 
study, the same authors used a carbon molecular sieve membrane under similar operating conditions 
and catalyst but achieved a much lower hydrogen recovery, with a maximum of 9.8%. This reduction 
in performance could be attributed to the even lower SMA of approximately 0.1 cm2/gcat [77]. Jiang 
et al. (2021) [72] compared three types of membranes: modified MFI zeolite, carbon molecular 
sieve, and Pd/Ag. At 400 °C, the CMSM exhibited a permeance of 2.5. 10-7 mol/m²/Pa/s, while the 
palladium membrane showed four times higher permeance. The H2/N2 selectivity ranged from 90 to 
nearly infinite between the different membranes. Their tests, conducted with a significantly higher 
SMA of approximately 4.5 cm2/gcat, showed no substantial drop in performance with increasing 
GHSV. NH3 conversion exceeded 99%, with H2 recovery over 90% under pressurized NH3 feed at 
7 bar. In terms of purity, the corresponding average H2 and NH3 concentrations in the permeate for 
the modified MFI membrane, CMS membrane, and Pd/Ag membrane were 87.5% and 4.1%, 97.2% 
and 1.2%, and 100% and less than 10 ppb, respectively.  
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Figure 2-14: Focus on the impact of operating conditions & design aspects for 3 dehydrogenation 
systems: A-B Methanol reforming C-D Ammonia cracking E-F Methane reforming 

 

Methane reforming with membrane reactors has shown high activity with noble metals like 
Rh, Ru, Pt, and Pd, with Rhodium (Rh) generally offering the best performance. Kim et al. (2018) 
[73] investigated a Pd-supported PSS membrane reactor using a commercial Ru-based catalyst. 
Their study demonstrated that increasing the pressure difference significantly improved methane 
conversion, achieving up to 82% at a 9 bar pressure difference, although this reduced the equilibrium 
conversion. Hydrogen purity remained consistently between 92.4% and 97%. Sarić et al. (2012) 
[129] explored a supported alumina Pd membrane coupled with a nickel-based catalyst at pressures 
up to 26 bar. They observed a maximum methane conversion of 92% at 12 bar, beyond which 
conversion decreased due to thermodynamic limitations. The reactor maintained stable performance 
for nearly 1100 hours, though hydrogen purity was lower (80-92%), likely due to defects, leaks, and 
impurities from high pressure. Other studies reported more modest conversion at lower pressure 
conditions, where the performance improvement with increasing pressure is less apparent. For 
example, De Nooijer et al. (2018) [12] used a ceramic-supported palladium membrane in a fluidized 
bed, achieving a 50% maximum conversion increase, with hydrogen purity ranging from 97.34% to 
99.88%. Agnolin et al. (2024) [102] integrated a Pd membrane on porous Hastelloy-X, ensuring 
99.3% hydrogen purity at 500 °C and 4 bar, with a 43% conversion enhancement. They observed a 
maximum conversion enhancement of 43%. Anzelmo et al. (2017) [8] utilized a Pd/PSS membrane 
in a nickel bed, varying reaction pressures modestly between 150 and 300 kPa. Despite the lower 
pressures, they achieved an 84% methane conversion and 82% hydrogen recovery, comparable to 
studies at higher pressures. The Pd/PSS membrane reactor operated for over 700 hours, achieving 
nearly 100% hydrogen purity. Notably, compared to other applications, particularly methanol 
reforming, a much smaller membrane area is needed to achieve an increase in conversion.  

   

E. F. 



2. Membrane reactor review    Chapter 2 

54 

 

2.5. Process environments  

2.5.1. Hydrogen restitution  

As mentioned in the introduction, the processing of methane, methanol, and ammonia 
(illustrated in Figure 2-15) involves multiple stages, each with unique requirements, particularly in 
terms of heat management. These multi-step processes can significantly impact the system’s power 
density and response times, emphasizing the need to simplify fuel processors and balance-of-plant 
components to reduce costs. The integration of membrane reactor technology into these processes 
offers several benefits, including improved performance at lower temperatures compared to 
conventional methods, reduced or eliminated need for downstream separation, and minimized space 
requirements, a critical advantage in space-constrained applications. Different process architectures 
can be tailored to the specific environment. Systems can be electrically heated where green 
electricity is available, such as in hydrogen refueling scenarios, or they may require a catalytic burner 
for reactor heating, as in onboard PEM fuel cell engines or genset markets. In such environments, a 
fraction of the hydrogen produced can be used to meet the energy demands of the entire process, for 
instance, by utilizing the hydrogen that is not recovered in the permeate. Thermodynamically, 
ammonia decomposition requires around 15-20% of the hydrogen’s calorific value. Therefore, with 
H2 recoveries of approximately 80-85%, the energy content of the retentate is sufficient to satisfy 
the endothermic requirements for NH3 decomposition [61]. The heat required to sustain hydrogen 
production could also be supplied by external sources such as gas turbines, high-temperature fuel 
cells exhausts. Additionally, when high-purity hydrogen is needed, such as for low temperature fuel 
cell applications, it may be necessary to remove impurities like NH3 or CO. These impurities can 
result from membrane defects, sealing issues, or the use of less selective membranes. For instance, 
Sitar et al. (2022) [54] demonstrated that zeolite clinoptilolite is an effective adsorbent for reducing 
ammonia in the permeate stream to the ppb levels required by PEMFCs. From a system efficiency 
perspective, several sources, primarily process systems engineering studies and some commercial 
claims, have reported relevant values. Since the permeate is typically produced at low pressures, 
mechanical compression may be required for storage, depending on the application. For instance, 
fuel cells may require pressures up to 10 bar, vehicles up to 350 bar, and hydrogen storage systems 
up to 700 bar. Figure 2-16 illustrates the impact of H2 delivery pressure on system efficiency across 
various feedstocks. In terms of absolute values, the technical results are generally consistent. For 
instance, for biogas reforming, Ongis et al. (2025) [142] obtained achieves an efficiency of 62.7%, 
which aligns closely with the 66.1% reported by Di Marcoberardino et al. (2018) [143] for a similar 
system. Comparisons between membrane reactor (MR) systems and traditional reactors (TR) with 
downstream purification methods, such as pressure swing adsorption (PSA), show that MRs 
generally offer superior performance. For example, latter in this thesis (Chapter 4) it will be 
demonstrated that integrating a membrane reactor for ammonia cracking improved efficiency by 
over 25%, while Di Marcoberardino et al. (2018) [143] found that a membrane reactor increased 
biogas reforming efficiency by more than 20 percentage points compared to TR systems. Across 
various feedstocks, it will be seen in Chapter 3 for hydrogen production at 1 bar, methanol 
reforming systems exhibit the lowest efficiency (57%), followed by methane (77%), while ammonia 
reforming achieves the highest efficiency at 92%. However, it is important to note that methanol’s 
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lower reforming temperatures present several advantages, including reduced heat losses, an aspect 
often underestimated in process simulations, along with decreased insulation requirements and 
simplified thermal management for the integrated system [130]. Cerrillo et al. (2021) [61] observed, 
in the context of ammonia cracking, a significant variation in the required energy as a function of 
the permeate pressure of H2, revealing that the efficiency drop is less pronounced when the permeate 
pressure increases. In scenarios where green electricity is available, electrochemical separation and 
compression using proton-conducting ceramic membranes, alongside electrical heating 
technologies, hold promise for further process intensification and improvements in energy 
efficiency. 

 

Figure 2-15: Overview of fuel processing steps with indication of their operational temperature 
taking as example methane reforming to produce pure hydrogen. The presence of a burner is really 

dependent on the operating conditions / process whether electric heating is implemented is 
deployed or not 
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Figure 2-16: H2 production efficiencies reported from various sources as a function of  hydrogen 
delivery pressure e.g.  fuel cells (up to 10 bar), vehicles (up to 350 bar), and hydrogen storage (up 

to 700 bar). Note: these overall efficiencies are dependent on process assumptions (e.g. 
compressor efficiencies, compression ratios, process layout considered etc.) [61,127, 131-135]- 

Square symbols refers to TRs and cross symbols refers to MRs 
 

2.5.2. Fuel production  

Efficiency gains from implementing membrane reactors in e-fuel production have been 
modest, with limited studies addressing process-level impacts. For example, Dietrich et al. [136] 
reported a ~3% increase in energetic efficiency for methanol synthesis compared to traditional 
reactors (excluding the balance of plant). Similarly, Richard et al. [137] observed an 8% 
performance improvement in ammonia synthesis using membrane reactors. Hamedi et al. [138] 
demonstrated significant utility savings in membrane-based DME synthesis: 1.5% in power, 44.5% 
in heating, and 69.4% in refrigerants, but did not account for the global efficiency loss from 
additional hydrogen sweep gas, which could offset power savings. The oxidative coupling of 
methane (OCM) could presents a promising addition to Power-to-X (PtX) strategies, utilizing low-
cost methane and electrolysis by-product oxygen to produce high-value chemicals like ethylene, a 
key polymer precursor [139]. OCM faces challenges such as competing reactions and hotspot 
formation in conventional reactors, limiting ethylene yields to ~15% [140]. Membrane reactors can 
address these issues [141] by gradually supplying oxygen, enhancing selectivity, reducing 
overoxidation, and improving heat management. Studies suggest that integrating membranes into 
OCM reactors can boost performance and reduce energy use by 25–30% compared to naphtha steam 
cracking, positioning OCM as a competitive alternative for sustainable chemical production [139] 

 



2. Membrane reactor review    Chapter 2 

57 

 

2.6. Conclusion  

This chapter aimed to provide a comprehensive overview of the evolving design and applications of 
membrane reactors in addressing key reaction engineering challenges in the framework of Power-
to-X such as equilibrium limitations, catalyst deactivation, and process simplifications. By 
employing a top-down approach, the study highlighted critical research gaps and technological 
challenges that must be overcome to make membrane reactors a viable solution for industrial 
applications. 

• The shared attributes commonly encountered in membrane reactor (MR) design, ranging 
from catalyst configurations to membrane material were analyzed The potential for 
advanced integration in membrane reactor technology was highlighted, with for example 
additive manufacturing enabling precise modifications to reactor parameters such as 
porosity and shape, addressing current heat and mass transfer challenges as well as very 
detailed structure optimization. Combined with electric heating, these innovations could 
result in compact and flexible technologies well-suited for the Power-to-X framework. 
Future research should focus on developing robust and cost-effective and scalable 
membranes with high temperature and chemical resistance to expand their applicability.  

• Laboratory studies often show improved conversion in membrane reactors under specific 
conditions, but comparing results across studies is difficult due to complex interactions 
between the membrane, catalyst, and operating parameters. Despite similar temperature 
and pressure conditions, performance variations are mainly influenced by factors like 
membrane area, space velocity, and driving force. Care should be taken when comparing 
experimental results together. Conversion enhancements observed in the literature include 
up to 250% for methanol synthesis, ~200% for DME synthesis, ~30% for methanol 
reforming (with a large specific membrane area), ~30% for ammonia decomposition, and 
up to ~175% for methane reforming. However, palladium membranes may not be ideal 
for processes like methanol reforming and Fischer-Tropsch synthesis due to incompatible 
reaction conditions and membrane performance. Polymeric membranes type commonly 
judged unsuitable because they have a low temperature resistance are now employed in a 
few studies with promising results in process environments. Future laboratory-scale 
research could also benefit from exploring reaction systems that have received limited 
attention, such as ammonia synthesis or direct Fischer-Tropsch synthesis, to further 
expand the scope of membrane reactor applications. 

• At the process scale, while some studies address fuel processing in membrane reactors, 
data on e-chemical production remains limited compared to their laboratory 
demonstrations and requires further investigation. Comparisons between membrane 
reactor (MR) systems and traditional reactors (TR) with downstream purification, such as 
pressure swing adsorption (PSA), indicate that MRs have the potential to outperform TRs 
by over 20%. Among feedstocks, hydrogen production from ammonia is the most 
efficient, followed by methane and methanol reforming. These efficiencies are influenced 
by factors such as process layout, heating method (thermal vs. electric), permeate pressure, 
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and H2 delivery pressure. Regarding techno-economic results, a few studies suggest that 
MRs have the potential to outperform TRs by approximately 10%. However, further 
system-level research is needed, particularly for e-chemical production, to benchmark 
membrane reactors against traditional systems and explore innovative reactor 
configurations. Additionally, in scenarios where green electricity is available, a detailed 
comparison of the performance of protonic membrane reactors versus palladium 
membrane reactors would be particularly insightful. 
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Chapter 3 | PEM gensets using membrane reactors 

technologies: an economic comparison among 

different e-fuels 

Abstract 

The aim of this chapter∗ is to compare, from an economic viewpoint, the performance of small-scale 
PEM fuel cell gensets (based on 3 NedstackTM stacks in series, representing a maximum gross power 
of 40 kWe) that integrate a membrane reactor for three different e-fuels: methanol, ammonia, and 
methane. To achieve this objective, computer-aided process simulation is deployed to optimize the 
operational conditions (flow rate, temperature, pressure, and vacuum) and design (number of 
membranes) based on Aspen PlusTM software. The efficiency maximization resulted in a decreasing 
levelized cost of hydrogen (LCOH) from 8.29 €/kgH2 in the methanol system to 6.12 €/kgH2 in the 
ammonia system and ultimately to 5.43 €/kgH2 in the methane system, with associated thermal 
efficiencies of 0.57, 0.92, and 0.77, respectively, at the fuel processor level. At the genset level, the 
reduction was from 1400 €/MWh in the electric methanol system to 848 €/MWh and 665 €/MWh 
in the electric and thermal ammonia systems, and finally to 627 €/MWh in the methane system, with 
corresponding electric efficiencies ranging from 25% to 38%. From an economic point of view only, 
methane would be the preferred fuel option while ammonia would be the best option from the 
efficiency point of view. The wide exploitation of these systems is still hindered by high costs 
compared to traditional ICE engine. A comprehensive cost analysis was performed for the full 
system with the objective to understand cost drivers and to guide future component development. 

 

∗ This chapter is based on the following paper: S. Richard, A. Ramirez Santos, F. Gallucci, PEM 
gensets using membrane reactors technologies: an economic comparison among different e-fuels 
Int. J. Hydrogen Energy vol. 50 part A, pp. 433-457, 2024. 
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3.1. Introduction 

Chapter 2 highlighted the advantages of palladium-based membrane reactors (MRs) for 
hydrogen recovery, offering significant conversion enhancements, up to ~30% for methanol 
reforming, ~30% for ammonia decomposition, and ~175% for methane reforming, while reducing 
or eliminating the need for downstream hydrogen separation. This hydrogen is particularly well-
suited for fuel cells, valued for their silent operation, high efficiency, and direct conversion of 
chemical energy into electricity [1]. Fuel cells are extensively considered to decarbonize "hard-to-
abate" applications, including backup power, off-grid projects, residential use, and mobile systems 
[2-5]. Among fuel cell types, Polymer Electrolyte Membrane Fuel Cells (PEMFCs) stand out due to 
their low operating temperature (60–70 °C), quick start-up, high power density, long lifespan, and 
commercial viability. While PEMFCs rely on high-purity hydrogen, posing storage and distribution 
challenges, membrane reactors could support their deployment by enabling efficient on-site 
hydrogen production [7-11]. 

A full techno-economic analysis helps evaluating the commercial viability of the systems. In 
this context, several studies have been conducted for various reaction systems. For example, Byun 
et al. (2020) [12] investigated methanol steam reforming and found that the membrane reactor 
resulted in a cost reduction of 15% at small scale (H2 production capacities of 30 Nm3/hr) and a 10% 
reduction at a larger scale (H2 production capacity of 700 Nm3/hr). Similarly, Lim et al. (2022) [13] 
reported an 11% cost reduction in favor of the membrane reactor for ammonia cracking at 300 kg 
H2 per day and a 14% reduction at 900 kgH2 per day. Furthermore, Kim et al. (2019) [14] achieved 
a cost saving of around 23% in the membrane reactor for methanol reforming. In addition, Di 
Marcoberardino et al. (2018) [15] investigated the potential of biogas reforming in a membrane 
reactor and reported a 20% increase in system efficiency compared to the conventional system. 
These findings demonstrate the potential economic and efficiency benefits of using membrane 
reactors for certain reaction systems. Numerous studies have explored the potential efficiencies 
gained from integrating membrane reactors with PEM fuel cell systems. For instance, Roses et al. 
(2011) [16] carried out a study on a 2kW natural gas micro Combined Heat and Power (CHP) 
system. They reached an efficiency of 34% utilizing conventional fuel processing methods, but when 
a membrane reactor was integrated into the system, the efficiency improved significantly, climbing 
to 43%. Similarly, as part of the FLUIDCELL EU. project [17], Foresti et al. (2015) [18] studied a 
5kW ethanol micro CHP system and achieved a net electric efficiency of around 40%. Building on 
the same process, Viviente et al. (2017) [4] achieved electric efficiencies ranging between 38% to 
41%. In the FERRET EU project, Di Marcoberardino et al. (2017) [19] researched a 5 kW micro 
CHP system based on natural gas. They examined various natural gas compositions and membrane 
reactor setups, including the application of a sweep gas or vacuum, to augment the permeation 
driving force. Their findings illustrated that the use of a sweep gas resulted in a higher efficiency, 
reaching up to 41.1%. In a subsequent investigation, the same author [20] undertook a comparative 
analysis between the current membrane reactor-based system and traditional fuel processors for 
hydrogen production. They also assessed a simpler conventional fuel processor paired with a high-
temperature PEM fuel cell. The study revealed that the membrane reactor-based system showed 
superior performance, attaining the highest electric efficiency (42.7%) among all the configurations 
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examined. These studies demonstrate how integrating membrane reactors with PEM fuel cells can 
enhance system efficiency (up to 7-10% higher than conventional FPs [21-22]]). These systems have 
already achieved competitive operational efficiency, comparable to diesel ICE engines (15-35% 
range [18,23]).  

While numerous theoretical studies have examined the integration of membrane reactors with 
PEM fuel cells or have exclusively focused on the fuel processing capabilities of the membrane 
reactor, there exists a gap in comprehensive process-level research that takes into account the impact 
of fuel choice on system performance. This consideration is particularly relevant given the potential 
role E-fuels can play in decarbonizing various generator set markets. Additionally, prior studies (e.g. 
[4,16,18]) have often oversimplified the membrane reactor model by using a series of equilibrium 
reactors and intermediate separators, thereby neglecting key phenomena like concentration 
polarization or bubble emulsion mass transfer in the case of fluidized bed reactors. These factors are 
crucial in accurately estimating parameters like hydrogen concentration, membrane area, and the 
heat duty of the system. Consequently, this study aims to assess the feasibility of using methane, 
ammonia, and methanol as potential e-fuels for a PEM genset integrated with a membrane reactor. 
The evaluation will primarily focus on the performance analysis of these fuels under standardized 
assumptions.  

 

3.2. Materials and Methods  

The computer-aided process design package Aspen OneTM. (v.11) is the main tool used in 
this work. Its capabilities include an accurate description of physical properties, rigorous models for 
unit operations and numerical technics for solving large systems of algebraic and differential 
equation. To model reactors and stacks, Aspen Customed ModelerTM (ACM) is utilized, enabling 
straightforward integration with the Aspen PlusTM architecture as a customized component. This 
software has embedded methods to retrieve thermodynamic properties and employs a coding syntax 
similar to Visual Basic. In all simulations, the Peng-Robinson cubic equation of state [24] is selected 
to evaluate the thermodynamic properties of all substances which is consistent with other similar 
studies [25-26]. 

 

3.2.1 Plant Layout and general assumptions  

The focus of the investigation involves the production of hydrogen from methane, 
ammonia, and methanol using a membrane reactor, which is then utilized in a PEMFC to generate 
electricity. The fuel processors are specifically designed for a small-scale PEMFC consisting of 
three stacks (NedstacksTM FCS 13XXL), with a maximum gross power output of 40 kWe, which is 
suitable for various entry level market applications. Figure 3-1 illustrates the system layouts for the 
three feedstocks. Each layout is divided into two sections: the "PEMFC" section, which comprises 
the fuel cell stack and all necessary control and power conditioning equipment, and the "Fuel 
Processor" section denoted FP, which consists of the membrane reactors used for hydrogen 
production and their respective balance of plant. In membrane reactors, the reactants are introduced 
from the bottom and move upwards as the reaction takes place. The hydrogen produced in the 
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membrane's inner section is referred to as "permeate" while the chemical constituents that ascend 
without crossing through the membranes form the "retentate”. In the FP section, the reactants (water 
and either methanol or methane as shown in  Figure 3-1.a and 1.b, respectively, in one case, and 
ammonia presented in 1.c in the other) are pressurized and pre-heated  through a series of heat 
exchangers for evaporation and superheating before entering the membrane reactors. To enhance 
hydrogen permeation, vacuum is utilized (steam may also be used as an alternative sweep gas 
especially in dead-end fuel cell configurations to increase both permeation enhancement and 
hydrogen stream humidification). Employing vacuum also benefits reactor construction by 
minimizing welded joints, leading to lower reactor costs and higher reliability. However, there is a 
risk of infiltrations occurring in the plant section below atmospheric pressure. The permeate flow 
rate is subsequently cooled down to 60 °C and directed to the PEMFC anode, while the retentate is 
throttled and combusted to support the reactant preheating and endothermic reaction. In order to 
sustain the endothermic reactions, extra fuel is burned with the introduction of air to attain a molar 
basis O2 content of 5% in the combustion gases. The endothermic reaction is supported by indirect 
heat transfer from a high-temperature furnace situated within the reactor. An alternative option for 
the NH3 system is shown in Figure 3-2, which utilizes an electric furnace. This approach offers 
several advantages, especially in terms of eliminating uncertainties associated with burning a 
variable mixture of ammonia and hydrogen. In addition, this configuration allows for separate 
temperature control of the reactor, enabling operation under a wide range of thermal conditions. 
Nevertheless, to guarantee complete oxidation of unconverted fuel and H2 in the retentate, a second 
external burner is still necessary, while the exhaust energy can be used for reactant pre-heating. 
Another drawback of this setup is the loss of net electricity production from the genset's standpoint. 
To achieve a consistent temperature during transient operation, an electrical heater (El-1) is also 
installed at the reactor inlet in all genset configurations. This ensures that the temperature is raised 
to the level required for the reaction to occur. In the “PEMFC” section, filtered air humidified by 
the cathode off-gas and pure hydrogen are supplied to the stack. In the proposed configuration, a 
humidifier is placed in conjunction with cathode inlet and exhaust, where it utilizes the water 
produced by the chemical reaction inside the fuel cells to humidify inlet air. The inlet air is optimally 
humidified after passing through the humidifier. The relative humidity of air entering the cathode is 
arbitrarily set to 95% in the simulations. On the anode side, the hydrogen is humidified by means of 
water crossover through cell membrane and recirculation of the anode exhaust into the inlet stream, 
thereby abandoning a need for a separate humidifier.  The anode exhaust's unused hydrogen is 
returned to the feed stream via a recirculation blower (Blower-4) that compensates for the pressure 
drop in the anode loop. This recirculation loop allows for the complete utilization of hydrogen, with 
the exception of any losses due to nitrogen build-up purging, which are not considered. To ensure 
proper operation, the fuel cell stack must be kept at a consistent operating temperature of 
approximately 60 °C [27]. This is achieved by transferring the heat generated by the chemical 
reaction, ohmic resistance, and mass transport overpotential to a circulating liquid coolant within 
the stack. The coolant, which is water, is then actively cooled by passing through an air-cooled 
radiator. Despite the low temperature of the excess heat generated, which makes it challenging to 
integrate it usefully with the FP upstream, it still plays a crucial role in cooling the permeate 
hydrogen (HEX-2) before it enters the vacuum pump. To prevent water droplets from entering the 
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stack and causing flooding, a water knockout and drain are incorporated into the recirculation loop. 
The water produced during the PEMFC reaction can be repurposed in the methanol or methane fuel 
processing. Finally, the DC current drawn from the stack is delivered to external devices such as a 
DC/DC converter, DC/AC inverters. A battery is also required to cover for system start up or abrupt 
load change. Table 3-1 recaps the general process assumptions mainly taken from Di 
Marcoberardino et al. (2019) [15] and Ongis et al. (2023) [26]. The turbomachines (compressors, 
pumps, and steam turbines) were simulated with the assumption of isentropic and mechanical 
efficiency to determine the thermodynamic conditions of the outlet. The counter-current shell and 
tube heat exchangers were modeled using a shortcut method based on design parameters and various 
design specifications were established to meet the desired constraints, such as the set values of 
hydrogen production, steam-carbon ratio or oxygen molar fraction in the dry flue gases or the 
PEMFC anode and cathode stoichiometry. In particular, the feedstock flow rate is adjusted to 
generate the desired quantity of pure hydrogen, while the steam flow rate is established to maintain 
a fixed steam-to-carbon ratio at the reactor inlet, thereby avoiding carbon deposition on the catalyst 
or membrane surface. Empirical evidence [28-29] suggest that steam-to-carbon ratio of 3 and 1 are 
adequate for the methane and methanol systems, respectively.  
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Figure 3-1: Schematic depiction of genset systems showcasing variation in the fuel processing 
steps: (a) methane steam reforming (b) ammonia cracking (c) methanol steam reforming (Note: 

While not explicitly shown in the sketch, an additional purification step should be incorporated in 
the permeate line before the PEMFC as an extra precaution [30]) 
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Figure 3-2: Electric furnace system also proposed (presented here for the ammonia system) 

 

Table 3-1: Main assumptions and design parameters assumed in the base case scenario. 
Parameters Unit Value 

Referenced fuel processor operating conditions 

Hydrogen production kmol/hr 0.83 
Reactor temperature (CH3OH /NH3/ CH4 cases) °C 240/430/500 

Reactor inlet temperature (CH3OH /NH3/ CH4 cases) °C 240/430/500 
Pressure reaction side Bar 10 

Permeate pressure Bar 0.5 
Steam to carbon ratio (CH4 & CH3OH case) - 3 &1 

Heat exchangers 

Pressure drop in gas water HEX (%) Bar 1 
Design Minimum ΔT in exchanger gas/liquid °C 15 

Minimum ΔT in exchanger gas/gas °C 30 
Heat transfer coefficient gas/gas W/m2/K 60 

Heat transfer coefficient gas/liquid W/m2/K 70 
Pump and compressors 

Pump isentropic efficiency/mechanical efficiency % 70/90 
Compressor/fan/blower isentropic efficiency % 70/85 

Vacuum pump isentropic efficiency/mechanical 
efficiency 

% 70/85 

Vacuum pump discharge pressure bar 1.2 
Fuel cell power conditioning 

DC stack/DC booster converter efficiency ®¯°'±°  % 97.8 
DCbooster/AC230@50Hz inverter ®¯°'¯°  % 96.8 

Other 

Maximum outlet temperature °C 150 
Ambient temperature °C 20 

Total heat loss kW 1 

 

3.2.2. PEMFC modelling  

The PEMFC stack model used is described thanks to a 0D lumped model developed by 
Hosseinzadeh and Rokni (2013) [31] and improved by Rabbani et al. (2013) [32]. The model 
incorporates the governing equations for cell electrochemical potential, polarization overpotentials, 
heat transfer, water and nitrogen diffusion across the membrane which are reported in Appendix 
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A1. The following hypothesis were considered: 1) There are no concentration losses since  the 
system is not operated at maximum current density; 2) The anode side doesn’t contribute to the 
activation loss [33] given that low temperature fuel cells exhibit high activation polarization at low 
current densities; 3) The stack temperature is equal to the coolant temperature at the outlet; and 4) 
the stack maintains a constant thermal heat capacity. The characteristics of the commercially 
available  NedstackTM FCS 13XXL [27] were replicated in this study. This stack contains 96 cells 
with a total estimated area to 200 cm2. To ensure optimal stack lifespan and efficiency, the stack 
manufacturer recommends the following operating conditions: a temperature around 60 °C and a 
pressure range of 1.1-2.2 bar. The stack can produce up to 13.6 kW at 230 A. However, it's common 
practice to operate stacks at partial loads between 0.6 to 0.8 V (a trade-off between stack power, 
efficiency, and lifetime).   

 

Table 3-2: List of PEM fuel cell system specifications at nominal conditions  
Parameters Unit Value 

Inlet temperature  °C 60 
Coolant temperature  °C 50 

Relative humidity  % 80 
Max Pressure anode  mbarg 250 

Max Pressure cathode mbarg 200 
Anode stoichiometry  - 1.25 

Cathode stoichiometry  - 2 
ΔP anode cathode mbar 50 

Stack current  A 150 
Single Cell voltage V 0.71 
Current density ²  A

cm) 
0.6 

Power density  W
cm) 

0.43 

Pressure drop per stack (anode, cathode, 
coolant)  

bar 0.1/0.3/0.1 

 

3.2.3. Reactors modelling  

In accordance with current practices, a fluidized bed reactor (FBMR) [15] is chosen for 
methane reforming reaction, while packed bed reactors (PBMR) [34] are employed for methanol 
and ammonia reforming. Both FBMR and PBMR are modeled using 1D (i.e. discretized along the 
vertical length) homogeneous models developed in Aspen Custom Modelers (ACM). These models 
assume steady-state conditions, kinetic control regimes (i.e. no internal or external mass transfer 
limitation), plug flow regimes and negligible pressure drop in the permeation side. The ordinary 
differential equations are integrated with a Euler method in ACM. For the sake of brevity, the 
governing equations and empirical correlations used in these models are provided in the Appendix 

A2. A conventional membrane reactor configuration is adopted where the catalyst is packed (or 
fluidized for the FBMR) on the shell side while the permeation stream is collected on the opposite 
side of the membrane. The FBMR model is a modification of the Bubbling Bed Model (BBM) 
proposed by Kunii and Levenspiel (1968) [35] (the BBM is a well-known model in the chemical 
and petrochemical industry to design and optimize fluidized bed reactor). Essentially, this model 
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describes the fluidization process by considering two phases: the emulsion and the bubble phase. 
The gas phase is introduced into the reactor at a superficial gas velocity (¶¬) above the minimum 
fluidization velocity (¶#�) and forms a bubble phase with fraction (�·) with a characteristic bubble 

diameter (�·) at any axial position. The remaining gas moves upwards in the emulsion phase at the 
emulsion velocity (¶�) and the gas is exchanged with the gas in the bubble phase (.·�). The model 
assumes that bubbles are free of particles and a fraction travelling behind it (defined as wake) is 
responsible of the movement of the solids. Finally, it is assumed that the presence of catalyst 
particles in the freeboard region does not cause any additional conversion (i.e. there is no 
entrainment of particle near the bed surface). Material balances are performed in both the emulsion 
and bubble phases to calculate the variation in moles of all components due to chemical reactions 
(only in the emulsion phase) and membrane permeation (from both phases), as well as transfer 
coefficients between the two phases due to differences in component concentrations. The adaptation 
of the formalism to membrane reactors has been demonstrated several time [36-38]. The selective 
extraction of hydrogen in the model is described by Sieverts’ law [39] with permeation parameters 
coming from the experimental analysis of Fernandez et al. (2015) [40] (pre-exponential factor �¬, 
apparent activation energy 	B an exponential factor o) listed in Table 3-3. When describing 

hydrogen extraction from a mixture through a highly selective and permeable membrane, 
experimental findings indicate that Sieverts’ law alone is insufficient [41-42] for predicting the 
transmembrane flux due to a phenomena known as “concentration polarization”. To accurately 
describe the membrane permeation it is necessary to determine the concentration at the membrane 
surface [43-44]. In this study, the Sieverts' law underwent an adjustment through the utilization of a 
reducing factor derived from a homogeneous Computational Fluid Dynamics (CFD) model, which 
is outlined briefly in Appendix A3. However, it is worth noting that potential permeance inhibitions 
caused by other factors, such as CO (or other species) adsorption [45] or the formation of coke [46], 
have not been considered. Additionally, any possible mass transfer limitations in the membrane 
support have been neglected. In both PBMR and FBMR, the membranes are positioned 1 cm away 
from the inlet region, where significant temperature gradients are present [47]. The assumption is 
also made that all membranes have the same level of performance and that their selectivity towards 
hydrogen is infinite. Moreover, the presence of membranes in a fluidized bed is well-known to have 
a significant impact on the hydrodynamics of the FBMR preventing bubble coalescence and 
promoting bubble splitting [48-49]. To account for this in phenomenological models an arbitrary 
restriction is usually placed on the maximum bubble diameter [38]. In this study an arbitrary 
maximum bubble fraction equivalent to one-fourth of the bed diameter has been adopted in this 
study based on the observation of CFD analysis [48]. Apart from that the fluidized bed 
hydrodynamic correlations are substantially the same as those presented in other similar works [26] 
[15]. Finally, precisely accounting for reaction kinetics is critical when modeling catalytic reactors 
under diverse configurations and conditions, as it can have a significant impact on equipment size 
and cost. This study employs kinetic rates from literature, namely Sayas et al. (2020) [50] for 
ammonia cracking, Peppley et al. (1999) [51] for methanol reforming, and Marra et al. (2014) [52] 
for methane reforming. The reaction schemes are recapped in Chapter 2 (page 43) and additional 
information concerning the kinetic model equations and parameters utilized are provided in 
Appendix A4. Table 3-3 summarizes the main assumptions considered.  



3. PEM Genset    Chapter 3 

77 

 

Table 3-3: Membrane reactor modelling choices 
Parameters Unit Value 

Numerical method - Euler method 
Discretization number of point for each 

reactor 
- 150 

Membrane OD m 0.014 
Membrane thickness μm 4 

Length m 1 
Membranes volumetric coverage m 0.1 
Start position of the membranes m 0.1 

Catalyst particle diameter (FBMR) μm 180 
Number of membranes (CH4; NH3, CH3OH) - 34, 40, 22 

Pre exponential factor of hydrogen 
permeability ¹º 

mol m')s'-bar¬.¿ 4.57 ∗ 10'� 

Apparent activation energy for hydrogen 
permeability ÀÁ 

kJ kmol'- 9.23 

Bed porosity Â - 0.4 
Ã - 0.5 

Density (Al2O3; CaO) kg m'h 3950; 3350 
Catalyst density (CH4; NH3, CH3OH) kg mÅÆÇ'h  1580 & 1340 & 1300 

H2 selectivity over other gases - Infinite 

 
3.2.4. Economic assumptions  

A preliminary techno economic assessment is conducted at the plant level to compare the 
cost of the genset systems. Following recommended methodology adopted in the literature [53-56] 
the total plant cost (TPC) is calculated as per Eq. 3.1.with a bottom-up approach breaking down the 
power plant into the basic components or equipment, and then adding installation costs (TIC), 
indirect costs (IC)  and owner’s and contingencies costs (C&OC). Those values can vary among 
studies ranging from 0.65 [26, 57] to 0.8 [53, 58] regarding the TIC whilst IC is typically taken 0.14 
[26, 53] and C&OC around 0.15 [58].  

�/� = (∑ ��� ) ∗ (1 + %ªÉ�) ∗ (1 + %É�) ∗ (1 + %�&b�)    Eq. 3.1 

The component costs, obtained from several correlations adapted from Turton et al. (2018) [59] and 
vendor quotes are scaled (Eq. 3.2) and actualized with the Chemical Engineering Plant Index Cost 
(CEPCI) index for considering price fluctuations like inflation, deflation. (cf. Table 3-4). For this 
analysis, an index of 596.2 was used to adjust to the 2020 period. The reactor vessel and pump costs 
are specifically calculated using a correlation from Turton et al. (2018) [59] and incorporating a 
correction factor for stainless steel material, which is necessary for ammonia due to its corrosive 
nature but not as critical for the other two feedstocks (methanol and methane) examined in this study. 
The other cost correlations used are consistent with the study of Ongis et al. 2023 [60] 

�� = ��,¬ Ë �:
�:,«

Ì
�

   Eq. 3.2 

 
Table 3-4: Cost assumption for plant component cost calculated using a scaling law method [26] 

Component Scaling 
parameters 

ÍÎ,º ÏÎ,º (k€) Ð Year 
cost 

CEPCI 



3. PEM Genset    Chapter 3 

78 

 

Compressor Power [kW] 5 3.3 0.82 2006 499.6 
Vacuum Pump Electric Power 

[kW] 
10 9.82 0.44 2001 394.3 

Furnace Duty [kW] 5.6 5000 0.67 2020 596.2 
Air compressor  Power [kW] 680 3420 0.67 2009 521.9 

 

The TPC is converted in an annual operating cost using the Capital Charge Factor (CCF) as 
described in Eq. 3.3 as a function of the discount rate � and the plant lifetime o. 

��U = ∑ -
(-,�)@

g2Ñ- = Ò×(-,Ò)H
(-,Ò)H'-   Eq. 3.3 

Subsequently, the final cost of hydrogen (LCOH) and cost of electricity (LCOE) were estimated 
following the established formula defined in Eq. 3.4 and Eq. 3.5. These two metrics are composed 
of the annualized �/� and the Operations and Maintenance fixed �b&¨.��Ô , and variables �b&¨.ÕB� 

which are determined by the expenses associated with consumables such as catalysts, reactants, 
water, and membranes, as well as maintenance, insurance, and labor costs, divided by the plant's 
productivity (i.e., hydrogen or electricity output). 

Ö�&� × €

����
Ø = (ª<�[€]×���[%/��B�]),�Ù&s.Y:Ú[€/year],P�Ù&s.ÛECÜ €

ÝDECÞ×WDßS
<� à"�$� 
 �B�B��$�×áâ��

ÝDEC Ø×WDßÜ ã
ÝDECÞ

  Eq. 3.4 

Ö�&	 Ü €

¨äWÞ = (ª<�[€]∗���[%/��B�]),�Ù&s.Y:Ú[€/year],P�Ù&s.ÛECÜ €

ÝDECÞ×WDßS
<� à"�$� 
 �B�B��$�Üsåã

ÝDECÞ×WDßÜ ã
ÝDECÞ   Eq. 3.5 

Table 3-5 presents the key assumptions utilized for estimating the levelized costs in the base case 
scenario, with some of these assumptions being briefly discussed below.  Labor costs, especially at 
a small scale, have a substantial impact on the final cost. In literature regarding similar systems, 
these costs have been estimated to range from 16 k€/year [14] up to 60 k€/year [15, 58], with several 
studies considering halfway points of around 30 k€/year [13, 26]. In this study, a labor cost of 20 
k€/y was assumed. The literature often reports vastly different costs for catalysts, typically 
calculated by material cost per weight, leading to a significant discrepancy. For instance, Yoshida 
et al. (2021) [61] estimated the cost of Ru/C catalyst at around 295 €/kg, while Makhloufi et al. 
(2021) [62] used a cost of 22.3 €/kg and concluded that the impact of this factor on the final cost 
was negligible. To arrive at a compromise, this study adopts a common catalyst cost of 143 €/kg 
[63] and assumes a lifespan of 5 years for all catalysts. Similarly, there exists a significant 
discrepancy in reported prices of e-fuels, as depicted in Figure 3-3. The wide range of estimates 
presented in research papers are generally attributed to differences in technological, energy source, 
and cost parameters. In this study, the baseline scenario assumes that renewable fuels are priced 
competitively with current market rates, with methanol, ammonia, and methane priced at 60 €, 57 
€, and 35 € per MWh, respectively. Although this assumption is optimistic in terms of e-fuel costs, 
it enables a more dependable comparison among them, rather than relying on arbitrary values from 
the literature. Furthermore, some sources predict that e-fuels would become cost-competitive with 
fossil fuels when electricity prices drop below 20 €/MWh [64]. Preliminary forecasts also suggest 
that green ammonia will be more affordable due to the high cost of direct air capture of CO2, which 
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aligns with the considered history of fossil fuel prices [65] (cf. Figure 3-4). Moreover, Power-to-X 
processes are still in their developmental stage, and substantial advancements are predicted in the 
years ahead. For instance, a decline in the cost of power generation units is projected and a 
significant improvement in the electrolyzer's performance is expected, resulting from greater energy 
efficiency and reduced operating costs. The cost of Pd membranes, including the recycling of both 
Pd-Ag waste and membranes can be estimated to range from 2000 to 5000 €/m2, according to the 
FluidCell Eu. Project [66]. The membrane lifetime for Pd-Ag membranes at temperatures ≤425 °C 
was previously estimated to be 3 years, but it is expected to increase to 5 years, as targeted by the 
Macbeth Eu. Project [67]. The baseline scenario for this study assumes a membrane cost of 6000 
euro/m2, with a recovery factor of 0.8 considered to account for the recycling process. The installed 
cost of a PEMFC system has been extensively researched, with the JU H2 report [68] providing 
estimates of 6000 €/kWe, 2500 €/kWe, and 1900 €/kWe for productivity levels of 5 kWe, 50 kWe, 
and 500 kWe, respectively. Additionally, the Grasshopper Eu. Project [69] aims to achieve a cost of 
1500 €/kWe at a megawatt scale. For this study, a reference cost of 6000 €/kWe has been assumed, 
which is consistent with vendor quotes consulted for similar scale systems as the one considered. It 
is further assumed that this cost covers the installed system, including the BoP (Balance of Plant) 
and battery expenses. Some of these parameters were subjected to a sensitivity analysis to evaluate 
their impact on the final cost. It is assumed that the lifespan of the stack is distinct from that of the 
MEA. The stack is constructed with durable components that allow for an estimated lifespan of 25 
years, while the MEA is projected to endure for 20000 hours. 

 

Table 3-5: Base case economic assumptions 
O&M Fixed Cost 

Maintenance cost 0.02*TPC [15] 

Insurance 0.025*TPC [15] 

Labour cost 20k€/year (1person) 

O&M Variable 

E fuel (Methanol-Ammonia-Methane) €/MWh 60-57-35 

Electricity cost 85 €/MWh 

Storage CH4 @200 bar/ NH3 /CH3OH (€/kgfuel) 0.69 [70]/0.9 [70]/0.1 
[71]&[70] 

Stack lifetime 20000 hr 

Catalyst cost 143 €/kg [63] 

Catalyst lifetime 5 years[57] 

Pd Membrane cost recovery 80% 

Membrane lifetime 5 years [72] 

Demineralized water 6 €/m3  [73] 

Carbon tax - 

General Assumptions 

CCF 0.0953 

Plant availability heq 0.65 

Discount factor 8% 
Operating lifetime 25 years 

Conversion €/$ 0.92 

Component cost 

Pd Membrane price 6000 €/m2 
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PEMFC cost 6000 €/kWe 

Share of the stack on PEMFC cost 57% [74] 

Share of the MEA on the stack cost (assuming 
only this portion of the stack is changed) 

55% [74] 

TPC calculation 

%æçÏ 80 [53] 

%çÏ 14 [53] 

%Ï&èÏ 16 [53] 

 
 

Figure 3-3: Recent techno-economic studies on e-fuels synthesis: a review of literature (blue= 
Methanol [75-78] red= Ammonia [79-80] green=Methane [81-83]). The dashed lines correspond 
to the approximative average market price between Sept. 2018 and Oct. 2022. (Reference: NG 

[84]; CH3OH [85]; NH3 [86]) 

 

Gu et al. 2022

Rivera Tinoco et al. 2016

H2 Gen: PEM & Elec. price: 50 

€/MWh & η=45.3%

Osman et al. 2020

η=37.4 %

Kiani et al. 2021

H2 Gen: SOEC & Elec. 

Rivera Tinoco et al. 2016

H2 Gen: SOEC & Elec. price: 50 €/MWh  …

Bartel et al. 2008

Chauvy et al. 2020

H2 Gen: SOEC

Elec Price: 40 €/MWh

η=65.5%
Chauvy et al. 2020

H2 Gen: PEM

Elec Price 40 €/MWh

η=65.5%Giglio et al. 2015

H2 Gen: SOEC & Elec. 

price: 55 €/MWh   

CO2 Price: 81 €/t

Varone et al. 2015

H2 Gen: SOEC & Elec 

Price: 87 €/MWh   

Varone et al. 2015

H2 Gen: SOEC & Elec 

Price: 87 €/MWh   

Battaglia et al. 2021

H2 Gen: AE & Elec. 

price: onshore wind  

26.2 €/MWh   

η=37%

Pérez -Fortes et al. 2016

Bos et al. 2020

η=50%

included wind turbine

cost 

Zhang et al. 2020

H2 Gen: SOEC & Elec. price: 

68.6 €/MWh

η=74 %

Zhang et al. 2020

H2 Gen: SOEC & Elec. price: 50 

€/MWh

η=74 %

Zhang et al. 2019

H2 Gen: SOEC & Elec 

Price: 68.7 €/MWh

η=70%

Zhang et al. 2019

H2 Gen: SOEC & Elec 

Price: 44 €/MWh  

η=70%

Battaglia et al. 2021

H2 Gen: AE & Elec. price: 

onshore wind 110€/MWh   

η=37%

10

100

1000

10000

1 10 100 1000 10000

e
fu

e
l 

co
st

 [
€

/M
W

h
]

Production Scale [MWfuel]

Methane

Ammonia 

Methanol



3. PEM Genset    Chapter 3 

81 

 

 

Figure 3-4: Price of fossil fuels between Sept. 2018 and Oct. 2022. (Source NG [84]; CH3OH 
[85]; NH3 [86]). The dashed lines represent the average cost over the specified period. 

 

3.2.5. Performance indicators  

Apart from economic indicators, various metrics are also employed to assess the 
performance and make comparisons between the different feedstocks under varying operating 
conditions. Two indicators from the perspective of the reactor are feedstock conversion A�"�V   and 
hydrogen recovery factors �TU�"�V  as defined in Chapter 2, page 30. The latter pertains to the 

overall amount of pure H2 separated by the membrane, relative to the total H2 fed into the reactor 
(based on the stoichiometry of the reaction). These metrics anyhow do not take into account heat 
integration and auxiliaries’ consumption of the overall plant. At the fuel processor level, an 
intermediate hydrogen thermal efficiency denoted ��<  is defined in Eq. 3.6. This efficiency 

represents the ratio of the energy output associated with the produced hydrogen, excluding the 
electricity consumption from the system BOP, to the total thermal input power. 

��< = ��������'<ELÚ
�YLDZ���YLDZ

   Eq. 3.6 

Pêëì is the sum of the electric consumptions of the system auxiliaries (i.e. compressors, pumps, 
control system). Finally, at the genset level, the electric efficiency is calculated in term of the net 
AC power output over fuel feed as per equation 3.7:  

�í�GKG = îïðñ,òó
�YLDZ���YLDZ

= <âCKôô,õö÷õö/õö÷õö/øö'<ELÚ 
�YLDZ���YLDZ

   Eq. 3.7 

Where /�� !!,ù� refers to the fuel cell gross power DC power output, �ù�/ù�  to the converter 
efficiency and �ù�/í�  to the inverter efficiency. Finally, Eq. 3.6 and Eq. 3.7 utilize the symbol 
LHV�"�V  to denote the lower heating value of the fuels which are assumed to be 19.9 MJ/kg, 11.5 

MJ/kg , 55.5 MJ/kg and 120 MJ/kg for methanol, ammonia, methane and hydrogen respectively.  
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3.3. Results and discussions  

3.3.1. Model validations  

The modeling of catalytic reactors is heavily reliant on the accurate consideration of 
reaction kinetics, which can have a substantial impact on equipment size and cost. Figure 3-5 
exhibits the validation results for the three cases, demonstrating a satisfactory fit within a 20% error 
margin. The models of the reactors align well with experimental data, indicating the correct 
incorporation of kinetics rates obtained from literature, namely Sayas et al. (2020) [50] for ammonia 
cracking, Peppley et al. (1999) [51] for methanol reforming, and Marra et al. (2014) [52] (The details 
of the kinetic models used are reported in Appendix A4).  

 

 
Figure 3-5: Results of kinetic laws validations with experimental data retrieved from (A) 

Methanol reforming: Purnama et al. (2004) [87] & Peppley et al. (1999) [51, 29]; (B) Ammonia 
cracking: Sayas et al. (2020) [50]; (C) Methane reforming : De Nooijer et al. (2018) [44] (for the 

latter case the membrane results were validated using a reducing factor of 0.6). 

 

As mentioned in section 3.2.2, the parameters of the stack model were adjusted for the NedstackTM 
FCS 13XXL [27] stack, with the reaction speed in the anode side �B and  the two constants in the 
ionic resistance �- & �)  and membrane thickness p# being the parameters that were adjusted during 

the calibration process. The aim was to fit these parameters so that the theoretical polarization curve 
matches the commercial polarization curve and stack efficiencies based on the beginning-of-life 
stack performance given on the product data sheet [27]. Table 3-6 displays the fitted parameter 
values, and Figure 3-6.A illustrates the polarization curve obtained from these parameters, which is 
compared to the commercial data, demonstrating a satisfactory level of agreement. From these data, 
the electric efficiency of the PEMFC system is assessed and plotted in Figure 3-6.B. It can be 
observed that as more current is drawn from the fuel cell, the voltage decreases due to its electrical 
resistance. Increasing the current density results in higher power generation by the stack, but also 
leads to increased power consumption by the auxiliary components, causing a reduction in 
efficiency. At extremely low current densities, the system efficiency decreases due to the high 
parasite loss in the BOP. To prevent excessive wear (membrane drying out), it is generally 

C. A. B.  
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recommended to maintain cell voltages below 800 mV and avoid operating at currents below 30 A, 
including open circuit voltage. Throughout the rest of this study, each stack is operated at 150 A. 

 

Table 3-6: Parameters value taken for the calibration of the model against data given on the 
NedstackTM stack selected 

Phenomena  Parameters Range Value 
Ohmic 

overpotential 
�- [100 − 300] 300 
�) [5 − 100] 40.4 

Activation 
overpotential 

Reaction rate coefficient �� [0.1 − 1] 2.98 
Symmetry factor ü [0.1 − 1] 0.5 

Concentration 
overpotential  

Maximum current density j̈ BÔ [0.1 − 3] 0.63 

Membrane  Thickness p# [mm] [0.1 − 0.3] 0.1 
 

 

Figure 3-6: (A) Comparison of NedstackTM operational data and calculated polarization curve 
from the model (condition coolant inlet temperature 57 °C and 4� = 10 °C a relative humidity of 
85% at cathode and anode side taken from the technical specification of the NedstackTM system 

[27] (B) PEMFC system efficiency obtained. 

 

3.3.2. Sensitivity study at the fuel processor level 

As mentioned in section 3.2.1, a base-case have been defined considering heuristic values for 
reactor parameters and operating conditions.  However, to ensure proper design of the reactor, it's 
important to understand how operating conditions (such as reactor temperature, pressure, and 
permeate-side pressure) affect the global performance of these fuel processors. A sensitivity study 
is conducted at the fuel processor level by varying the reactor pressure, temperature, and permeate 
pressure above and below the baseline value at a fixed membrane area while adjusting only the 
feedstock flowrate to achieve the required hydrogen productivity. Each parameter is altered one at 
a time while keeping all other parameters constant at their base case values. The results, which are 
presented in Figure 3-7 in term of reactant conversion, LCOH, HRF and thermal efficiency, yield 
several key observations. In this investigation regarding the fuel processor, it is assumed that the 
delivery pressure of hydrogen is 1 bar, and the cost of electricity is 85 €/MWh.  
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1) Looking at the effect of retentate pressure, It is evident that the effect of increasing 
pressure differs according to the system under consideration. While in certain cases, 
increasing pressure from 5 to 10 bar may result in a higher conversion rate (as seen in 
methane or methanol systems), it may also lead to a lower conversion rate (as observed in 
ammonia systems). In the first two systems, this phenomenon can be explained by the 
increase in the difference in square root partial pressure of hydrogen between the lumen 
side and the shell side resulting in a greater driving force exceeding the decrease in 
equilibrium conversion at higher pressure. However, in the case of the ammonia system, 
the shift effect seems insufficient to overcome the thermodynamic limitations. This latter 
point is sometimes emphasized in experimental studies at lab scale in which it is not 
always possible to work at high pressure [34, 44] in which a pressure increase has often a 
minor impact on reactant conversion. Upon further increasing the pressure from 10 to 15 
bar, all three systems manage to surpass their thermodynamic limitations. However, 
despite this commonality, they still exhibit distinct behaviors. Increasing the pressure in 
the ammonia system was discovered to enhance the conversion rate, efficiency, and 
LCOH. Conversely, in the methanol system, thermal efficiency appears to level off at high 
pressure, while in the methane system, thermal efficiency decreases as pressure increases. 
The observed variations in efficiency in response to the increased pressure can be 
explained by the energy requirements associated with pressurizing the reactants. These 
demands are higher for the methane system, as compared to the other two systems that are 
pressurized in a liquid state. It is noteworthy that pump duties are usually insignificant in 
comparison to other plant consumptions (cf. Figure 3-8). Regarding the LCOH, it exhibits 
an inverse correlation with system efficiency as anticipated due to reduced feedstock 
expenses. Finally, the reduction in HRF observed in the methane systems is attributed due 
to an over-extraction of hydrogen relative to its production. This imbalance is in fact a 
result of an excessively large membrane surface area in relation to the desired productivity. 
As a last consideration, in addition to other performance indicators, the purity of hydrogen 
must also be carefully considered when evaluating the potential of such systems operating 
at higher retentate pressures. Recent studies have revealed that as pressure increases, the 
purity may decline because of a higher concentration of impurities in the permeate. [30] 
[88].  

2) When examining the impact of permeate pressure, it is preferable to use lower values to 
promote permeation from the HRF point of view. However, lower permeate pressure 
values result in increased electricity consumption and higher costs for the vacuum pump. 
It is important to note that the effect of this parameter varies for each system. For instance, 
while the methanol and methane system seems to reach a tradeoff permeate pressure 
within the investigated range, the ammonia system is unaffected by lower permeate 
pressure values. Furthermore, it should be noted that conditions that impede permeation, 
such as low pressure and high vacuum pressure, require a higher reactant flow to achieve 
the desired productivity. This leads to an increase in the GHSV (gas hourly space velocity) 
and a reduction in conversion, resulting in significant losses of CH4 and H2 in the retentate 
and ultimately decreasing efficiency. 



3. PEM Genset    Chapter 3 

85 

 

3) In term of reactor temperature, while an increase generally has a positive impact on reactor 
performance (efficiency and LCOH), as it enhances membrane permeability and improves 
kinetic and equilibrium conversion, the methanol system appears to be an exception to this 
trend. Although an increase in temperature results in higher conversion, it does not lead to 
a reduction in LCOH under these conditions. One possible reason for this is that the 
methanol system requires the most energy at the pre-heating stage, as shown in Figure 

3-8, and therefore, higher temperatures are not always beneficial from a system 
perspective. Finally, as a side note it is also noteworthy to report that temperature affects 
the hydrogen purity. De Nooijer et al. (2018) [44] reported the highest purity at the highest 
temperature in their study. 

 

 
Figure 3-7: Sensitivity analysis on three main variable: reactor pressure, permeate pressure and 

temperature for methanol (in blue) ammonia (green) and methane (red) the baseline corresponding 
to the bar in the middle. The dotted line refers to the conversion, the dashed line refers to the 
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efficiency and the hybrid dash-dotted line refers to the HRF (The reactant flowrates are regulated 
to reach the required productivity at each operating conditions). 

 
Figure 3-8: Main location of energy demand for each FP: NH3 system (red) CH3OH system (blue) 

and CH4 system (green) 

 

Another parameter to be investigated is the SCR (Steam-to-Carbon ratio), defined as the ratio 
between steam and methane molar flows in the feed. The effect of SCR on the methane system is 
reported in Figure 3-9. Increasing the water content leads to higher methane conversion at the 
reactor level, but this comes at the cost of an increased requirement for thermal power for steam 
production at the system level. The range of operating conditions investigated shows that a trade-off 
value can be found that minimizes the LCOH. For the methanol system, a detailed analysis (cf. 
Figure 3-10) is conducted at the reactor level to study the impact of SCR in relation to reactant 
flowrate and permeate pressure. It shows that at low flowrate and high permeate pressure, a higher 
SCR results in a lower HRF due to the lower reactant concentration decreasing the permeation 
driving force. Conversely, at low permeate pressure and high flowrate, a higher SCR leads to a 
higher HRF because the higher conversions resulting from higher SCR promote a higher driving 
force.  

0

2

4

6

8

10

12

14

16

Reactant Pre-heating  [kW] Reactor duty [kW] turbo-machinery [kW]

E
n

e
rg

y
 i

n
p

u
t 

to
 t

h
e

 s
y

st
e

m
 [

k
W

]

NH3 system CH3OH  system CH4 system



3. PEM Genset    Chapter 3 

87 

 

 
Figure 3-9: Impact of the SCR on the methane FP system around the base case. The  dotted line 
refers to the conversion, the dashed line refers to the efficiency and the hybrid dash-dotted line 

refers to the HRF. (The reactant flowrates are regulated to reach the required productivity at each 
operating conditions) 

 

 
Figure 3-10: Detailed sensitivity analysis on SCR effect at the reactor level on the methanol 

system (a) hydrogen produced (b) Conversion and (c) HRF  

 

This section highlights that the techno-economic considerations of hydrogen production from e-
fuels are system-specific. To achieve efficient hydrogen production, it is generally necessary to 
strike a balance between insufficient and excessive membrane surface while taking into account the 
potential collateral effects that are inherent in each fuel processor system. 1) Insufficient membrane 
surface area can result in suboptimal hydrogen production due to reduced residence time in the 
reactor, which in turn restricts membrane flux and lowers the reactant conversion. This can also lead 
to significant hydrogen losses and wasted exhaust energy as a result of high temperatures in the 
exhaust, which directly impacts the overall efficiency of the system. 2) When the membrane surface 
area in the reactor is excessive, it may cause hydrogen to be extracted more rapidly than its 
production rate. While this could be advantageous for the reactor, it also lowers the hydrogen 
concentration within the reactor, thereby reducing the driving force for permeation. This may 
necessitate the use of additional utilities, such as fuel or electricity, to preheat the reactants and 
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maintain the endothermic reaction. In addition, the extra cost of the membrane required for the larger 
surface area could lead to negative economic consequences. 3) Finally, several trade-offs were 
observed depending on the operating conditions (SCR, permeate pressure and retentate pressure). 
To obtain a wider performance map of each system, a more comprehensive range of sensitivity 
analyses was carried out for each fuel processor illustrated in Figure 3-11. Based on the results, the 
NH3 system demonstrates superior efficiency compared to the other systems, while the CH4 system 
is found to be the most cost-effective option, albeit only slightly ahead of the NH3 system. Notably, 
the methanol system lags significantly behind in terms of both economic and efficiency performance 
at the operating conditions studied. 

Figure 3-11: Result of an extended sensitivity analysis on the three FPs: NH3 system (green) 
CH3OH system (blue) and CH4 system (red) with fixed H2 productivity of 0.84 kmol/h 

 

3.3.3. Optimization of the different systems 

In order to facilitate a fair comparison between the three systems, the Aspen Plus 
software's SQRP (Successive Quadratic Programming) was utilized to optimize the parameters of 
the flowsheet structure. This optimization process involved fine-tuning the operating conditions, 
such as permeate pressure, reactor inlet pressure, flow rate, and temperature, as well as sizing 
parameters, including membrane area, for a total of five parameters. The primary goal was to 
maximize the fuel processor efficiency �$W, while still satisfying specific constraints, such as the 

addition of air to the burner to attain an O2 content of 5% (on a molar basis), maintaining the required 
hydrogen productivity (i.e. 0.84 kmol/hr), and ensuring that the fluidized bed reactor remains in the 
"bubbling bed regime" with a u/umf ratio between 2 and 10. In addition, different setups were 
investigated such as electrical heating, thermal heating, and methane storage conditions. Table 3-7 
provides a summary of the results and associated operating conditions. At the fuel processor level, 
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the ammonia system achieves the highest maximum efficiency of 0.92, followed by the methane 
system with 0.82, and the methanol system with the lowest maximum efficiency of 0.57. The LCOH 
exhibits a declining trend from 8.3 €/kg-H2 in the methanol system to 6.06 €/kg-H2 and 6.02 €/kg-H2 
in the ammonia and methane systems, respectively. In contrast, when considering a thermal furnace, 
the methane system achieves the lowest cost of 5.21 €/kg-H2 among all the cases considered, albeit 
with a slightly lower efficiency compared to its electric case counterpart. Figure 3-12 shows that 
the reductions in LCOH correspond to fuel cost shares of 32% and 29% for the methanol and 
ammonia systems, respectively, when electrically heated, which decrease to 24% and 16%, 
respectively, for the methane system when thermally heated. The CAPEX shares range between 
16% and 21% of the LCOH, depending on the system considered. Specifically, the methanol system 
has the highest CAPEX compared to the other systems due to the greater number of membranes and 
associated reactor volume and heat exchangers required to achieve the required productivity. In 
terms of the TPC composition (see Figure 3-13), the two primary expenses for each system in order 
of importance are related to the heat exchanger and membranes (in the ammonia system) heat 
exchangers and reactor vessel (in the methanol system), and heat exchanger and furnace (in the 
methane system) which aligns with the primary location of heat inputs  for the latter two feedstocks. 
The methanol system is somewhat negatively affected by this situation, as reducing the membrane 
surface and associated reactor volume also leads to a higher heat exchanger area due to increased 
fuel requirements which is not an ideal situation. To emphasis the difference between the various 
configurations (electric vs thermal) and feedstock options, Figure 3-14 provides a comparative view 
of the "best efficiency" points at the FP level in relation to the sensitivity analysis conducted in the 
previous paragraph. It can be observed that the highest efficiencies are located near the minimum 
number of membranes for the thermally heated system, whereas this is not the case for the 
electrically heated system. The reason for this is that in the latter configuration, the retentate flow 
only guarantees the thermal balance of the system. Therefore, in those conditions, the conversion is 
required to be slightly tempered to enable sufficient heating. Overall, the fuel processor level 
analysis confirms that the ammonia system is the most efficient, while the methane system seems to 
be the most cost-effective, although depending on the configuration, it can yield costs that are close 
to the ammonia system based on the considered assumptions. 

This trend in hydrogen cost is reflected in the LCOE at the GENSET level as shown in Figure 3-15, 
with a reduction from 865 €/MWh in the electric methanol system to 673 €/MWh and 849 €/MWh 
in the electric and thermal ammonia systems, and finally to 654 €/MWh in the methane system with 
corresponding efficiencies ranging from 25% to 38%, as presented in Table 3-7. These efficiencies 
are competitive with ICE engines (i.e. efficiency in the range of 15-35% [23]) indicating the 
technological relevance of these systems. Compared to other studies on similar systems, the 
efficiency identified here is slightly lower than that reported by Marcoberardino et al. (2017) [26], 
who calculated an electric efficiency of 42%. However, their assessment was based on an assumed 
fuel cell efficiency of 62%. With the assumptions made, these systems however do not compare 
favorably to diesel ICE in terms of cost.  

The PEMFC's cost dominates the economic performance, being twice as expensive as the FP for the 
ammonia system and almost 1.5 times as costly for the methane system. Finally, although the system 
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is designed for eco-friendly fuels, it's essential to acknowledge that fossil fuels remain a potential 
alternative. Hence, it's necessary to evaluate the greenhouse gas emissions potential within the 
system boundary. The ammonia systems are entirely carbon-free, but they still emit greenhouse 
gases in the form of nitrous oxide (NOx), such as NO, NO2, and N2O, due to NH3 combustion in the 
furnace. The GWP (Global Warming Potential) of NOX is estimated at 298 [89] [13]. According to 
this study (cf. Table 3-7), the methanol system has the highest greenhouse gas emissions, followed 
by the CH4 system. Conversely, the ammonia genset emissions are insignificant. It is important to 
highlight that these systems can lead to higher emissions, particularly during transient operation. 
Roughly, a diesel engine typically emits 0.6-1.0 kgCO2/kWh of electricity produced, which is 
comparable in magnitude to the CH4 and CH3OH systems. Therefore, only the NH3 system 
outperforms the diesel genset from an environmental impact standpoint. 

 

 
Figure 3-12: LCOH breakdown (assuming an electricity cost 85 €/MWh & a discharged pressure 

of H2 of 1 bar, no storage cost for the e CH4 at 1 bar). 
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Figure 3-13: TPC composition at the fuel processor level of the (a) methanol (electric furnace) FP, 
(b) ammonia (electric furnace) FP and (c) methane (thermal furnace)FP at the maximum efficiency 

point obtained. 

 

 

Figure 3-14: Comparing maximum efficiency points for electric and thermal furnace systems 
(represented by star and pentagon symbols, respectively) in relation to the sensitivity analysis in 

Section 3.3.2 (a) LCOH vs thermal efficiency; (b)LCOH vs number of membranes required 

a) b) 
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Figure 3-15: LCOE breakdown for the systems considered (assuming the PEM system supplies 

for the BOP of the fuel processor). 
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Table 3-7: Summary of the optimal operating conditions, optimized for maximum efficiency in 
different systems (constraints H2 productivity of 0.84 kmol/hr, exhaust temperature <150 °C, 5%  

O2 excess in the flue gas) 

 

 CASE 1: CH4 System CASE 2: NH3 system CASE 
3:CH3OH 

System 

 

 Electric 
heating 
e-CH4 
at 1 bar 

Thermal 
heating 
e- CH4 
at 1 bar 

Thermal 
heating 

e-CH4 at 
200 bar 

Thermal 
heating 

Electric 
heating 

Electric 
heating 

P
a

ra
m

et
er

s 

Reactor Temperature (°C) 
*∈ [450-550] Case 1 
*∈ [400-460] Case 2 
*∈ [200-260] Case 3 

550 550 550 457 400 218 

Pressure 
∈ [5-23] bar 

19.1 7.27 20(fixed) 11.52 12 15.4 

Vacuum pressure 
∈ [0.1-1] bar 

0.526 0.258 0.169 0.189 0.7 0.242 

E-fuel flowrate [kmol/hr] 
*∈ [0.05-1] Case 1 
*∈ [0.1-2] Case 2 

*∈ [0.58-3] Case 3 

0.227 0.230 0.222 0.576 0.580 0.434 

Number of membranes 
∈ [10-70] 

16.6 11.5 11.5 14.6 27.6 48.8 

R
es

u
lt

s 

Exhaust temperature (°C) 
<150 °C (inequality 

constraint) 

106 60.7 71.9 79.4 21 26.2 

Thermal efficiency η>� 0.82 0.79 0.78 0.85 0.92 0.57 
Reactor conversion 0.955 0.953 0.961 0.999 0.996 0.963 

LCOH [€/kgH2] 
(Considering an electricity 

price of 85 €/MWh and a H2 
delivery pressure of 1bar) 

6.02 5.21 5.47 5.92 6.06 8.30 

Electrical efficiency η��ñ�ñ 0.201 0.356 0.358 0.395 0.358 0.223 
Associated LCOE [€/MWh] 

(PEMFC provide for FP 
auxiliary consumption) 

1343 627 637 665 848 1401 

Electricity production [kW] 10.3 24.4 25.1 23.2 17.7 12.7 
Emissions 

[kgGHG/kgH2 ] 
5.97 7.92 8.09 4.48E-3 1.12E-3 11.9 

 

3.3.4. Sensitivity analysis on economic parameters  

To highlight the dependence on some of the main assumptions, a sensitivity study is 
conducted on the primary parameters that affect the system cost (cf. Figure 3-16). For the sake of 
brevity, only a few of these parameters are being discussed, namely fuel cost, carbon tax, and plant 
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availability. Regarding the fuel cost, It is important to bear in mind that the study relies on the market 
price of e-fuels, however, recent estimates indicate that the cost of green fuels could range from 
being equivalent to fossil fuels to being ten times more expensive. In terms of the analysis, it reveals 
that a 50% hike in fuel costs results in a 16% increase in the LCOH of the methanol system, a 13% 
increase in the ammonia system, and a 12% increase in the methane system. The analysis also takes 
into account plant availability, which is assumed to be 0.65 in the base case and relatively low. The 
availability of the plant depends on the intended market, such as prime power genset or backup 
power genset. Increasing the availability by 50% results in a decrease of 23%, 19%, and 17% in the 
methane, ammonia, and methanol systems, respectively. In the base case, no carbon tax is 
considered, If fossil fuels are used, a carbon tax needs to be factored into the techno economic 
analysis, revealing that the ammonia system becomes more economically advantageous than the 
methane system at carbon tax rates above 85 €/tCO2. Currently, the carbon tax policy is however not 
uniformly adopted, and its magnitude is dependent on the laws of individual nations. For example, 
in European countries that have already implemented a carbon tax, the range can fluctuate from 
116.33 €/tCO2 for Sweden to as low as 0.07 €/tCO2 for Poland, with an average being 24 €/tCO2. 
Nonetheless, as regulations on CO2 emissions become stricter for achieving "Net-Zero by 2050" and 
carbon tax policies are gradually implemented worldwide, the carbon tax is expected to increase in 
the future.  

To explore the potential for expanding the genset system into various markets, an economic analysis 
was conducted, including the possibility of scaling up to the megawatt level. Scaling up can be 
accomplished through increasing the reactor size or numbering up units, each with its own 
challenges. Membrane fragility and leakage make numbering up units a preferable approach, but the 
control and monitoring of individual units in parallel can be problematic, leading to increased capital 
costs. To address these challenges, a combination of modular and scaling up strategies was 
considered. Furthermore, promising results were obtained from the investigation of metallic 
supports for the development of thin Pd-based membranes, which could help alleviate these 
challenges and enable scale-up [90]. As a result, achieving the scale-up plan presented in Figure 

3-17 may be a possible option in the future. It is shown that the system at around 1 MW reaches an 
LCOE of 419 €/MWh with the baseline assumption (i.e. roughly increasing the productivity by 5 
decreases the cost by almost 2.6) with a CAPEX strongly dominated by the PEMFC systems.  

Anticipated full industrialization, mass production, and government subsidies for energy savings are 
however expected to drive down the cost of PEMFC. According to estimates from  the JU H2 [68] 
report indicate that electricity production levels of 5kWe, 50kWe, and 500kWe could be as low as 
6000 €/kWe, 2500 €/kWe, and 1900 €/kWe, respectively. Furthermore, the Grasshopper Eu. Project 
[69] is working towards achieving cost of 1,500 €/kWe at a megawatt scale. In Figure 3-18, the 
economic viability of the composite GENSET proposed in this study is evaluated by assessing the 
influence of the PEMFC cost and comparing it with a diesel ICE engine. If the cost of PEMFC can 
be reduced from the base case of 6000 €/kWe to an achievable target of 2000 €/kWe, the electricity 
generated by the proposed system has the potential to be cost-competitive with that generated by a 
diesel ICE engine at an electricity production level of 150 kW.  
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In conclusion, techno-economic evaluations are useful for comparing various processes, but the 
values obtained may not be exact. Caution should be exercised when examining and interpreting 
costs derived from specific studies as they may differ depending on various assumptions or cost 
correlations. Nonetheless, it is still interesting to compare these costs with those found in previous 
literature, which indicates that the LCOH costs obtained in this study are generally in line with those 
reported in other scientific literature  

 

 
Figure 3-16: LCOH sensitivity towards the main economic variables for each FP, the dots 

represent the base case. (a) system availability; (b) Price of fuel; (c) Plant Lifetime; (d) CO2 tax; 
(e) Electricity cost; (f) Membrane lifetime; (g) Operator cost; (h) Discount factor; (i) Catalyst 

lifetime. 

a) b) c) 

d) e) f) 

g) h) i) 
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Figure 3-17: Scale up of the CH4 PEM Genset system up to a capacity of ~ 1MW. 3 sized of 
reactor were selected and numbered up when a membrane number in the system was superior to 
200. A fixed labor cost of 20000 €/ year (i.e. ~1 person) is assumed. The conditions taken are a 

reactor temperature of 525 °C a vacuum pressure of 0.25 and reaction pressure of 20 bar, a SCR=3 
while the number of membranes and the feedstock flowrate are varied aiming at maximizing the 

efficiency 
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Figure 3-18: Comparison of the CH4 PEM Genset with a diesel ICE engine. The cost correlation 

for the ICE engine is taken from Turton et al. (2018) [59] & A constant labor cost of 20 k€/ year is 
assumed to take care/operate the system for the whole production range 

 

Figure 3-19: Overview of some hydrogen production costs from various literature sources. Dot 
markers represent membrane reactor (MR) systems, while triangle markers indicate traditional 

reactor (TR) systems. Differences in system boundaries, such as H2 delivery pressure, and 
economic methodologies make the results indicative rather than directly comparable. Refer to the 

original sources for comprehensive details. 
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3.4. Conclusions 

The objective of this chapter was to carry out an initial techno-economic evaluation of 
PEMFC genset systems that integrate membrane reactors as fuel processors, utilizing various 
feedstocks such as methane, ammonia, and methanol for storing significant amounts of renewable 
energy in the power-to-X framework. To accomplish this objective, the study employed a computer-
based process simulation approach utilizing Aspen PlusTM software and utilized a two-steps 
optimization method. Initially, a sensitivity analysis was conducted to examine the influence of 
different operating conditions, such as reactor temperature, pressure, and permeate-side pressure on 
the overall efficiency of the fuel processors. Subsequently, a parameter optimization was performed 
to facilitate a fair comparison of the three feedstocks hydrogen and screen quickly through the 
variety of combination which can arise (electrical or thermal furnace, storage conditions of the 
methane). Finally, a sensitivity analysis was conducted on economic parameters to determine what 
could be realistically achieved in the near future and to address the significant uncertainties 
associated with certain economic variables. 

• According to the sensitivity analysis conducted on operating conditions, the techno-
economic aspects of hydrogen production from e-fuels are dependent on the system being 
used. Achieving optimal hydrogen production conditions requires balancing the 
membrane surface area while considering the specific trade-offs associated with each 
system based on its operating conditions, such as permeate pressure, retentate pressure, 
reactor temperature, and steam to carbon ratio. The study focused on discussing the impact 
of these individual parameters. Furthermore, the results show that the NH3 system has 
superior efficiency from the FP perspective compared to other systems. On the other hand, 
the CH4 system is the most cost-effective option, slightly ahead of the NH3 system. It is 
worth noting that the methanol system appears to have lower economic and efficiency 
performance under the studied operating conditions. 

• In terms of optimization, the study showed a decreasing levelized cost of hydrogen 
(LCOH) from 8.3 €/kgH2 in the methanol  system to 6.21 €/kgH2 in the ammonia system 
and ultimately to 5.43  €/kgH2 in the methane system, with associated thermal efficiencies 
of 0.57, 0.92, and 0.77, respectively, at the fuel processor level. At the genset level, the 
reduction was from 1400 €/MWh in the electric methanol system to 848 €/MWh and 665 
€/MWh in the electric and thermal ammonia systems, and finally to 627 €/MWh in the 
methane system, with corresponding electric efficiencies ranging from 25% to 39% 
provides a comparative view of the "best efficiency" points at the FP level in relation to 
the sensitivity analysis conducted in the previous paragraph. It can be observed that the 
highest efficiencies are located near the minimum number of membranes for the thermally 
heated system, whereas this is not the case for the electrically heated system.  The study 
found that, while the systems were competitive with ICE engines from an efficiency point 
of view, they did not compare favorably to diesel ICE engines in terms of cost. This 
highlights the dependency of the optimization on the considered process architecture.  
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• Lastly, sensitivity analyses were carried out to highlight the reliance on certain key 
assumptions. Most notably, results showed that if the cost of PEMFC can be lowered to 
less than 2000 €/kW, the system could become economically competitive at the 150 kW, 
making it feasible for industrial application in the near future (provided that E-fuels can 
compete with fossil fuels, which is a key assumption of this study). In parallel, the ongoing 
advancements in technological maturity of membrane reactors, which are being promoted 
through various scale-up projects and EU initiatives, would play a crucial role in achieving 
economic competitiveness at the genset level.  

While this research's findings align with established scientific literature, it's important to recognize 
the variety of uncertainties at play, such as reaction kinetics, feedstock costs, equipment expenses, 
and the selection of materials. These factors, along with any associated approximations, can 
profoundly impact the results of the study. For instance, revising the assumption that the same 
material (stainless steel) is used for each system could potentially reduce the observed economic 
disparity with the methanol system. Future research could reassess these elements, perhaps adjusting 
based on the actual equipment purchase costs. In addition, to offer a fairer comparison between 
methanol and ammonia, it would be beneficial to conduct future research exploring the effects of 
matching the methanol reforming temperature to that of the ammonia system. This would necessitate 
replacing the copper catalyst and discovering a new kinetic model, given that the current model in 
this study is only valid up to 260 °C. As a final perspective, it might be beneficial to expand the 
comparative study to encompass other types of generator systems, such as SOFCs (Solid Oxide Fuel 
Cells), and turbines. This could enrich a decision-making tool, aiding in identifying  the technology 
with the greatest potential for specific applications. 
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Appendix A.  

A1. Constitutive equations for the PEMFC stack 

Table A1: List of constitutive equations of the stack model similar to [32] 
Average Cell Voltage � = � − ��	
 − �{�zÎ	 − �	{�	 Eq. A1 

Theoretical cell voltage 
(Nernst equation) 	 = 	¬ + T�

2U �o 
/�)/ �

-
)� 

Eq. A2 

Activation 
overpotential (Butler 

Volmer equation) 

�B�$ = �B�$,� + �B�$,B = ©ª�F� �o P�,�ZKôô
�«,F

S + ©ª�E� �o P�,�ZKôô
�«,E

S with 

�¬,B = oU�B +�l 
(1 − ü). o U	
T� �& �¬,� = oU�B +�l Ëü. o U	

T� Ì 

αê = β ηÆ�ê  and  αê = (1 − β) ηÆ�� 

Eq. A3 

Ohmic overpotential η��7Ò� = (rÆ� + rÒ��)i Eq. A4 
Ionic resistance in the 

cell [91] 
�̂ 
 =

�- ×1 + 0.03� + 0.062 P �
303S

)
× �).¿Ø

(�#�# − 0.634 − 3�) exp Ü�) P� − 303
� SÞ

× p# 

Eq. A5 

Membrane water 
content �#�#· = �� − �B

p#
� + �B 

Where the water activity is expressed: ��&B = 0.043 + 17.18�� − 39.85��) + 36��h  �� 0 < �� < 1 ��&B = 14 + 1.4(�� − 1) �� 0 < �� < 3 

Eq. A5 

Net water transport 
through membrane 

3��b,à�B� = 3��b,à�B� − 3��b,·B�� à���

= 2 ∗ oà�B�!B$ × �#�# × �
22 × o�U − �à��

�#
×  � × ��#�#

��  

Eq. A5 

Water diffusion 
coefficient 

 � = 10'�(2.563 − 0.33�#�# + 0.0264�#�#) − 0.000671�#�#h )
× +�l ×2416 Ë 1

303 − 1
�ÌØ 

Eq. A6 

Net Nitrogen cross over 3g� = .g�
/g�,�B − /g�,B


p#
 

Eq. A7 

Nitrogen permeation 
coefficient .g� = 8(0.0295 + 1.21�Õ − 1.93�Õ)) × 10'-- × +�l ×	g�

T Ë 1
303 − 1

�ÌØ 

�Õ = �#�# × !�!#�# + �#�# × !� 

Eq. A8 

Material balance o"��,��# = j
o�U ��� 

Eq. A9 

Energy balance �$ × ��
�p = 	"�
 − 	" "$ − 	"�V − 	"V !! 

Eq. A10 

 

A2. Fluidized bed model  

Table A2: Empirical correlations used in the FBMR model to describe the fluidized bed 
hydrodynamic and mass transfer similar to [26] $zÐ %& = 
 �.'(ɛzÐ* +~

�,-.}zÐ + �(º /� − ɛzÐ0ɛzÐ* +~}
,-.zÐ 

Eq. A11 

ɛzÐ ɛ#� = /1 − ɛ�B���à01^'¬.¬)2 Ë��B!�!
Ì

¬.¬)-
 

Eq. A12 
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Initial bubble 
diameter  34,º 

�·,¬ = 0.376/¶¬ − ¶#�0)
 Eq. A13 

Maximum bubble 
diameter 

�·,#BÔ = minP1.63741ª/¶¬ − ¶#�0¬.¡; ÔS  Ô = min ( ��B�$ �; ���p#�#·) 

Eq. A14 

Average bubble 
diameter 34,�6 [92] 

�·,BÕ =  �·,#BÔ − /�·,#BÔ − �·,¬0+'¬.h�
ùG  

Eq. A15 

Bubble phase 
fraction Ð4 

�· = "«'"RY
"7,EÛâ

 or �· = "«'"RY
"7,EÛâ,"RY

 Eq. A16 

Wake parameter 8 
Ð9 = 8Ð4 

0.15 Eq. A17 

Cloud emulsion Ð	- 1 − �� − �· Eq. A18 
Emulsion gas velocity ¶� = ¶¬ − �·¶·

1 − �·
 

Eq. A19 

 

A3. Impact of concentration polarization  

In this work, concentration polarization is modeled using a simple reducing factor, f�;. 

This factor adjusts the ideal permeation flux based on the Richardson equation, as expressed in Eq. 
A20: 

3�� = f�; ∗ <�
X Pl��,CDG 

� − l��,<DCR
� S Ü # V

! #�Þ   Eq. A20 

Such a factor is challenging to determine from the literature due to scattered data and its dependence 
on operating conditions (e.g., temperature, flow rate, and driving force) as well as reactor design 
parameters, such as the specific membrane area (cf. Table A3). To simplify the analysis, a brief 
sensitivity study was conducted using a homogeneous CFD model (see Figure A1) under conditions 
similar to those of this study. The goal was to evaluate the influence of parameters such as 
temperature and H₂ inlet fraction on the Concentration Polarization Coefficient (CPC) and H₂ flux 
in a packed bed reactor (see Figure A2). The CPC represents the ratio of the average H₂ 
concentration at the membrane surface to that at the wall. A CPC value of one indicates the presence 
of radial diffusion limitations, while lower values suggest more efficient radial diffusion. Additional 
details on the CPC are discussed in Chapter 6 (page 198) of this thesis. The analysis suggests that 
concentration polarization in packed bed reactors for this study can be approximated with a reduction 
factor of 0.15 (see Figure A3). For fluidized bed reactors, a reduction factor of 0.6, derived from 
trusted literature sources [93], is applied. 

 

Table A3: Example of CP reducing factor in literature . 
 FBMR or 

PBMR 
Exp./model  Membranes  Max 

Reducing 
factor 

Chen et al. (2013) 
[41] 

PBMR Exp. Pd-Ag  ~0.0420 

Helmi et al. (2018) 
[42] 

FBMR Both Pd-Ag ~0.33 

Medrano et al. 
(2018) [93] 

FBMR 1D Model Pd-Ag 0.6 
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Spallina et al. 
(2018) [94] 

FBMR Exp Pd-Ag ~0.53 

 

 
Figure A1: (a) Axisymmetric domain of the membrane module simulated with a zoom view of the 
mesh composed of a total of 33383 elements (no significant dependency on the mesh was found).  

(b) Molar fraction distribution of temperature and zoom view of the boundary layer (c)&(d) 
sensitivity study by applying -50% and +50% change in the baseline operating conditions for the 

polarization coefficient and the Recovery Factor. 
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Figure A2: Visualization of the sensitivity sweep on the CPC (top), H2 flux (bottom) at 200 °C 
and 400 °C and 10 and 15 bar using a bed diameter of 0.031 m  

 

 
Figure A3: Comparison between CFD and 1D model assuming a 0.15 reducing factor which is 

then used this study.(in red 400 °C and in blue 200 °C).  

 

A4. Kinetic rate laws & parameters  

A4.1. Methane steam reforming  

Table A4: Methane steam reforming kinetic rates laws from Marra et al. (2014) [95] 
Reactions Reaction rates 

Methane reforming 

T�¨© =
�=sJ
<ö�e<��Ù'Q��

a QöÙ>=sJ
Dß �

<��Ù§.¦?@  Eq. A21 
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Water gas shift 

Tä��
�åA=
<öÙ<��Ù'Q��QöÙ�>åA=Dß �

<��Ù
 Eq. A22 

Kinetic constant 
formulation  �� = 1�+Ë'BEFG,: 

Jt Ì
 Eq. A23 

 

Table A5: Methane steam reforming kinetic constants from Marra et al. (2014) [95] in Eq A23 

%ÍC, /Dz{| 4�&'º.EºEDF	�
'� �'�0 G.'E ∗ �ºE  
%HIÍ (Dz{| 4�&'º.(DF	�
'� �'�) 17.2 ∗ 10) 

��	
 ÍC, Ë DJz{|Ì 
83.6 ∗ 10h 

��	
 HIÍ Ë DJz{|Ì 
54.5 ∗ 10h 

 

A4.2. Ammonia decomposition  

Regarding ammonia, the Temkin-Phyzev model (Eq. A24) has been accurately used in 
several other works to fit experimental conversion rate for both ammonia synthesis and 
decomposition reactions [62, 96, 97]. The kinetic law parameters were fitted for several Ruthenium 
(Ru)-based catalysts cited in the literature Hypermec 10010TM (8% Ru)[96] and Alfa AesarTM (2% 
Ru) [34] and a non-commercial catalyst based on Ru (3%)-K-CaO [50]. A nickel-based catalyst was 
also considered for reference [103]. Their values is reported in Table A6 

Tg�h = �¬ +�l P− ��	

©ª S /g�a

)∗K/��
'h∗K

  Eq.A24 

 

Table A6: Kinetic law parameters fitted using the Temkin-Pyzehv (Eq. A24) Least square 
estimator & Nelder Mead Solver  

 Dº 

× Dz{|
z*�& 4�&'LØ 

�º 

× DJDz{|Ø 
L 

[−] 

Cechetto et al. (2021) [34] 4.09 ∗ 10-¡ 1.87∗ 10¿ 0.560 
Sayas et al. (2020) [50] 1.65 ∗ 10-¡ 1.82∗ 10¿ 0.584 
Di Carlo et al. (2014) [96] 4.09 ∗ 10-) 1.49∗ 10¿ 0.799 
Im et al. (2020) [103] 3.89 ∗ 10-¡ 1.99∗ 10¿ 0.477 

 

A4.3. Methanol steam reforming  

For methanol reforming, the Peppley reaction kinetic model was employed, a widely used approach 
(often used [98-102]). This model is based on Langmuir-Hinshelwood reaction rate expressions, 
which describe the kinetics of methanol steam reforming over a Cu/ZnO/Al₂O₃ catalyst. The key 
parameters of this model are summarized in Table A7. 
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Table A7: Parameters for the kinetic equations of methanol reforming [29]  
Equilibrium constant ^_ 

[` abc'�d'�] 
^e 

[` abc'�] 
Parameters Values 

f°e*g�∗ [4�&'º.(]  -41.8 -2*104 Dº_hi[z}~'�z{|'�] '.E ∗ �º�E 

fjÏèè�∗  [4�&'�.(]  179.2 105 ��	
ÍC,[J z{|'�] �. º* ∗ �º( 

fèj�∗  [4�&'º.(]  -44.5 -2*104 Dºkl_[z}~'�z{|'�] (.G ∗ �º�* 

fèj�∗\ [4�&'�.(]   -44.5 -2*104 ��	
HIÍ [J z{|'�] m.' ∗ �º( 

fj�∗  [4�&'�]  -100.8 -5*104 Dºh¯[z}~'�z{|'�] *.m ∗ �º}º 

f°e*g}∗ [4�&'º.(]  30.0 -2*104 ��	
Cn[J z{|'�] 1.7*105 fèj}∗ [4�&'º.(]  30.0 -2*104 ÏÍ�æ ×z{|
z} Ø 

7.5*10-6 

fj} [4�&'�]  -46.2 -5*104 ÏÍ�%æ ×z{|
z} Ø 

1.5*10-5 

   ÏÍ}æ ×z{|
z} Ø 

7.5*10-6 
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z} Ø 

1.5*10-5 
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Chapter 4 | Techno-economic analysis of ammonia 

cracking for large scale power generation 

Abstract 

The increased interest in leveraging green ammonia to mitigate carbon emissions in fertilizer 
production is paralleled by an expanding acknowledgment of its potential as a fuel for decarbonizing 
the electricity sector, particularly in high-efficiency gas turbine power plants. Co-firing ammonia 
with hydrogen presents a promising method for integrating ammonia into existing infrastructures. 
Within this context, the development of efficient technology for ammonia cracking presents a 
potential avenue for deploying ammonia in gas turbines. The objective of this chapter∗ is to conduct 
a preliminary techno-economic evaluation and uncertainty analysis of two cracking technologies 
namely a membrane reactor and a conventional FTR (Fired Tubular Reactor) for the co-firing of 
ammonia with hydrogen in a CCGT (Combined Cycle Gas Turbine) plant. The integration of a 
membrane reactor during the cracking stage demonstrates a remarkable improvement in the system's 
thermal efficiency, surpassing traditional approaches by over 25%. Additionally, it brings above 
10% reduction in the levelized cost of hydrogen (LCOH), despite a higher initial capital expenditure 
(CAPEX). At the CCGT level, the discrepancy in levelized cost of electricity (LCOE) narrows, as 
it is strongly influenced by the cost of ammonia constituting 80% of the LCOE. Beyond LCOE, the 
widespread adoption of these systems also faces challenges due to material scarcity. Analysis reveals 
that revamping just 1 GWe of CCGT assets using membrane reactors would for example necessitate 
approximately 0.11% of the global palladium supply, and 10% of the global ruthenium production. 
Considering the limited availability of these resources, coupled with their high demand across 
multiple sectors and the possibility of external factors such as geopolitical tensions, this strategy 
seems unfeasible. To tap into this market, future research should prioritize the exploration of 
alternative membrane materials, such as carbon molecular sieves, and catalysts, like nickel. 

 
∗This chapter is based on the following paper: S. Richard, A. Ramirez Santos, P. Olivier, F. Gallucci, 
Techno-economic analysis of ammonia cracking for large scale power generation, Int. J. Hydrogen 
Energy vol. 71, pp. 571–587, 2024 
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4.1. Introduction 

While Chapter 4 explored the use of e-fuels for power generation with an emphasis on 
small-scale applications, utilizing PEM fuel cells, the present chapter shifts attention to the 
utilisation of ammonia in large-scale power generation. Specifically, it focuses on combined cycle 
gas turbines (CCGTs), which offer unmatched efficiency and flexibility at large scale. They have 
the potential to significantly contribute to a greener energy landscape while supporting the 
integration of variable renewable energy (VRE) sources [1]. This improvement plays a pivotal role 
in preventing carbon entrenchment and minimizing costly asset devaluation during the transition to 
a decarbonized grid [2]. The initial stages of this journey have been characterized by the 
incorporation of hydrogen blending in gas turbines, with gas turbine OEMs (original equipment 
manufacturers) recognizing the viability of incorporating up to 60 vol.% hydrogen in specific 
existing turbine types. According to a report by ETN Global (European Turbine Network)[1], some 
OEMs are now aiming to increase this ratio to 100 vol. % hydrogen. However, the widespread 
adoption of hydrogen as an energy carrier still  faces substantial challenges, notably in the domains 
of transportation, storage, and the possibility of potential leaks [3-5].  

In contrast, green ammonia has emerged as a remarkable zero-carbon alternative, 
primarily due to its dispatchability and relative ease of storage at high volumes [6]. Liquid ammonia 
offers several advantages, including a notably high hydrogen storage density, with a weight 
percentage of 17.8% by mass and a volume of 121 kg-H2/m3. This exceeds the densities achieved by 
other advanced hydrogen storage systems or hydrogen-containing material, including metal hydrides 
(25 kg-H2/m3), liquefied hydrogen (71 kg-H2/m3) [7], compressed hydrogen at 700 bar (42.2 kg-H2/m3) 
[7], methanol (99 kg-H2/m3) [7], or formic acid (53 kg-H2/m3) [8]. The increased hydrogen carrying 
capacity per unit volume of ammonia translates into a lower cost per unit of stored energy compared 
to alternative options [9-11]. For example, Zhao et al. (2019) [10] found that ammonia has the lowest 
global cost (including production, storage, and transportation) being 31% lower than compressed 
hydrogen. Dias et al. (2020) [11] indicated that storing hydrogen as a gas is costlier, with storage 
costs 46% higher than ammonia. The IEA [12] nuanced those finding by suggesting that hydrogen 
gas could be the best option for inland transport up to 3500 km, after which ammonia becomes more 
economical. Ammonia is also advantageous due to well-established standards, a long history of 
safety, and a storage and distribution infrastructure that has been in place for more than 75 years 
[13]. These numerous advantages have sparked a growing interest in utilizing ammonia as a carbon-
free fuel for gas turbines, as evidenced by the increasing number of research papers dedicated to 
exploring this field, as depicted in Figure 4-1.  
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Figure 4-1: Number of scientific articles mentioning the key words “Turbine” and “Ammonia” in 

their abstract from Scopus and Web of Science 
 

However, the combustion characteristics of ammonia differ significantly from those of 
traditional hydrocarbon and hydrogen fuels, posing certain challenges. One major concern is the 
relatively low flame speeds of ammonia-air mixtures, which are only one-fifth of those observed in 
methane-air mixtures at 298 K and 0.10 MPa [14-15]. Moreover, ammonia is a toxic substance, and 
the emission of unburned ammonia from gas turbines is undesirable. The presence of nitrogen oxides 
(NOx), unburned species like NH3, and trace amounts of hydrogen further complicate matters in this 
field. While direct combustion has been studied, it requires the development of new fuel delivery 
systems, modifications to gas turbine enclosures, and rethinking the design of NOx treatments and 
combustors [1,13]. Numerous OEMs are currently involved in prototype development in this field. 
Notably, Mitsubishi Heavy Industries (MHI) which aims to create an industrial-scale turbine 
(50MW) by 2025–2030 [16]. In 2021, IHI partnered with GE (General Electric) to produce gas 
turbines with the goal of achieving 100% ammonia-based combustion by 2030 [17].  

To overcome the challenge posed by the low burning velocity of ammonia and enable its 
use with existing industrial devices, alternative studies explore its use as a co-fuel, often in 
conjunction with hydrogen [18-19] or methane (although the latter emits carbon dioxide) [20]. 
Research as early as the 1960s [21] demonstrated that combining ammonia's slow flame with 
hydrogen's fast, hot flame can produce combustion properties comparable to methane in a gas 
turbine. A blend with 30% H2 (vol. %) seems to have gained attention in this field but uncertainties 
still remain regarding safe, stable, and efficient operation while minimizing NOx emissions. 
Numerous studies have been conducted on the combustion and emissions performance of 
ammonia/hydrogen blends [22-30]. For instance, Pugh et al. (2019) [24] highlighted the benefits of 
reactant humidification in reducing NOx emissions and recommended a 70/30% NH3/H2 mix for 
optimal stability, mimicking the behavior of a premixed CH4 flame. Hussein et al. (2019) [23] 
identified a 60/40% NH3/H2 ratio as ideal for minimizing unburned ammonia and achieving high 
flame temperatures, despite high NO emissions. Hu et al. (2024) [29] reached a parallel conclusion, 
noting optimal emissions of unburned NH3, NO2, and N2O at stoichiometric conditions, with NO 
emissions decreasing under rich-burn conditions. Finally, Yan et al. (2023) [30] noted that a 
minimum of 20% hydrogen addition was necessary for effective operation, although it did not match 
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the combustion rates of gasoline or methane. They suggested that natural gas engines, with higher 
compression ratios, are better suited for ammonia-hydrogen use and recommended avoiding lean 
operation in spark ignition engines with ammonia. 

Hydrogen enhances ammonia combustion as a carbon-neutral option by compensating for 
ammonia's lower reactivity and flame speed. Yet, retrofitting existing combined-cycle gas turbine 
(CCGT) assets with imported ammonia fuel requires on-site catalytic decomposition, presenting 
another challenge. While ammonia cracking has historically lacked commercial adoption, recent 
industrial announcements signal a shift, with plans for large-scale facilities to produce hydrogen 
from imported ammonia [31-33]. As already detailled in Chapter 2 & 3, this process typically 
involves high-temperature reactors operating above 700 °C, using nickel or precious metal catalysts 
like ruthenium, rhodium, and platinum for improved activity [34-36]. Hydrogen recovery is 
achieved via Pressure Swing Adsorption (PSA), cryogenic separation, or ion-exchange zeolites [37]. 
To address the challenges of high cracking temperatures and the separation of unreacted gases in 
traditional systems, researchers have investigated membrane reactors (MR) as a solution for efficient 
hydrogen recovery from ammonia [37-40, 42]. 

Several studies have also conducted economic analyses of this process, focusing on both 
traditional systems and, occasionally, membrane reactor systems. For instance, Lim et al. (2022) 
[43] discovered that the membrane reactor could lead to an 11% cost reduction at 300 kgH2 per day 
and a 14% reduction at 900 kgH2 per day, with an efficiency of 82.7% and 78.7%, respectively.  
Moreover, greenhouse gas emissions were reduced by approximately 17%, from 5.4 to 4.5 kgCO2-

eq/kg-H2. Makhloufi et al. (2021) [44] designed a large-scale Ammonia-to-Hydrogen plant that 
operates at a thermal efficiency of 68.5% and produces 200 ton per day of pure hydrogen at 250 bar. 
The authors utilized a fire tubular reactor (FTR), a technology akin to traditional reformer 
technology seen in steam methane reforming, which involves vertical catalyst-filled tubes within a 
firebox, where radiant heat is transferred to the process tubes. The estimated LCOH (Levelized Cost 
Of Hydrogen) was about 4.82 €/kg with a base green ammonia cost of 450 €/ton. Nasharuddin et al. 
(2019) [45] estimated the levelized cost of H2 to be 4.70 €/kg at a capacity of 1000 ton per day. They 
also noted that the cost of H2 is closely linked to the feedstock price of NH3, which varies between 
3.00 and 6.28 €/kg when the NH3 price is modified by ±75%. At the power plant level, Cesaro et al. 
(2021) [46] forecasted the price of electricity from green ammonia to be 167–197 $/MWh at 25% 
power plant capacity factor.  

Although there has been a recent increase in research conducted by many scholars on the 
subject of ammonia cracking and ammonia combustion, still a small number of papers have focused 
on the economic analysis aspect and even fewer are dedicated to ammonia cracking for power 
generation applications CCGTs. The present study aims at investigating from an economic 
viewpoint the potential to use large scale ammonia cracking facility to generate hydrogen from 
imported ammonia at the capacity required for a CCGT. The novelty of this study lies in the 
comprehensive modeling and techno-economic assessment of the membrane reactor technology 
specifically designed for this application. The study also includes a comparison with a more 
conventional process like the currently available SMR technology. (cf.  
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Figure 4-2). 

 

Figure 4-2: Sketch illustrating the two reactors under consideration in this study a) FTR and b) MR 

 

4.2. Material and Methods  

To achieve the objective, steady-state simulations were conducted in Aspen PlusTM  v11. 
These simulations provided the required inputs for a techno-economic evaluation. The Peng 
Robinson equation of state was employed, and the NRTL (Non-Random Two-Liquid) method was 
utilized for the absorption section. As in Chapter 3, the membrane reactor was coded in Aspen 
Custom ModelerTM (ACM), allowing for seamless integration with Aspen Plus™ flowsheets as a 
custom component.  

4.2.1. Layouts descriptions and general assumptions  

This section outlines the process layouts depicted in Figure 4-3. The reference NGCC (Natural 
Gas Combined Cycle) power plant is representative of Amercoeur Power Plant located in Belgium 
utilizing a single large-scale gas turbine (GT) "F class" (General Electric 9FB) with a gross power 
output of approximately 310 MW. It also includes a heat recovery steam generator (HRSG) and a 
single steam turbine in a dual-shaft configuration, featuring two alternators for the steam turbine and 
gas turbine. The plant receives natural gas at 30 bar and 27 °C and has a net power output of 420 
MW. The steam turbine comprises high-pressure (HP), intermediate-pressure (IP), and low-pressure 
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(LP) turbine, with extraction points for regenerative heating of feedwater and condensate. 
Additionally, this study considers a carbon dioxide recovery facility based on conventional 
ethanolamine absorption. This particular section is however not modeled and is solely considered 
from an efficiency & techno-economic perspective assuming that this process is at best 90-95% 
effective at capturing emissions as already reported [46] and that the amount of energy for 
regeneration of the solvent is assumed equal to 3.95 GJ/t  CO2 with steam at a pressure of 4.0 bar 
according to previous literature [47]. The CO2 released in the stripper column is compressed in an 
intercooled compressor and, after reaching liquid phase liquefaction in the 80 bar aftercooler, 
pumped to the delivery pressure fixed at 110 bar.  

Regarding the retrofits with ammonia, a mixture consisting of 30% hydrogen (H2) by volume 
is adopted, which aligns with existing literature[15, 22-28]. In this scenario, the parameters set for 
the natural gas (NG) turbine are utilized, and a design specification is put in place to achieve the 
targeted fuel blend flow rate. This ensures that the power output matches that of its natural gas-based 
counterpart. This translates to a hydrogen need of 2600 kmol/hr at 30 bar. This assumption serves 
as a fundamental premise for this study. Furthermore, it is crucial to ensure that the temperature 
remains below 1400 °C to prevent any potential damage to the stainless-steel tubes. Further details 
on modeling both traditional and retrofitted combined-cycle gas turbine (CCGT) systems with 
hydrogen-ammonia blends in Aspen Plus are available in Appendices B1 and B2. 

To generate the necessary hydrogen amount for the blend, this study primarily evaluates two 
cracking technologies: a fire tubular reactor (FTR) and a membrane reactor (MR) process. The 
system layouts for these technologies can be viewed in Figure 4-3. These two processes are assumed 
decoupled (i.e. no heat integration) from the power production island which seems beneficial from 
the point of view of flexibility, and more realistic from the point of view of retrofitting existing 
assets. In adequation with current practice for large scale storage [48], ammonia is stored at 1 bar 
and -33 °C in insulated tanks in which the temperature is kept down by slow vaporization, and the 
ammonia vapor is continually compressed back to a liquid. It is also important to consider that 
ammonia poses safety and health risks and is corrosive, necessitating that storage containers be 
constructed or lined with resistant materials, such as stainless steel, which increases both the cost 
and complexity of storage solutions. However, with over a century of production experience, the 
technologies and standards for storing, transporting, safely handling, and industrially using ammonia 
are mature and well-established. 

The FTR technology is based on conventional ‘reformer’ technology (vertical catalyst filled 
tubes in a firebox with radiant heat transfer to the process tubes) as employed in conventional steam 
methane reforming. The theoretical combustion study of ammonia with air is carried out by using 
Gibbs reactor model in Aspen Plus V.11. The ‘RPlug’ model is adopted to model the reactions tubes. 
In this work a parabolic distribution of the heat flux is assumed similar to the one outlined in 
Makhloufi et al. (2021) [44] This distribution is generally influenced by variables difficult to 
simplify in a model, such as heat release rate, burner configuration, radiation properties, and the 
geometry of the heater. To retrieve any uncracked ammonia present in the gas, an 
absorption/desorption process has been designed based on the flow rate, pressure, and temperature 
of the process gas. In this process, water is utilized as the absorbent, taking advantage of ammonia's 
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high solubility in water. To regenerate the water, a stripping column is employed to evaporate the 
ammonia. The evaporated ammonia is subsequently cooled and pressurized, allowing it to be 
recycled back to the cracking step. Regarding purification, a cryogenic separation scenario is favored 
over the PSA scenario due to the inherent impracticality and safety complications of vast quantities 
of H2 storage vessels in pressurized conditions of 200 bar. First the cracked gas is compressed to 
240 bars in a 6-stage compressor with intermediate cooling, this is followed by a series of 3 fin plate 
heat exchangers used to decrease the temperature of the mixture. A Joule-Thomson valve is used to 
expand the gas mixture to near atmospheric pressure achieving temperature near -230 °C which 
enables a nearly complete liquefaction of nitrogen [44].  

The solution involving the membrane reactor employs a modular design, comprising a series 
of interconnected units. Scaling up membrane reactors can be done by connecting membranes in 
series to create longer ones. However, this method faces difficulties with traditional ceramic 
supports, mainly due to potential seal leakage issues. Alternatively, metallic-supported membranes 
used in a modular setup are promising, providing an effective way to scale up membrane reactors. 
To ensure a steady inlet temperature, an electric heat exchanger is installed at the reactor's entrance. 
The retentate stream, which contains unconverted ammonia and unrecovered hydrogen, is throttled 
and used to provide the necessary heat for the endothermic cracking reaction. Additionally, ammonia 
is added as a fuel to ensure the energy balance is maintained when the energy from the retentate 
stream alone is insufficient to both supply heat to the reactor and pre-heat the reactant. The permeate 
exits the reactor at atmospheric pressure and is subsequently compressed to the delivery pressure 
necessary for the combined-cycle gas turbine (CCGT), which is 30 bar. It is then mixed with 
ammonia to achieve the desired blend composition. To optimize the process, various process 
parameters have been modified (e.g. temperature, pressure, feed flowrate…), as discussed in 
subsequent sections. It is important to mention that this study does not cover NOx treatment, which 
would be essential for practical applications. Most of the assumptions related to the heat exchangers, 
reactor conditions, CO2 process unit for compression and purification as well as steam cycle and 
turbomachines efficiencies are presented in Table 4-1.  
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Figure 4-3: Process layouts: (a) FTR (b) MR 
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Table 4-1: Main assumptions  
Parameters Unit Value 

Reactors operating conditions 

Reactor inlet temperature °C 400-460 
Pressure reaction side Bar 10-25 

Permeate pressure Bar 1 
CCGT Gas turbine 

Gas turbine power gross power MW 280 
Turbine inlet temperature °C 1360 

Pressure ratio [-] 18 
Turbine isentropic efficiency % 0.87 

Compressor isentropic efficiency % 0.85 
NH3-H2 blend composition % (vol) 30 

CCGT Steam cycle 

Steam evaporation pressure bar 130, 28, 4 
Condenser pressure bar 0.0509 

Pinch point ∆T (HP, IP, LP) °C 50,30,10 
Cooling water blowdown from ST condenser cooling 

tower 
t/hr 109.9 

Blowdown from HRSG drums t/hr 2.9 
CO2 compression 

Final delivery pressure bar 110 
Compressor isentropic efficiency % 85 

Electrical and auxiliaries 
Driver efficiency % 95 

Generator efficiency % 98.5 
Mechanical efficiencies % 99.6 

Heat exchangers 

Minimum ΔT in exchanger gas-water °C 15 
Minimum ΔT in exchanger gas-gas °C 30 

Heat transfer coefficient gas/gas W/m2/K 60 
Heat transfer coefficient gas/liquid W/m2/K 70 

Pump and compressor 

Pump isentropic efficiency % 70 
Pump Motor mechanical efficiency % 85 

Compressor/fan/blower isentropic efficiency % 70 
Compressor/fan/blower motor mechanical efficiency % 85 

Natural Gas for the reference CCGT case 

Molar composition % CH4 89.00, C2H6 7.00, 
C3H8 1.00, C4H10 0.11, 

CO2 2.00, N2  0.89 
LHV MJ/kg 46.482 

 

4.2.2. Reactor and kinetic modelling  

The membrane reactor model is described taking into account material and energy balance 
through linear differential equations. These equations are discretized along the axial length of the 
reactor. The model assumes steady-state conditions and negligible radial dispersion. To solve these 
equations, the Euler method implemented in ACM is utilized. To simulate the hydrogen flux across 
a Pd-based membrane, an equation based on the Richardson equation is used for each infinitesimal 
membrane element, as expressed in Eq. 4.1. 

3�� = <�
X Pl��,CDG 

� − l��,<DCR
� S Ü # V

!  #�Þ Eq. 4.1 
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Where Pe represents the permeability of the membrane, ` denotes the thickness of the 
membrane, l��,CDG and l��,<DCR represent the hydrogen partial pressure on the retentate and permeate 

sides, respectively, and n represents the exponential factor that indicates the rate-limiting step of the 
mechanism by which hydrogen crosses the selective palladium layer. In the case of ideal conditions 
where there is thermodynamic equilibrium between the hydrogen atoms dissolved at the membrane 
surface and the hydrogen concentration in the gas phase, the pressure exponent n is equal to 0.5. In 
this scenario, Richardson equation (Eq 4.1) takes the form of Sieverts’ law (n=0.5), suggesting that 
the diffusion of hydrogen atoms through the bulk of Pd is the limiting step in the hydrogen 
permeation mechanism. The membrane permeability Pe can be expressed using an Arrhenius-type 
correlation, as described in Eq. 4.2.  

/+ = /+¬,��+'BE
Jt        Eq. 4.2 

where /+¬,�� represents the pre-exponential factor, 	B is the activation energy, T denotes the 

universal gas constant, and T represents the temperature. The permeation parameters utilized in the 
study are sourced from the literature, specifically the experiments conducted by Fernandez et al. 
(2015) [49], which closely align with parameters obtained from similar membranes [50-51] as 
presented in Table 4-2.  

 

Table 4-2: Fitted parameter in the Sievert law of the most common Pd 0.85 Ag 0.25 on ceramic 
support (up to 3.5 mm). and fitted parameter in the Sieverts law 

Reference Thickness 

[μm] 

Pre exponential factor oz{| z'�~'���'º.( p Ea 

[kJ/mol] 

[51] 4.2 1.76 ∗ 10'� 7.1 

[50] 5.2 4.57 ∗ 10'� 9.23 

[49] 5 6.93 ∗ 10� 9.99 

 

When describing hydrogen extraction from a mixture through a highly selective and 
permeable membrane, experimental findings indicate that Sieverts’ law alone is insufficient [52-53] 

for predicting the transmembrane flux due to a phenomenon known as ’concentration polarization’ 
(CP). To accurately describe the membrane permeation it is necessary to determine the concentration 
at the membrane surface [54-55]. In this work this phenomena is integrated into a so called ‘CP 
factor' which is used as a multiplier in Sieverts’ law. A CP factor of 0.15, determined through 
Computational Fluid Dynamics (CFD) simulation, is applied as determined in Chapter 4. However, 
other research suggests the potential for a higher contribution from concentration polarization [52]. 
Due to the very high selectivity of dense membranes, in the model it is assumed that only hydrogen 
crosses the membranes (so an infinite ideal selectivity), and then the permeate side is pure hydrogen. 
The effect of membrane ceramic support is neglected. For numerical simulations, the reaction rate 
is represented using Temkin-Pyzhev-like power laws, with details provided in the previous chapter. 
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Table 4-3: Membrane reactor specifications 
Parameters Unit Value 

Membrane outer diameter m 0.014 
Membrane length m 2.7 
Reactor diameter m 0.7 

Active height of the bed m 3 
Number of membranes per reactor - 260 
Membrane volumetric coverage [-] 0.1 
Start position of the membrane m 0.3 

Catalyst density kg/m3 980 
Bed porosity Â - 0.4 

CP Factor - 0.15 

 

4.2.3. Techno-economic model 

A preliminary techno economic assessment is conducted to compare the different plants 
on the hydrogen production island and at the power plant level. In line with a methodology 
recommended in the literature [59-62] and described in Chapter 3, the Total Plant Cost (TPC) is 
calculated using a bottom-up approach as defined by Eq. 4.3. 

�/� = (∑ ��� ) ∗ (1 + %ªÉ�) ∗ (1 + %É�) ∗ (1 + %�&b�)    Eq. 4.3 

The costs associated with the hydrogen production island were determined using correlations 
adapted from Turton et al. (2018) [63] for stainless steel material, which was selected due to the 
corrosive nature of ammonia. The component costs for the power island were derived from literature 
sources as presented in Table 4-4 and scaled using Eq. 4.4 , where the reference size is denoted as 
Si,0 and the reference cost is denoted as Ci,0.  

�� = ��,¬ Ë �:
�:,«

Ì
�
  Eq. 4.4 

The purchased cost derived from these correlations for the power island closely matches that 
obtained from a separate ThermoflowTM analysis with only an 8% difference observed. This 
consistency reinforces the validity and appropriateness of the chosen correlations. The component 
prices are then updated using the Chemical Engineering Plant Cost Index (CEPCI)  method for 
considering price fluctuations like inflation, deflation. For this analysis, an index of 701 was used to 
adjust to the 2021 period.  

 

Table 4-4: List of assumptions cost assumption for plant component cost calculated using a 
scaling law method [64] 

Equipments Scaling 
parameter 

Ref 
capacity 

S0 

Ref erected 
cost C0 

Scale factor f Cost year 

Gas turbine, 
generator and 

auxiliaries. 

Power net [MW] 272.12 49.4 0.3 2007 

HRSG, ducting and 
stack. 

U⋅S [MW/K] 12.9 32.6 0.67 2007 
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Steam turbine, 
generator and 

auxiliaries. 

Power gross 
[MW] 

200.0 33.7 0.67 2007 

Cooling water system 
and BOP. 

Heat rejected 
[MW] 

470.0 49.6 0.67 2007 

MEA CO2 separation 
system. 

CO2 captured 
[kg/s] 

38.4 29.0 0.8 2007 

 

The TPC is converted in an annualized operating cost using the Capital Charge Factor (CCF) as 
described in Eq. 4.5 as a function of the discount rate � and the plant lifetime o.  

��U = ∑ -
(-,�)@

g2Ñ- = Ò×(-,Ò)H
(-,Ò)H'-   Eq. 4.5 

Subsequently, the final cost of hydrogen (LCOH) and cost of electricity (LCOE) were estimated 
following the acknowledge formula defined in Eq. 4.6 and Eq. 4.7. These two metrics are composed 
of the annualized �/� and the Operations and Maintenance fixed �b&¨.��Ô ,  and variables �b&¨.ÕB� 

those two costs are represented by consumables (e.g. catalyst, reactant, water and membranes) and 
auxiliaries, maintenance, insurance and operators cost) divided by the plant productivity (viz.  
hydrogen or electricity production). 

Ö�&� Ü €qrÞ = (ª<�[€]×���[%/��B�]),�Ù&s.Y:Ú[€/year],P�Ù&s.ÛECÜ €
ÝDECÞ×WDßS

<� à"�$� 
 �B�B��$�Ü áâ
ÝDECÞ×WDßÜ ã

ÝDECÞ    Eq. 4.6 

Ö�&	 Ü €

¨äWÞ = (ª<�[€]∗���[%/��B�]),�Ù&s.Y:Ú[€/year],P�Ù&s.ÛECÜ €
ÝDECÞ×WDßS

<� à"�$� 
 �B�B��$�Üsåã
ÝDECÞ×WDßÜ ã

ÝDECÞ   Eq. 4.7  

Economic estimations are inherently subjected to a wide range of uncertainties as detailed 
by Neveux et al. (2020) [65]. In this study three main sources of uncertainties are considered, 
associated namely to the type of estimation being performed, to the technological maturity of the 
process considered, (i.e., the level of understanding of the process) and lastly to the price of 
ammonia.  The first two have a ripple effect on the production cost of the process This is because 
they influence the key elements involved in computing production costs, particularly CAPEX and 
in a lesser extent the OPEX, which are proportional to the various terms of the installation 
investment. A Monte Carlo sampling technique performing 10000 simulations per technology 
system is employed to propagate uncertainties in production costs. A log-normal distribution is used 
to represent each uncertainty distribution [65]. 

The uncertainties related to technology and preparation effort are already quantified by the 
AACE (Association for the Advancement of Cost Engineering) [65-66]. Concerning technological 
uncertainty, the Furnace Technology Reforming (FTR) has a higher Technology Readiness Level 
(TRL) than the MR. This is primarily because several commercial electric-based furnaces, albeit on 
a smaller scale, already exist and could potentially be upscaled. It is also worth mentioning that for 
example Topsoe have commercial offer of cracking unit as big as 500 ton per day of H2 [67]. 
Furthermore, the FTR technology closely aligns with conventional natural gas reforming systems, 
which currently account for over 95% of the world's hydrogen production at scales exceeding 50,000 
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Nm3/hr [68]. The proven experience and successful implementation of this technology indicate a 
swift increase in TRL. Therefore, the ammonia FTR technology is assigned a virtual TRL of 7. On 
the contrary, membrane reactors currently stand at TRL 4-5. However, the ongoing European Project 
Arenha [69] is dedicated to advancing this technology to TRL 6, signaling progress in its 
development and bringing it closer to commercial readiness. Figure 4-4 illustrates how both 
uncertainties are incorporated into the TPC calculation, including the addition of installation costs, 
indirect costs, and the costs for owner's contingencies taken in adequation with literature.  

When considering feedstock uncertainty, current forecasts, based on existing technology 
and an average renewable electricity cost of 44 €/MWh [70], suggest that green ammonia would 
cost at least 578 €/ton in 2019. Nevertheless, with the continuous evolution of Power-to-Ammonia 
processes, substantial advancements are expected in the coming years. Projections indicate that by 
2040, green ammonia could compete with fossil-based ammonia, with an estimated cost range of 
210-215 €/ton if electricity prices fall below 20 €/MWh [46]. According to Fasihi et al. (2021) [71], 
estimated prices for renewable ammonia in 2030 range between 370-450 €/ton, and in 2050, between 
285-350 €/ton. Cesaro et al. (2021) [46] estimated around 345 €/ton for ammonia by 2040. The 
literature provides a wide range of prices for renewable ammonia fuel, spanning from 210 to 1224 
$/ton [72-74], highlighting the potential for lower prices to emerge by the 2040-2050 timeframe. 
Figure 4-5 depicts a probability distribution outlining different scenarios. Values below the 25th 

percentile in the distribution signify an optimistic scenario where prices would be below the current 
market rate. Similarly, the price of natural gas is subject to significant fluctuations influenced by 
various factors, including supply and demand dynamics, geopolitical tensions, and environmental 
regulations. Recent trends indicate an increase in volatility within natural gas prices, and this 
volatility is expected to intensify in the future. The median value represents the average ammonia 
natural gas price observed during the current period (September 2018 to October 2022). 

 Table 4-5 presents the key assumptions utilized for estimating the levelized costs in the 
base case scenario these assumptions are less prohibitive than the other therefore no uncertainty is 
propagated.  Some of these assumptions are briefly discussed below. In the literature, catalyst costs 
often vary widely, typically calculated based on material cost per weight, leading to substantial 
discrepancies. For instance, Yoshida et al. (2021) [75] estimated the cost of Ru/C catalyst at around 
295 €/kg, while Makhloufi et al. (2021) [44] used a cost of 22.3 €/kg and concluded that the impact 
of this factor on the final cost was negligible. To arrive at a compromise, this study adopts a catalyst 
cost of 143 €/kg [76] and assumes a lifespan of 5 years. The cost of membranes, including the 
recycling of both Pd-Ag waste and membranes can be estimated to range from 2000 to 5000 €/m2, 
[77] according to the FluidCell Eu. Project [78]. The membrane lifetime for Pd-Ag membranes at 
temperatures ≤ 425 °C was previously estimated to be 3 years, but it is expected to increase to 5 
years, as targeted by the Macbeth Eu. Project [79]. The baseline scenario for this study assumes a 
membrane cost of 6000 €/m2 [80], with a recovery factor of 0.8 considered to account for the 
recycling process.  Another crucial assumption pertains to the capacity factor, where it is presumed 
that the plant operates at full load for a portion of the time and is inactive for the remainder, even 
though real-world plants often operate at partial load for certain periods. The assumed capacity 
factor in this context is 0.65.  A carbon tax is also imposed on the natural gas combined cycle gas 
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turbine (NG CCGT). Examining European countries with an implemented carbon tax reveals a range 
of values, from 116 €/tonCO2 in Sweden to as low as 0.07 €/tonCO2 in Poland. For the purposes of this 
study, a carbon tax of 25 €/tonCO2 is applied.  

 

 
Figure 4-4: Determination of the TPC through a bottom up approach and  uncertainty propagation 

on the TRL and Preparation effort as recommended by Neveux et al. (2020) [65] 

 

 
Figure 4-5: Cumulative fuel cost distribution for Natural Gas and E-NH3: Future price projections 

trends are Illustrated by arrows. (Optimistic scenario below 1st quartile, signifying potential for 
competitive costs with green ammonia or natural gas & Pessimistic scenario above 2nd Quartile). 
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Table 4-5: Main assumptions related to the techno-economic analysis  
O&M Fixed Cost 

Maintenance cost 0.025*TPC[61] 
Insurance 0.02*TPC [61] 

Labor cost (no retrofit) 6M€ [61] 
Labor cost (retrofit) 9M€ [61] 

O&M Variable 
Ammonia cost (€/kg) 450 €/ton 

Ammonia storage cost (€/kg) 0.9[81] 
NG cost 9.15 €/GJLHV 

Water cost 6€/m3 [82] 
Pd Membrane cost 6000 €/m2 

Electricity cost 60 €/MWh 
Catalyst cost 143 €/kg 

Membrane lifetime 3 years 
Membrane cost recovery 0.5*Membrane Cost 

Catalyst lifetime 5 years 
Carbon tax (for NG CCGT) 25 €/tCO2 

General Assumptions 
Discount rate CCF 0.153 

Plant Capacity factor 0.65 
CEPCI 701 (2021 period) 

 

4.2.4. Performance indicators  

Beyond economic indicators, two indicators from the perspective of the reactor are NH3 
conversion Ag�a  and hydrogen recovery factors �TU as defined in Chapter 2 (page 30). The latter 

pertains to the overall amount of pure H2 separated by the membrane, relative to the total H2 fed into 
the reactor (based on the stoichiometry of the reaction). These metrics anyhow do not consider heat 
integration and auxiliaries’ consumption of the overall plant. At the fuel processor level, an 
intermediate hydrogen thermal efficiency denoted (�$W) is defined in Eq. 4.8 as the ratio of the energy 
output associated to the produced hydrogen by the total thermal input power discounting  the 
electricity consumption.  

�$W = st�uQvt�'Zwxyszta uQvzta
   Eq. 4.8 

�B"Ô  is the sum of the electric consumptions of the system auxiliaries (i.e. compressors, pumps, 
control system) and Ö�!�� = 120 �3/��  and Ö�!g�a = 18 �3/��. 

 

4.3. Results and discussion  

This section starts with the validation of the reactor model and a discussion on existing catalyst 
performance. It is then followed by a sensitivity analysis that contrasts the Membrane Reactor (MR) 
with the Traditional Reactor (TR) at the reactor level before extending the comparison to the 
hydrogen production and CCGT levels, using a natural gas-fed plant as a reference. 
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4.3.1. Reactor model validation  

The validation of the reactor model is already detailed in Chapter 3 (page 110). Figure 

4-6 offers a direct comparison of reactant conversion for the mentioned catalyst under similar 
conditions (Pret=10 bar, W/F=2 kg hr kmol-1). Additionally, for the Ru (3%)-K-CaO catalyst, a 
membrane is integrated with assumed values of Pperm=0.1 bar and two different CP factors 0.2 and 
0.5. This graph clearly illustrates that a higher loading of Ru results in greater conversion at a given 
temperature. Moreover, it shows that when the Ru (3%)-Ru-K-CaO catalyst is used as a membrane 
reactor (indicated as MR in the graph), it surpasses the performance of more heavily loaded catalysts 
under those conditions. Across the studied temperature range, this catalyst achieves an average 
conversion rate five times higher than the standard, less costly nickel-based catalyst. However, to 
attain complete conversion using this catalyst, extremely high temperatures (above 700 °C) are 
necessary.  

 

 
Figure 4-6: Conversion vs Temperature simulated on four catalysts. The conversion obtained with 
TR are represented by continuous line. The conversions obtained with MR for Sayas et al. (2020) 

[83]’s catalyst are represented with a dashed line considering two different concentration 
polarization reducing factors namely 0.2 and 0.5 (P=10 bar, T=250-550 °C, W/F = 2 kg hr kmol-1, 

Pperm= 0.1 bar). 

 

4.3.2. Sensitivity study at the reactor level  
 

In this section, a sensitivity analysis is carried out comparing the performance of MR and TR 
reactors at the reactor level. Using the catalyst from Sayas et al. (2020) [85], which has been 
validated at higher pressures, the impact of Gas Hourly Spaced Velocity (GHSV) is explored at  
T=425 °C, Pret=10 bar for the TR and considering  Pperm= 0.1 bar and a CP factor of 0.25 for the MR. 
Figure 4-7a shows that the ammonia conversion in the MR reach up to 87% higher conversion than 
the TR at GHSV=500 h-1 and the gap reduced progressively with 15% at 4000 h-1. Additionally, a 
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swap point becomes apparent, where the membrane reactor transitions from a regime in which it 
produces more hydrogen than the TR at low space velocities to the opposite scenario. Figure 4-7.b 
provides further insights into this situation. Firstly, it shows that HRF follows a similar trend as 
conversion, decreasing as GHSV increases. On the other hand, the recovered hydrogen flow rate, is 
found to increase with GHSV up to a maximum value at around 1000 h-1, then decreases as GHSV 
continues to rise. This observed trend is consistent with findings from other studies in the literature, 
such as Sitar et al. (2022) [86], who also found that as temperature increases, the point of maximum 
recovery shifts towards higher GHSV values. Chen et al. (2023)  [87]  revealed a similar location as 
our study reaching a maximum recovered hydrogen flow at GHSV=1100 h-1 at T=400°C. Finally, 
Cerrillo et al. (2021) [42] obtained also a similar maximum between 1260 and 1860 mL/gcat/hr which 
correspond to the space velocity range observed in this study. Clearly, membrane reactors 
demonstrate improved performance within a particular space velocity range when assessed on 
reactor-level criteria. When space velocities are high, the membrane faces challenges in permeating 
the produced hydrogen, which results in reduced H2 recovery. It appears advantageous to operate at 
lower space velocities. Yet, it is important to highlight that this represents just one of many 
considerations. For instance, increasing the ammonia feed rate leads to a higher hydrogen purity in 
the emitted gas [37]. An additional sensitivity study examines the effect of pressure, as shown in 
Figure 4-8. The retentate side pressure is varied from 1 bar to 10 bar, while the permeate side 
pressure is maintained at 0.1 bar, and the W/F ratio is set to 5 kg hr kmol-1. As often observed [56] 
[87], a pressurized feed benefits H2 production in a membrane reactor, but it has a negative impact 
on the ammonia decomposition in the catalytic reaction. The increase in conversion is found notably 
70% higher at 10 bar and 36% higher at 5 bar than the TR reactor. It is important to note that a 
pressure of at least 5-6 bar seems to be required for the MR to outperform the TR. This illustrates 
that the design of membrane reactors involves several conflicting trade-offs to consider.  
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Figure 4-7: Effect of GHSV on the ammonia decomposition equipped Ru (3%) K-CaO catalyst  

[83] (T=425 °C, Pret=10 bar Pperm=0.1 bar) (a) Conversion and Total hydrogen production for both 
TR and MR (b) HRF and Recovered hydrogen for the MR  

 

 
Figure 4-8: Effect of reaction pressure on the conversion and total hydrogen production for both 

TR and MR (T=425 °C, Pperm=0.1 bar, W/F=5 kg hr kmol-1) 
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4.3.3. Ammonia cracking system analysis  

The economic purpose is clearly to identify the operating conditions and reactor geometries 
which minimize the LCOH. In order to detail the performance of the MR system, sensitivity studies 
are performed at designated ammonia flow rates while adjusting the number of reactors, thereby 
altering the Gas Hourly Space Velocity (GHSV), to maintain the necessary hydrogen production. 
The outcomes of this study are presented in Figure 4-9: Figure 4-9.a displays the cumulative effect 
of pressure and number of reactors (and therefore GHSV), while Figure 4-9.b illustrates the impact 
of temperature and GHSV on both thermal efficiency and cost. When considering the effect of 
pressure (cf. Figure 4-9.a) on the LCOH, it is generally observed that higher pressures have a 
positive impact. In general, higher pressures allows to reach the minimum at a lower number of 
membranes, which is preferred since membranes are a breakable component in the reactor. However, 
as the pressure is raised to even higher levels, its effect on the LCOH becomes less significant. On 
average, the most significant relative change in LCOH is observed when the pressure is raised from 
10 to 15 bar, resulting in a mean LCOH reduction of almost 7%. In contrast, the LCOH only 
decreases by 2% when the pressure is raised to 20 and 25 bar. This observation can be put in relation 
with the number of reactors required which decrease by 25% between 10 to 15 bar and by 12% 
between 20 and 25 bar. While higher pressures privilege hydrogen permeation through the 
membrane, they do not favor the cracking reaction. Upon observing the thermal efficiency, it 
becomes evident that the influence of pressure is rather limited, leading to only a slight improvement 
in efficiency. This can be attributed to the reduction in reactor size and GHSV per reactor, which 
results in excess heat in the burner exhaust beyond what's needed for reactant pre-heating. 

Regarding the effect of temperature (cf. Figure 4-9.b) ammonia decomposition is an 
endothermic process, so the conversion of ammonia into hydrogen and nitrogen is enhanced at 
elevated temperatures. However, temperatures above 500 °C can compromise Pd-based membrane 
stability, hence it is advisable to avoid such conditions [88]. Analysis within this study showed 
raising the temperature from 400 °C to 460 °C decreased the LCOH by 4.8% and reduced the number 
of reactors by 30%, with the most significant reductions and cost savings occurring between 400 °C 
and 430 °C. 

Finally, to optimize the flowsheet structure's parameters conveniently, such as permeate 
pressure, reactor inlet pressure, flow rate, temperature, and the required number of reactors, the 
SQRP (Sequential Quadratic Programming) feature of Aspen Plus software is employed. This 
method proves highly beneficial to help select the appropriate design and operational parameters 
when the architecture is established. Results for the best design case are reported in Table 4-6 

together with the optimized parameters. The economic optimum appears to deviate slightly from the 
efficiency and membrane optima. However, considering the precision of equipment cost 
correlations, it is plausible to suggest that these optima may be somewhat conflated within the 
context of this process architecture.  

As reported in Figure 4-10, the MR system outperforms the reference FTR system, with a 30% 
increase in thermal efficiency and a 15% drop in the Levelized Cost of Hydrogen (LCOH) to 4.45 
€/kgH2. Meanwhile, the FTR system achieves a 68.5% thermal efficiency with an LCOH of 5.1 €/kg-
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H2, marginally above findings by Makhloufi et al. (2021) [44]. The discrepancy is partly due to the 
FTR's lower productivity in this study, about two-thirds of the original work. These LCOH figures 
are considerably above the Steam Methane Reforming (SMR) costs of 1.70 $/kgH2 to 2.09 $/kgH2, 
largely due to the assumption of ammonia spot prices [89].  

The cost breakdown shows the LCOH is largely driven by green ammonia prices, contributing 
to 70% of the MR system's LCOH and 65% of the FTR's. Due to its greater efficiency, the MR 
system uses less fuel and incurs lower operating expenses compared to the FTR system, yet it has 
the highest Total Purchased Equipment Cost (TPC). Significantly, 85% of the FTR system's TPC is 
allocated to cracking, purification, and compression. In addition, the results can be presented using 
violin plots, which provide a comprehensive visualization of statistical data, including the 
probability density of each system based on the technology and type of estimation, as well as the 
uncertainty in feedstock prices. Figure 4-11, emphasizes the significant impact of fuel cost on the 
LCOH, highlighting its key sensitivity in relation to technology and study type uncertainty. 
Additionally, further sensitivity studies, which are not part of the uncertainty analysis, are provided 
in Appendices B4 and B5. 

 

Figure 4-9: (a) Sensitivity study on the effect of pressure & GHSV on the thermal efficiency and 
LCOH (b) Sensitivity study on reactor temperature &GHSV on the LCOH. (the delivery pressure 

of hydrogen is assumed to be 30 bar). 
  

  

b) a) 
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Table 4-6: Summary of optimized conditions of the MR  subjected to the following constraints H2 
productivity of 2600 kmol/hr at 30 bar 

 

Objective Maximized 
Efficiency 

Minimized 
LCOH 

 

Minimized 
Number of 

reactors 

P
a

ra
m

et
er

s NH3 flowrate  [kmol h-1] ϵ [1700-
2700] 

2067 2046 1922 

Reactor inlet pressure [bar] ϵ [10-20] 20 20 20 
Reactor temperature [°C] ϵ [400-460] 440.6 439.4 442 

Number of reactors [-] ϵ  [55-120] 66.3 57.05 55 

R
es

u
lt

s 

GHSV [h-1] 585 570 653 
Thermal efficiency [-] 0.84 0.85 0.81 

LCOH [€/kgH2] 4.48 4.45 4.47 
NOX emissions from the cracking 

step [kgNOX/kgH2] 
0.021 0.018 0.036 

 

 

 

Figure 4-10: LCOH cost breakdown  and TPC composition for the MR and FTR systems (a) 
LCOH cost breakdown, (b) TPC composition MR system and (c) TPC composition FTR system at 

the same hydrogen delivery pressure of 30 bar 
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Figure 4-11: LCOH distribution comparing the technology uncertainty to the global uncertainty  

 

4.3.4. Techno economic comparison at the CCGT level  

In this section, the comparison extends to the level of the Combined Cycle Gas Turbine. 
Figure 4-12.a showcases the LCOE while considering uncertainties related to technology and 
preparation effort for both the retrofit solutions and the conventional natural gas Combined Cycle 
Gas Turbine. Figure 4-12.b represents the global effect of the uncertainties on the LCOE for each 
technology. At the median, ammonia contributes to approximately 80% of the Levelized Cost of 
Electricity, while natural gas accounts for around 60%. This indicates that ammonia has a significant 
impact on the overall LCOE. Therefore, variations in fuel prices can have a substantial influence on 
the LCOE, making it a critical factor to consider in cost analyses. When considering CAPEX, the 
FTR and CCS technologies demonstrate similar magnitudes, with values of around 20.6 €/MWh and 
19.4 €/MWh, respectively. On the other hand, the MR has a slightly higher CAPEX, reaching 
approximately 26 €/MWh. In terms of the CAPEX share in the LCOE, this study finds that in the 
baseline scenario, the CCS technology accounts for 20% of the LCOE, while the FTR and MR 
technologies contribute 5% and 8%, respectively. This emphasizes the fact that fuel cost constitutes 
the major portion of the LCOE for these two technologies, overshadowing the influence of CAPEX 
on the overall cost. Therefore, when focusing on the lower range of fuel prices (below the lower 
quartile) that are more in line with projected prices for 2040-2050, the ammonia blend could be 
competitive with the reference NG CCGT under certain conditions. This finding aligns with the 
conclusions of Cesaro et al. (2021) [46]. Finally, besides considering the levelized cost of electricity, 
insights can be derived from the research conducted by Helmi et al. (2015) [90]. Their study 
investigates the required amount of palladium for a membrane reactor in an integrated gasification 
combined cycle unit for carbon capture. This study indicates that retrofitting the equivalent of 1 
GWe facility would need approximately 10% of the global annual ruthenium production and around 
0.11% of the global annual palladium production as detailed in Table 4-7 and  
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Table 4-8. Thus, it's crucial to recognize the challenge posed by the scarcity of materials 
in adopting this technology. The constrained supply of these materials, coupled with their extensive 
demand for achieving net-zero goals and the possible implications of geopolitical tensions - 
particularly given the concentration of production in South Africa and Russia [91]- renders this 

approach impractical. This is especially true when considering that as of 2021, approximately 1.8 
terawatts of natural gas turbines have already been installed worldwide [92]. Appendix B6 provides 
details on the supply, demand, and recent price fluctuations of ruthenium and palladium. To tap into 
this market, future research should prioritize the exploration of alternative membrane materials, such 
as carbon molecular sieve, and catalysts, like nickel  

 

 

a) 
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Figure 4-12: LCOE comparison using 65% power plant capacity factor (a) Technology and 
preparation effort uncertainties and (b) Total uncertainty (a carbon tax of 25 €/ton is assumed for 

the NG CCGT).  

 

Table 4-7: Detail of the calculation to the mass of palladium required to retrofit 1GWe of CCGT 
asset (Total palladium supply in 2022:210 tons) [91] 

Membrane length [m] 2.7 

Membrane diameter [m] 0.014 

Number of membranes [-] 210 

Number of reactors [-] 64 

Density of palladium [kg/m3] 12000 

Surface area of membrane per reactor [m2] 24.93 

Volume of palladium per reactor [m3] 0.00012 

Mass of palladium per reactor [kg] 1.49 
Mass of palladium per reactor kg for 1 CCGT plant ~ 400MW [kg] 97.2 

Mass of palladium for 1GWe [kg] 243.1 
World Ruthenium production in 2022 [kg] 210000 [91] 

As a percentage of the world palladium production [%] ~0.11% 

 

Table 4-8: Detail of the calculation to the mass of Ruthenium required to retrofit 1GWe of CCGT 
asset (Global ruthenium is estimated at 27.8 tons [93]) 

Active volume of the bed (1 reactor) [m3] 1.06 

Catalyst type Sayas et al. (2020)  [85] 

Bed density calculated [kg/m3] 846 

b) 
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Number of reactors [-] 65 
Mass of ruthenium per reactor [kg] 18.1 

Mass of palladium per reactor kg for 1 CCGT plant ~ 400 
MW [kg] 

1174.4 

Mass of ruthenium for 1GWe [kg] 2936.1 
World Ruthenium production in 2020 [kg] 27800 [93] 

As a percentage of the world Ruthenium production [%] ~10% 

 

4.4. Conclusions  

Incorporating ammonia into existing combined cycle gas turbine (CCGT) assets through co-
firing with hydrogen in a specific blend holds promise as a viable strategy. However, the primary 
hurdle lies in advancing the development of efficient technology for ammonia cracking. To address 
this, this study conducted a preliminary techno-economic assessment of two cracking technologies 
taking into account uncertainties in feedstock costs, technology maturities, and preparation efforts 
for both cracking and CCGT. Special emphasis was placed on the detailed design of the membrane 
reactor plant. 

• At the reactor level, a sensitivity study delved into the effects of various catalysts and 
operating conditions for both membrane and traditional reactors. Notably, increasing 
the Gas Hourly Space Velocity (GHSV) led to decreased ammonia conversion and 
H2 recovery, pinpointing an optimal GHSV that maximizes H2 recovery. From the 
hydrogen production criteria the membrane reactor emerges as a better system only 
in a very limited space velocity range.  

• At the hydrogen production plant level, through various optimizations, the membrane 
reactor system demonstrated superior performance compared to the reference FTR 
(Fired Tubular Reactor) system. It exhibits a 30% increase in thermal efficiency and 
a 10% reduction in the levelized cost of hydrogen (LCOH), resulting in a LCOH of 
4.45 €/kgH2. On the other hand, the FTR system operates at a thermal efficiency of 
68.5% and achieves a LCOH of 5.1 €/kgH2. While the MR system benefits from a 
decreased fuel expense, its capital expenditure (CAPEX) is notably higher than that 
of the reference system. It is essential to reminds that these results were derived based 
on specific process architectures and at a particular scale of hydrogen production. 

• At the CCGT level, the difference in levelized cost of electricity (LCOE) becomes 
less pronounced, given the heavy influence of ammonia costs, which contribute to 
80% of the LCOE. Beyond LCOE, material scarcity poses another hurdle for these 
systems' wider adoption. For instance, retrofitting just 1 GWe of CCGT assets with 
membrane reactors would demand about 0.11% of the global palladium and 10% of 
the global ruthenium production. Given these challenges, it is evident that exploring 
alternative materials is vital to truly harness the potential of retrofitting existing assets 
with ammonia-hydrogen blends.  
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Appendix B.  

B1. Natural gas CCGT in Aspen plus  

 

 

Figure B1: Flowsheet details from Aspen Plus highlighting the primary blocks of the reference 
natural gas power plant the main operating conditions  
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B2. NG GT and NH3-H2 GT: in Aspen plus  

 

 

Figure B2: Flowsheet Configurations from Aspen Plus: a) Natural Gas Plant vs. b) Ammonia-
Hydrogen Blend (30% H2) with Comparable Power Outputs. To achieve this 2600 kmol/hr  of H2 
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B3. Ammonia cracking section  

 
Figure B3: Flowsheet details from Aspen Plus highlighting the implementation of the cracking 

process considered in the study (MR process) 

 

B4. Sensitivity analysis at the hydrogen production level  

A dedicated sensitivity study, illustrated in Figure B5, focuses on the CP factor applied to Sieverts' 
law to account for concentration polarization, identified as one of the largest uncertainties in this 
analysis. The results reveal that a 50% reduction in the concentration polarization reduction factor, 
compared to the base case, leads to an 11% improvement, emphasizing the critical importance of 
accurately estimating this phenomenon. Additionally, a sensitivity analysis on techno-economic 
parameters—such as the discount factor, capacity factor, and membrane price, is presented in Figure 

B6. 
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Figure B5: Effect of concentration polarization reducing factor on cracking economic on the base 

case  

 

 
Figure B6: Sensitivity analysis on LCOH based on some parameters on the MR cracker compared 

to the base case 

 

B5. Sensitivity analysis at the plant level  

This emphasizes the fact that fuel cost constitutes the major portion of the LCOE for these 
two technologies, overshadowing the influence of CAPEX on the overall cost. Thus, when 
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considering the lower range of fuel prices (below the lower quartile), which aligns more closely with 
the potential prices in 2040-2050, the ammonia blend exhibits competitiveness within the plant 
described in this study. To further emphasize the significant cost dependency, a sensitivity analysis 
has been conducted, taking into account variations in fuel cost and the capacity factor. The results 
of this analysis are presented in Figure B7 for capacity factor sensitivity and Figure B8  for fuel 
cost sensitivity, demonstrating the impact of these variables on the overall cost and competitiveness 
of the ammonia blend which is coherent with the study of Cesaro et al. (2021) [46]. 

 

 
Figure B7: LCOE of CCGT systems considered in this study  at a  range of power plant capacity 

factors. 

 
Figure B8: LCOE of CCGT systems at a range of fuel price. 
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B6. Palladium & Ruthenium ressource required to retrofit 1GWe of 

CCGT 

 

 

Figure B9: (a) Palladium supply by region (total palladium supply in 2022: 210 tons): Russia and 
South Africa together account for ~80% of global production [91] (b) Palladium demand by 

sectors: the primary use of palladium is in catalytic converters but it is also used in electronics, 
jewelry, medical device and fuel cells. (c) Platinoid estimated ressource location [95] (d) 

Ruthenium demand by sectors [95]   

 

a) b) 

c) d) 
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Figure B10: Spot price history (Ruthenium, Palladium and Gold) between 2017 and 2024 [96] 
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Chapter 5 | Comparison of thermo-hydraulic 

performance among different 3D printed Periodic 

Open Cellular Structures 

Abstract 

As additive manufacturing of periodic open cellular structures (POCS) is gaining interest in 
structured catalytic reactor research, this chapter∗ seeks to thermohydraulically compare the well-
known Kelvin lattice structure with the lesser-researched BCC and gyroid lattice structures. Using 
a combined CFD (Computational Fluid Dynamic) and experimental approach, the selected POCS 
are fabricated through Laser Powder Bed Fusion (LPBF), characterized, and subsequently subjected 
to numerical analysis. From the manufacturability point of view, the 3D printed samples closely 
matched their CAD designs, showing a maximum porosity deviation of 15% below design values. 
A CFD model, validated through pressure drop experiment, was employed to compare the POCS 
designs on shared geometric attributes such as specific surface area and porosity. While all structures 
exhibited comparable performance in term of heat and momentum transfer, our findings suggest that 
the Gyroid lattice may provide the optimal balance between momentum and heat transfer rates in 
low-velocity region. Conversely, the BCC configuration may be more favourable at higher velocity. 
An Ergun-like correlation was also developed and validated for each lattice type, with a Mean 
Absolute Percentage Error (MAPE) below 10%. Our pressure drop results align quite well with 
existing literature correlations, showing a MAPE under 20%. Concerning heat transfer, the values 
forecasted in this research show a reasonable alignment with literature’s results, though they tend to 
be on the lower spectrum.  

 

∗ This chapter is based on the following paper: S. Richard, D. Tasso, M. Rajana, A Saker, A. 
Ramirez Santos, C. Makhloufi, N. Meynet, B. Hary, S. Nardone, G. Marino, M. Thomas, C. Italiano, 
A. Vita, F. Gallucci, Comparison of thermo-hydraulic performance among different 3D printed 
periodic open cellular structures, Chemical Engineering Journal, vol. 47, no. 21, pp. 11385–11401, 
2024 
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5.1. Introduction  

To effectively design periodic open cellular structures (POCS) reactors, already introduced in 
Chapter 1 (page 15) and Chapter 2 (page 32), understanding transport phenomena is one of the 
important aspect. Previous research has often focused on heat transfer [1-5] and pressure drop [3-4], 
using Computational Fluid Dynamics (CFD) for analysis. These simulations generally allow for a 
systematic exploration of different topologies and the derivation of engineering correlations. For 
instance, Das et al. [6] employed Direct Numerical Simulation (DNS) to study the friction factor of 
a Kelvin lattice and, based on simulations across several topologies, formulated a correlation. 
Similarly, Rambabu et al. (2021) [7] employed RANS simulations to derive a pressure drop 
correlation for the same lattice structure. Some researchers compared these structures with 
alternative catalyst support [8] [8-10]. For instance, Lucci et al. (2017) [40] made a comparison 
between an OCF and a Kelvin cell lattice with similar porosity and surface area. They observed that 
the Kelvin cell generally had a better mass transfer - pressure drop trade off compared to its foam 
counterpart. In a similar vein, some researchers also contrasted different unit cells types [1, 11-14]. 
For example, Kaur et al. (2020) [1] explored the heat-transfer and pressure drop properties of four 
cell types and noted that the Octet structure outperformed the others in both pressure drop and 
Nusselt number. While numerous theoretical thermohydraulic studies are available, there is only a 
handful of experimental works on metallic POCS [2, 15-20]. For instance, Klump et al. (2014) [15] 
utilized the selective electron beam melting (SEBM) method to study Ti-based cubic cell geometries. 
Their research emphasized the distinct flow properties arising from different cell orientations. In 
contrast, Rebelo et al. (2018) [16] examined the design parameters of cubic cells, finding only 
minimal impact of angular orientation on pressure drop. They employed direct metal laser sintering 
(DMLS) for manufacturing and showcased cubic-cell foams 3D printed in aluminum. In an original 
approach Do et al. (2020) [18] delved into an interpenetrating POCS structure based on diamond 
geometry fabricated by fused deposition modeling. They introduced this design as adaptable, 
capable of adjusting flow characteristics to match process requirements. Chaudhari et al. (2019) [20] 
inspected the performance of the Octet-truss lattice structure made of AlSiMg alloy. They derived 
friction factor correlations for this specific sample. Busse et al. (2018) [2], conducted heat transfer 
experiments on SEBM printed cubic cells (Ti6Al4V, IN718) and formulated new heat transfer 
correlations. They demonstrated that enhancing the wall coupling between the POCS structure and 
the tube shell can notably increase the overall heat transfer coefficient. Specifically, a fully coupled 
structure displayed a heat transfer coefficient 3.5 times greater than a loosely structured counterpart.  

Though there is obvious advancement in POCS thermohydraulic research, most studies focus 
on specific cell types, mainly Kelvin cells. There is a lack of comprehensive comparisons of various 
POCS designs, with many yet to be studied. Additionally, current literature sometimes presents 
conflicting findings, and even established POCS configurations have debated correlations. To 
address this, the present study aims at contrasting the thermohydraulic performance of three lattices: 
the popular Kelvin cell, and the lesser-studied BCC and gyroid lattice as represented in Figure 5-1. 
To achieve this aim, a holistic approach is employed, combining both CFD and experimental 
analyses. Within this framework, the selected POCS are printed using LPBF, comprehensively 
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characterized, and then analysed numerically. This approach enables the derivation of Ergun-like 
correlations for the precise description of pressure drop across the selected samples.  

 

 
Figure 5-1: POCS structure investigated in this work (a) BCC (Top, purple) (b) Kelvin cell 

(Middle, green) (c) Gyroid (Bottom, orange); ��  represents the cell dimension and �! indicates the 
thickness of the strut 

 

5.2. Experimental  

5.2.1. POCS Structure characteristics   

POCS samples were produced using the LPBF (Laser Powder Bed Fusion) technique based on 
CAD designs, resulting in cylindrical models of 10 mm diameter and 15 mm height. These models 
represent three cell types: body-centered cubic, Kelvin, and gyroid, each with design variations to 
obtain different surface areas and porosities. The following feedstock materials were used for the 
printing: AlSi10Mg, IN625, and CuNi2SiCr. The first two materials were printed at ENGIE 
Laborelec using a SLM280 LPBF machine while the last material was printed and heat treated by 
Zare (under the BEAMIT group). AlSi10Mg is notable for its heat-transfer capabilities due to its 
high thermal conductivity but is suitable for processes requiring limited temperature (e.g. such as 
Fischer-Tropsch synthesis or methanol steam reforming). CuNi2SiCr also has high thermal 
conductivity and can withstand up to 500 °C, suitable for higher temperature processes (e.g. methane 
reforming with membrane reactors or ammonia cracking). On the other hand, IN625 material could 
stand out for Joule heating applications whilst remaining very suitable for high-temperature 
environments (at least up to 700 °C). Table 5-1 summarizes the design parameters of the CAD 
models, including materials, strut diameter, cell length, porosity, and specific surface. The latter two 
properties are defined as per Eq. 5.1 & Eq. 5 2 respectively. A noteworthy observation pertains to 
the post-processing of the Kelvin 3-0.6 model in Al alloy and its counterpart in Cu alloy which 

a) 

b) 

c) 
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underwent a sand blasting procedure. All other configurations in AlSi10Mg and IN625 were 
preserved in their as-built state.  

 { = � �à Õ V"#�
ª $BV Õ V"#� = 1 − � V�à Õ V"#�

ª $BV Õ V"#�    Eq. 5.1 

 �Õ = ª $BV <b�� B��B
ª $BV Õ V"#�      Eq. 5.2 

Table 5-1: Geometrical features of the CAD design cell parameters printed. The porosity and 
specific surface area refer to the theoretical ones of the CAD. Structures denoted with a ‘sb’ 

superscript have been sandblasted; others are as-built 
Cell 
type 

Material Cell 
length 
[mm] 

Strut 
diameter 

[mm] 

Theoretical 
Porosity 

% 

Theoretical 
Specific 

surface area 
[cm-1] 

Denomination  

Kelvin AlSi10Mg 3 0.6 0.79 12.16 Kelvin 3-0.6-Alsb 
CuNi2SiCr 3 0.6 0.79 12.16 Kelvin 3-0.6-Alsb 

IN625 3 0.6 0.79 12.16 Kelvin 3-0.6-Ni 
IN625 4 0.6 0.89 6.52 Kelvin 3-0.6-Ni 
IN625 3 0.8 0.66 13.70 Kelvin 3-0.6-Ni 
IN625 3 0.4 0.9 8.89 Kelvin 3-0.6-Ni 
IN625 1.5 0.3 0.77 23.46 Kelvin 3-0.6-Ni 
IN625 4 0.8 0.81 7.78 Kelvin 3-0.6-Ni 
IN625 2 0.4 0.78 17.15 Kelvin 3-0.6-Ni 
IN625 2 0.6 0.55 17.97 Kelvin 3-0.6-Ni 

BCC AlSi10Mg 3 0.6 0.83 10.79 BCC 3-0.6-Al 
IN625  2 0.4 0.83 16.26 BCC 3-0.6-Ni 
IN625 2 0.6 0.64 19.84 BCC 3-0.6-Ni 
IN625 3 0.4 0.92 8.09 BCC 3-0.6-Ni 
IN625 3 0.6 0.83 10.79 BCC 3-0.6-Ni 
IN625 3 0.8 0.71 12.68 BCC 3-0.6-Ni 
IN625 4 0.6 0.912 6.30 BCC 3-0.6-Ni 
IN625 4 0.8 0.852 7.76 BCC 3-0.6-Ni 

Gyroid In625 3 0.2 0.794 20.4 Gyr 5-0.34-Ni 
In625 3 0.3 0.694 20.1 Gyr 5-0.34-Ni 
In625 3 0.4 0.616 19.5 Gyr 5-0.34-Ni 
In625 5 0.34 0.79 12.3 Gyr 5-0.34-Ni 

 

5.2.2. Geometrical characterization & pressure drop measurements  

The samples were analysed using a Keyence VHX-7000 digital optical microscope. Detailed 
images of the POCS were taken with VHX-E20 (low magnification objective lens: 20 - 100 x)  and 
VHX-E100 (medium magnification objective lens: 100 - 500 x) lenses. Measurements were made 
at various points on the struts and windows to identify any discrepancies from the CAD model. 
Further in-depth inspection was conducted with pycnometry and Scanning Electron Microscopy 
(SEM). A Multivolume Pycnometer 1305 (Micromeritics) was used to obtain true volume and 
relative densities/porosities of POCS (This device ensures a density calculation accuracy of ± 0.1 to 
0.2% and a volume measurement accuracy of ± 0.2%). The sample chamber is initially pressurized 
with helium. The later expansion of this gas into a precisely measured volume induces a drop in 
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pressure. The sample's volume, density and the relative porosity can then be readily calculated based 
on the two pressure readings. SEM analyses were performed with a Philips XL-30 FEG operated at 
5-20 kV. After characterization, the pressure drop of the samples was assessed using two different 
methods. In method “A”, a U-tube manometer (internal diameter = 1cm, length = 13.5 cm) 
connected to a reactor containing the sample measured the pressure drop across various superficial 
velocities. N2 at ambient temperature was introduced, and its flow rate was measured with a digital 
flowmeter (Agilent ADM 2000). The water height differential in the U-tube was converted to a 
pressure drop value using Stevin’s law. For method “B”, a micromanometer (DeltaOhm HD 2114.2, 
with an instrumental resolution of 0.005 mbar and an accuracy of ± 0.3%) was used, attached to the 
reactor housing the POCS. Similarly, N2 was introduced at room temperature and its rate was 
determined by a different digital flowmeter (MesaLabs Defender 530+, volumetric accuracy : 
0.75%, standardized accuracy: 1%) with velocities ranging from 0–10 m/s. Table 5-2 summarizes 
the measurement techniques utilized throughout the experimental campaign. The pressure ports are 
located 6 cm from both the inlet and outlet of the sample (external diameter = 1cm, length = 1.5 cm) 
positioned in the middle of the reactor tube. To mitigate the potential impact of the reactor setup, 
blank tests (without the structured support) have been caried out for each flow rate and sample used. 
These blank tests allow to isolate and subtract any interference arising from pressure loss attributable 
to the reactor setup and the positioning of pressure ports to ensure that the measured pressure drop 
accurately reflected the characteristics of the samples under investigation, independent of any 
external influences. 

 

Table 5-2: Measurement techniques employed during the pressure drop experimental campaign 
Sample Measurements 

BCC 3-0.6 (Al alloy) 1 series (A) 

BCC 3-0.6 (Ni alloy) 1 series (B) 

Kelvin 3-0.6 (Al alloy) 1 series (A) 

Kelvin 3-0.6 (Cu alloy) 1 series (A) 

Kelvin 3-0.6 (Ni alloy) 1 series (A) 

Kelvin 3-0.8 (Ni alloy) 1 series (A) 

 

5.3. Numerical investigation 

5.3.1. CFD Modelling 

To complement experimental data and gain deeper insights into POCS behavior under 
specific topologies, RANS (Reynolds-Averaged Navier-Stokes) simulations are deployed within 
Ansys Fluent (version 2023 R1). The simulations address both momentum and heat transfer aspects 
in two separate studies. Figure 5-2 illustrates the computational domain, mirroring the experimental 
setup, and highlights the applied boundary conditions. Inlet velocities ranged between 1 and 9 m/s, 
while the outlet was maintained to atmospheric pressure. The exterior of the cylinder was set to a 
no-slip condition. Considering the intricate texture of the 3D-printed structure, a roughness 
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parameter with a constant of 0.5 and height of 0.1 mm was implemented at the surface of the POCS. 
Simulations were conducted with a cold, inert flow of nitrogen set at 293.15 K and 1 atm, replicating 
experimental conditions. In the heat transfer analysis, a conjugate heat transfer approach was 
employed, enabling a precise calculation of the POCS surface temperature. In this case, the inlet 
was assigned a temperature of 400 °C and the external surface of the cylinder had a temperature of 
450°C. The POCS surface’s temperature was then governed by heat fluxes and materials properties 
with Inconel's characteristics being the basis for this study. Additional insights into the physical 
settings are reported in Appendix A. From the numeric viewpoint, the chosen meshes comprise 
approximately 4.5 million cells for pressure drop simulations, and around 6 million for thermal 
simulations, encompassing both the fluid and solid domains. The simulations utilized a pressure-
based solver in conjunction with the standard k-ε turbulence model also used in other similar study 
[21]. Gradient computations were handled using the Least Square Cell-Based discretization scheme, 
while the Second Order Upwind scheme was adopted for the discretization of transport properties, 
including momentum, energy, and turbulence variables. The "coupled" algorithm was chosen for 
pressure-velocity coupling, ensuring a stable and rapid convergence in this steady-state analysis. 
Convergence was deemed achieved when the residuals fell below 10-4. A more comprehensive 
overview of the computational methods, encompassing domain, grid generation, mesh independence 
analysis and flow development analysis are presented in Appendix B, C and D 

 

 

Figure 5-2: Implemented boundary conditions and physical setup applied during the pressure drop 
and heat transfer studies. 

 

5.3.2. Performance indicators  

The momentum and heat transfer performance are respectively assessed with two 
indicators namely the pressure drop across the sample and the volumetric heat transfer coefficient 
often adopted by researchers [22-23]. Pressure drop is defined as the difference between surface 
average pressure at inlet and outlet, divided by the sample length as per Eq. 5.3.  

;<
� = -

� P ¡|ù�  ∬ l ���
 − ¡|ù�  ∬l �� "$S  Eq. 5.3 
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As expressed in Eq. 5.4, the volumetric heat coefficient denoted ℎÕ is the product of the surface heat 
transfer coefficient ℎ ([�. k'). .'-], defined in Eq. 5.5), and the specific surface area �Õ ([k'-], 
defined in Eq. 5.2). This quantity is a relevant performance indicator, as it takes into account both 
the heat flux, and the contact surface allowed by POCS’s geometry 

ℎÕ = �Õ ∗ ℎ    Eq. 5.4 

ℎ = -
�QÙö= Ë∑ ~(�)

ªôKZ:�(�)'ªCDY� Ì   Eq. 5.5 

Where �<b�� is the total area of POCS surface. Φ(i) is the elementary power exchanged 
through each i cell’s surface adjacent to the solid. ��m���(�) is the temperature of each cell � on the 
solid surface. Within this study’s framework, ���� is provisionally defined as the inlet temperature. 

However, in section 5.4.3, it's adjusted to the volume-averaged fluid temperature (cf. Eq. 5.6), a 
reference that appears to be more universally accepted [24]. Subsequent comparisons are made with 
literature based on this adjusted reference.  

���� = -
�Y
∭��!�     Eq. 5.6 

 

5.3.3. Engineering Correlations  

Numerical findings provide the foundation for CFD-driven engineering correlations 
essential for reactor design. The pressure drop across a porous medium is influenced by its 
geometrical characteristics, the properties of the working fluid, and its velocity as per Eq. 5.7.  

;<
� = � ({, Ö�WB� ,�, �, ¶)   Eq. 5.7 

The Darcy-Forchheimer equation as presented in Eq. 5.8 is frequently employed in literature to 
model pressure drops across porous media and packed beds [25]. 

;<
� = �n + �n)    Eq. 5.8 

This equation accounts for pressure drop in porous media by combining two terms: a viscous 
component, associated with fluid velocity and viscosity, and an inertial component, related to density 
and the square of the velocity. The Ergun equation is a standard method utilized by chemical 
engineers to determine pressure drop in packed beds, often integrated into simplified reactor models. 
Consistent with prior studies [26], our pressure drop data were regressed using an Ergun-like model, 
as shown in Eq. 5.9. In this model, A and B are the Ergun constants representing viscous and inertial 
terms, respectively. The superficial velocity term in the viscous term has been modified by adding 
an exponent C to better represent potential nonlinearities. Numerous definitions for characteristic 
lengths have been proposed, including specific surface area, cell size, and diverse diameters such as 
strut, hydraulic, or window, however a universal standard has yet to be established. For the scope of 
this study, the strut diameter is chosen for its relevance to catalyst support manufacturability and its 
straightforward application for engineers: 

;<
� = í (-'�)ö
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  Eq. 5.9 
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In this study, MATLAB's lsqcurvefit function was utilized for nonlinear least-squares curve fitting 
[27]. This tool identifies parameter values by minimizing the squared differences between observed 
and predicted responses, using the Levenberg-Marquardt algorithm. The performance of the 
correlation was evaluated using the Mean Absolute Percentage Error (MAPE) and the Root Mean 
Squared Error (RMSE). MAPE provides a percentage-based insight into prediction errors, while 
RMSE measures the average magnitude of the error. The equations for MAPE and RMSE can be 
found in Eq. 5.10 & Eq. 5.11, with lower values suggesting a closer fit to the data.  

�1/	 = -¬¬
g ∑ ��K7ô,: '�Y:G,: 

�K7ô,: 
�g�Ñ-   Eq. 5.10 

T��	 = �-
g ∑ /� ·!,� − ���$,�0)g�Ñ-    Eq. 5.11 

 

5.4. Result and discussion  

5.4.1. Geometrical characterization  

To ensure the accuracy of the 3D printing process, a geometric assessment of the printed 
replicas was carried out. Figure 5-3 illustrates both the front and side perspectives of the sample 
using varying magnifications with a light microscope. The cell, strut and window diameters were 
additionally measured at different locations to evaluate the average morphological properties. In 
general, for the three lattice types, the measurements show that the cell size of the samples matches, 
on average, the cell size of the CAD while slight deviations can sometimes be noticed regarding 
strut diameter and window diameters. For example, slight strut thickening can be noticed in 
proximity of the node convergence. For further details Figure 5-4 presents the SEM morphology of 
different cell surfaces, highlighting variations in textures based on the material used. The AlSi10Mg 
structure exhibits commonly observed features [28-29] such as partially melted Al alloy particles at 
the strut surface and a corrugated appearance due to the layer-by-layer additive manufacturing of 
the LPBF process. On the other hand, nickel and copper alloy samples exhibit a smoother surface. 
In case of Ni alloy, this could be due to optimized process parameter regarding the surface roughness 
and for the Cu alloy, it can directly be attributed to the sand-blasting process that removed the 
satellite particles from the surface. Finally, as observed in Figure 5-5, pycnometry experiments 
reveal that the porosity of the printed design is less than the one predicted by the CAD value file, 
with discrepancies reaching up to 15%. This is in line with deviation observed in the literature [3]. 
Such variations are particularly pronounced for the cell design with the finest details, like the 
Kelvin’s square window at low porosity.  
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Figure 5-3: Macroscopic topography of the sample viewed by digital microscope a) Kelvin 3-0.6 
(measurements: cells 3.0 mm; struts 0.63 mm) b) BCC 3-0.6 (measurements: cells 3.0 mm; struts 

0.59 mm) c) Gyroid 3-0.3 (measurements: cells 3.03 mm; struts 0.32 mm). All structures presented 
in this figure are in Ni alloy. 

a) 

b) 

c) 
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Figure 5-4: SEM images of strut surface of cellular structures after the post-processing: Scanning 
electron microscopy (SEM) micrograph at different magnification of three samples a) Kelvin 3-0.6 

(Ni) b) Kelvin 3-0.6 (Al)sb c) Kelvin 3-0.6 (Cu)sb d) BCC 3-0.6 (Al alloy) 

 

a) b) 

c) 

d) 
d) 
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Figure 5-5: Experimental hydrodynamic porosity measured with pycnometry compared to the 

theoretical (CAD) porosity. The 15% error margin is indicated by the dashed line. 

 

5.4.2. Pressure drop investigation  

In this section, the outcomes of the CFD simulations are explored. First the accuracy of pressure 
drop predictions is verified against experimental results, and then the selected POCS designs are 
compared based on their specific surface area and porosity. Figure 5-6 presents a comparison of 
pressure drop trends across velocities, contrasting experimental and simulation data for the chosen 
cell types. The shaded region for the BCC structure encompasses results from two experimental 
datasets: BCC 3-0.6 in both Al alloy and Ni alloy. In the case of the Kelvin cell 3-0.6, the shaded 
area includes readings from three different measurements: namely Al alloy, Cu alloy (both 
sandblasted), and Ni alloy. The shaded curve gives an average variability of 22 %, indicative of 
standard deviation across experiments. Such variations underline inherent differences across 
materials studied. Pressure drops obtained at high velocity ( ≥ 5 m.s−1) from CFD simulations align 
remarkably well within the experimental variability range. On the other hand, at slower velocities, 
there is an inclination towards over-predicting the pressure drop. This difference is especially 
notable for BCC 3-0.6, showing a deviation of up to 67% at 2 m.s−1. Such variances may be rooted 
in turbulent flow modelling nuances, given the pronounced laminar tendencies at these speeds. 
Overall, a reasonable agreement is obtained between numerical and experimental data. To discern 
the cell type's influence on pressure drop, distinct structures, all maintaining a similar porosity ({ =
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0.79) and specific surface area (�Õ=12.3 cm-1). The results are reported in Figure 5-7. Interestingly, 

the Kelvin structure consistently registered the most pronounced pressure drop, followed closely by 
the Gyroid (showing only a 3% differential at 9 m.s-1 with a constant porosity). Conversely, BCC 
showcased the least pressure drop, behind the Kelvin by 47% at 9 m.s-1 under similar porosity. Such 
distinctions can be attributed to the unique designs of the cells: as observed in Figure 5-8, the Kelvin 
structure, with its square openings oriented perpendicularly to the flow, creates flow constrictions 
that add considerable resistance, especially in the inertial regime. This design induces a more energy-
intensive flow pattern within the matrix, amplifying energy dissipation, as supported by related 
studies [6,12]. Conversely, the gyroid lattice’s streamlines depict a highly tortuous path also leading 
to increased friction and, thus, a higher pressure drop. Meanwhile, the BCC structure provides a 
relatively unimpeded flow. When evaluating solely on the basis of pressure drop, the BCC design is 
notably superior. 

 

   
Figure 5-6: Experimental validation of our CFD settings (a) BCC (b) Kelvin (c) Gyroid  

 

a) b) c) 
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Figure 5-7: Pressure drop comparison on various structures, with fixed geometrical parameters (a) 
fixed porosity (b) fixed specific surface area (Reynolds number varies from 38 to 348 for Kelvin 

and BCC lattices, and from 22 to 254 for the Gyroid lattice) 

 

  

a) b) 
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Figure 5-8: Streamline visualization across a) Kelvin b) BCC c) Gyroid lattices 

 

5.4.3. Heat transfer investigation 

While pressure drop is an important metric, it’s just one piece of the puzzle. As many 
industrial applications involve significant heat transfer, it is essential to consider both pressure drop 
and heat transfer characteristics for a more holistic evaluation of the POCS. As stated in section 
5.3.2. the volumetric heat transfer coefficient, denoted hv (using the inlet temperature as the reference 
temperature) is the metric used to rank the structures. It can be seen in Figure 5-9 that Kelvin cell 
consistently presents the highest value. At fixed specific surface area the BCC trails behind the 
Kelvin cell (18% deficit) but still surpasses the Gyroid structure by a margin of 6%. At fixed 
porosity, it is intriguing to note that the distinction between BCC and Gyroid is very light making 

a) 

b) 

c) 
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them almost analogous. Considering the aim to achieve the highest possible ℎÕ, the Kelvin cell 

distinctly stands out as the best choice from the heat transfer viewpoint.  

 

Figure 5-9: Volumetric heat transfer coefficient on various structures with fixed geometrical 
parameters (a) fixed porosity (b) fixed specific surface area 

 

5.4.4. Trade off heat transfer-pressure drop 

In evaluating optimal structural design, a balance between pressure drop and heat transfer 
is essential. Based on insights from prior sections, this section aims to identify the structure that 
offers minimal pressure drop while ensuring maximum volumetric heat transfer coefficient. A ℎÕ - 
Δ//Ö graph is therefore plotted on Figure 5-10. Although the performance between structures is 

fairly similar, a ranking can still be determined. When maintaining constant porosity, the Gyroid 
curve remains dominant until reaching a specific velocity, at which point the BCC becomes 
preferable. Yet, by extrapolating the current trends, the Kelvin cell could outperform the Gyroid 
when ℎÕ exceeds 170 kW.m−3.K−1. In Appendix C6 those results are also compared with packed 
bed performance obtained from correlations and several pellet diameter.  

a) b) 
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Figure 5-10: Heat transfer - pressure drop map 

 

5.4.5. Engineering correlations & comparison with literature  

An Ergun-type correlation, as detailed in Eq. 5.9 in section 5.3.3 is fitted to our CFD data 
to represent the pressure drop across our selected lattices. Figure 5-11 presents the respective parity 
plots comparing the correlation predictions with the CFD simulation outcomes. Regression analysis 
constants, as well as the MAPE and RMSE values, are reported in Table 5-3. The results exhibit a 
good alignment, with a MAPE of less than 10%. For comparison with the literature, and given the 
absence of known existing correlations for the BCC and Gyroid lattices, our results are compared 
with established correlations obtained for the Kelvin cell lattice as display in Figure 5-11.a. The 
correlation of Ferroni et al. (2022) [3] is found to slightly overestimate our data with a MAPE of 
18%, while Rambabu et al. (2021) [7] do so with a MAPE of 25%. Excluding data points with the 
lowest porosity value reduces the MAPE to 12%, implying that their correlation might not perform 
as well with lower porosities. The correlation of Bracconi et al. (2019) [26] derived from virtually 
generated OCF, yields a MAPE of 19.62%. On the whole, pressure drop results obtained in this 
study appear to be in quite good agreement with literature. Additionally, the simple correlations 
derived in this work, based on readily accessible parameters like strut size or gyroid thickness, could 
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assist in reactor design endeavors and also serve as a reference for comparison in subsequent 
research in this field. For the heat transfer analysis, comparisons of our results with established 
literature correlations are presented in Figure 5-12, utilizing the conventional heat transfer 
coefficient h. As explained in section 5.3.2, the heat transfer coefficient is recalculated using the 
volume-averaged fluid temperature as the reference, resulting in a higher value - a definition 
somewhat more adopted [6]. Nonetheless, there is a noticeable variation in heat transfer coefficient 
estimates. This variation could stem from several factors in numerical simulations: differing 
boundary conditions like constant wall heat flux versus constant wall temperature; the choice 
between conjugate heat transfer or a set thermal boundary in some research; the role of operating 
conditions and specific characteristics of the working fluid; and potential differences in 
methodologies for calculating the heat transfer coefficient across studies. Overall, the values 
predicted in this study align reasonably with literature data, albeit rather towards the lower end.  

 

Table 5-3: Constants for the proposed pressure drop correlation as defined in Eq. 5.9 for the three 
lattices (presumed Reynolds validity range: 30 < T+à! < 400) 

 Kelvin  BCC Gyroid  
Porosity validity interval 0.66 < { < 0.8 0.72 < { < 0.92 0.7 < { < 0.8 
Fitted A 999.6348 83.5654 37260.0992 
Fitted B 0.82099 0.26672 0.48628 
Fitted C 3.4497 1.0837 9.818 
RMSE (Pa/m) 1359.139 775.2997 1354.1546 
MAPE (%) 9.0678 9.0718 6.5898 

a) 
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Figure 5-11: Parity plots comparing pressure drop obtained by the numeric investigation and 
correlation predictions for our selected POCS samples (a) Kelvin (b) BCC (c) Gyroid with the 

20% error margin band. The star markers in each plot indicate the verification points used to check 
the proposed correlations 

 

b) 

c) 
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Figure 5-12: Comparison of our data with correlations found in the literature (Kelvin 

[12,14,23,30] Cubic [2,16] and OCF [6, 31-33]). The dot and triangle markers refer to the 
numerical results obtained using two different methodologies. 

 

5.5. Conclusions  

This chapter conducted an in-depth comparative analysis of three POCS: the widely recognized 
Kelvin cell, and the lesser-known BCC and gyroid lattice. Through a blend of numerical and 
experimental approaches, the study emphasized the design and fabrication using Laser Powder Bed 
Fusion, as well as the analysis of these structures using CFD simulations.  

1) Regarding the manufacturability, various physico-morphological characterization 
techniques were utilized to determine geometric characteristics of 3D printed samples. 
The printed samples closely resembled their CAD counterparts, with an observed porosity 
deviating by a maximum of 15% less than the intended design values. 

2) A CFD model was validated based on pressure drop experimental campaign and 
subsequently employed to conduct an in-depth comparison of POCS based on shared 
geometric features, specifically porosity and specific surface area. In terms of pressure 
drop, the BCC stands out as the superior structure. In contrast, the Kelvin cell registered 
the highest performance among all configurations from a heat transfer perspective. While 
the performance of the structures is relatively comparable, Gyroid configurations seem to 
offer superior momentum and heat transfer characteristics at lower velocities region 
whereas the BCC structure demonstrates superiority in the high-velocity range. 

3) An Ergun-like correlation was formulated and validated for all three cell types, achieving 
a MAPE of less than 10%. When compared with existing literature correlations, our results 
demonstrated good alignment too, with a MAPE of less than 20%. Concerning heat 
transfer, the values forecasted in this research show a reasonable alignment with literature 
figures, though they tend to be on the lower spectrum.  
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This study advances our understanding of POCS thermohydraulic properties, offering insights for 
selecting cell types and also scaling up reactors or other continuous flow systems utilizing these 
structures, yet several areas remain unexplored. For example, a comprehensive analysis should also 
factor chemical reactions, moreover, many POCS designs have yet to be investigated, and cell 
orientation might have a significant impact at higher velocities, particularly in the gyroid lattice.  
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Appendix C 

C1. Physical setting details  

 

Table C1: Recap of physical settings for pressure drop simulations 
Name Value 

Operating temperature 25 °C 

Operating pressure 1 atm 

Inlet velocity �1,2,3,… ,9� m. s'- 

Fluid density 1,1452 kg. m'h [9] 

Fluid viscosity 1,7805.10'¿ Pl [9] 

 

Table C2: Recap of physical settings for pressure drop simulations 
Name Symbol Value 

Inlet temperature ��
 400 °C 

Wall temperature ��BVV 450 °C 

Operating pressure / � 1 atm 

Inlet velocity n�
 �1,2,3,4,5,6,7,8,9� m. s'- 

Solid density �(in625) 8440 kg. m'h 
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Solid specific heat ��(in625) Piecewise-linear, taken from [10] 
(~500 J. kg'-.K'-) 

Solid thermal 
conductivity 

�(in625) Piecewise-linear, taken from [10] 
(~17 W. m'-.K'-) 

Fluid density �(N)) Computed (Fluent “incompressible-ideal-gas”) 

Fluid specific heat ��(N)) Variable (Fluent “nasa-9-piecewise-
polynomial”) 

(~1100 J. kg'-.K'-) 
Fluid thermal 
conductivity 

�(N)) Piecewise-linear, taken from [9] 
(~0,05 W. m'-.K'-) 

Fluid viscosity �(N)) Computed (Fluent “kinetic-theory”) 

 

C2. Mesh convergence analysis 

A mesh convergence analysis was carried out aiming at obtaining pressure drop results 
independent of the grid refinement in the numerical investigation. For each of the three different 
types of structure, we made a meshing convergence study. Five meshes were tested for Kelvin and 
BCC structures, and four for Gyroid. For each of them, we made simulations corresponding to the 
nine flow speeds from 1 to 9 m. s'-. We then measured the pressure drop obtained and compared 
them to the value achieved with the finest mesh. Results are shown on Figure C1, on which each 
point represents the average error of the nine speeds Considering the results of the convergence 
study, for each structure we retained the meshes with about 4,5M cells, as they allow about 1% error 
and good computation time. Table C3 gives the typical settings we used to generate meshes with 
this number of cells. We used these parameters for all the other structures, including those for 
thermal simulations. 

 

 
Figure C1: Mesh sensitivity  
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Table C3: Typical mesh generation settings 
Setting Value 

Surface local sizing 0.05 mm on POCS surface 
General minimum surface size 0.1 mm 

Maximum surface size 0.4 mm 
Surface growth rate 1.2 

Boundary smooth transition Layers: 3, Transition ratio: 0,272, Growth 
rate: 1,2 

Maximum cell length 0.4 mm 
Volume growth rate 1.2 

 

C3. Ansys Fluent Solver setting  

 

Table C4: Ansys Fluent Solver settings 
Setting Value 

Time Steady-state 
Solver type Pressure-based 

Pressure-velocity scheme Coupled 
Gradient discretization Least squares cell based 
Spatial discretization Second order (upwind) 
Pseudo-time method Global time step 

Viscous model k- ε realizable, with scalable wall functions 
Maximum tolerated continuity residual 

(with all other residuals lower) 
 10'¡  

 

C4. Analysis of Flow Development 

To investigate the effects of the POCS inlet and outlet on pressure drop, fresh simulations 
were conducted using the BCC 3-0.6 geometry. Considering the phenomenon's non-linear nature, 
the study included simulations on both a standard-length sample (15 mm) and a 1.4-times elongated 
sample (21 mm), with airflows set at 1 and 9 m/s. The actual values for the elongated sample were 
then compared to the extrapolated values from the standard sample, which were adjusted by the 1.4 
factor. The results are presented in Table 8 below: As the gap is only 1% between elongated sample 
and proportional value from standard sample, inlet and outlet effects can be considered as negligible. 
A length of 15 mm is found sufficient for achieving a fully developed flow. Specifically, at an inlet 
speed of 9 m/s (the maximum speed, at which the flow requires the longest distance to fully develop), 
the velocity field exhibits periodic behavior in accordance with the geometry. As depicted in Figure 

C2, for two adjacent cutting planes with an inlet speed of 9 m/s, the velocity field is consistently 
repeated from the second cell in the flow direction, confirming that the flow stabilizes after about 6 
mm. This observation underscores the establishment of a fully developed flow pattern. 
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Table C5: Effect of POCS sample length on pressure drop 

Vin (m/s) Pressure drop ΔP/L (Pa/m) Relative gap 
(Proportional 
– Real values) 

Standard sample 
length (15 mm) 

Extrapolated value 
for elongated sample 

(* 1.4 factor) 

Real value for 
elongated sample 

(* 1.4 factor) 
1 1 115 1 561 1 564 0.2 % 

9 26 749 37 448 36 976 1.3 % 

 

 

Figure C2: Analysis of Flow Development on BCC 3-0.6 for two adjacent cutting 
planes  

 

C5. Turbulence model justification 

For flow through homogeneous porous media, for very low fluid velocity, the pressure drop is 
only balanced by the viscous shear stress at the solid surfaces (Darcy regime). When the Reynolds 
number is gradually increased, in the Forchheimer regime, the inertial forces related to the local 
acceleration of the fluid particles starts contributing and the total pressure drop contains both viscous 
and inertial contributions. The exact limiting value of the Reynolds number for flow transition from 
Darcy regime to Forchheimer regime depends on the structure of the porous medium. The study of 
Das et al. (2017) [6] offers insight into the transition Reynolds number, using DNS on a Kelvin cell 
study, as depicted in Figure C3. In our operating condition, we predominantly observe the 
Forchheimer regime, suggesting that both laminar and RANS simulation could be suitable 
alternatives. In our study the choice is made to resort to RANS simulation to cover the full velocity 
range.  
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Figure C3: Description of the hydrodynamic regimes based on an equivalent sphere diameter as a 

characteristic length scale adapted from Das et al. (2017) [6] 

 

C6. Comparison with packed beds   

To provide context for the thermo-hydraulic performance of the 3D-printed structures, a 
comparative analysis was conducted using empirical correlations for conventional packed beds. The 
results from this analysis are presented in Table C6, allowing direct comparison with Figure C4, 
which reports the CFD simulation data from this study on POCS (Periodic Open-Cell Structures). 
In Table C6, the volumetric heat transfer coefficient (ℎÕ) was calculated using two correlations [6, 
34]: 

 ¶�B�� & äB�B  = � 0.6 /^-/hT+-/),    1 ≤ T+ ≤ 40
0.2/^-/hT+¬.�,   40 ≤ T+ ≤ 20000  Eq. C2 

 ¶ùB! �$ BV. = 1.351 + 0.1124T+¬.���/^-/h  Eq. C3 

Where  ¶ is the Nusselt number ℎ ��/�� , Pr is the Prandtl number ���/�� and T+ is the Reynolds 
number �n��/�. Additionally, the pressure drop (ΔP/L) was determined using the Ergun equation: 

;<
� = -¿¬ (-'�)�

�a
�Õ
à<� + -.�¿(-'�)�a

�Õ�
à<    Eq. C2 

For these calculations, the fluid properties of nitrogen at 427 °C and 1 atm were used: dynamic 
viscosity: μ=3.2837×10−5 Pa·s, density ρ=0.48739 kg/m3, thermal conductivity k=0.050314 W/m/K, 
and specific heat capacity Cp=1098.1 J/kg/K. The analysis was performed for spherical particles of 
1 mm, 10 mm, and 20 mm diameters, assuming a porosity (ϵ) of 0.48. The specific surface area 
(SSA) was determined using the following relationship: 

��1 = �(-'�)
à<   Eq. C4 

The results in Table C6 show the trade-off between heat transfer and pressure drop in packed beds: 
smaller particles exhibit higher volumetric heat transfer coefficients due to their greater specific 
surface area. However, this enhancement comes at the cost of increased pressure drop, which 
becomes particularly pronounced at smaller particle sizes. By comparing these correlations with our 
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CFD results in Figure C4, it is observed that—under the chosen assumptions and correlations—the 
volumetric heat transfer coefficient is higher for the POCS structures studied in this work than for 
conventional packed beds at a given pressure drop. Further reducing pellet size (<5 mm) increases 
the volumetric heat transfer coefficient beyond that of POCS but at the cost of higher pressure drop.  

 

Table C6: Pressure drop and volumetric heat transfer coefficient for three pellet diameters based 
on literature correlations 

Velocity 

(m/s) 

3. 

(mm) 

SSA 

(m-1) 

Re ^�/� 

(Pa/m) 

�6 (DH z'* f'�) 

Yagi & Wakao  

(1959) [34] 

�6 (DH z'* f'�) 

Das et al. (2017) [6] 

1 5 624 74 1.28*103 35.00 36.00 

4 5 624 296 1.48*104 107.00 102.00 

9 5 624 667 6.93*104 205.00 200.00 

1 10 312 148 521 15.30 14.80 

4 10 312 593 6.9*103 46.50 45.13 

9 10 312 1.34*103 3.36*104 89.10 82.80 

1 20 156 296 230 6.68 6.38 

4 20 156 1.19*103 3.33*103 20.26 20.29 

9 20 156 2.67*103 1.65*104 38.70 40.80 

 

 
Figure C4: Heat transfer vs. pressure drop, reproduced from Figure 5.10, highlighting the inlet 

velocity used in the simulations 
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Chapter 6 | Ammonia synthesis using POCS membrane 

reactor: influence of cell types  

Abstract 

Ammonia has emerged as a promising hydrogen carrier due to its high hydrogen content and carbon-
free composition. However, its production is still dominated by the energy-intensive Haber-Bosch 
process. This has prompted ongoing research into more sustainable production methods, including 
the development of new catalysts and integrated reactor designs with enhanced heat and mass 
transfer processes. This chapter∗ investigates external mass transfer in Periodic Open Cellular 
Structure (POCS) reactors during ammonia synthesis, both as standalone systems and integrated 
with a selective membrane. Laboratory-scale experiments were combined with Computational Fluid 
Dynamics (CFD) modeling to systematically assess different POCS topologies and evaluate 
membrane reactor performance. A dip/spin coating method was optimized to deposit Ru-based 
catalytic layers onto IN625 POCS produced via Selective Laser Melting (SLM), including BCC, 
gyroid, and Kelvin cell types. While homogeneous coatings were achieved for all structures, 
clogging issues were noted for the Kelvin cell, suggesting it may be less suitable for maintaining 
cell geometry during coating. Catalytic activity assessments showed consistency with literature 
values for Ru-based catalysts. CFD simulations of different POCS geometries indicated that cell 
type does not significantly influence catalytic activity under the chosen conditions. The impact of 
membrane permeance on reactor performance was assessed, revealing improvements in both 
conversion and recovery. However, these benefits reached a plateau due to the limited rate of 
ammonia production compared to extraction, as well as the effects of concentration polarization, 
particularly on the permeate side. A plug flow-based engineering model was found to inaccurately 
predict system behavior beyond a permeance of 0.05 mol·s-1·m-2·bar-1, highlighting the need for 
correction factors for non-ideal conditions. Future work should explore sensitivity analyses 
involving permeation parameters and evaluate structure-independent performance when POCS are 
interfaced with membranes. 

  

 
∗ This chapter is based on the following paper : S. Richard, D. Tasso, M. Rajana, A Saker, A. 
Ramirez Santos, C. Makhloufi, N. Meynet, B. Hary, S. Nardone, G. Marino, M. Thomas, H. Brahim, 
C. Italiano, A. Vita, F. Gallucci, Comparison of thermo-hydraulic performance among different 3D 
printed periodic open cellular structures, Chemical Engineering Journal, vol. 47, no. 21, pp. 11385–
11401, 2024 
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6.1. Introduction  

Chapter 5 examined Periodic Open Cellular Structures (POCS) from a thermohydraulic 
perspective. Building on that foundation, the current chapter delves into the catalytic activation of 
POCS, as introduced in Chapter 2 (page 32), with a focus on ammonia synthesis. It further 
highlights the potential of membrane reactors in overcoming the thermodynamic barriers of this 
process. Conventional reactors employing iron-based catalysts typically achieve ammonia 
concentrations of approximately 20–25% under demanding operating conditions of 150-250 bar and 
380–520 °C. From a catalytic perspective, the primary challenge lies in the cleavage of the high-
energy nitrogen (N₂) bond, which requires 945 kJ/mol—a rate-determining step in the reaction 
mechanism. Supported ruthenium (Ru)-based catalysts are a key area of research due to their higher 
catalytic activity at lower temperatures and pressures compared to iron (Fe)-based catalysts. 
However, their high cost and susceptibility to hydrogen poisoning present challenges. Current 
studies focus on enhancing active site exposure and mitigating hydrogen poisoning by using specific 
supports and promoters. Notable examples include Ru/CeScSi [1], Ru/CeO2 [2], Ru/MgOCeO2, 
Ru/Pr2O3, and other lanthanides [3], as well as transition metal oxide supports like SrTa₂O₇ [4]. 
Huang et al. (2020) [4] demonstrated that Ru supported on Sr2Ta2O7 with a cesium (Cs) promoter 
achieved more than a threefold increase in catalytic activity, with promoter effectiveness ranked as 
Cs > Rb > K > Ba. In addition, research is exploring catalysts with a better activity-to-cost ratio, 
such as the Co/10Mg–Nd catalyst, which achieved twice the ammonia formation rate compared to 
commercial Fe catalysts, as reported by Ronduda et al. (2023) [5]. 

At the mesoscale, Computational Fluid Dynamics (CFD) is a powerful tool for analyzing 
transport phenomena in membrane reactors, particularly the influence of geometry [6-9]. As shown 
in the previous chapter, CFD complements experiments by providing detailed visualizations and 
quantitative insights into fluid-solid interactions, enabling systematic parametric studies. Numerous 
studies have successfully employed CFD to investigate external mass transfer in POCS reactors. 
These studies often compare different POCS cell types [10-11], benchmark them against 
conventional supports [11], or introduce variations to the basic POCS design to create anisotropy 
[12-13]. For example, Ferroni et al. (2021) [14] compared Kelvin and Diamond cell POCS for mass 
transfer under similar specific surface areas. They found that Diamond cells performed better at 
lower velocities (v=5 m/s), while both Kelvin and Diamond cells showed similar performance at 
higher velocities (v=25 m/s). Their findings also suggest that these POCS structures could 
outperform state-of-the-art honeycomb substrates in mass transfer at higher flow rates, though it 
remains unclear if the comparisons were conducted under equivalent specific surface areas. Kaur et 
al. (2020) [15] observed that among various unit cell geometries, the Octet structure exhibited the 
highest volumetric Nusselt number, followed by the Kelvin, Cube, and Face-Diagonal Cubic (which 
includes an additional diagonal strut on each face) structures, particularly at low velocities (0.5–3 
m/s) under comparable porosity conditions. In all four topologies, the primary mechanism for heat 
transfer enhancement at low velocities was stagnation-type flow. Papetti et al. (2018) [12] conducted 
a numerical and experimental study on mass transfer in open-cell lattice structures with different 
cell shapes (1 and 15 m/s). They found that POCS had better transport properties compared to 
honeycomb monoliths, with Kelvin and tilted cubic cells achieving higher mass transfer rates than 
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simple cubic cells. In our previous work [11] with velocity in between 1 and 10 m/s corresponding 
to Reynolds number between 30 and 400 calculated using the strut thickness as characteristic length 
we observed that the Kelvin cell distinctly stands out as the best choice from the heat transfer 
viewpoint nonetheless from while considering the tradeoff with pressure the gyroid cell emerged as 
the best position with the kelvin cell on the last closely followed by the BCC whether on similar 
porosity or on similar specific surface area. The difference among structure was particularly low 
under the lowest velocity. Balzarotti et al. (2021) [17] experimentally studied wash coated cubic 
cells. Based on these results, POCSs were effectively activated by depositing Pd/CeO2 catalyst by 
slurry coating, using a dip-coating/spin-coating mixed procedure for CO oxidations reactions Their 
results indicated that, under similar specific surface areas, POCS could outperformed honeycomb 
structures. 

Despite the potential of Periodic Open-Cell Structures (POCS) to enhance mass and heat 
transfer, limited research has explored their interaction with selective membranes. This chapter 
explores the interaction of Periodic Open-Cell Structures (POCS) with selective membranes during 
ammonia synthesis, focusing on external mass transfer both in standalone reactors and integrated 
with ammonia-selective membranes (cf. Figure 6-1). A dip/spin coating method was optimized to 
deposit ruthenium (Ru) catalytic layers onto IN625 POCS produced via Selective Laser Melting 
(SLM), with kinetic activity tests conducted to validate the modeling approach. CFD modeling was 
further utilized to investigate the effects of POCS characteristics—such as porosity, cell type, and 
flow conditions—on reactor performance, as well as the impact of membrane integration and its 
permeance under representative operating conditions. 

 

 
Figure 6-1: Sketch of a POCS Membrane Reactor for ammonia synthesis 

 

6.2. Experimental set up  

6.2.1. Manufacturing of the structures  

As detailed in the previous chapter nickel alloy POCS samples with different cell types 
(e.g., body-centered cubic, Kelvin, and gyroid; see Figure 5-1 in Chapter 5) were fabricated using 
an SLM280 LPBF machine at ENGIE Laborelec based on CAD designs. The cylindrical samples 
were 10 mm in diameter and 15 mm in height. The printed samples closely matched their CAD 
models, with porosity deviations of no more than 15% from the intended design. Table 6-1 
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summarizes the design parameters: strut diameter, cell length, porosity, and specific surface area 
relevant to this work. The notation for POCS samples used in this study starts with the cell type, 
followed by numbers indicating the cell and strut size in millimeters. Figure 6-2 showcase some of 
the sample that were printed. (the smaller one are used in the tests in this study and longer versions 
designed for future tests with membrane reactors). 

 

Table 6-1: Geometrical features of the CAD design cell parameters printed relevant to this study 
The structured are denominated by the cell type followed by the size of the cell and the strut size. 

Cell type Cell length 3	 
[mm] 

Strut diameter 3~ 
[mm] 

Theoretical Porosity 
% 

Theoretical Specific 
surface area [cm-1] 

BCC 3-0.4 3 0.4 0.91 8.1 

BCC 3-0.75 3 0.75 0.73 12.3 

Kelvin 3-0.61 3 0.61 0.78 12.3 

Gyroid 5-0.34 5 0.34 0.79 12.3 

 

 
Figure 6-2: Image of POCS samples: smaller one used in the tests in this study and longer 

versions designed for future tests with membrane reactor experiments 

 

6.2.2.POCS activation  

A Ru-based catalysts∗ was coated on POCS supports by CNR using a dip/spin coating 
technique. The slurry preparation was optimized with a dispersion medium consisting of hydrolyzed 
Polyvinyl Alcohol (PVA) and bi-distilled Glycerol (GLY) in distilled water, combined with ball-

 

∗ Confidential catalyst: the exact composition is not detailed 
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milled catalyst the composition is reported in Table 6-2. The slurry’s rheology, critical for achieving 
a stable and uniform coating, was characterized using a rotational rheometer (Modular Compact 
Rheometer MCR 92, Anton Paar GmbH, Graz, Austria). as shown in Figure 6-3, the slurry 
formulation, exhibiting a shear-thinning curve. At lower shear rates, the viscosity decreases 
significantly, characteristic of shear-thinning behavior, which is essential for ensuring good 
flowability and coating homogeneity. At higher shear rates, the slurry transitions to a Newtonian-
like behavior, where the viscosity stabilizes. This behavior is crucial for the spinning step (1000 s−1) 
in the coating procedure, as it ensures uniform application during high-shear conditions. The 
optimized slurry was then applied to a pretreated metallic structure, calcined at 900 °C, through a 
combined dip and spin coating process. This process involved a 10-second immersion, followed by 
the removal of excess liquid using a commercial spin-coater (SPIN 150 SPS Europe). Parameters 
such as rotation speed and duration were finely tuned to achieve the desired material loading. 
Multiple dip-and-spin cycles were used to achieve catalyst loadings ranging from 0.242 g to 0.26 
g/cm3 as represented with the loading curves in Figure 6-4 for BCC (3-0.6), BCC (3-0.4), Kelvin 
(3-0.6) and Gyroid (5-0.34) cells. Gravimetric analysis was conducted after each flash drying step 
and following the final calcination to monitor weight evolution and assess the washcoat load. Due 
to a lack of proper instrumentation for non-destructive cutting of the metal structure, washcoat 
thickness was estimated from the specific load for each sample. The catalytic loading (Cload), defined 
as the mass of catalyst deposited per unit surface area of the POCS, was calculated as 0.17 
mgcat/cm2POCS and will be used as a conversion factor for translating volumetric reaction rates into 
surface reaction rates during subsequent numerical analyses.  

A Keyence VHX-7000 digital optical microscope, featuring a fully integrated head with stage 
shift technology and 4K mode for high-resolution imaging, was used for morphological 
characterization. Detailed images of the POCS were captured using VHX-E20 (20–100x, high-
resolution, low magnification) and VHX-E100 (100–500x, high-resolution, medium magnification) 
lenses. The adhesion of the deposited layers was assessed via an accelerated stress test in an 
ultrasound bath, showing that thermal treatment were crucial for mechanical stability, with a weight 
loss of about 1.3 wt% for Ni-alloy Kelvin structures. 

 

Table 6-2: Slurry composition 

Powder 

catalyst 

Glycerol PVA Water Slurry density 

(g/dm3
) 

22.4 (%) 42.5 (%) 1.5 (%) 33.6 (%) 1.4 
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Figure 6-3: Rheological behavior of slurry formulation (shear thinning curve) 

 

 
Figure 6-4: Example of catalyst loading steps on Gyroid, BCC and kelvin POCSs 

 

6.2.3. Kinetic tests  

Tests of the catalytic activity of the ammonia synthesis reaction were conducted at CNR. A 
steam of 72% hydrogen, 24% nitrogen and 4% helium was flowed into a fixed bed reactor, at WSV 
(Weight Space Velocity) from 13 654  to 43 725 Ncmh. g�ê>'-  .h'- (i.e. flowrate about 180 
cmh. min'-),  pressure from 20 to 30 bar, and temperature from 350 to 550°C. The ammonia 
formation rate (mol. h'-. g�ê>'- ) was calculated from the NHh content in the reaction products. The 

effluent gases were taken at regular intervals and were analyzed by gas chromatography, using a 
GC-MS (Agilent GC 7890A) composed of three parallel columns (Hayesept Q, HP PLOT Q and 
Molesive 45/60) connected to a thermal conductivity detector (TCD) using Ar as carrier gas. Before 
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catalytic experiments, the reactor was reduced in situ by a flow of 75% hydrogen and 25% nitrogen, 
at 500 °C and 30 bar for 6 hours.  

 

6.3. Numerical investigation  

6.3.1. CFD modelling  

To investigate the impact of morphological features and flow conditions on external mass 
transport rates in POCS with and without selective membranes, CFD simulations were conducted 
using ANSYS Fluent (version 2024 R1). Two geometrical domains were modeled: one replicating 
the experimental setup for chemical reaction validation, and the other representing a segment of a 
small-scale membrane reactor. These models, which are detailed in Figure 6-5 along with 
dimensions and boundary conditions, solve fully coupled equations for momentum, mass transfer, 
and energy under laminar flow conditions. 

For the “validation” domain, the POCS sample simulated had the same geometry as the ones 
tested by the CNR: a cylinder of 10 mm diameter and 15 mm length. 170 mm of free flow were 
added upstream from the POCS, to avoid counter-current diffusion at the inlet (which disturbs 
imposed boundary conditions). Temperature ranged from 350 to 600 °C, with inlet velocities range 
of 4.01.10'h to 5.76.10'h mm. s'- (i.e. constant normal flux of 3 Ncm. s'-), and outlet pressure 
was maintained at 20 bar. Simulation conditions included a flow with 72% H) , 24% N) and 4% He 

(volume fractions) to replicate experimental settings.  

For the “membrane reactor” domain, a similar domain was simulated: a 10 mm diameter and 
15 mm long cylinder, enclosing a 4 mm diameter central membrane. As previously, 170 mm of free 
flow upstream from the POCS, and a 0.2 mm gap between POCS and membrane are added. Indeed, 
in a real reactor, the junction would not be perfect, particularly because printed POCS surface is not 
ideal. This small gap between solid struts and membrane would be more than enough for molecules 
to travel to membrane. Temperature was set at 450 °C (to reach maximum hydrogen conversion), 
and pressure at 20 bar. Inlet flow had a velocity of 5.06 mm. s'- in the main part (comprising POCS 
sample), and 29 mm. s'- inside the membrane, allowing the same flux of 3 Ncm. s'- in both parts, 
with 75% H) and 25% N) (volume fractions).  

For both domains, the model employs a zero-dimensional approach, treating the reacting layer 
as infinitesimally thin and neglecting potential irregularities such as cracks and cavities in the 
washcoat. The porous surface is modeled as both a source of product and a sink of reactants. The 
external cylinder had a no-slip condition, a zero heat flux before and after POCS, and temperature 
equal to the inlet around the POCS sample. The POCS surface’s temperature was then governed by 
heat fluxes and materials properties with Inconel's characteristics based on a conjugate heat transfer 
approach. 

To conserve computational resources, only an eighth of the domain was modeled. A symmetry 
boundary condition was applied to the cutting planes. Ammonia produced permeates through a 
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porous membrane, with a selectivity of 50 compared to nitrogen and 10 compared to hydrogen [18]. 
The mass fluxes through the membrane were modeled by the following equation : 

3� =  Ƥ� . //���$ − /�
���#0       [mol. m'). s'-]  Eq. 6.1 

With Ƥ� the permeance of the membrane towards species i (
Ƥ��aƤ��

= 50 ; 
Ƥ��aƤ��

= 10); /���$and 

/�
���# the partial pressure of species i inside retentate (POCS domain) and permeate (membrane 

cylinder). 

From the numeric viewpoint, the chosen meshes comprise approximately 1 million cells, 
encompassing both the fluid and solid domains. CFD calculations are performed to model pure 
laminar flow regime through a POCS structure on which an ammonia synthesis reaction is taking 
place. Gradient computations were handled using the Least Square Cell-Based discretization 
scheme, while the Second Order Upwind scheme was adopted for the discretization of transport 
properties, including momentum, energy, and turbulence variables. The "coupled" algorithm was 
chosen for pressure-velocity coupling, ensuring a stable and rapid convergence in this steady-state 
analysis. Convergence was deemed achieved when the residuals fell below 10-4 and physical 
quantities (such as hydrogen conversion, outlet temperature, mole fractions…) became stable with 
computation iterations. Further details are given in Appendix D1&D2. 

 

 

a) 
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Figure 6-5: Implemented boundary conditions and physical setup applied. (a) Traditional reactor 
mirroring the experimental one used to validate the chemistry (b) membrane reactor, side (left) and 

front (right) views 

6.3.2. Kinetic rate law  

The synthesis of ammonia from H) and N), is recapped in Eq. 6.2, it is mildly exothermic and 
thermodynamically favored at low temperatures. However, due to the temperature dependence of 
chemical kinetics, the highest conversion rates occur at intermediate temperatures. Furthermore, 
according to Le Châtelier’s principle, the reaction is favored at high pressures due to the reduction 
in the number of gas molecules (cf. Chapter 2, page 43).  

-
)  ) + h

h �) →  �h        ∆��° = − 45.9 kJ. mol�Qa
'-    Eq. 6.2 

As in previous chapters a mathematical expression for the intrinsic rate of ammonia synthesis is 
required. One expression for this rate was established by Rossetti et al. (2006) [19] and is reported 
in Eq. 6.3-6.4 together with the parameters mentioned by Tripodi et al. (2018) [20].  

T′�� = �-
V<��

«.¦
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«.a�¦
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«.�¦ �' §>Dß
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«.�¦
Q��

§.§�¦�W 

-,=��<��
«.a,=��a<��a

«.� [�km� �'-���B$'- ]     Eq. 6.3 
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§.§�¦ .  >Dß

�
-,�P�@.�­e.¦Da

t S.���
«.a, �P�e.�­a.¦Da

t S.���a
«.�

      [kmol. s'-. kg�ê>ê���>'- ] Eq. 6.4 

With the equilibrium constant as defined in Eq. 6.5. It has units of [bar−1] as determined through a 
dimensional analysis.  

.�# = 10).�,�.«Da
t ').� ��r§«(ª)'(¿.¿�'¿)∗ª,(-.��'�)∗ª�

      Eq. 6.5 

To convert this expression to a surface rate law, reaction rate is multiplied by the loading of the 
catalyst, �V Bà : 

T�� = T��
\ ∗ �V Bà = # V

��FEG .  ! ∗ ��FEG
#� = # V 

#� .  !         Eq. 6.6 

b) 
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This factor allows to convert T�� from [kmol. s'-. kg�ê>ê���>'- ] to [kmol. s'-. m')] as required  for 

CFD simulations. It is assessed thanks to CNR test bench data: �V Bà = 0.17 kg�ê>. m'). However, 
as the catalyst used in this work  is not exactly the same as the one used by Tripodi et al. (2018) 
[20], a second coefficient was added, ���$$�
�, to fit CFD kinetics with CNR results. The reaction 
rate T�� = ���$$�
��V Bà  . T��

\  was then used to perform CFD simulations, and ���$$�
� was 

iteratively adjusted so that predicted H) conversion get closer to the experimental one. Finally, 
���$$�
�. �V Bà was taken as 0.03 kg. m'), and the CFD reaction rate could be written : 

T�� =
�.¡�¡ .  ��§.�De

t  �<��
«.¦ ∗<��

«.a�¦
<��a

«,�¦ ' <��a
«.�¦

<��
§,§�¦ .  áDß

�
-,�P�@.�­e.¦Da

t S.���
«.a, �P�e.�­a.¦Da

t S.���a
«.�

     [kmol. s'-. m')]   Eq. 6.7 

 

6.3.2. Performance index  

Several metrics are used to evaluate the performances of the membrane reactor. Hydrogen 
conversion Ag�a is defined as the ratio of H2 consumption rate to the H2 flow rate at the reactor inlet. 

Ammonia recovery factor (ARF ) measures the amount of NHh crossing the membrane, relative to 
the total NHh produced. Both are defined in Eq. 6.8-6.9 and Eq. 6.10 respectively. Additionally, the 

degree of concentration polarization is assessed with the Coefficient of Concentration Polarization 
(CPC) as per Eq. 6.11, which is the ratio of average NHh concentration at the membrane surface to 
that at the external wall. A CPC of one would indicates radial diffusion limitations, whereas lower 
values would suggest more efficient radial diffusion. More details are on this coefficient are given 
in Appendix D3. Furthermore, gas hourly space velocity (GHSV) is calculated as the inlet flow rate 
relative to the reactor volume, influencing metrics like conversion and ammonia recovery.  

A��
¥¤ = st�, ï¡ðñ 'st�,�xñ¡ðñ

st�, ï¡ðñ    Eq. 6.8 

Ag�
¨© = ���,:HJDG '���,KLGJDG ,���,GR7

���,:HJDG ,���,GR7∗    Eq. 6.9 

With: 

Ug�,GR7 = Ug�,�

���# − Ug�, "$

���#    ) p^�o�k+k�^�o+ ��m\ 

Ug�,$#·∗ = 0 ��Ug�,GR7 ≤ 0 T+��p�op �m�� 

Ug�,$#·∗ = Ug�,GR7��Ug�,GR7 ≥ 0 T+��p�op �m − �++��o� 

1TU = ���a,KLGQDCR

���a,KLGJDG ,���a,KLGQDCR      Eq. 6.10 

�/� = 1 − ���a
ôLCYEFD �RDR7CEHD,DÚG  '���a

ôLCYEFD�RDR7CEHD,:HG  
���a

ôLCYEFD �£EZZ,DÚG  '���a
ôLCYEFD�RDR7CEHD,:HG    Eq. 6.11 

In chemical engineering, the Péclet number (as per Eq. 6.12) is a dimensionless number that helps 
quantify the relative effects of convection and diffusion in a flow system. 
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/+ = "�
ù       Eq. 6.12 

Where u refers to the fluid velocity, L the characteristic length taken as the cell size, and D the 
diffusion coefficient.  

 

6.4. Results  

6.4.1. Coating analysis  

The homogeneity of the catalytic layer was characterized using an optical microscope. Table 

6-3 presents an example of the structural and morphological features of both bare Ni-alloy supports 
and coated supports prepared with the optimized dip/spin coating method. Overall, a homogeneous 
washcoat, giving the structures a brownish appearance, was observed across all samples, with no 
uncoated areas. These results demonstrate the reproducibility and effectiveness of the dip/spin 
coating method for preparing structured catalysts, regardless of the geometry of the support or the 
catalytic powders used. However, partial occlusion was observed in the Kelvin cell, particularly in 
the small square windows. 

 

Table 6-3: Optical microscope images of Bare and coated POCS 

 Bare Washcoated (WC) 
 calcinated  

Washcoated (WC)  
calcinated 

Gyroid 

5-0.34 

   



6. POCS: Ammonia synthesis    Chapter 6 

188 

 

Kelvin 

3-0.6 

   

BCC 

3-0.6 

   

 

6.4.2. Kinetic tests and model validation 

The catalytic performance of the structured catalyst BCC 3-0.4 in ammonia synthesis was 
evaluated across a temperature range of 350–600 °C. Activity started to become noticeable around 
300 °C, with a significant increase observed at 350 °C and 400 °C (the highest temperature tested). 
Thus, 300 °C can be considered the light-off temperature for ammonia synthesis on the Ru catalysts 
tested in this study. Hydrogen conversion increased with temperature from 350 °C to 450 °C, driven 
by the improvement in chemical kinetics, and then began to decrease from 450 °C to 600 °C due to 
reaching equilibrium of the exothermic reaction. This pattern indicates that hydrogen conversion 
peaks around 450–500 °C. As illustrated in Figure 6-6, the model accurately captures the behavior 
of the chemical reaction, with hydrogen conversion following the experimental trend—rising from 
350 °C to 450 °C and then declining beyond 450 °C. For all six simulated temperatures, the CFD 
values for flowrate and reactant conversion are either within the experimental range or stay below a 
13% error margin (except for ammonia flow at low temperatures). Therefore, the model is 
successfully validated and is ready to provide insights into the effects of morphological features and 
flow conditions on external mass transport rates in POCS, with or without selective membranes.  

The ammonia synthesis rate is significantly influenced by factors such as Ru particle size, type 
of promoter, reaction conditions, and carbon support type. As shown in Figure 6-7, when compared 
with other catalysts from the literature, all catalysts exhibited little to no activity below 300 °C, 
irrespective of their type. The activity of Ru catalysts increased significantly at temperatures above 
350 °C.  
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Figure 6-6: Fitting of reaction rate model based on Kelvin 3-0.6.  The points are the experimental 
data, the line correspond to the numeric results (a) Conversion (b) Ammonia production. For 

reference the equilibrium N2 conversion at 20 bar is: 23% at 350 °C, 7.7 % at 450 °C, 4.6% at 500 
°C and 2.9 % at 550 °C  

 

 
Figure 6-7: Comparison of catalytic activities of different Ru-based catalysts for ammonia 

formation rate in literature [4, 21-25]  

a) b) 
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6.4.3. Influence of POCS cell types  

Given the reliability of the kinetic implementation into the CFD model, the influence of POCS 
cell type on reactor performance was assessed through simulations using three different geometries: 
BCC 3-0.75, Kelvin 3-0.61, and Gyroid 5-0.34. All geometries shared the same specific surface area 
of 12.3 cm-1, ensuring an identical area of contact between the reactants and catalyst. The simulations 
were performed using the cylindrical domain depicted in Figure 6-5.a, consistent with the one used 
for kinetic validation. Figure 6-8 illustrates the evolution of H2 conversion for the three structures. 
The results indicate that conversion is effectively equal among the three geometries, with a 
maximum deviation of 1% (observed between BCC 3-0.75 and Gyroid 5-0.34), for both fluid inlet 
velocities of 0.005 and 0.05 m·s⁻¹. This outcome may seem surprising, given the significant 
geometric differences between the structures, which would be expected to induce distinct flow 
patterns. However, the similarity in conversion can be attributed to the low velocities used in the 
simulation, where mass transfer is predominantly controlled by diffusion rather than convection. 
This conclusion is supported by the Peclet number calculation, which yields a value of /+ =
h�'h∗  ¿�'h

).2�'¿ = 0.5 < 1. Here, a typical length of 3 × 10-3 m (cell size), a velocity of 5 × 10-3 m·s-1, 

and a mass diffusivity of 2.9 × 10-5 m2·s-1 (provided by ANSYS Fluent) were used. With Pe < 1, 
diffusion is the dominant mode of mass transfer, meaning that the kinetic performance is largely 
governed by the area of contact between the reactants and catalyst, which is identical across the three 
structures and results in similar conversion levels. In term of experimental results as shown in Figure 

6-9 comparing the three different cell type. It can be observed an 18% difference in H₂ conversion 
between BCC 3-0.4 and Kelvin 3-0.4 at 450 °C and GHSV of ≈ 9000 h-1, with Gyroid 5-0.34 
achieving intermediate results. This discrepancy is likely due to the 16% variation in specific surface 
area between these structures. 
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Figure 6-8 : Catalytic performances of three different POCS cells with the same specific surface 
area, and two different inlet fluid velocity: a) n�
 = 0.005 k. �'- b) n�
 = 0.05 k. �'- at T=450 

°C and P=20 bar 
 

 
Figure 6-9: Experimental comparison of the catalytic performances of GYROID 5-0.34, BCC 3-

0.4 and KELVIN 5-0.34  
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6.4.4. Membrane reactor  

The impact of membrane integration on hydrogen conversion & ammonia recovery was 
assessed through CFD simulations of the sample depicted in Figure 6-10, using the BCC 3-0.4 cell 
with varying membrane permeance values. Initially, a permeance of Ƥ = 0 mol. s'-. m'). bar'- 
was used as a reference, representing reactor operation without any membrane effect. The 
permeance was then increased to values of {0.01, 0.05, 0.25} mol. s'-. m'). bar'-, with 
0.05 mol. s'-. m'). bar'- being the typical membrane permeance expected for the AMBHER 
project. The effect of membrane activation is evident, as hydrogen conversion increased from 4.7% 
to 5.48% when the membrane was activated from Ƥ = 0 to 0.01 mol. s'-. m'). bar'-. Additionally, 

the Ammonia Recovery Factor (ARF) and Concentration Polarization Coefficient (CPC) jumped 
from 0 (as expected for zero permeance, which fully traps ammonia in the retentate) to 21.4% and 
0.02%, respectively. These trends are consistent throughout the entire range of simulations: an 
increase in membrane permeance results in higher hydrogen conversion, ammonia recovery, and 
concentration polarization, which aligns with expected behavior. However, it is noteworthy that the 
increase in conversion and ammonia recovery is not linear and tends to diminish at higher permeance 
values. Beyond Ƥ = 0.05 mol. s'-. m'). bar'-, the system becomes primarily limited by ammonia 
production. Ammonia mole fraction streamline plots for various permeance values are presented in 
Figure 6-11. At low permeation values, the concentration spreads uniformly across the structure, 
with minimal external film boundary layer. As the permeance value increases, concentration 
boundary layers become more distinct, forming sharp gradients along the membrane surface, 
particularly on the permeate side.  

  
Figure 6-10: Effect of membrane permeance on ammonia synthesis. (a) Left: hydrogen 

conversion, (b) Right: Ammonia Recovery Factor and Concentration Polarization Coefficient 

 

a) b) 
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Figure 6-11: Visualization of ammonia repartition inside BCC 3-0.4 membrane reactor. From left 

to right: Ƥ =  0 ;  0.01 ;  0.05 ;  0.25 km�. �'-. k'). ��^'-. On each of the four pictures, 
membrane is located at the left end of the POCS structure, where the ammonia mole fraction 

sharply changes (T=450 °C; Pret=20 bar, Pperm=1 bar, GHSV =9167 h-1, SW=1; 
Ƥ��aƤ��

= 50 ; 
Ƥ��aƤ��

=
10) 

 

6.4.5. Comparison with plug flow  

Since the impact of cell type may not play a decisive role (at least without the membrane) under 
our chosen operating conditions, and concentration polarization remains relatively small up to a 
permeance value of 0.05 mol. s'-. m'). bar'-, it was decided to compare the results from the CFD 
model with those obtained from a 1D engineering membrane reactor model. A 1D model, used for 
system-scale analysis in previous work [26] is adjusted with the kinetic expression (cf. Eq. 6.6) is 
based on an ideal plug flow assumption. It involves no radial gradients, no axial mixing, and no 
back-mixing along the flow direction-meaning each fluid element moves downstream without 
dispersion while maintaining its "plug" shape, with instantaneous reaction assumed within each 
plug. As shown in Figure 6-12, the engineering model fails to accurately predict system behavior 
beyond a permeance of 0.05 mol. s'-. m'). bar'-. To simplify the modeling of a membrane reactor, 
a reduction factor or correlation should be used to correct deviations from the plug flow hypothesis.  
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Figure 6-12: Comparison between CFD and engineering model for a BCC cell type (T=450 °C; 

Pret=20 bar, Pperm=1 bar, GHSV=9167 h-1, SW=1)  

 

6.5. Conclusion 

This chapter aims to understand external mass transfer in POCS reactors during ammonia 
synthesis, both as standalone systems and when integrated with a vertical selective membrane. To 
achieve this, laboratory-scale experiments were combined with Computational Fluid Dynamics 
(CFD) modeling to systematically assess different POCS topologies and evaluate membrane reactor 
performance. 

• A dip/spin coating method was first optimized to deposit a Ru-based catalytic layer onto 
IN625 POCS produced via Selective Laser Melting (SLM) for various cell types: BCC, 
gyroid, and Kelvin. While homogeneous and stable coating layers were successfully 
deposited on all cell types, the Kelvin cell experienced partial clogging issues in the small 
square windows.  

• The catalytic activity for ammonia synthesis at different temperatures was investigated. 
The activity of the coated POCS was consistent with other Ru- based catalysts reported in 
the literature. 

• Based on an existing kinetic model, a numerical CFD model was first validated and then 
used to compare the effects of external mass transfer across different POCS supports 
(gyroid, Kelvin, and BCC) with similar specific surface areas. The results showed no 
significant differences, indicating that the type of POCS support does not influence 
catalytic activity under the chosen process conditions. 

• The impact of the driving force across the membrane was evaluated within a representative 
membrane reactor domain containing a BCC cell. As expected, increasing the permeance 
improved performance (in terms of conversion and recovery), though not linearly, as a 
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plateau-like trend was observed, likely due to insufficient ammonia production relative to 
its removal and a strong concentration polarization observed especially on the permeate 
side.  

• An engineering model based on the plug flow assumption fails to predict system behavior 
accurately beyond a permeance of 0.05 mol·s⁻¹·m⁻²·bar⁻¹, suggesting the need for a 
correction factor to account for deviations from ideal plug flow conditions.  

Further work could include sensitivity analysis regarding permeation parameters, such as selectivity 
towards hydrogen, nitrogen, pressure drop and sweep to feed gas flowrate ratio. Additionally, the 
structure-independent performance should also be checked when the POCS is interfaced with a 
membrane. 
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Appendix D 

D1: Physical setting details  

Table D1: Recap of physical settings for numerical simulations 
Name Symbol Value 

Inlet temperature ��
 400 − 600 °C 

Wall temperature ��BVV 400 − 600 °C 

Operating pressure  / � 1 atm (“validation” domain) 10 atm 
(membrane reactor)  

Inlet velocity n�
 0,001 − 0,1  m. s'- 

Solid density �(in625) 8440 kg. m'h 

Solid specific heat ��(in625) Piecewise-linear, taken from 
(~500 J. kg'-.K'-) [27] 

Solid thermal 
conductivity 

�(in625) Piecewise-linear, taken from 
(~17 W. m'-.K'-)[27] 

Fluid density �(N), H) ,NHh) Computed (Fluent “incompressible-ideal-gas”) 

Fluid specific heat ��(N), H) ,NHh) Variable (Fluent “nasa-9-piecewise-
polynomial”) 

Fluid thermal 
conductivity 

�(N), H) ,NHh) Piecewise-linear for each fluid, taken from  
[28] 

Fluid viscosity �(N), H) ,NHh) Computed (Fluent “kinetic-theory”) 

 

D2: Ansys Fluent solver details  

 

Table D2: Recap of physical settings for numerical simulations 
Setting Value 

Time Steady-state 
Solver type Pressure-based 
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Pressure-velocity scheme Coupled 
Gradient discretization Least squares cell based 
Spatial discretization Second order (upwind) 
Pseudo-time method Global time step 

Viscous model Laminar  
Maximum tolerated continuity residual 

(with all other residuals lower) 
 10'¡  

 

D3: Concentration polarization coefficient  

The degree of concentration polarization is assessed with the Coefficient of Concentration 
Polarization (CPC) as per Eq. D1, which is the ratio of average NHh concentration at the membrane 
surface to that at the external wall. �/� ∈ [0; 1] (close to 1 means limitation by diffusion inside 
reactor, close to 0 means limitation by diffusion through membrane) This coefficient helps define 
the discrepancy between the ideal permeation driving force and the actual driving force, though it is 
challenging to measure experimentally, making simulation methods essential for its evaluation 

�/� = 1 − ���a
ôLCYEFD �RDR7CEHD,DÚG  '���a

ôLCYEFD�RDR7CEHD,:HG  
���a

ôLCYEFD �£EZZ,DÚG  '���a
ôLCYEFD�RDR7CEHD,:HG   

  Eq. D1 

�/� = 1 − "��BV à��Õ�
� � ��� ""à��Õ�
� � ��� ��$W "$ � 
��
$�B$� 
 � VB��¥B$� 
"   Eq. D2 

 
Figure D1: Visualization of the CPC calculation  
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Chapter 7 | Ammonia cracking using membrane 

reactors: towards the utilization of POCS to improve 

external mass transfer 

Abstract 

This chapter∗ investigates how operating conditions and design factors impact external mass transfer 
in Porous Open Cellular Structures (POCS) interfaced with Pd-based membranes. To achieve this, 
a dip/spin coating method was optimized to deposit Ru based catalytic layer onto nickel alloy POCS 
produced via Selective Laser Melting (SLM), and kinetic activity was tested providing validation 
basis for CFD modelling activities. Virtual permeation tests highlighted the influence of packing 
type and porosity, revealing that the Kelvin 3-0.6 with baffles performed best at a Gas Hourly Space 
Velocity (GHSV) below 1211 hr⁻¹, achieving higher hydrogen recovery and minimized 
concentration polarization. At higher GHSV, baffles improved the Concentration Polarization 
Coefficient (CPC) but resulted in slightly lower hydrogen recovery compared to baffle-free 
configurations. The study of ammonia decomposition in a Kelvin cell POCS membrane reactor, 
revealed that optimizing POCS membrane reactors requires balancing hydrogen production kinetics 
with the extraction driving force. Hydrogen production increased with GHSV, peaking at 1850 hr⁻¹ 
before declining due to non-permeating gas accumulation, and a similar trade-off was observed with 
porosity, where optimal performance occurred at 0.8 porosity before kinetic limitations caused 
hydrogen recovery to decline. Overall, optimizing POCS membrane reactors involves a balance of 
hydrogen production and extraction, and the integration of baffles has the potential further boost 
performance. Certainly, POCS could yield economic benefits by protecting the membrane and 
reducing mass transfer limitations, requiring less membrane area for a given separation. 

 
∗ This chapter is based on the following paper: S. Richard, D. Tasso, M. Rajana, A Saker, A. Ramirez 

Santos, C. Makhloufi, N. Meynet, B. Hary, S. Nardone, G. Marino, M. Thomas, C. Italiano, A. Vita, 
F. Gallucci, Comparison of thermo-hydraulic performance among different 3D printed periodic open 
cellular structures, Submitted to Chemical Engineering Journal 
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7.1. Introduction  

Building on the previous chapters, which explored Periodic Open Cellular Structures (POCS), 
Chapter 6 focused on comparing their thermohydraulic performance, while Chapter 7 examined 
the role of mass transfer in ammonia synthesis, both in standalone reactors and those integrated with 
selective membranes. This final chapter shifts focus to the reverse reaction: ammonia cracking on 
coated POCS coupled with a palladium membrane. It further highlights the impact of operating 
conditions and POCS modifications, such as the addition of baffles, in reducing concentration 
polarization, a significant challenge for such membranes, as discussed in Chapter 2 (page 41).  

As in previous chapters, Computational Fluid Dynamics (CFD) simulations are deployed as a 
systematic tool to study transport phenomena. While an extensive literature review on this topic is 
no longer necessary (cf. page 151 & page 178), key studies offer valuable insights into leveraging 
CFD to reduce polarization effects and scale up membrane systems from single-tube to multi-tube 
configurations [1-4]. For instance, Voncken et al. (2019)[1] addressed challenges related to 
scalability, highlighting that the interaction of polarization zones in a multi-membrane module 
becomes more significant at smaller inter-membrane distances under fluidization conditions. Choi 
et al. (2022) [3] demonstrated the potential of incorporating baffles in a membrane reactor for 
methane reforming to enhance performance. Additionally, Ma et al. (2018) [2] explored the variation 
of radial mass transfer limitations, noting significant membrane tube-to-tube differences in a multi-
tube module, particularly severe under low flow rates.  

This chapter aims to provide insights into how operational conditions and design parameters 
influence external mass transfer in POCS interfaced with hydrogen-selective Pd-based membranes 
during hydrogen separation and ammonia decomposition in a membrane reactor, as illustrated in 
Figure 7-1. To achieve this, a dip/spin coating method was optimized to deposit Ru-based catalytic 
layers onto IN625 POCS produced via Selective Laser Melting (SLM), and kinetic activity was 
tested provided validation basis for the subsequent modelling activities. CFD modeling was used to 
examine the effects of POCS features (e.g., porosity, cell type) and flow conditions on external mass 
transfer validated on the mentioned experimental work. The findings of this study could influence 
future designs of POCS membrane reactors.  
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Figure 7-1: Sketch of a POCS Membrane Reactor studied for on-site hydrogen production from 
ammonia cracking. Reactants are introduced from the bottom and move upward, with hydrogen 
collected inside the membrane as permeate, while other chemical components form the retentate 

 

7.2. Experimental set-up  

7.2.1. Manufacturing of the structures  

As detailed in the previous chapter nickel alloy POCS samples with different cell types (e.g., 
body-centered cubic, Kelvin, and gyroid; see Figure 5-1 in Chapter 5) were fabricated using an 
SLM280 LPBF machine at ENGIE Laborelec based on CAD designs. The cylindrical samples were 
10 mm in diameter and 15 mm in height. The printed samples closely matched their CAD models, 
with porosity deviations of no more than 15% from the intended design. The Table 7-1 summarizes 
the design parameters: strut diameter, cell length, porosity, and specific surface area relevant to this 
work. The notation for the POCS samples remains consistent with the previous chapter, starting with 
the cell type geometry, followed by numbers indicating the cell size and strut size in millimeters, 
respectively. 

 

Table 7-1: Geometrical features of the CAD design cell parameters printed relevant to this study. 
The POCS structures are denominated by the cell type followed by the size of the cell and the strut 

size 
Cell type Cell length, 3	 

[mm] 
Strut diameter, 3~ 

[mm] 
Theoretical Porosity, ¦ 

% 
Theoretical specific surface 

area, SSA [cm-1] 
BCC 3-0.4 3 0.4 0.91 8.1 

BCC 3-0.75 3 0.75 0.73 12.3 
Kelvin 3-0.6 3 0.6 0.79 12.16 
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Kelvin 3-0.61 3 0.61 0.79 12.3 

7.2.2. Catalyst synthesis and POCS activation 

The catalytic activation of the nickel alloy POCS samples by CNR-ITAE follows a multi-
step process. It involves catalyst powder preparation, ball milling, optimizing slurry preparation, and 
applying the slurry to the pretreated metallic structure using a dip and spin coating method. 
Following Doh et al. (2017) [6], the solid oxide catalyst powder, Sr0.84Y0.16Ti0.92Ru0.08O3-δ, is 
synthesized via a modified Pechini method, a sol-gel technique producing fine, highly dispersed 
catalyst powders with abundant active sites [7]. This method involves dissolving metal salts in a 
solution, adding citric acid as a chelating agent to form a metal complex, and reacting it with ethylene 
glycol to form a solid resin. This solid is then ground and sieved through a 250 μm diameter sieve 
to ensure uniform composition and size. After drying and calcining, the resin transforms into a 
homogeneous metal oxide powder with a Ru content of 4 wt.%. The reference for the product used, 
along with detailed preparation steps, can be found in Appendices E1 and E2. The powder's 
physicochemical properties were analyzed using nitrogen physisorption, X-ray diffraction, H2 
chemisorption, and temperature-programmed reduction, with the results provided in Appendix E3. 

The slurry preparation is optimized using a dispersion medium of hydrolyzed polyvinyl 
alcohol (PVA) and bi-distilled glycerol in distilled water, incorporating ball-milled catalyst and 
boehmite alumina powders (Disperal P2®, SASOLTM) for enhanced dispersion. Disperal in water is 
also used to improve the adhesion of the washcoat. The slurry's rheology, critical for achieving a 
stable and uniform coating, is characterized with a rotational rheometer (Modular Compact 
Rheometer MCR 92, Anton Paar GmbH, Graz, Austria). A shear thinning behaviors was found with 
a viscosity value between 0.08 and 0.07 Pa s in the typical shear range for the spin-coating 
applications (1000 - 2000 s−1), in this range the slurry assume a Newtonian behavior (see Figure 

7-2.B). The optimized slurry is then applied to a pretreated metallic structure (Kelvin 3-0.6), calcined 
at 900 °C, using a combined dip and spin coating process. This process involves immersing the 
structure for 10 seconds, followed by removal of excess liquid with a commercial spin-coater (SPIN 
150 SPS Europe), where parameters such as rotation speed and duration are carefully adjusted to 
achieve the desired material loading. A picture of the spin coater is shown in Figure 7-2.C. The 
coating process involves multiple dips and spins to achieve a catalyst load of 0.16 g/cm³ (0.19 g) as 
shown in Figure 7-2.D. 

Gravimetric analysis is performed after each flash drying step and the final calcination to 
monitor weight changes and assess the washcoat load. The final washcoat load is determined by the 
weight difference between the bare and coated POCS. The washcoat thickness (scoating) is estimated 
from the specific load as per Eq 7.1, as precise instrumentation to cut the metallic structure were 
lacking.  

k��� m� ��p����p[��] = ��B$ S ��
k� B$�
�h T ∗ ��1 [k'-] ∗ !��B�$ �[kh] ∗ �� B$�
�[k]   §¨̈ ¨̈ ¨̈ ¨̈ ¨̈ ¨̈ ©¨̈ ¨̈ ¨̈ ¨̈ ¨̈ ¨̈ ª� V"#�  � �B$BV�!$ o#FKEG:Hâa p

 

↔�� B$�
� = #B!!  � �B$BV�!$[��]
�FEGS áâ

RFKEG:Hâa T∗��í [#�§]∗�CDEFGKC[#a] 
    Eq. 7.1 
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↔ �� B$�
� = ¬.-2∗-¬�a[��]
)¬¡¡ S áâ

RFKEG:Hâa T∗-)-¬ [#�§]∗-.-�∗-¬�@[#a]
=  65μm       

The main physico-chemical features of the synthesized powders are reported in Table 7-2. As a first 
approximation, the catalytic loading �V Bà was calculated from these tests, defined as the mass of 
catalyst deposited per unit surface area of the POCS. This parameter will serve as factor in 
converting volumetric reaction rates into surface reaction rates in the numerical investigation. The 
adherence of the coating layer was assessed by measuring the weight loss after ultrasonic treatment 
in a petroleum ether bath for 30 minutes. The coated POCSs underwent ultrasonic treatment at 45 
kHz and 130 W using the USC 900D ultrasonic bath, followed by drying at 120 °C for 1 hour. 
Mechanical stability, reflected in the weight loss relative to the loaded layer, ranged from 0.86 wt% 
for BCC structures to 7.3 wt% for Kelvin structures. A Keyence VHX-7000 digital optical 
microscope characterized by a fully integrated head that use a stage shift technology and 4K mode 
for high resolution imaging was also used for morphological measurements. Detailed images of the 
POCS were taken with VHX-E20 (High-Resolution, Low Magnification Objective Lens 20 -100X) 
and VHX-E100 lenses (High-Resolution, Medium Magnification Objective Lens 100-500x).  

 

 

 

 

 
 

Figure 7-2: (A) Summary of main steps involved in the preparation of the coated POCS (B) 
Slurry's rheology (C) Spin coating step (D) Loading curve 

A.  B.  

C.  D.  
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Table 7-2: Geometrical characteristic of the Kelvin 3-0.6 POCS  (*Assumed **Calculated 
***Measured) 

Catalyst Composition (wt%)  Ru(4.3%), Ti(23.43%), Y(7.57%), 
Sr(39.16%), O(25.54%)  «¬­Ã®­ P¹¯°Á±a°Á±* S**  2921 

²°bÁ±³Ã¯ Ë a´b³¬*
a°bÁ±³Ã¯* Ì * 0.3 

«°Á±  Ë ¹¯°Á±a°bÁ±³Ã¯* Ì** 
2044 

« µ­¬ Ë¹¯°Á±aµ­¬* Ì**  429 

Mass of catalyst (g)*** 0.19 

Thickness of the coating, ®°Á± (¶a) 
calculated from Eq 7.1 ** 

65 

Loading P a¯ °a·g°_} S** 13.2 

Loading, °cbÁ¬ P a¯ °a¸­Á°±b¸* S** 0.16 

 

7.2.3. Kinetic tests  

Tests of the catalytic activity of the ammonia decomposition reaction were conducted by 
flowing a stream of 50.1% ammonia to a fixed reactor, at WSV of 95 mL·min-1 (WSV 30000 
cm3·gcat-1·h-1). The catalyst was reduced at a temperature of 600 °C for 1h. The ammonia conversion 
and the hydrogen formation rate values in the reaction at temperature range of 400-600 °C and 1 
atm total pressure. The effluent gases were taken at regular intervals and were analyzed by a Gas 
Chromatography(Agilent 7890A) equipped of three parallel columns (Hayesept Q, HP PLOT Q and 
Molesive 45/60) connected to a thermal conductivity detector (TCD) using Ar as carrier gas. 

 

7.3. Numerical investigation  

7.3.1. CFD modelling  

To examine the effects of morphological features and flow conditions on external mass 
transport rates in Periodic Open Cellular Structures (POCS) interfaced with palladium selective 
membranes, CFD simulations were conducted using Comsol™ (version 6.0) for permeation tests 
and Ansys Fluent™ (version 2023 R1) for reactor simulations. Three geometrical domains were 
modeled, as shown in Figure 7-3, each with specific dimensions and boundary conditions. The first 
domain (Figure 7-3.A) focused on virtual permeation tests, isolating permeation effects from 
chemical reactions. The second domain (Figure 7-3.B) simulated the experimental setup for 
validating chemical reactions, while the third (Figure 7-3.C) represented a segment of a membrane 
reactor. In the first domain, isothermal conditions were applied. In contrast, the second and third 
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domains employed fully coupled equations for momentum, mass transfer, and energy under laminar 
flow conditions. 

For the “permeation” domain, a 21 mm active length and a 0.5 mm spacing were implemented 
to avoid scratching the sensitive palladium layer, with a total active membrane area of 63 mm2. As 
shown in the Figure, this domain was used to test the impact of baffles on the hydrogen permeation 
(The first baffle in direct contact with the membrane to simulate potential membrane support). 
Hydrogen permeation through the palladium-silver (Pd-Ag) plated ceramic membrane was 
simulated, assuming infinite selectivity for hydrogen. As in the previous chapters 3 and 4, that dealt 
with similar membranes, the hydrogen flux across the membrane was simulated using the 
Richardson equation, as presented in Eq. 7.2, ignoring the ceramic support's impact. Additionally, 
mass transfer limitations on the permeate side are considered negligible, since on the permeate side 
only virtually pure H2 is present. 

3�� = <�
X Pl��,CDG 

� − l��,<DCR
� S Ü# V

! #�Þ  Eq. 7.2 

Where Pe represents the permeability of the membrane, ̀  denotes the thickness of the selective layer  
membrane, l��,CDG and l��,<DCR represent the hydrogen partial pressure on the retentate and permeate 

sides, respectively, and n represents the exponential factor that indicates the rate-limiting step of the 
mechanism by which hydrogen crosses the selective palladium layer. In the case of ideal conditions 
where there is thermodynamic equilibrium between the hydrogen atoms dissolved at the membrane 
surface and the hydrogen concentration in the gas phase, the pressure exponent n is equal to 0.5. In 
this scenario, Richardson equation (Eq 7.2) takes the form of Sieverts’ law (n=0.5), suggesting that 
the diffusion of hydrogen atoms through the bulk of Pd is the limiting step in the hydrogen 
permeation mechanism. The membrane permeability /+ can be expressed using an Arrhenius-type 
correlation, as described in Eq.7.3.  

/+ = /+¬,��+'BE
Jt        Eq. 7.3 

where /+¬,�� represents the pre-exponential factor, 	B is the activation energy, T denotes the 

universal gas constant, and T represents the temperature. The permeation parameters were sourced 
from Fernandez et al. (2015) [8], closely aligned with other similar membrane studies [9]. 

For the "validation" domain, the geometry consisted of a cylindrical POCS structure, 15 mm in 
length and 10 mm in diameter. A free-flow domain of 170 mm upstream was added to prevent inlet 
diffusion phenomena, with a 10 mm downstream extension. Inlet velocities varied from 0.01 to 1 
m/s, and the temperature ranged from 400 °C to 600 °C, while the outlet pressure was maintained at 
atmospheric conditions. The cylinder's exterior had a no-slip boundary condition, and its 
temperature matched the inlet. The surface temperature of the POCS was determined by heat fluxes 
and material properties, using Inconel characteristics in a conjugate heat transfer approach. A 50% 
ammonia flow was applied to replicate experimental conditions. The catalyst model employs a zero-
dimensional approach, treating the reacting layer as infinitesimally thin and neglecting potential 
irregularities such as cracks and cavities in the washcoat. Here, the porous surface is modeled as 
both a source of product and a sink of reactants.  
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For the "membrane reactor" domain, a realistic portion of a membrane reactor was employed, 
featuring a POCS cylinder that is 27 mm long and 26.6 mm in external diameter, enclosing a central 
membrane with a diameter of 14 mm. Similar to previous models, 170 mm of free flow was added 
upstream from the POCS. In addition a 0.2 mm gap was introduced between the POCS and the 
membrane to account for this gap is required in order to avoid damaging the membrane during the 
insertion in the POCS. In addition, a 0.2 mm gap was introduced between the POCS and the 
membrane to prevent damage to the membrane during its insertion into the POCS for real 
application. Potentially even bigger gap would be required. In addition, a 0.2 mm gap was introduced 
between the POCS and the membrane to prevent damage to the membrane during its insertion into 
the POCS for real-world applications. In practice, an even larger gap might be necessary to 
accommodate further imperfections in the POCS or variations during the assembly process, ensuring 
the membrane remains undamaged. To optimize computational resources, only one-eighth of the 
domain was modeled, with symmetry boundary conditions applied to two selectively chosen cutting 
planes. Indeed, Kelvin and BCC structures are inherently symmetric onto these planes (as shown on 
Figure 7-3.C), and the whole domain can be defined by the symmetrical replication of this eight of 
the structure. Pure ammonia (NH3) was introduced at the bottom inlet of the reactor, with a no-slip 
boundary condition applied to the surrounding walls of the reactor bed and both ends of the 
membrane. The hydrogen generated within the reactor permeated through a palladium-silver (Pd-
Ag) plated ceramic membrane, which was assumed to be infinitely selective for hydrogen, allowing 
only pure hydrogen to pass to the permeate side. The hydrogen flux across each membrane was 
simulated using Eq.7.2.  

From the numeric viewpoint, the chosen meshes comprise approximately 400000 cells for the 
permeation domain approximately 1 million cells for “validation” domain, and around 8 million for 
membrane reactor simulations, encompassing both the fluid and solid domains. CFD calculation are 
performed to model pure laminar flow regime through a POCS structure on which an ammonia 
cracking reaction is taking place. Gradient computations were handled using the Least Square Cell-
Based discretization scheme, while the Second Order Upwind scheme was adopted for the 
discretization of transport properties, including momentum, energy, and turbulence variables. The 
"coupled" algorithm was chosen for pressure-velocity coupling, ensuring a stable and rapid 
convergence in this steady-state analysis. Convergence was deemed achieved when the residuals fell 
below 10-4. A more comprehensive overview of the computational methods, encompassing domain, 
grid generation, and mesh independence analysis, is presented in Appendices E and F.  
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Figure 7-3: Implemented boundary conditions and physical setup applied (A) Virtual permeation 
domain set up (B) Traditional reactor mirroring the experimental one used to validate the 

chemistry (C) Representative (scaled up) portion of a Pd-membrane reactor 

 

7.3.2. Kinetic rate law   

A mathematical expression for the intrinsic rate of ammonia decomposition is essential 
for numerical simulations. However, a widely accepted reaction rate expression for ammonia 
decomposition is yet to be established. The stoichiometric decomposition of ammonia into H2 and 
N2, as shown in Eq. 7 4, is mildly endothermic and thermodynamically favored at high temperatures. 
According to Le Châtelier’s principle, the reaction is also favored at low pressure due to molar 
expansion during decomposition (cf. Chapter 2, page 43).  

 �h ↔ -
)  ) + h

h �) ∆��° = 45.9 �9
# V   Eq. 7.4 

In line with the previous chapters (Chapters 3 and 4) and studies on ammonia cracking [10-11], a 
Temkin-Pyzhev-like power laws, as outlined in Eq. 7.5, was used to match the experimental 
conversion. This model, while relatively straightforward, has been found to predict empirical data 
by fitting the reaction order β, Activation energy 	B�$, and the pre-exponential factor �¬.  

T′g�a = �¬+'�« ©ª¹ Ë���a�

���a Ì
K

  Eq. 7.5 

The kinetic parameters were determined through a nonlinear least squares method using a Nelder-
Mead solver based on the simplex algorithm. This was conducted alongside solving a simple plug 
flow mass balance for a tubular reactor. Although Nelder-Mead does not guarantee convergence to 
the optimal solution and may converge to a sub-optimal solution, several successive optimization 
starting from the initial convergence point were performed to yield a better estimation. The 
effectiveness of this correlation was assessed using the Mean Absolute Percentage Error (MAPE) 
offering a percentage-based evaluation of prediction errors as per Eq. 7 6.  

�1/	 = -¬¬
g ∑ �rK7ô,: 'rY:G,: 

rK7ô,: 
�g�Ñ-   Eq. 7.6 

where A ·!,�  and A��$,� represent the ammonia conversions obtained from experimental 

measurements and the model, respectively. 

A. 

B. 

C. 
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To convert this expression to a surface rate law, as demonstrated in the previous chapter, it is 
multiplied by the catalyst loading �V Bà as per Eq. 7.7. 

Tg�a = Tg�a
\ ∗ �V Bà = # V

��FEG! ∗ ��FEG
#� = # V 

#�!  Eq. 7.7 

 

7.3.3. Performance index  

Several metrics are used to evaluate the performance of the membrane reactor, including 
ammonia conversion (Ag�a), defined as the ratio of NH3 consumption rate to the NH3 flow rate at 

the reactor inlet, and the hydrogen recovery factor (HRF), which measures the amount of pure H2 
separated by the membrane relative to the total H2 produced based on reaction stoichiometry. Both 
metrics are defined in Eqs. 7.8 and 7.9, respectively. However, HRF alone does not provide a 
comprehensive understanding of potential mass transfer limitations within the reactor, as a low HRF 
may result from either low membrane permeance or poor gas-phase mass transfer. Therefore, the 
degree of concentration polarization is evaluated using the Concentration Polarization Coefficient 
(CPC) [4], as defined in Eq. 7.10. CPC represents the ratio of the average H2 concentration at the 
membrane surface to that at the wall (cf. page 198) Additionally, gas hourly space velocity (GHSV) 
is calculated as the NH3 flow rate relative to the reactor volume.  

Ag�a = szta, ï¡ðñ 'szta,�xñ¡ðñ

szta, ï¡ðñ     Eq. 7.8 

HRF�Qa = st�,�xñºð»
a
�szta, ï¡ðñ  ∗ 100   Eq. 7.9 

�/� = 1 − à��Õ�
� � ���CDEZ
à��Õ�
� � ���:�DEZ

= 1 − (���
ôLCYEFD �RDR7CEHD)«.¦ 'P���

<DCRDEGDS«.¦ 
(���

ôLCYEFD �£EZZ.DÚG)«.¦ 'P���
<DCRDEGDS«.¦  Eq. 7.10 

T+�mn+^+� ℎ��^m�+o ��m\ = ¼ U��,KLG 
⬚

í< �1�  Eq. 7.11 

In those equations U�,�
 and U�, "$ are the species molar flowrates at the inlet and outlets of the 

reactor, respectively. l��
!"��B�� '#�#·�B
�& l��

!"��B�� '�BVV.�Ô$  designate a surface average of 

hydrogen partial pressure over the membrane and opposite external wall respectively.  

 

7.4. Results  

7.4.1. POCS coating characterization  

A photograph of the Kelvin 3-0.6 structure before and after coating is presented in Figure 

7-4, where a uniform washcoat layer is visible, The structures generally retained their original 
morphology, featuring hexagonal and square windows, with the smaller square windows being more 
prone to clogging. The catalytic coating imparted a brownish hue to the structures. Visual inspection 
revealed that additional material tends to accumulate at the strut intersections or nodes, particularly 
at the nodes of cubic windows. This accumulation is similar to what has been reported in the 
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literature for cubic cells and is also observed in honeycomb structures at the edges of the channels 
[12].  

 

 
Figure 7-4: Optical microscopic images of (a-c) Fresh kelvin, (d-f) After 900 °C 6h, (g-i) After 

washcoating  

 

7.4.2. Kinetic tests and model validation  

The catalytic performance of the structured catalyst Kelvin 3-0.6 in ammonia 
decomposition was evaluated over a temperature range of 400-600 °C. Ammonia conversion 
increased with temperature, peaking between 500 °C and 600 °C, which is consistent with the 
endothermic nature of the reaction and its approach to equilibrium, as shown in Figure 7-5. 
However, it is important to note that the catalytic performance experienced a slight reduction during 
the washcoating process, likely due to changes in the properties of the catalytic materials. For 
instance, binders may block micropores in the perovskite, and the drying and calcination steps could 
further affect the coating…These aspects would need further investigation.  

The kinetic law parameters derived from Eq. 7.5 were fitted and are shown in the table 
inset of Figure 7-5. The experimental and simulated results showed good agreement, with deviations 
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within ±10%. This model is now capable of providing valuable insights into how morphological 
features and flow conditions influence external mass transport rates in POCS, both with and without 
selective membranes. 

 

 
Figure 7-5: Fitting of reaction rate model based on Kelvin 3-0.6. The points are the experimental 

data, the line correspond to the numeric results. Under those conditions the equilibrium conversion 
is 100%  

 

7.4.3. Permeation tests  

Virtual permeation tests were first conducted at T = 500 °C, Pret = 5 bar, and Pperm = 0.1 
bar to assess the influence of configuration type (Kelvin cell, Kelvin cell with baffle, BCC, empty 
bed, and pellet), porosity, and superficial velocity on permeation, measured by hydrogen recovery 
factor and the coefficient of concentration polarization (CPC). Figure 7-6 qualitatively illustrates 
that hydrogen is significantly depleted near the membrane, especially at low superficial velocities. 
Higher flow rates reduce this depletion but come at the cost of lower hydrogen recovery due to 
shorter diffusion times and reduced membrane contact. The extent of hydrogen depletion varies 
depending on the packing type. Figure 7-7.A further examines the impact of configuration type, 
showing that the Kelvin 3-0.6 with baffles performs the best at GHSV values below 1211 hr⁻¹. This 
configuration maximizes hydrogen recovery while minimizing concentration polarization. At low 
superficial velocities, the performance hierarchy is: Kelvin 3-0.6 with baffles > Kelvin 3-0.6 
(without baffles) > empty bed > pellet bed. However, at higher GHSV values, the baffles, while still 
reducing CPC, slightly decrease hydrogen recovery compared to the configuration without baffles. 
This is likely due to the need to slow down fluid flow for longer membrane contact time at higher 
velocities. Figure 7-7.B illustrates the effect of porosity on the Kelvin cell type, showing that above 
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GHSV 605 hr⁻¹, lower porosity offers the best balance between CPC and hydrogen recovery. In 
contrast, below 605 hr⁻¹, higher porosity performs better, as it accelerates fluid flow and reduces 
stagnation at lower flow rates, while lower porosity helps slow the fluid and increase membrane 
contact time at higher flow rates, promoting cross-flow. Lastly, Figure 7-7.C compares the Kelvin 
3-0.6 with BCC cells, showing that the Kelvin cell offers a superior trade-off between performance 
and geometric attributes such as porosity and specific surface area. In contrast, the BCC cell 
maintains consistent behavior across conditions, with no switch in trend, which can be explained by 
its more linear streamline pattern, as noted in previous publications [5]. 

 
Figure 7-6: Qualitative visualization of the hydrogen molar fraction in baffled (A) Kelvin 3-0.6 

(B) Kelvin 3-0.6 with baffles (C) Empty bed (D) Pellets bed 

 

A. B. 

C. D. 
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Figure 7-7: Influence of the packing type on the permeation performance under T=500 °C, Pret=5 

bar, and Pperm=0.1 bar and 50% H2 inlet: (A) comparison across several configurations .comparison 
of performance between pellets, Kelvin 3-0.6, empty bed and (B) Impact of porosity on the Kelvin 

cell type (C) Impact of cell type comparison between BCC and Kelvin cells under similar 
geometric attributes 

 

7.4.4. Influence of GHSV on MR performance  

Under reaction conditions using the Kelvin 3-0.6 as a reference (Tin = 500 °C, Pret = 10 
bar, Pperm = 0.1 bar), Figure 7-8 illustrates the impact of Gas Hourly Space Velocity (GHSV) on 
hydrogen production and key performance indicators: NH3 conversion, Hydrogen Recovery Factor 
(HRF), and Concentration Polarization Coefficient (CPC). As shown in Figure 7-8.A initially, HRF, 
conversion, and CPC decline sharply as GHSV increases up to 1850 hr⁻¹. Beyond this point, the 
decrease in HRF and conversion slows, while CPC stabilizes near a plateau. Figure 7-8.B shows 
that although total hydrogen production increases almost linearly with GHSV, the reactor's H2 
productivity (hydrogen permeation through the membrane) peaks at 1850 hr⁻¹ and then declines. 
This pattern reflects the dominant effect of concentration polarization at low GHSV (<1850 hr⁻¹), 
where non-permeating gases accumulate near the membrane, reducing hydrogen concentration and 
extraction rates. At GHSV = 1850 hr⁻¹, an optimal balance between hydrogen production and 
extraction is reached. At higher GHSV, flow becomes more uniform, reducing concentration 

A. B. 

C. 
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polarization but lowering conversion, leading to decreased overall hydrogen flux. This trend aligns 
with studies by Sitar et al. (2022) [13] and Chen et al. (2023) [14], which found similar behaviors at 
different temperatures and GHSVs, as well as Cerrillo et al. (2021) [15], who observed peak 
performance in a similar GHSV range. Figure 7-9 shows the contour plots of hydrogen 
concentration at various GHSV levels, outlining different permeation regimes. Ultimately, the 
reactor’s geometry and operating conditions must be carefully tuned, depending on the catalyst and 
membrane performance, to avoid conversion-limited or permeation-limited regimes. This balance is 
especially important when the hydrogen-rich retentate is needed to fuel endothermic reactions, 
emphasizing the necessity of aligning hydrogen production with its removal.  

 

 

 

Figure 7-8: Effect of GHSV on the ammonia decomposition using membrane reactor. (A) 
Ammonia conversion, (B) hydrogen recovery and recovered H2 flow rate Tin=500 °C, Pret=10 bar, 

Pperm=0.1 bar 

 

A. B. 



7. POCS: Ammonia cracking    Chapter 7 

214 

 

Figure 7-9: Contour plot of H2 mole fraction for different GHSV using Kelvin 3-0.6 on a 
representative portion of a membrane reactor 

 

7.4.5. Impact of porosity on MR performance  

Keeping the Kelvin cell as a reference under operating conditions of GHSV=4500 hr⁻¹, 
Tin=500 °C, Pret=10 bar, and Pperm=0.1 bar, Figure 7-10.A and B illustrate how POCS porosity 
impacts hydrogen production and performance metrics. As porosity increases, NH₃ conversion 
declines due to a reduced specific surface area, resulting in lower total hydrogen production and 
retentate hydrogen content. Interestingly, both the hydrogen recovery factor and permeate hydrogen 
initially rise with porosity, reaching a peak around 0.8 before decreasing. This behavior indicates 
that at lower porosities, the process is limited by concentration polarization. Under those operating 
conditions, a porosity of approximately 0.8 achieves an optimal balance between hydrogen 
production and extraction, maximizing recovery. Beyond this point, hydrogen production becomes 
kinetically constrained by insufficient hydrogen partial pressure, limiting further recovery. 
Therefore, optimal membrane reactor operation requires balancing the kinetics of hydrogen 
production from ammonia decomposition with the driving force for hydrogen extraction, tailored to 
specific operating conditions. These observations are visually substantiated in Figure 7-11, which 
shows the H2 fraction streamlines for each porosity value investigated, along with the corresponding 
operational regimes. The streamlines clearly demonstrate how changes in porosity affect hydrogen 
distribution.  
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Figure 7-10: Performance indicators (A) NH3 conversion and hydrogen recovery (B) Hydrogen 
productivity  for different porosity values of the KC lattice obtained at Tin=500 °C, Pret=10 bar, 

Pperm=0.1 bar 

 

 
Figure 7-11: Streamlines of the fluid velocity field analysis at different porosity (vin=0.01m/s, 

GHSV=4500 h-1) on a representative portion of a membrane reactor  

 

7.5. Conclusion  

This chapter aimed at offering initial insights into the influence of operational conditions and 
design parameters on external mass transfer in POCS integrated with hydrogen-selective Pd-based 
membranes, specifically during standalone hydrogen separation and ammonia decomposition within 

A. B. 



7. POCS: Ammonia cracking    Chapter 7 

216 

 

a membrane reactor. By integrating experimental results, with numerical simulations, we assess how 
these factors affect catalytic performance and separation performance.  

• A dip/spin coating method was optimized to deposit a Ru-based catalytic layer onto IN625 
POCS, produced via Selective Laser Melting (SLM). The coating of the Kelvin cell was 
successful but a loss of catalytic activity was noted compared to the pellet catalyst with 
similar catalytic loading which need further investigation.  

• Virtual permeation tests evaluated highlighting the effects of packing type and porosity. 
In particular, The Kelvin 3-0.6 with baffles delivers the best performance below a GHSV 
of 1211 hr⁻¹, achieving higher hydrogen recovery and minimizing the degree of 
concentration polarization. The performance order at low superficial velocities,: Kelvin 3-
0.6 with baffles > Kelvin 3-0.6 (without baffles) > empty bed > pellet bed. At higher  
GHSV, baffles still show better CPC but slightly lower hydrogen recovery (i.e. hydrogen 
extraction) compared to the configuration without baffles. In addition comparing Kelvin 
and BCC cells, it was shown that the Kelvin cell provides a better permeation 
performance.  

• The impact of GHSV on the membrane reactor equipped with Kelvin cell 3-0.6 was 
studied: hydrogen production increases with GHSV, but reactor productivity peaks at 
1850 hr⁻¹ before declining. At GHSV < 1850 hr⁻¹, non-permeating gases accumulate near 
the membrane, reducing hydrogen extraction. At GHSV = 1850 hr⁻¹, hydrogen production 
and extraction are balanced. Beyond this point, increasing GHSV reduces concentration 
polarization but decreases conversion, leading to lower hydrogen flux. 

• A similar trade-off was observed with increasing POCS porosity in the Kelvin cell type, 
where hydrogen recovery and permeation initially improve, peaking at a porosity of 0.8, 
but further increases lead to a decline in total hydrogen production due to kinetic 
limitations, highlighting the importance of balancing hydrogen production and extraction 
in membrane reactors. 

Optimizing the performance of a POCS membrane reactor requires carefully balancing 
hydrogen production kinetics with the extraction driving force, along with selecting the right POCS 
structure. POCS not only protect the fragile membrane by preventing direct contact but also enhance 
flow patterns and reduce mass transfer limitations, especially at low GHSV where these challenges 
are most significant. The easy integration of baffles has the potential to further amplifies their 
potential. Overall, the implementation of POCS could lead to economic savings by both protecting 
the membrane and reducing mass transfer limitations (i.e. less membrane area required for a given 
separation).  
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Appendix E  

E1: Chemical product utilized 

The following chemicals were used in the experiments, all as received without further 
purification: Titanium(IV) isopropoxide (Ti(OC₃H₇)₄) from Aldrich (USA), Ruthenium chloride 
hydrate (RuCl₃·xH₂O) from Merck (Germany), Strontium nitrate (Sr(NO₃)₂) from Sigma-Aldrich 
(Germany), Yttrium nitrate hexahydrate (Y(NO₃)₃·6H₂O) from Sigma-Aldrich (USA), Ethylene 
glycol from Carlo Erba, and Citric acid from Merck (Germany). 

 

E2: Catalyst Powder preparation  

The perovskite material Sr₀.₈₄Y₀.₁₆Ti₀.₉₂Ru₀.₀₈O₃-δ was synthesized using a modified 
Pechini method, as described by Doh et al. [52]. First, 13.0 g of Titanium(IV) isopropoxide was 
added to 85.2 g of ethylene glycol with stirring in a beaker. Once combined, 43.9 g of citric acid 
was added to the mixture, which was stirred until a clear solution was formed. Separately, 0.8 g of 
ruthenium chloride hydrate was dissolved in 100 mL of deionized water and added to the yellowish 
solution. Afterward, 8.8 g of strontium nitrate and 2.9 g of yttrium nitrate were incorporated into the 
solution, continuing to stir until all salts were fully dissolved. The solution was then heated to 80°C 
for 100 minutes while stirring, followed by storage at 110 °C for 10 hours, producing a gel with a 
honey-like consistency. This gel was subsequently heated to 300 °C at a rate of 5°C/min for 2 hours 
to form a solid. The solid was then ground and sieved through a 250 μm sieve to ensure uniform 
composition and size. Finally, the powders were calcined at 650 °C for 10 hours with a heating rate 
of 2.5 °C/min to yield the desired Sr₀.₈₄Y₀.₁₆Ti₀.₉₂Ru₀.₀₈O₃ perovskite material, resulting in 
approximately 8 g of final powder. 

 

E2: Catalyst powder characterization  

• Instrument used  

Physicochemical characterizations were performed to identify the various properties of the 
synthesized perovskite material. X-ray diffraction (XRD) patterns were recorded using a Bruker D8 
advance diffractometer with Cu Kα radiation (λ = 1.5406 Å, filtered). The diffraction data were 
collected over a 2θ range of 20 to 80° with a step size of 0.02°, and the results were compared with 
corresponding JCPDS files. 
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Nitrogen adsorption-desorption analysis was conducted at liquid nitrogen temperature (-
196°C) using a Micromeritics ASAP 2020 instrument to determine the Brunauer-Emmett-Teller 
(BET) specific surface area and the Barrett-Joyner-Halenda (BJH) pore volume. Before 
measurement, the samples were degassed at 180°C under vacuum for 3 hours.  

The reduction properties of the samples were evaluated by H₂ temperature-programmed 
reduction (H₂-TPR) using a Micromeritics ChemiSorb 2750 instrument, equipped with a thermal 
conductivity detector (TCD). The samples were heated from room temperature to 1000°C at a rate 
of 10°C/min in a 3% H₂/Ar gas mixture (30 SmL/min). 

The XRD pattern of the synthesized perovskite (shown in Figure 1) was consistent with 
the SrTiO₃ perovskite structure, with additional peaks corresponding to SrRuO₃. This confirmed the 
formation of the desired perovskite, with Y and Ru atoms successfully incorporated into the lattice, 
as no impurity peaks were detected. 

 
• Analysis  

The XRD pattern of the synthesized perovskite (shown in Figure E1.A) was consistent with 
the SrTiO₃ perovskite structure, with additional peaks corresponding to SrRuO₃. This confirmed the 
formation of the desired perovskite, with Y and Ru atoms successfully incorporated into the lattice, 
as no impurity peaks were detected. Nitrogen adsorption-desorption isotherms (Figure E1.B) 
revealed a Type IV isotherm with hysteresis at high relative pressure, indicating the presence of 
mesopores. The hysteresis observed is due to the bottleneck effect, which delays desorption. H₂-
TPR analysis (Figure E1.D)identified two main reduction peaks at approximately 100°C and 462°C, 
along with some broader peaks. The initial reduction peaks around 76°C and 100°C are attributed 
to the reduction of RuOx species to metallic Ru, while the higher temperature peak at 462°C is likely 
due to the reduction of surface Ru-TiO₃ species. 

20 25 30 35 40 45 50 55 60 65 70 75 80

Sr0.84Y0.16Ti0.92Ru0.08O3-δ

SrTiO3 (JCPDS-86-0178)

SrRuO3 (JCPDS-85-1907)

2 theta (degrees)

In
te

ns
ity

 (a
.u

.)

0.0 0.2 0.4 0.6 0.8 1.0

0

50

100

150

Desorption

Adsorption

Relative Pressure P/P0

Q
ua

nt
it

y 
A

ds
or

be
d 

(c
m

³/
g,

ST
P)

A.  B.  



7. POCS: Ammonia cracking    Chapter 7 

220 

 

0 200 400 600 800 1000

76
100

182

462

916

Temperature (°C)

H
2 c

on
su

m
pt

io
n 

(a
.u

.)

 

Figure E1: (A) XRD pattern of the prepared catalyst (B) The N2 adsorption desorption isotherm 
(C) desorption pore size distribution (D) H2 – TPR profile  

 

Table E1: Textural properties of Sr0.84Y0.16Ti0.92Ru0.08O3-δ   
Sample SBET (m2/g) Pore Volume 

(cm3/g) 
Pore Diameter 

(nm) 

Sr0.84Y0.16Ti0.92Ru0.08O3-δ 38.9 0.17 16.6 

 

E3: IN625 powder characterization  

The IN625 powder was calcined at three different temperatures: 900°C, 1000°C, and 
1100°C. The corresponding X-ray diffraction (XRD) patterns are shown in Figure E2. In the as-
received IN625, peaks corresponding to Cr₂Ni₃ (or Ni₃Nb or Ni₃Al) were observed. After calcination 
at 900°C, additional peaks appeared, indicating partial oxidation, with the formation of CrMoO₃, 
Cr₂O₃, and NiO phases. 
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Figure E2: XRD pattern of (A) as received IN625 powder and powder after calcination at 900 °C, 
(B) powder after calcination at 1000 °C and 1100 °C 

 

E4: Simulation physical setting details  

 
Table E2: Recap of physical settings for numerical simulations 

Name Symbol Value 

Inlet temperature ��
 400 − 600 °C 

Wall temperature ��BVV 400 − 600 °C 

Operating pressure  / � 1 atm (“validation” domain) 10 atm 
(membrane reactor)  

Inlet velocity n�
 0,001 − 0,1  m. s'- 

Solid density �(in625) 8440 kg. m'h 

Solid specific heat ��(in625) Piecewise-linear, taken from 
(~500 J. kg'-.K'-) 

Solid thermal 
conductivity 

�(in625) Piecewise-linear, taken from 
(~17 W. m'-.K'-) 

Fluid density �(N), H) ,NHh) Computed (Fluent “incompressible-ideal-
gas”) 

Fluid specific heat ��(N), H) ,NHh) Variable (Fluent “nasa-9-piecewise-
polynomial”) 

 
Fluid thermal 
conductivity 

�(N), H) ,NHh) Piecewise-linear for each fluid, taken from  
( 

Fluid viscosity �(N), H) ,NHh) Computed (Fluent “kinetic-theory”) 

 

E5: Ansys Fluent solver details 

 

Table E3: Recap of physical settings for numerical simulations 
Setting Value 
Time Steady-state 

Solver type Pressure-based 
Pressure-velocity scheme Coupled 

Gradient discretization Least squares cell based 
Spatial discretization Second order (upwind) 
Pseudo-time method Global time step 

Viscous model Laminar  
Maximum tolerated continuity residual (with all 

other residuals lower) 
 10'¡  
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E6: Visualization of mesh  

 
Figure E3: Mesh visualization for the realistic section of the membrane reactor 
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Chapter 8 | Power-to-ammonia synthesis process using 

membrane reactors: Techno-economic study 

Abstract 
 

This chapter∗ aims at investigating the potential of catalytic membrane reactors (CMRs) for 
ammonia production from renewable hydrogen at the process scale. To achieve this objective, 
computer-aided process simulation is deployed using Aspen plus v14 simulation tool. A 1D model 
is developed to describe the integration of a ruthenium catalyst into a CMR equipped with inorganic 
membranes that are selective to NH3 over N2 and H2. First, the CMR performance is studied across 
a broad spectrum of membrane properties and operating conditions. Subsequently, the CMR model 
is integrated into several Power-to-Ammonia (PtA) process layouts, which are optimized and 
techno-economically compared against a traditional PEM-based PtA production process, employing 
condensation for the purification stage. Key findings at the reactor level confirmed that beyond a 
selectivity threshold towards hydrogen of 10-20, both the degree of conversion and recovery tend to 
be generally independent of the membrane's selectivity. However, for producing pure ammonia 
permeate, highly selective membranes (>1000 towards H2) depending on the pressure drop are found 
essential making this alternative elusive based on existing membranes. At the PtA level, results in 
terms of efficiency indicates that the use of membrane reactor increases the system efficiency by 
around ~8% with respect to reference case while ~15% enhancement is achieved with this process 
when using SOEC technology. When examining the final Levelized Cost of Ammonia (LCOA), 
incorporating a membrane reactor in conjunction with condensation separation results in a cost that 
nearly matches the reference case. Future research should focus on replacing the condensation 
process with a method of purification at lower pressures. This could potentially further improve 
efficiency and reduce the cost of the membrane reactor compared to the traditional one.  

  

 

∗ This chapter is based on the following paper : S. Richard, V.Verde, N. Kezibri, C. Makhloufi, A. 
Saker, I. Gargiulo, F. Gallucci , Power-to-ammonia synthesis process with membrane reactors: 
Technoeconomic study, Int. J. Hydrogen Energy vol. 73, pp. 462–474, 2024 
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8.1. Introduction  

This chapter returns to the macroscale to analyze the performance of a pellet-based 
membrane reactor at the system scale for ammonia synthesis. Readers are referred to Chapter 7 for 
details on the catalytic aspects of this reaction and Chapter 2 for broader insights into membrane 
reactors. As already mentioned, the study of catalytic membrane reactors for this reaction is still in 
its early stages. To our knowledge only Zhang et al. (2020) [1] contributed significantly by 
proposing a model for a fixed-bed membrane reactor and identifying the minimal membrane 
parameters needed for efficient operation. It was determined that to outperform conventional 
reactors, a membrane must possess an ammonia permeance over 100 GPU (i.e. 
0.0034 km� k')�'-��^'-), as well as a selectivity of ammonia towards hydrogen and nitrogen of 
no less than 10. Several studies have been published on the use of both organic and inorganic 
membranes to separate NH3 from H2 and N2 such as glassy polymer [2], silica [3], and ceramics [4] 
as shown in Figure 8-1. Nonetheless, these evaluations often occur under conditions that are 
considerably milder than the high temperature and pressure environments typical of ammonia 
synthesis. Despite not examining the implication of membrane reactors, multiple studies have 
evaluated the potential of the PtA process, emphasizing its efficiency and techno-economic 
considerations. These studies can generally be grouped into three categories [5-6]: 1) Macro-level 
analyses providing preliminary evaluations for policy makers, often comparing different energy 
sources or geographical locations [7-8]; 2) Dynamic PSE (Process System Engineering) studies 
which take into account the variability of renewable energy and the flexibility of plant operations, 
incorporating intermediate storage solutions like hydrogen buffers or batteries, usually with a focus 
on specific locations [5, 9-11]; 3) Steady-state PSE studies which are particularly valuable for 
comparing different process designs, but they have limitations in accurately projecting costs due to 
inherent assumptions about renewable energy variability [9, 12-16]. Assumptions typically include 
either dispatchable renewable energy power from the grid or complete system flexibility. As 
example of this latter category, Gomez et al. (2020) [13] evaluated an industrial-scale ammonia 
synthesis plant with a capacity of 140 tons per day, powered exclusively by the electrical grid. Their 
findings revealed a specific energy consumption of 17 MWh/ton, significantly higher than other 
estimates in literature. In a similar vein, Ishaq and Dincer (2020) [17], introduced a dual-reactor 
setup to explore the effects of pressure and temperature on ammonia production. Their system, using 
a PEM electrolyzer, achieved an energy efficiency of 61.1%. While Frattini et al. (2016) noted a 
43.5% efficiency using AEC. Finally, Quintero-Masselski et al. (2020) [12] identified an optimal 
balance using a Ru catalyst, achieving a lower cost of ammonia (LCOA) at 766 €/ton and an energy 
efficiency of 57.2% while considering PEM electrolysis. In research focused on SOEC technology, 
Cinti et al. (2017) [18] documented an efficiency reaching up to 62%. Complementing this, Zhang 
et al. (2020) [19] conducted a comparative analysis of various ammonia production methods, finding 
that the power-to-ammonia (PtA) process achieved an impressive 74% energy efficiency. However, 
the PtA method was also the most expensive. This high expense is primarily attributed to the 
significant costs associated with electrolyzer stacks and electricity. Finally, Quintero-Masselski et 
al. (2020) [20] also evaluated zeolitic membranes as an alternative to condensation for ammonia 
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recovery in combination with a condensation stage. It was concluded that traditional condensation 
was a better option due to its cost-effectiveness (38% cheaper) and higher energy efficiency.   

Despite clear advancements in PtA process research, the precise role and effectiveness of 
Catalytic Membrane Reactors (CMRs) within a complete architecture have not been established. 
This work aims to investigate the potentiality of catalytic membrane reactors (CMRs) for ammonia 
production from renewable hydrogen. Utilizing computer-aided process simulation, a one-
dimensional CMR model is developed, validated, and investigated for a range of membrane 
properties and operational conditions. This model is then integrated into several PtA configurations, 
which are compared from a techno-economic perspective with a PEM-based PtA process.  

 

Figure 8-1: Example of selective membrane in the literature - The references are in the order of 
the legend. Padinjarekutt et al. (2023) [21]; Yan et al. (2023) [22] ; Wakimoto et al. (2022) [23] ; 
Wei et al. (2021) [24] ; Duan et al. (2021) [25] ; Kanezashi et al. (2009) [3] ; Camus et al. (2006) 

[4] ; Tricoli et al. (1995) [26]. 

 

8.2. Material and Method  

In this chapter, the primary tool utilized is Aspen PlusTM v14. This software is notable for its 
accurate physical property descriptions, comprehensive models for various unit operations, and 
advanced numerical techniques capable of solving large systems of algebraic and differential 
equations. To model membrane reactors and SOEC stacks, Aspen Customed ModelerTM (ACM) is 
utilized, enabling straightforward integration with the Aspen Plus TM  architecture as a customized 
component. In all simulations, the Peng-Robinson cubic equation of state is used both at the reactor 
and process level as used in similar work [27-28]. The steady state simulations performed allowed 
to derive the inputs for an optimization and techno-economic analysis as shown on .Figure 8-2 



8. Power-to-Ammonia     Chapter 8 

226 

 

 
Figure 8-2: Methodology steps followed in this chapter 

 

8.2.1. Membrane reactor modelling 

In this study, a multi-tubular fixed bed membrane reactor is analyzed. This type of reactor 
is chosen for its ease of manufacturing, scalability from a single tube to multiple tubes and efficient 
heat exchange. The reactor is structured with an inner membrane tube and an outer shell hosting the 
catalyst, referred as the permeate and retentate sides. To enhance ammonia transfer, the study 
explores using a pressure gradient or a sweep gas of similar composition as the feed, which can be 
applied separately or together.  

The study develops a simplified steady-state membrane model using a one-dimensional plug flow 
reactor approach. It includes mass and energy balances, the Ergun equation for pressure drop 
predictions, and assumes a unitary catalyst effectiveness factor, implying no internal diffusion 
limitations (a notable presumption for an industrial reactor in which intraparticle mass-transfer limits 
are likely to reduce the apparent catalyst activity). The model also neglects the effects of 
concentration polarization (permeate and retentate side) and potential mass transfer limitations in 
the membrane support. This is supported by Mourgues and Sanchez (2005) [29] investigated 
concentration polarization effects in hollow fiber membrane modules operating under co-current and 
counter-current configurations. Their model predicted that, in the system investigated, polarization 
effects become significant when the membrane permeance to the most permeable species exceeds 
1000 GPU and the membrane material selectivity exceeds 100. But this topic is stills far from being 
fully covered in the literature, although some few studies have addressed the question and there are 
sometimes contradiction [30]. For further discussion, the reader is referred to Chapter 7. The 
permeation is characterized by ammonia permeance and gas selectivities. These selectivities are 
evaluated by comparing the permeance of each gas to that of ammonia. Due to its larger kinetic 
diameter, nitrogen is arbitrarily attributed to a selectivity three times greater than hydrogen. Finally, 
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a mathematical expression for the ammonia synthesis reaction (Cf. Eq. 8.1) is crucial for the 
numerical simulations. 

 ),� + 3�),� ↔ 2 �h,�   4�¬ = −46�3/km�  Eq. 8.1 

The kinetic rate expression as in Chapter 7 is based on the work of Rossetti et al. (2006) [31] for a 
promoted Ru/C catalyst with a Ru content of 3.2 wt.%. This kinetic model has also been employed 
in studies cited as [14] and [12]. Details on assumptions, equations, and kinetic model parameters 
are reported in Appendices F1 & F2, with operating conditions and reactor design summarized in 
Table 8-1 

 

Table 8-1: Membrane reactor modelling assumptions- The parameters with a subscript ni are 
relevant only when the non-isothermal reactor model case is studied 

 Parameters Unit Value 

Numeric  Numerical method  - Euler  method  
Number of points in the axial length discretization - 300 with a refinement at the 

inlet  
Reactor 

geometry 
Membrane outer diameter  k 0.014 
Bed and membrane Length k 3 (1.5 for section 8.3.2.)  
Inner Diameter of the tube   k 0.025 

Membranes volumetric coverage in the reactor  - 0.31 
Number of membranes/ Tube  - 1000-6000   

Diameter of spherical catalyst pellet  m 0.001 
Tube wall thicknessni m 0.001 

Parameters  NH3 Permeance  km� k')�'-��^ ∈[0.01‐0.1] 
NH3/H2 perm selectivity  - ∈[1‐400] 

NH3/N2 selectivity  - H2 selectivity *3  
Bed porosity ü - 0.4 
Catalyst density  �� k·�à'h  590 [27] 

Overall heat transfer coefficient through the 
membrane layerni  

�k').'-  2.4 

Overall heat transfer coefficient through the reactor 
tubesni  

�k').'- 200 

Operating 
conditions  

Reactor Inlet temperature ni °C  360 
Sweep gas inlet temperatureni  °C 360 

Reactor temperature  °C ∈[320‐400] 
Retentate Pressure  Bar  ∈ [60-130] 
Wall temperatureni °C 360 

N2/H2 feed ratio - 1.5 

 

8.2.2. Plant layouts and general assumptions  

Various PtA process configurations are investigated in this work, detailed in Table 8-2 
and differentiated by the type of electrolysis (PEM or SOEC), reactor types (TR or MR), and the 
employed purification method, primarily condensation except in the optimistic scenario for which 
membrane are consider as highly selective to ammonia. All comparisons are based on a similar 
hydrogen input of 85 kmol/hr and benchmarked against a PEM-based Power-to-Ammonia process. 

Figure 8-3 depicts the system layouts that are being studied in this study. The "PEM-TR-Cond" 
benchmark process involves pressurizing nitrogen and hydrogen to 70 bar and mixing them with 
unreacted reactants, maintaining a hydrogen to nitrogen ratio of 1.5. This mixture is then heated to 
360 °C before being introduced into the reactor. The reactor effluent requires cooling and 
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condensing the ammonia vapor phase for separation, which is more efficient at higher pressures and 
lower temperatures. For instance, the refrigeration temperature would be around 11.5 °C at 300 bar 
but  -26.0 °C at 50 bar , as demonstrated in Tripodi et al. (2018) [27]. In our study, the reactor 
effluent is cooled to 30 °C with water and then refrigerated at -40 °C to separate the ammonia product 
from reactant gases. Unreacted gases are recycled after a 1% purge, and the liquid ammonia product 
is expanded and stored. Ammonia can be efficiently stored in large quantities at 1 bar and -33 °C in 
insulated tanks capable of holding up to 50000 tons [10]. However, this aspect falls outside the scope 
of our study's battery limits. This work intends to achieve 99.5% ammonia purity as in commercial 
or agricultural (C-grade) ammonia [32-34]. While discussion on fuel grade purity have not yet 
achieved a consensus, it is believed that this purity should be at or below the commercial purity [34].  

In the "PEM-MR-Cond" setup, which includes a membrane reactor, the membranes' limited 
separation ability requires a condensation stage to attain the desired purity of ammonia. On the other 
hand, the "PEM-MR (ideal)" configuration is based on the assumption of using highly selective 
membranes, removing the necessity for a condensation step.  

Finally, the study explores an alternative Power-to-Ammonia pathway using SOE for hydrogen 
generation. The SOEC in this study uses cathode-supported cell technology, with its model 
developed and validated by experimental data in [35]. Each stack is operated at near thermoneutral 
operation with a nominal temperature of 700 °C. Steam generated from high-grade demineralized 
water is sent to the cathode side of the stacks, where hydrogen is produced. Air is supplied to the 
anode side for thermal and safety reasons. At the system level, heat is recovered through heat 
exchangers on both the cathode and anode sides using outlet exhaust gases, while electrical heaters 
fine-tune the inlet gas temperatures. The hydrogen produced at the cathode side is then separated 
from water and compressed. Additional information regarding the model equations and assumptions 
can be found in Appendix F3.  

From the modelling viewpoint of the ammonia synthesis loop, the condensation section is simplified 
to a single -40 °C equilibrium flash stage, aiding in estimating the overall cooling requirement. For 
simplicity, several black-box models are used considering only a specific energy consumption 
reported in literature. For Air Separation Unit (ASU) occurring typically by Pressure Swing 
Adsorption (PSA) or cryogenic air distillation, power consumption for the latter is typically in 
between 61 kWh/tN2 to 160 kWh/tN2 [6,19,36-38]. In the case of PEM electrolysis, an average 
specific energy consumption between 4 and 6 kWh/ Nm3 [6,12,39-40]. In our study a specific 
consumption of 4.2 kWh/ Nm3 (i.e. 46.7 kWh/kg) consistent to the values indicated by Schmidt et 
al. (2017) [40] and Rouwenhorst et al. (2019) [39]. Finally, considering the need for demineralized 
water in electrolysis, this study assumes a specific energy consumption of 4 kWh/m3 for reverse 
osmosis, within the typical range of 3.5-4.5 kWh/m3 [41]. Regarding other components, 
turbomachines (compressors and pumps) are modeled in Aspen Plus with assumed isentropic and 
mechanical efficiencies of 0.85 and 0.95, respectively, to determine outlet streams thermodynamic 
conditions and energy balance. Compressor intercoolers are set to maintain 25 °C, with a maximum 
pressure ratio of 3 per compression stage. Counter-current shell and tube heat exchangers are 
modeled using a shortcut method, and various design specifications were set to meet desired 
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constraints, such as the correct H2/N2 ratio. Further details on the flowsheet model are reported in 
Appendix F4, with main operating conditions and flowsheet assumptions summarized in Table 8-3.  

 

Table 8-2: Recap of PtA processes investigated in the comparative analysis  
Configuration Electrolysis Reactor NH3 Separation 

Option 1 
PEM-TR-Cond. 

PEM TR Condensation 

Option 2 
PEM-MR-Cond. 

PEM MR  Condensation 

Option 3 
PEM-MR (ideal)  

PEM MR (ideal) - 

Option 4 
SOEC-MR-Cond. 

SOEC MR  Condensation  
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Table 8-3: Recap of operating conditions and design parameters assumed in the base case scenario 
Parameters Unit Value 

Reactor operating conditions (base case) 

Reactor temperature °C 360 
Permeate & Retentate temperature inlet °C 360 

Pressure reaction side Bar 70 
Permeate pressure Bar 70 

H2/N2 (mol/mol) 1.5 
SW (sweep gas to feed molar flow ratio) - 1 

Heat exchangers 

Pressure drop in gas water heat exchanger (%) Bar 0.1 
Design Minimum ΔT in exchanger gas/liquid °C 15 

Minimum ΔT in exchanger gas/gas °C 30 
Heat transfer coefficient gas/gas W/m2/K 60 

Heat transfer coefficient gas/liquid W/m2/K 70 
Pump and compressors 

Pump isentropic efficiency/mechanical efficiency % 70/90 
Compressor/fan/blower isentropic efficiency % 70/85 

Vacuum pump isentropic efficiency/mechanical 
efficiency 

% 70/85 

Other units 

PEM specific consumption kWh/Nm3
H2 4.7 [39] 

ASU specific consumption kWh/tN2 119 [38] 
Reverse Osmosis specific consumption kWh/ m3 4 [41] 

General assumptions 

Purge fraction % 1 
Hydrogen produced by electrolysis kmol/hr 85 

SOEC stack 

Nominal Operating Temperature °C 700 °C 
Nominal Operating Current Density A

cm) 
0.5 

Operating Pressure bar 1 
Stack Pressure Drop mbar 50 
Single Cell voltage V 1.29 
Cell Power density W

cm) 
0.645 

Reactant Utilization - 0.7 

 

8.2.3. Performance indicators  

The reactor's efficiency was assessed based on the conversion of N2 as per Eq. 8 2 It is 
defined as the ratio of the nitrogen consumed by the synthesis reaction to the inlet nitrogen whilst 
taking into account the exchange of materials between the sweep gas and the reaction zone, including 
potential reactant loss or, conversely, the co-feeding of reactants (or the back permeation of reactants 
in the reaction zone) in adequation with similar work [42]. In addition two extra metrics are 
considered namely, the recovery of ammonia (Eq. 8.6) and the recovered ammonia flowrate (Eq. 
8.7). Ammonia recovery is defined as the proportion of ammonia in the permeate relative to the total 
ammonia produced in the synthesis reaction. The recovered ammonia flowrate is simply the rate at 
which ammonia flows from the permeate side's outlet. 

Ag� = ���,:HJDG '���,KLGJDG ,���,GR7
���,:HJDG ,���,GR7∗   Eq. 8.2 

Ug�,GR7 = Ug�,�

���# − Ug�, "$

���#    ) p^�o�k+k�^�o+ ��m\  Eq. 8.3 
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Ug�,$#·∗ = 0 ��Ug�,GR7 ≤ 0 T+��p�op �m��   Eq. 8.4 
Ug�,$#·∗ = Ug�,GR7��Ug�,GR7 ≥ 0 T+��p�op �m − �++��o�  Eq. 8.5 

T+�mn+^�g�h = ���a,KLGQDCR

���a,KLGJDG   Eq. 8.6 

T+�mn+^+� 1kkmo�� ��m\ = ¼ Ug�a,KLG 
⬚

í< �1�  Eq. 8.7 

In those equation U�,�
 and U�, "$ are the species molar flowrates at the inlet and outlets of the reactor, 

respectively. These metrics do not consider heat integration and auxiliaries’ consumption of the 
overall plant. At the plant level, a PtA efficiency denoted (�<$í) is defined in Eq. 8.8 as the ratio of 

the energy output associated to the produced ammonia by the total energy input required  such as 
the electric consumptions of the system auxiliaries (i.e. compressors, pumps, control system).  

�<$í =  ���a,<CK�LFD� ×�����a
�
���� � 
!"#�$� 
 (�"�V;�V��$����$�… ) Eq. 8.8 

 

8.2.4. Cost estimates  

An economic assessment is also conducted to evaluate and primarily contrast the cost of 
ammonia production using membrane reactors versus traditional reactors under varying operating 
conditions. In line with similar studies [43-46] and Chapters 3 and 4, a bottom-up approach is 
employed to determine the Total Plant Cost (TPC) as given in Eq 8.9 by dissecting the plant into its 
foundational equipment, and subsequently factoring installation, indirect, owner's, and contingency 
costs. 

�/� = (∑ ��� ) ∗ (1 + %ªÉ�) ∗ (1 + %É�) ∗ (1 + %�&b�) Eq. 8.9 

The component prices are sourced from Turton et al. (2018) [47] and incorporate a correction factor 
for stainless steel material, which is necessary for ammonia due to its corrosive nature, are adjusted 
and updated using the CEPCI index method for considering price fluctuations like inflation, 
deflation. For this analysis, an index of 708 was used to adjust to the 2021 period which is one of 
the highest increase this index has seen (as shown Appendix F5). The TPC is converted in an annual 
operating cost using the Capital Charge Factor (CCF) as described in Eq. 8.10 as a function of the 
discount rate � and the plant lifetime o.  

��U = ∑ -
(-,�)@

g2Ñ- = Ò×(-,Ò)H
(-,Ò)H'-  Eq. 8.10 

Subsequently, the levelized cost of ammonia (LCOA) is estimated following the established formula 
defined in Eq. 8.11. It is composed of the annualized TPC and the fixed and variable Operations and 
Maintenance denoted as �b&¨.��Ô and �b&¨.ÕB� which are determined by the expenses associated 

with consumables such as catalysts, reactants, water, and membranes, as well as maintenance, 
insurance, and labor costs, divided by the plant's productivity.  

Ö�&1 Ü€

$Þ = (ª<�[€]∗���[%/��B�]),�Ù&s.Y:Ú[€/year],P�Ù&s.ÛECÜ €
ÝDECÞ×WDßS

<� à"�$� 
 �B�B��$�Ü G
ÝDECÞ×WDßÜ ã

ÝDECÞ Eq. 8.11 
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Labor costs, especially at a small scale, have a substantial impact on the final cost. The technique 
used to estimate operating labor requirements is also based on correlations from Turton et al. 
(2018)[47]. First, the operating labor requirement for chemical processing plants is evaluated by the 
following equation:  

 b� = /6.29 + 31.7/) + 0.23 
�0¬.¿
Eq. 8.12 

where  b� is the number of operators per shift, / is the number of processing steps involving the 
handling of particulate solids, such as transportation and distribution, particulate size control, and 
particulate removal, the value of / is zero in this study.  
� is the number of equipment, such as 

compressors, towers, heaters, exchangers. Then, the total number of operators can be estimated 
according to the following equation:  

Operating labor = 4.5 ×  b� Eq. 8.13 

The cost of operating labor can be calculated by operating labor multiplied by operator salary. The 
salary per operator is assumed to be 48600 €/year in this study. Table 8-4 presents the key 
assumptions utilized for estimating the levelized costs in the base case scenario.  

 

Table 8-4: Base case economic assumptions  
O&M Fixed Cost 

Maintenance cost 0.02*TPC [44] 
Insurance 0.025*TPC [44] 

Operator salary 48k€/year  
Calculated labor cost using Eq. 9 13  681352 €/year  

O&M Variable 

Electricity cost 38 €/MWh 
Cost of very low temperature refrigerant (-

50°C) 
14.12 $/GJ [47] 

Cost of Cooling tower water 30 °C-40 °C 0.378 $/GJ [47] 
Stack lifetime 91000 hr [38] 

Catalyst cost Ruthenium  295 €/kg [14] 
Catalyst lifetime 5 years[48] 

Membrane lifetime  3 years [49] 
General Assumptions 

Plant availability  0.65 
Discount factor  8% 

Operating lifetime 25 years[19] 
Currency exchange rate  0.92 €/$ 

Calculated CCF using Eq. 9 10 0.0953 
Component cost  

Membrane price 1950 €/m2 [49] 
PEM cost  700 €/kWe  

Hydrogen storage 200 bar cost  1050 $/kg  
H2 storage required  24 hr 

Pressure swing adsorption cost  1315 €/kg/hr [38] 
Battery cost  315 $/KW [38] 

TPC calculation  

%æçÏ 80 [50] 
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%çÏ 14 [50] 
%Ï&èÏ 16 [50] 

8.2.5. Optimization 

To compare the different process architectures, a multi-objective optimization was 
conducted using the Genetic Algorithm for Multi-Objective Optimization (MOGA) [51]. This 
approach aims to minimize costs while maximizing efficiency by varying design parameters (e.g., 
number of membranes) and operating conditions (e.g., pressures, temperatures, and flowrates). In 
the literature, trade-offs between these two key performance indicators (KPIs) [12,19] are commonly 
observed, making this approach particularly relevant. Due to the computational complexity of the 
flowsheet, involving seven solvers to resolve tear streams and design specifications in a sequential 
modular approach within Aspen Plus, the "MAXEVAL" parameter was capped at 100 evaluations 
to ensure computational feasibility. Despite this limitation, the approach enables the refinement of 
an initial heuristic guess.  

8.3. Results and discussion  

8.3.1. Model Validations 

The modeling of catalytic reactors is heavily reliant on the accurate consideration of 
reaction kinetics, which can have a substantial impact on equipment size and cost . The kinetic model 
was validated using the results from Rossetti et al., (2006) [31]-a reference used by several authors 
in previous studies [14, 27]-using a packed bed reactor under specified flow rates and isothermal 
conditions. Figure 8-4 illustrates the validation results for various residence times, showing the 
correct implementation of the kinetics model. Ammonia production peaks at a temperature 
determined by gas hourly space velocity (GHSV) and undergoes a transition from kinetic to 
equilibrium-limited regimes due to the reaction's exothermic nature. As already observed by Tripodi 
et al., (2018) [27] the Gillespie equilibrium correlation implemented in the kinetic model forecasts 
a lower ammonia equilibrium conversion compared to thermodynamic model predictions, calculated 
using Aspen Plus’ 'RGibbs' reactor model (under those conditions). 
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Figure 8-4: Validation of the kinetic model based on the work of Rossetti et al. (2006) [31] 
(triangle markers) based on an isothermal plug flow reactor model, across the full range of 

temperatures, and space velocities explored experimentally (GHSV=1000-200000 h-1, T=360-480 
°C, H2/N2=1.5, P=70 bar) 

 

8.3.2. Sensitivity at the reactor level  

In Figure 8-5, the influence of membrane properties, specifically NH3-H2 selectivity and 
permeance, on conversion is illustrated across various pressure drops and SW ratios. As anticipated, 
at the highest driving force (i.e. highest pressure drop and SW ratio in our case), the membrane 
reactor (MR) achieves conversions over 90% higher than those of the traditional reactor (TR), 
demonstrating the efficiency of the MR process. The plot also illustrates a significant increase in 
conversion with NH3-H2 selectivity up to a threshold at around 10-20, regardless of operating 
conditions. Beyond this threshold, enhancements in selectivity no longer impact conversion due to 
the establishment of an equilibrium between the reaction and permeation zones. Thus, it appears that 
the performance is mainly influenced by the ammonia permeance, eliminating the requirement for a 
highly selective membrane. These observations are consistent with findings from Zhang et al. (2021) 
[1] and Poto et al. (2020) study [42]. An exception can however be noticed when there is no pressure 
drop across the membrane, resulting in a reversed trend where higher conversions are achieved at 
the lowest selectivity. This condition nearly eliminates reactant loss, and in some cases, encourages 
co-feeding, and sometimes, promote the co-feeding, (i.e. to a net permeation of H2 and N2 from the 
permeation to the reaction zone, especially prevalent at higher sweep gas ratios).  This phenomenon 
is clearly illustrated in Figure 8-6. As expected, the conversion rate demonstrates significant 
sensitivity to permeance, showing a diminishing effect at higher values. In Figure 8-7, hydrogen 
selectivity is kept constant at 20, while both permeance and GHSV are varied to study their impacts 
on several KPIs. As anticipated, a decline in conversion is observed in both MR and TR 
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configurations with higher GHSV, attributed to the reduced residence time. Conversely, an increase 
in total ammonia production is noted under these conditions. As for the recovered ammonia flow 
rate, it initially increases, reaching a peak at GHSV of 1100 h⁻¹, and then declines with further GHSV 
increments. At elevated GHSV, the membrane struggles to permeate the produced ammonia, 
resulting in a reduction in the recovered H2 flowrate. Under these conditions, the process is limited 
by the mass transfer across the membrane.  

Ending the investigation at the reactor stage, a theoretical case is examined to establish the lowest 
selectivity needed for ammonia over hydrogen, along with the essential permeance, to reach a 99% 
pure permeate without the need for further downstream processing. To accomplish this, a reactor 
operating without sweep gas is considered, which helps prevent dilution of the permeate, although 
it eliminates a source of driving force. This requires a higher pressure drop across the membrane 
which also put more mechanical stress on the membrane. In Figure 8-8, it seems that at least 60 bar 
across the membrane are required, albeit the selectivity threshold beyond 1000 are elusive based on 
existing materials. This makes mandatory an additional step by condensation.  

All in all, this analysis just highlighted that for processes using a sweep gas of similar composition 
as the feed, highly selective membranes are not crucial, contrasting with scenarios needing pure 
ammonia permeate (where selective membranes are more critical). Additional sensitivity analyses 
are presented in Appendices F6. These analyses include an examination of the impacts of 
temperature changes, non-isothermal profiles, the effect of membrane coverage, and details on the 
transmembrane flows along the length of the reactor. 

 

 
Figure 8-5: Conversion obtained with respect to membrane properties (GHSV=500 h-1, T=360 °C, 
H2/N2 ratio=1.5, Pret=70 bar) for various operating pressure drop and SW ratio. The selectivity of 

nitrogen is taken as three time the one of hydrogen  and an isothermal model is used. 

�� = 1 

�� = 0.1 
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Figure 8-6: (a) Conversion obtained for three Selectivity NH3-H2 (2, 10 and 20) (b) Associated 
transmembrane H2 flux (GHSV=500 h-1, T=360 °C, Pret=70 bar,  H2/N2 ratio = 1.5, SW=1, NH3 

Permeance =0.5 mol m')s'-bar) The selectivity NH3-N2 is taken as three time the one of 
hydrogen and an isothermal model is used. 

 

Figure 8-7: Impact of GHSV: (a) Conversion (b) Total NH3 produced (c)Total NH3 recovered 
(selectivity NH3-H2=20; T=360 °C,  H2/N2 ratio = 1.5, SW=1, Pret=70 bar) for various pressure 
drop across the membrane. The selectivity towards nitrogen is taken as three time the one of 

hydrogen  and an Isothermal model is used. 

c) 

a) b) 

a) b) 
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Figure 8-8: Selectivity required to reach targeted purity in the permeate stream of the membrane 
reactor (for this case no sweep gas is implemented) The selectivity towards nitrogen is taken as 

three time the one of hydrogen  and an Isothermal model is used. (a) Conversion (b) Purity of the 
permeate stream 

 

8.3.3. One way sensitivity analysis at the process level  

A one-way sensitivity analysis is carried out at different operating conditions (reactor 
pressure and temperature and SW ratio) in Figure 8-9 . Except for SW, the reactor temperature and 
pressure show a trade-off behaviour. Then the optimum should be accurately found depending on 
the layout considered and on the economic assumptions used in the analysis.  

 

  

a) b) 

a) b) 
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Figure 8-9: Sensitivity on (a) temperature, (b) retentate pressure, and (c) sweep gas ratio using 

PEM-MR-Cond system (Selectivity NH3-H2=50; T=360 °C,  H2/N2 ratio = 1.5, SW=1, Pret=81 bar, 
Pperm=15bar) 

 

8.3.4. Optimization at the process level 

The technology's performance is now evaluated at the process flowsheet level, considering 
both economic and energy factors. In order to help identify the best design and operating parameters 
for each process, stochastic optimization is used to try to reduce LCOA and maximize energy 
efficiency.  

As global observations, the analysis reveals that both cost and efficiency metrics are reasonably 
similarly ranged, with energy efficiency between 51% and 59%, and the LCOA (from base case 
assumptions) 1050 to 1150 €/ton. Figure 8-10 illustrates the trade-offs between cost and efficiency 
across the different configurations studied, specifically highlighting the feasible solutions obtained 
for the "PEM-MR-Condensation" setup. For this system, the optimization resulted in a reduced 
LCOA by 0.7% and increased energy efficiency by 3.9% compared to the initial population.  

c) 
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Table 8-5 details the variable limits used in the algorithms, summarizing their optimal values and 
the Key Performance Indicators (KPIs) achieved for each configuration. In terms of parameters 
bounds, the selectivity of ammonia over hydrogen was optimistically set between 1 and 400, but the 
algorithm didn't converge up to this upper limit, confirming the minimal impact of high selectivity 
values on KPIs. Unlike permeance, which consistently hit its upper limit. Finally, it was observed 
that the optimal GHSV values for Membrane Reactors (MRs) were significantly lower, about one-
third, compared to those achieved with Traditional Reactors (TRs), indicating that operating MR 
systems at high space velocities is not a viable option.  

Focusing on efficiency, using the “PEM-TR-Cond” system as a benchmark, the "PEM-MR-Cond" 
process shows an improvement of 8%, while the integration of the same process with SOE 
technology demonstrates a 16% improvement. Figure 8-11.a presents the distribution of specific 
energy consumption in kWh/kgNH3. In PEM-based systems, the electrolyzer is a major component, 
contributing approximately 85% of the specific energy requirement, while in SOEC systems, its 
contribution is about 63%. A notable observation is that the "PEM-MR-cond” system exhibits 
slightly lower energy consumption for water electrolysis due to its marginally higher ammonia 
production. Focusing on the benefits of the membrane reactor, the MR reactor significantly reduces 
cooling requirements by 70%, as only the permeate needs condensing, and it also cuts down the 
heating requirement by 50%. The study indicates that specific energy consumption ranges from 9.98 
MWh/tNH3 in the "PEM-MR-Cond" system to 8.45 MWh/tNH3 in the "SOEC-MR-Condensation" 
system. These results align with existing literature; for instance, Quintero et al. (2022) [12] identified 
the optimal process with the lowest specific energy consumption in the optimal Ru case, at 10.67 
kWh/kgNH3, considering PEM electrolysis. Cinti et al. (2017) [18] reported a specific energy 
consumption of 8.29 kWh/kgNH3 for an “SOEC-TR-Cond” system and 14 kWh/kgNH3 for an “AEC-
TR-Cond” system.  

Moreover, Haldor Topsoe has reported a new technology estimated to produce green ammonia at 
approximately 7.2 kWh/kgNH3 [52]. Overall, these systems demonstrate respectable performance, 
albeit less energy-efficient compared to the best available current (fossil-based) technologies, such 
as a state-of-the-art, world-scale SMR-HB plant, which operates at roughly 27.4 GJ/t of NH3 (7.61 
kWh/kgNH3) [53].  

Economically, Figure 8-11.b shows that under baseline assumptions, the LCOA for the MR process 
is nearly similar to the reference process, being about 2% higher, and increases by 10% when 
integrated with an SOEC system. Comparing with other studies, Osman et al. (2020) [28] reported 
an LCOA of approximately 653 €/t for a production scale of 1183 tons/day. Zhang et al. (2020) [19] 
found an LCOA of around 450 €/t for a production of about 130 tons/day, and Quintero et al. (2022) 
[12] estimated an LCOA of roughly 766 €/t for a production of 11.6 tons/day with hydrogen from 
PEM electrolysis. Nayak-Luke et al. (2018) [9] reported an LCOA near 1200 €/t using offshore wind 
for electricity. These comparisons, while valuable, are somewhat limited due to varying assumptions 
and methodologies in cost calculation. Overall, the reported values appear reasonable considering 
the small scale of the installation, though they are somewhat on the higher spectrum. In addition, for 
context, the price of "grey" ammonia was 250 euros per ton NH3 in January 2021 and increased to 
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1500 euros per ton NH3 by April 2022 in Western Europe [5]. The LCOA values identified in this 
study fall within this range.   

 
Figure 8-10: Trade-offs between the ammonia production cost and system energy 

efficiency  & N2 Conversion Effects. Red stars mark optimal solutions; colored dots indicate all 
feasible solutions. The triangle represents the initial population for the PEM-MR-COND systems, 

while stars denote optimal solutions for each configuration. 
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Table 8-5: Summary of the optimal operating conditions and design parameters and KPIs for each 
systems (Condensation temperature = -40 °C; Purge fraction=1%; fixed hydrogen inlet =85 

kmol/hr) 
System PEM-TR-

COND 

PEM-MR-

COND 

SOE-MR-

COND  

Electrolysis  PEM PEM  SOE 

Reactor  TR MR MR 

Separation Condensation Condensation Condensation  

P
a

ra
m

et
er

s 
a

n
d

 v
a

ri
a

b
le

s 

Reactor temperature  
∈ [350-410] (°C) 

377 355 367 

Pressure  
∈ [60-100] (bar) 

77 81.66 87 

Number of membranes for MRs or 
tubes for the TR  

∈ [1100-2300] (-) 

1106 1942 2196 

SW  
∈ [3-10] (-) 

N/A 8.09 4.0 

Sweep gas pressure  
∈ [3-25] (bar) 

N/A 10.1 15.29 

Permeance  
∈ [0.04-0.1]  

km� k')�'-��^ 

N/A 0.1 (upper bound) 0.1 (upper bound) 

Selectivity NH3-H2 [-] 
∈ [1-400] 

N/A 360 360 

R
es

u
lt

s 
 

Efficiency [-] 0.517 0.57 0.59 
Specific consumptions [MWh/tNH3] 9.98 9.17 8.45 

GHSV (h-1) 2508 476 416 
Conversion per pass [-]  0.22 0.45 0.44 
Recovery per pass [-] - 0.85 0.87 

NH3 Production [t/days] 22.8 23.25 23.05 
LCOA [€/t] 1057 1070 1165 
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Figure 8-11: Breakdown of the (a) Specific energy consumption and (b) LCOA at optimal 

conditions under our baseline assumptions.  

8.4. Conclusion 

This study aimed to investigate the potentiality of catalytic membrane reactor (CMR) for 
ammonia production from renewable electricity. The assessment is carried out both at the reactor 
level and at the ammonia production plant level to outline the advantage of the innovative 
technology.  

• A reactor model for ammonia production using a ruthenium catalyst-based CMR was 
developed, analyzing a range of membrane properties and operating conditions. It showed 
over 90% higher ammonia conversion compared to conventional reactors. This analysis 
confirmed that in processes employing a sweep gas akin to the feed, the necessity for 
highly selective membranes is diminished. Specifically, beyond a selectivity threshold 
towards hydrogen of 10-20, both the degree of conversion and recovery tend to be 
generally independent of the membrane's selectivity. However, for producing pure 
ammonia permeate, highly selective membranes (>1000 towards H2) are found essential 
making this alternative elusive based on existing membranes.   

• As this approach, however, does not fully consider energy losses related to creating 
driving force, recompression, and permeate purification, the technology's effectiveness 
was assessed at the PtA (Power-to-Ammonia) process level.  The minimization of the 
LCOA (Levelized Cost of Ammonia) and the maximization of the energy efficiency 
allowed to obtain the optimal design and operating conditions for each process. The 
adoption of membrane reactor in this study, increased the system efficiency by around  8% 
with respect to reference cases (i.e. a PtA process using TR) while ~15 %  enhancement 
is achieved with this process when using SOEC technology.  
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• Focusing on the economic results, considering our baseline assumptions and process 
architectures, the MR process showed a marginal 2% increase in cost over the reference 
process, and when incorporated with an SOEC (Solid Oxide Electrolysis Cell) system  a 
10 %  increase in LCOA was observed.  

These findings suggest that while membrane reactors are a promising technology for ammonia 
production at the unit operation level, their appeal diminishes when integrated into a traditional 
power-to-ammonia process when traditional condensation methods are used. Future research should 
focus on replacing the condensation process with a lower-pressure purification method to improve 
efficiency and reduce costs. Additionally, further refinement in the model of the membrane reactors 
would be needed to investigate aspects overlooked in this study, such as the estimation of 
concentration polarization and the impact of composition and temperature on permeation.  
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Appendix F 

These appendices bring further information on the conservation and constitutive equations 
used in the reactor model (Sections F1-F2), the model and validation of the Solid Oxide Electrolyzer 
Cell (SOEC) stack system (Section F3), and a glimpse into the Aspen Plus flowsheet architecture 
(“SOEC-MR-COND” case) (Section F4). Section F5 reports historical data for the Chemical 
Engineering Plant Cost Index (CEPCI). For interested readers, sections F6  also offer extra 
sensitivity analyses at the reactor level, examining the effects of membrane coverage, gas hourly 
space velocity (GHSV), reaction temperature, and non-isothermal behavior.  

 

F1. 1D Reactor modelling equations 

The model constructed in Aspen Custom Modeler relies on several key assumptions to 
simplify the analysis. Radial dispersion is considered negligible, enabling the use of 1D conservation 
equations, while diffusion effects are ignored due to their long characteristic times. Volumetric 
forces, such as gravity, and pressure drops on the permeation side or from friction on the membrane 
and shell are also deemed negligible. Only pressure drops caused by the fixed bed and permeation 
fluxes are included. The membrane material is assumed chemically inert with negligible diffusion 
time, implying instantaneous permeation. The catalyst affects pressure drop and reactions, but 
thermal inertia and other effects are ignored, with the gas phase assumed homogeneous. 
Additionally, the thermal inertia of the membranes and shell is considered negligible. Based on these 
assumptions, conservation equations for species, momentum, and energy are formulated. For 
momentum conservation on the retentate side, Ergun’s equation (Eq. F6) is used to model pressure 
drops in the fixed bed. For the permeate side, no momentum conservation equation is applied due to 
lower precision requirements and computational constraints; the pressure is instead assumed 
constant (Eq. F7). Regarding energy balance on the retentate side, the variation of kinetic energy is 
included to account for differences in molar masses. The energy balance equation (Eq. F4) also 
incorporates heat from reactions, radial heat transfer to the cooling system, and heat exchange 
between retentate and permeate, modeled as an isenthalpic process as suggested by Hamedi et al. 
(2021) [54]. The global heat transfer coefficient U (Eq. F8) accounts for three heat transfer 
resistances: from the retentate zone to the shell, within the shell, and from the shell to the cooling 
medium. Proper modeling of heat exchange is critical due to the reaction’s temperature sensitivity. 
Heat transfer in a packed bed is complex, involving diffusion through the catalyst and gas. The 
model uses the Yagi and Kunii [57] correlation, recommended by Dixon et al. (2012) [55], for large 
reactors where the tube diameter greatly exceeds the catalyst diameter. This correlation estimates 
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the wall Nusselt number ( ¶�) as the sum of a stagnant term ( ¶�¬) and a convective term. The 

stagnant term is computed using the Bauer and Schlünder [58] correlation, neglecting radiation 
effects. Heat transfer between permeate and retentate is assumed constant at 2.4 W/m2/K [59] for 
simplicity, as membranes typically have lower thermal conductivity than reactor shells. While this 
heat transfer is often negligible, its inclusion accounts for temperature variations in the permeate 
gas. For detailed modeling, the work of Taler et al. (2017) [60] is recommended. However, steady-
state analysis for this case showed minimal temperature variations, allowing simplifications for 
computational efficiency. 

 

Table F1: List of constitutive equations used in the reactor model  

Material balance 
Retentate side 

3¾Î,3¿ = −JÎÀnzÎÁz + ÀE /n~Î} −Áznz{} 0∑ � &²ÂÎ²*²Ñ�     Eq. F1 

Material balance 
Permeate side 

à�:J

à¥ = +3�Ã #� #    Eq. F2 

Permeation flux 3� = Ä+^k� ∗ //�©�$ − /�<��#0    Eq. F3 

Energy balance 
Retentate 

Å�JWJ Å¥ + Å(�REôô�F/�)Å¥      = |
¡ / !�) −  # # ) 0∑ 2̂ P−∆��2(�©)Sh2Ñ- − ÆÃ !�(�© − ��) −Ã #� #(�� ∑ 3�,���Ñ- + �� ∑ 3�,���Ñ- ) − Æ#(�© − �<)    Eq. F4 

Energy Balance 
Permeate 

àª<
à¥ = 0    Eq. F5 

Momentum 
balance 

Retentate 

Å<J Å¥ = − Ë-¿¬ �(-'�)�Õô�aà<� + -.�¿ (-'�)�Õô��aà< Ì   Eq. F6 

Momentum 
balance 

Permeate 

Å<J Å¥ = 0     Eq. F7 

Overall heat 
transfer 

-Ç = -
W:

+ ùô:
) ∗ -

�£ ∗ Öo PùôK
ùô:

S    Eq. F8 

Solid catalyst 
bed 

�D,C
�Y

= �C«
�Y

+ <�ã«

<�ã,CÈ     Eq. F9 

 �C«
�Y

= /1 − √1 − Ê0 + )√-'Ë
-'�Ì�§ Ü �(-'Ì�§)

(-'�Ì�§)� ln PÌ�S − �'-
-'�Ì�§ + �,-

) Þ     Eq. F10 

 Í = �� P-'ËË S-.-- ; �� = 1.25 (�lℎ+^+), 2.5 (����o�+^)m^ 2.5 Ë1 + à:
à<Ì (^�o��)    Eq. F11 

 �� = 0.21 + 0.00015�    Eq. F12 
 P+W¬ = "�Y�<,Yà<Û

�Y
= T+/^    Eq. F13 

 /+W,�Î = 8 ×2 − P1 − )
gS)Ø    Eq. F14 

Near-wall region  ¶� =  ¶�¬ + -
§�L£∗ , §

«.«¦eQC JD
     Eq. F15 

   = àG
à<     Eq. F16 

  ¶�∗ = 4Re§
�/^¬.hh     Eq. F17 

  ¶�¬ = P1.3 + ¿
gS �C°

�â
     Eq. F18 
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F2. Reaction kinetic model  

Similarly to Chapter 6, the kinetic rate law and parameters are derived from the work of 
Rossetti et al. [31], which appears to be the only study proposing modifications to the Temkin 
equation by introducing a term to account for the competitive adsorption between H₂ and N₂ on a 
Ru-based catalyst (Eq. F19).  

à

àÏ = �-

V<��
«.¦
Q��

«.a�¦
Q��a

«.�¦ �' §>Dß
Q��a
«.�¦

Q��
§.§�¦�W 

-,=��<��
«.a,=��a<��a

«.� [�km� �'-���B$'- ]   Eq. F19 

Here /� is the partial pressure of each component in the reaction zone, calculated as the product 
between the total pressure and the molar fractions.  

With :  

�- = 426000 ∗ exp P−23000 ∗ ¡.-�¡
©ª S  

.�� = exp P− ¿�.2¬)¡
© + h��¿�

©ª S  

.g�a = exp P− h¡.�)�)
© + )2))�

©ª S  

log-¬ .�# = −2.691122 log-¬ � − 5.519265 ∗ 10'¿� + 1.848863 ∗ 10'��)  

F3. Stack modelling equations, operating conditions and validation  

Solid Oxide electrolysis cell perform steam electrolysis which reaction stoichiometry is 
expressed as:  

�)&(�)  ↔ �)(�) + 1
2 &)(�)  Δ�)2�= = 237.2 �3/km� 

Half reactions at cathode and anode side are the following:  

 Cathode:       �)&(�) + 2+'  →  �)(�)  + &)' 

Anode: &)'  →  1
2 &)(�) + 2+' 

In Aspen Custom Modeler, a 0D lumped parameter model incorporating the Peng-Robinson 
equation of state was developed, predicated on assumptions including a consistent pressure drop 
across the stack, the use of average values for temperature, pressure, volume, and current to represent 
the entire unit accurately, and the negligible effect of mass diffusion on the anode side, attributed to 
the thinness of the electrode. The specific equations governing this model are outlined in Table F2. 
Model has been validated using data from [35]. Table F3 summarizes the parameters fitted and 
assumed for this study. 

 

 

Table F2:. SOEC stack model equations Ref. [61-63] 
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Type Equation 

Cell Potential !��VV = !��Õ + ��B$WB�$ + �B
 àB�$ + �bW#  + ��B$W� 
�      Eq. F20 

Reversible Potential !��Õ =  ;�Ò«¥D� + ©ª¥D�  �o <Ù�
â §/�∙<��Ù

<��Ù
     Eq. F21 

Where: 
4�̅¬ = 244,800 − 49.18 ⋅ � − 0.0072 ⋅ �) [61] 

Activation Overvoltage 
[62] [63] 

�B/�B�$ = ©ª¥D� �^���oℎ Ë �
)�«,E/F

Ì     Eq. F22 

Where 

�¬,B = Í ⋅ Ë �Ù�
�CDY

Ì
� ⋅ exp P− �B�$EH

©ª S Ü í
�#�Þ 

�¬,� = 1 ⋅  
l�)
l���

�# ⋅ 
l�)Ù
l���

�
 ⋅ exp Ë− 	��p�B$
T� Ì × 1

�k)Ø 

Ohmic Losses [63] �bW# = � P $Ö=×ØÖ=×(ª) + T��S     Eq. F23 

\ℎ+^+ Ù��Ú(�) = 20500 ⋅ exp Ë− 9030
� Ì ∗ 0.01 [mℎk'- �k'-] 

Concentration 
Overvoltage 

��� 
� = ©ª¥D� �o ∏ P �R∗
�R,«

SÕ
#     Eq. F24 

\ℎ+^+ 

��)∗ =  ��),¬ + � ⋅ p�B$
2 ⋅ U ⋅  ��� ⋅ 

��)b∗ =  ��)b,¬ − � ⋅ p�B$
2 ⋅ U ⋅  ��� ⋅  ��� = {Ü ⋅ 1

1 �

+ 1 -,)

 

Heat Balance �$W ⋅ àªôGEFá
à$ = o" �
,B
 ⋅  ℎ�
,B
 −  o" "$,B
 ⋅  ℎ "$,B
 + o" �
,B
 ⋅  ℎ�
,B
 −  o" "$,B
 ⋅  ℎ "$,B
 +

 ��V −  Ý" V !!    [61]      Eq. F25 

\ℎ+^+ 

Ý" V !! =  −
�ª��VV,ªB#·

)
+�
!"VB$� 


⋅ �"
�$ ⋅ (���VV − �B#·) 

 

Table F3:. Model Fitted and Fixed Parameters. 
Fitted Model Parameters %  7.577e4 ��	
,	�
 �3/km� 99.20 Þ  1.223e3 ��	
,�� �3/km� 86.49 &  -0.378 .  -0.851 �  0.563 ,		 &ℎk ⋅ �k) 0.211 

Fixed Model Parameters [35] ^� k��^ 50 %	-|| �k) 121 Á	-||  60 Á~
�	D   
Ï�
 �k 300 
ßÍà �k 6 
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¦  0.4 á  4 3.{&- �k 1 
Ï
� [61] 3/. 98.86 

 

 

Figure F1: SOEC model validation. Cell voltage has been validated with a 15 cell short stack with 
the following conditions: 21.08 lN/min H2O and 2.34 lN/min H2 (10% Hydrogen to steam ratio) 
and 4 Air to steam ratio (right) – 63 lN Air inlet corresponding to 3 Air to steam ratio, 700 °C 

operating temperature.  

 

F4. Top level Aspen Plus flowsheet  

 

 

Figure F2: Aspen plus flowsheet of one of the configuration SOEC-MR-COND 

 

F5. Chemical engineering plant index  
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Figure F3: History values of the CEPCI  

 

F6. Sensitivity analysis at the reactor level  

Figure F4 illustrates the effects of varying membrane volumetric coverage on conversion 
rates, total ammonia (NH3) production, and NH3 recovery in the permeate, given the conditions 
(Selectivity H2-NH3=20; Temperature=360 °C; H2/N2 ratio = 1.5, SW=1). It's observed that 
increased membrane coverage improves conversion efficiency but negatively affects both ammonia 
production and recovery rates. When permeance and coverage are low, the membrane reactor's 
performance closely aligns with that of a traditional reactor. Figure F5 explores the influence of 
Gas Hourly Space Velocity (GHSV) on these parameters (Permeance=0.05 km� k')�'-��^ ; 
T=360 °C, H2/N2 ratio = 3, SW=1, Pret=70 bar), noting a decrease in conversion for both MR and 
TR as GHSV increases due to shorter gas residence times. However, total ammonia production 
increases under these conditions. The rate of ammonia recovery first rises, peaking at a GHSV of 
1100 h-1, before falling off as GHSV continues to climb, indicating a struggle in ammonia 
permeation through the membrane at high GHSVs, a trend that holds true across most selectivity 
values. In Figure F6, the impact of temperature is presented similarly on the conversion, total NH3 
production and NH3 recovered (Selectivity H2-NH3=20; T=360 °C, H2/N2 ratio=3, SW=1, 
GHSV=500 h-1). The transition from kinetic to thermodynamic control threshold temperature can 
be noted at around 380 °C. Finally, Figure F7 showcases the non-isothermal profiles, highlighting 
how variations in the contributions of terms within the retentate energy balance affect the system. 
The term 'HomoRP' is introduced as a factor that multiplies the effectiveness of heat transfer across 
the membrane between the permeate and retentate, Similarly, 'HomoCooling' refers to the heat 
transfer from the reactor wall. 
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Figure F4: Impact of Membrane coverage (i.e. the ratio of membrane volume to reactor volume), 
(a) Conversion (b) Total NH3 produced  (c)Total NH3 recovered (Selectivity NH3-H2=20; T=360 
°C,  H2/N2 ratio = 1.5, SW=1, Pret=70 bar) for various pressure drop across the membrane (4/ =

30 ��^ and 4/ = 0 bar) - The selectivity towards nitrogen is taken as three time the one of 
hydrogen  (Isothermal model). 

 
 

c) 

a) 
b) 

a) b) 
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Figure F5: Impact of GHSV: (a) Conversion (b) Total NH3 produced (c) Total NH3 recovered 
(Permeance =0.01; T=360 °C, H2/N2 ratio=1.5, SW=1, Pret=70 bar) for various pressure drop 

across the membrane (4/ = 30 ��^ and 4/ = 0 bar) - The selectivity towards nitrogen is taken as 
three time the one of hydrogen  (Isothermal model). 

 

 
 

 

c) 

c) 

b) a) 
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Figure F6:  Impact of reaction temperature: (a) Conversion (b) Total NH3 produced  (c) Total NH3 
recovered (Selectivity NH3-H2=20; GHSV=500 h-1, H2/N2 ratio = 1.5, SW=1, Pret=70 bar) for 
different pressure drop across the membrane (4/ = 30 ��^ and 4/ = 0 bar) - The selectivity 

towards nitrogen is taken as three time the one of hydrogen  (Isothermal model). 
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Figure F7: Variability of temperature profile effects due to alterations in the retentate heat transfer 
equation (Permeance=0.05 km� k')�'-��^'-; Selectivity H2-NH3=20; Selectivity N2-NH3=60, 

T=360 °C,  H2/N2 ratio = 1.5 , SW=1, GHSV=1000 h-1); showing the first centimeter of the reactor  

 

F7. Detail on the transmembrane flux 

Figure F8 illustrates the transmembrane flow along the length of the reactor at two 
different pressure gradients across the membrane: ΔP=0 bar and ΔP=30 bar. In this graph, the 
transmembrane flow U�,$#· is plotted for each species i under specific operating conditions, with the 

following convention: 

∀� ∈ ��),  ),  �h� : 
• U�,$#· < 0 indicate  transfer from permeate to retentate  

• U�,$#· > 0 indicate transfer from retentate to permeate  
• U�,$#· = 0 indicate equilibrium between retentate and permeate 

Regarding ammonia and hydrogen, it can be observed that the system moves toward an equilibrium 
of partial pressure between the retentate and permeate for each species. This equilibrium is achieved 
more quickly when the membrane has lower selectivity and when there is a higher pressure gradient 
across the membrane, promoting a high mass transfer rate between the two sides. For hydrogen, 
there is either reactant co-feeding or reactant loss at ΔP=0 and ΔP=30, respectively. For ammonia, 
product permeation occurs, and no back permeation is observed under these operating conditions. 
Regarding nitrogen, the situation is however further from equilibrium because excess nitrogen was 
used in the feed. Indeed, Ru is inhibited by H2, and thus, lower H₂/N₂ ratios are more advantageous 
for ammonia conversion compared to the stoichiometric ratio. The kinetic expression used considers 
the competitive adsorption between H₂ and N₂ on the Ru-based catalyst. Additionally, the 
membrane's selectivity for nitrogen is taken as three times that of hydrogen which reduces the 
transfer of this species compared to the other two.  
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Figure 8-12: Detail on the species (N2, H2 and NH3) transmembrane flux for two different 

pressure drop applied across the membrane (GHSV=500 h-1, T=360 °C, H2/N2 ratio = 1.5, /��$= 70 
bar ). The selectivity of nitrogen is taken as three time the one of hydrogen  and an isothermal 

model is used. 
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Conclusion and Outlooks 

This thesis investigated the application of membrane reactors (MRs) in Power-to-X from 
two main perspectives. First, at the mesoscale level, it examined the potential to integrate 3D-printed 
catalyst structures with selective membranes to enhance reactor performance. This approach was 
studied through experimental investigations supported by computational fluid dynamics modeling; 
Second, at the macroscale level, the thesis assessed the deployment of membrane reactors in Power-
to-X environments, addressing questions like the selection of e-molecules or the choice of process 
configurations. Simplified 0D/1D phenomenological models were developed for key unit 
operations, including membrane reactors, electrolysis, and fuel cells, and were implemented within 
a process systems engineering (PSE) simulation tool. The main conclusions are presented chapter 
by chapter, followed by outlooks.  

Conclusion  

Chapter 2 provided a comprehensive review of recent advancements in membrane reactor 
design and applications for Power-to-X systems. Adopting a top-down approach, it examined shared 
design features such as membrane materials, heat management, and catalyst configurations, 
followed by a comparison of laboratory-scale demonstrations in various process environments. 
Innovations like additive manufacturing for optimizing porosity and shape, coupled with electric 
heating, were highlighted as solutions to heat and mass transfer challenges, enabling compact and 
flexible technologies suitable for Power-to-X applications. Laboratory studies reported significant 
conversion enhancements, including ~250% for methanol synthesis, ~200% for DME synthesis, 
~175% for methane reforming, and up to ~30% for ammonia decomposition and methanol 
reforming, while also eliminating side reactions in cases like Fischer-Tropsch synthesis. However, 
differences in membrane properties, catalysts, and operating conditions, particularly in membrane 
area, space velocity, and driving forces, complicated direct performance comparisons across studies. 

Chapters 3 and 4 examined the use of membrane reactors for power generation 
applications at the macroscale through process simulation. Chapter 3 focused on the small-scale 
integration of MRs with proton exchange membrane (PEM) fuel cells, achieving up to 40 kWe gross 
power. Efficiency optimization reduced the levelized cost of hydrogen (LCOH) from 8.29 €/kgH2 in 
methanol systems to 6.12 €/kgH2 in ammonia systems and 5.43 €/kgH2 in methane systems, with 
corresponding fuel processor thermal efficiencies of 0.57, 0.92, and 0.77, respectively. At the genset 
level, costs decreased from 1400 €/MWh in methanol systems to 848 €/MWh and 665 €/MWh in 
electric and thermal ammonia systems, and 627 €/MWh in methane systems, with electric 
efficiencies ranging from 25% to 38%. Economically, methane was the most favorable option, while 
ammonia was the most efficient. However, high costs compared to traditional internal combustion 
engine (ICE) systems limited their adoption. Lowering PEMFC costs to under 2000 €/kW could 
have enabled economic competitiveness at scales of 150 kW, making industrial applications viable, 
assuming e-fuels could compete with fossil fuels. Chapter 4 evaluated two ammonia-cracking 
technologies, membrane reactors and conventional Fired Tubular Reactors (FTRs), for co-firing 
ammonia and hydrogen in Combined Cycle Gas Turbine (CCGT) plants. Integrating MRs during 



Conclusion and Outlook 

260 

 

the cracking stage improved thermal efficiency by over 25% and reduced LCOH by ~10%, despite 
higher CAPEX. At the CCGT level, the levelized cost of electricity (LCOE) narrowed, driven 
primarily by ammonia costs, which constituted 80% of the total LCOE. Beyond costs, material 
scarcity posed significant challenges: revamping 1 GWe of CCGT capacity with MRs would have 
required ~0.11% of global palladium and 10% of global ruthenium production. Given the limited 
availability and high demand for these materials, along with geopolitical risks, this approach was 
deemed impractical. Future research was recommended to prioritize alternative membrane 
materials, such as carbon molecular sieves, and nickel-based catalysts to reduce reliance on scarce 
resources and enable broader adoption. 

Chapters 5, 6, and 7 explored the potential of 3D-printed Periodic Open Cellular 
Structures (POCS) to enhance membrane reactor (MR) performance by improving mass transfer and 
thermohydraulic behavior. Chapter 5 examined the thermohydraulic properties of Kelvin, BCC, 
and gyroid lattices, analyzing flow velocities from 1 to 10 m/s, corresponding to Reynolds numbers 
between 30 and 400 (based on strut thickness). These structures were successfully fabricated via 
Laser Powder Bed Fusion (LPBF), closely matching CAD designs with porosity deviations under 
15%. CFD modeling, validated against pressure drop experiments, showed similar thermohydraulic 
performance across POCS, particularly at low velocities. The gyroid lattice performed better at low 
velocities, while the BCC structure excelled at higher velocities. Ergun-like correlations for each 
lattice achieved a Mean Absolute Percentage Error (MAPE) below 10%, with heat transfer 
predictions aligning with literature, though on the lower spectrum. By leveraging the analogy 
between heat and mass transport, these findings provide valuable insights into mass transfer 
behavior. At low velocities (Stokes flow regime), inertial effects were negligible, and heat transfer 
was primarily governed by conduction, dictated by thermal conductivity. Here, transport 
phenomena, including mass transfer, were largely influenced by wall friction, which depends on 
available surface area. Thus, for similar porosity and specific surface area, cell type variations had 
minimal impact. At higher velocities (Forchheimer regime), inertial forces contributed significantly 
to transport phenomena, typically following a quadratic velocity dependence (u² term). From a heat 
transfer perspective, the Kelvin cell exhibited the highest thermal performance, but when balancing 
heat transfer and pressure drop, the gyroid cell proved to be the optimal choice, outperforming both 
Kelvin and BCC cells. Flow visualization studies further revealed that the Kelvin cell exhibited a 
jet-like preferential flow path, the BCC cell maintained relatively straight streamlines, while the 
gyroid cell displayed a highly tortuous flow path, enhancing reactant dispersion and mitigating 
preferential flow paths, thereby improving external mass transfer performance at higher flow rates. 
Chapter 6 investigated external mass transfer in POCS reactors during ammonia synthesis, with 
and without selective membranes. Ru-based catalytic layers were deposited on IN625 POCS using 
optimized dip/spin coating methods. While homogeneous coatings were achieved, Kelvin cells 
showed clogging issues, limiting their suitability. Laboratory tests confirmed catalytic activity 
consistent with literature values. CFD simulations indicated limited influence of cell geometry on 
catalytic activity but highlighted improvements in conversion and recovery with increased 
membrane permeance, up to a plateau caused by concentration polarization and production-
extraction mismatches. A plug flow-based model inaccurately predicted behavior at permeances 
above 0.05 mol·s⁻1·m⁻2·bar⁻1, suggesting a need for correction factors. Chapter 7 evaluated the 
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impact of operating conditions and design factors on POCS interfaced with Pd-based membranes. 
Optimized coating methods validated kinetic activity, and virtual permeation tests revealed that 
Kelvin 3-0.6 structures with baffles performed best at gas hourly space velocities (GHSV) below 
1211 h-1. At higher GHSV, baffles improved concentration polarization but slightly reduced 
hydrogen recovery. Ammonia decomposition studies showed that hydrogen production peaked at 
1850 h-1 before declining due to non-permeating gas accumulation. Optimal performance was 
observed at 0.8 porosity, balancing production kinetics and extraction. Integration of baffles further 
enhanced performance by reducing mass transfer limitations, protecting the membrane, and 
potentially lowering the required membrane area. 

Chapter 8 evaluated the cost and efficiency of power-to-fuel technologies under uniform 
assumptions, highlighting the advantages of innovative pathways, including membrane reactors 
(MRs) and solid oxide electrolysis cell (SOEC) integrations. The analysis aimed to investigate the 
potential of catalytic membrane reactors (CMRs) for ammonia production from renewable hydrogen 
at the process scale. To achieve this objective, computer-aided process simulation was deployed 
using the Aspen Plus v14 simulation tool. A 1D model was developed to describe the integration of 
a ruthenium catalyst into a CMR equipped with inorganic membranes that were selective to NH3 
over N2 and H2. The CMR performance was first studied across a broad spectrum of membrane 
properties and operating conditions. Subsequently, the CMR model was integrated into several 
Power-to-Ammonia (PtA) process layouts, which were optimized and techno-economically 
compared against a traditional PEM-based PtA production process employing condensation for the 
purification stage. Key findings at the reactor level confirmed that beyond a selectivity threshold 
towards hydrogen of 10–20, both the degree of conversion and recovery tended to be generally 
independent of the membrane's selectivity. However, producing pure ammonia permeate required 
highly selective membranes (>1000 towards H2), depending on the pressure drop, making this 
alternative elusive based on existing membranes. At the PtA level, results indicated that using a 
membrane reactor increased the system efficiency by approximately 8% compared to the reference 
case, while a ~15% enhancement was achieved when using SOEC technology. When examining the 
final Levelized Cost of Ammonia (LCOA), incorporating a membrane reactor in conjunction with 
condensation separation resulted in a cost that nearly matched the reference case. Future research 
was recommended to focus on replacing the condensation process with a purification method at 
lower pressures. This could potentially further improve efficiency and reduce the cost of the 
membrane reactor compared to traditional methods. 

Outlooks  

 Mesoscopic CFD reactor modelling  

At the mesoscale, 3D/2D models proved really useful in understanding and optimizing the 
impact of design on transport phenomena, offering valuable correlations and insights (e.g., pressure 
drop or concentration polarization) to inform macroscale models, as detailed in Chapters 3, 5, 6, 
and 7. However, due to the high computational resource requirements, the most detailed pore-scale 
CFD analyses often necessitated scaling down membrane reactors to sizes smaller than their actual 
dimensions, as we did in Chapter 6. This was achieved by maintaining a comparable specific 
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membrane area and operating under similar gas hourly space velocity (GHSV) conditions. 
Nonetheless, this approach raises questions about the representativeness and scalability of the 
findings for larger systems. In miniaturized setups, diffusion plays a much larger role, and the 
velocity reaching the POCS is significantly lower than in full-scale reactors. To compare transport 
phenomena in POCS lattices within a computationally manageable domain, we would recommend 
to consider two key cases: (1) operating at a similar GHSV to the real reactor (i.e. the same 
volumetric flow rate relative to reactor size), as done in this study, and (2) operating at a similar 
Reynolds number for better representation of flow regimes (laminar vs. turbulent) and transport 
dynamics, such as mixing and heat/mass transfer. Finally, to further enhance model credibility, 
validation against experimental data is essential. This could be performed numerically on a real 
portion of a membrane reactor, as demonstrated in Chapter 8, ensuring that the flow regime remains 
consistent. A similar challenge actually exists in lab-scale membrane reactor experiments, typically 
conducted at very low GHSV, as highlighted in the literature review (Chapter 2). These conditions 
correspond to low Reynolds numbers (~2–20, based on pellet diameter and nitrogen properties), 
confirming that flow falls within the creeping flow (Stokes) regime, where viscous forces dominate, 
convective transport is minimal, and diffusion-driven transport becomes the primary mechanism. 

 Macroscopic system modelling  

At the macroscale process level, flowsheet optimization in Aspen Plus (even using 
simplified 1D/0D models) faced significant challenges due to computational complexities, such as 
resolving tear streams and design specifications, and informatic difficulties, including code coupling 
and the steep learning curve of specialized tools like Aspen Custom Modeler™. In this PhD the 
sequential modular approach was used (by default) for solving the process flowsheet, where tear 
streams and recycle loops are solved iteratively until convergence. However, this iterative solving 
process can lead to long computation times for complex flowsheets. These challenges were further 
intensified by the use of tools like multi-objective optimization algorithms (cf. Chapter 8), which 
require additional coupling, increasing computational demands and limiting “true” optimization. To 
address these issues, two key recommendations can be proposed. First, adopting the equation-
oriented approach, where all unit operation, material, and energy balance equations are solved 
simultaneously as a single system, would eliminate the need for iterative recycle stream resolution, 
improving computational efficiency. Second, the membrane reactor model used in these simulations 
should be simplified to enable fast computation while still capturing critical process limitations. 
While plug flow reactor assumptions (no axial mixing) while also neglecting intra-particle diffusion 
and fluid-particle mass transfer—are often reasonable, particularly at laboratory scale, concentration 
polarization can become a limiting factor depending on the system and operating conditions. 
Addressing this issue can be achieved through 2D and 3D modeling, which provides insights into 
the necessary reduction factors or enables the extrapolation of correlations across a broader range of 
operating conditions. Alternatively, metamodeling could transform these computationally expensive 
models into more efficient representations, maintaining key transport and reaction phenomena while 
significantly reducing computational burden. Implementing these strategies would enhance 
flowsheet optimization.  

 POCS membrane reactor  
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The POCS membrane reactor technology, as presented in Chapters 5 to 7, offers potential but 
also some challenges as highlighted in the proposed SWOT analysis in Figure 9-1. Among the 
strengths, POCS offer superior membrane protection by addressing key issues compared to packed 
bed or fluidized bed reactors, as there is no direct contact between the catalyst and the membrane. 
Although POCS have reduced catalyst holdup relative to pellet beds—limiting the total available 
catalytic surface area and weight—their enhanced heat and mass transfer capabilities (e.g., reducing 
concentration polarization) make them a compelling alternative for demanding processes. 
Furthermore, POCS can be tailored to specific applications through design features such as porosity 
gradients or the addition of baffles. The use of 3D printing technology, particularly Laser Powder 
Bed Fusion (LPBF), ensures high reproducibility and precision, as evidenced by the ability to 
fabricate designs with only minor deviations from CAD models. Additionally, the development of 
effective catalytic coating methods further enhances the functionality of POCS. However, 
challenges persist. POCS have limited catalytic loading compared to packed bed reactors, and their 
multi-step fabrication process adds complexity, potentially increasing production costs. Long-term 
testing remains largely unexplored, raising questions about durability and reliability. Furthermore, 
few suppliers or laboratories currently possess the expertise needed for effective catalyst coating, 
which could hinder widespread adoption. POCS offer broad opportunities across a wide range of 
reactions, particularly in liquid-phase systems like low-temperature Fischer-Tropsch synthesis, 
where higher viscosity and diffusivity constraints could further enhance their advantages over 
packed beds. Additionally, integrating innovative features such as electric heating could improve 
performance, especially in small, compact reactors, making POCS an ideal choice for Power-to-X 
applications where flexibility is key. Beyond chemical reaction engineering, POCS also show 
promise in thermal applications, such as heat exchangers. 
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Figure 1:  Strengths, Weaknesses, Opportunities, Threats (SWOT) about POCS membrane 
reactors 

 

 Power-to-X outlook  

To finish, it seems also important to reiterate some technical challenges associated with Power-
to-X technologies. These include the intermittency of renewable energy, the energy-intensive nature 
of carbon capture, the difficulty of scaling up electrolyzers together with uncertainties in cost 
projections. Additionally, the reliance on scarce critical materials such as platinum, iridium, and 
palladium create supply chain risks1. The high water demand for electrolysis also raises concerns, 
particularly in water-scarce regions. For specific e-molecules, such as ammonia, which is widely 
regarded as a promising e-molecule for its versatility as a commodity chemical, fuel, and hydrogen 
carrier, it is worth highlighting the environmental risks that remain poorly understood. For instance, 
studies suggest that if nitrogen emissions from ammonia are not tightly controlled, its large-scale 
use could disrupt the global nitrogen cycle. Alarmingly, releasing just 0.4% of ammonia's nitrogen 
as nitrous oxide (N2O), a greenhouse gas with a global warming potential 265-298 times greater 
than that of CO2, could negate the climate benefits of adopting ammonia2. While resource scarcity, 
particularly for large-scale ammonia cracking, was briefly discussed in Chapter 4, these critical 

 
1 Clapp M. et al., Perspective on current and future iridium demand and iridium oxide catalyst for 
PEM water electrolysis. Catalyst Today 420 (2023) 
2 Wolfram P. et al, Using ammonia as a shipping fuel could disturb the nitrogen cycle , Renewable 
and Sustainable Nature Energy 7 (2022) 
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environmental and ressource risks along with some technical challenges notably the intermittency 
operation of a PtX plant were largely overlooked in this PhD.  

In addition to these challenges, there are concerns about the feasibility of achieving short-term 
defossilization targets by 2030 with e-fuels. Meeting these goals requires substantial energy input: 
a 10% share of e-kerosene for aviation would need approximately 1,500 TWh, while shipping would 
require an additional 600 TWh, bringing the total to 2,100 TWh3. Given the global efficiency ranging 
from ~16% to 48% (cf. Appendix G)—the actual electricity input required would be much higher. 
This means renewable electricity generation would need to be two to ten times greater than for direct 
electrification, ranging from 4,375 TWh to 13,125 TWh. Assuming a wind turbine capacity factor 
of 30-50% (meaning they generate power only 30-50% of the time on average), the total installed 
renewable capacity needed is summarized in Table 1. Electrolysis capacity requirements would also 
be of a similar magnitude, requiring a significant scale-up. 

 

Table 1: Required renewable installed capacity (GW) for a 10% share of e-fuels in aviation 
and shipping (~2,100 TWh) 

 Low capacity factor 
(30%) 

High capacity 
factor (50 %)  

Low Power-to- 
Power efficiency 

(16%)  

4994  1665  

High Power-to- 
Power efficiency 

(48%)  

2997  999  

 

Given the urgency of climate mitigation, e-fuels are unlikely to become cheap and 
abundant quickly enough to replace fossil fuels on a large scale. Over-reliance on this solution could 
be counterproductive, as it risks delaying decarbonization efforts. This underscores the need for 
strategic prioritization, even within hard-to-electrify sectors4. E-fuels should be only be reserved for 
applications where electrification is not feasible, such as aviation, shipping, and chemical 
feedstocks. In contrast, direct electrification is a far more efficient and cost-effective solution for 
sectors like light-duty vehicles and space and water heating in buildings. For instance, the cost of 
lithium-ion batteries has declined significantly—falling by a factor of 5.6 from 2013 to 2023 to reach 
139 $/kWh, with further reductions expected5—further strengthening the case for electrification. 
Therefore, in the near term, prioritizing direct electrification wherever possible remains the most 
effective approach to reducing emissions and maximizing the impact of renewable energy. In the 

 
3 IEA, The Role of E-fuels in Decarbonising Transport, (2024). 
4 F. Ueckerdt, C. Bauer, A. Dirnaichner, J. Everall, R. Sacchi, G. Luderer, Potential and risks of 
hydrogen-based e-fuels in climate change mitigation, Nat. Clim. Chang. 11 (2021) 384–393. 
https://doi.org/10.1038/s41558-021-01032-7. 
5 BloombergNEF. Lithium-Ion Battery Pack Prices Hit Record Low of $139/kWh; BloombergNEF, 
December 7, 2023. https://about.bnef.com/blog/lithium-ion-battery-pack-prices-hit-record-low-of-
139-kwh/. 
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long term, advancements in electrolysis, flexible operation strategies, and global supply chain 
optimization may improve the competitiveness of e-fuels.  

 

Appendix G: Energy and power densities  

To evaluate the suitability of different energy vectors for onboard power plants (e.g., in 
shipping), three key criteria are considered: energy density of the storage system (per unit weight 
and volume), power density, and energy efficiency. For practical reasons, this appendix focuses on 
proton exchange membrane fuel cells (PEMFCs)—including a reforming step when necessary—and 
internal combustion engines (ICEs). The key assumptions for these technologies are derived from 
previous chapters and literature analysis and are summarized in Table G1. Additionally, both 
systems are compared with direct electrification using battery storage, which represents the primary 
competing alternative. 

 Electrical efficiency of propulsion engines  

Fuel cells offer a significant efficiency advantage over conventional internal combustion 
engine (ICE) generators by directly converting chemical energy into electricity through 
electrochemical reactions, eliminating the thermal and mechanical losses inherent in combustion 
engines. While ICEs typically operate at 25–45% efficiency, PEMFCs can reach up to 65% 
efficiency when using pure hydrogen. However, when operating with reformed fuels, overall 
PEMFC efficiency drops below 40% due to additional losses in reforming and purification (cf. 
Chapter 3). Efficiency is also influenced by part-load operation. ICEs experience significant 
efficiency losses at low loads, whereas PEMFCs can mitigate these losses through modular switch-
off strategies [1]. This study assumes 40% efficiency for ICEs and 55% for PEMFCs, with reforming 
efficiencies of 92% for ammonia cracking, 57% for methanol reforming, and 72% for methane 
reforming, as detailed in Chapter 3. While batteries are limited in energy storage capacity, they 
offer a high round-trip efficiency of approximately 90%. 

 Energy and Power densities  

  In onboard power plants, energy density and power density are critical design parameters 
that impact operational endurance, refueling intervals, and system responsiveness. Energy density 
(Wh/kg, Wh/L) determines how long a system can operate before refueling or recharging, while 
power density (W/kg, W/L) defines how quickly energy can be delivered. Energy density 
considerations vary by application. In weight-constrained sectors such as aviation, gravimetric 
energy density is a key factor, as battery size or tank volume directly limits range. In shipping, 
however, volumetric energy density becomes more critical, as fuel storage competes with cargo 
space. Chapter 1 discusses energy density variations across fuels and storage systems, highlighting 
uncertainties due to tank design and insulation. Regarding power density, PEMFCs exhibit a wide 
range depending on whether they are optimized for mobility or stationary applications (cf. Figure 

G1). For example, PowerCellTM reports 1020 W/kg and 300 W/L at the system level, with stack-
level densities exceeding 3000 W/kg and 3300 W/L. Modular system like the NedstackTM’s Gen 3, 
which separates fuel cell modules from the air supply, further enhances volumetric density. In this 
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study, PEMFCs are considered within the range of 250–1000 W/kg and 300–1000 W/L, while ICE 
engines operate at lower densities of 45–71 W/kg and 32–55 W/L. A relatively high upper bound 
for PEMFC power density is selected, consistent with van Biert et al. (2016) [1] to account for their 
modularity. When integrating a fuel reformer (e.g., ammonia cracker, methanol reformer) with a 
PEMFC, the reformer adds mass and volume without directly contributing to power output, reducing 
overall system power density. Table G2 provides vendor data on reformer power densities, offering 
an order-of-magnitude idea. Ammonia reformers, leveraging membrane reactor technology, are 
expected to be the most compact, requiring fewer auxiliary components, while methanol and 
methane reformers require additional insulation. Estimated reformer power densities are 70-150 
W/kg and 60–140 W/L for ammonia, with reductions of 20% for methanol and 40% for methane 
systems. The estimated reformer power densities and relative orders are rough approximations and 
should be taken with caution. Regarding Li-Ion batteries, a study [7] indicates that optimized 
electrodes can increase power density from 100 W/L to over 600 W/L at an energy density of 500 
Wh/L. This finding supports our assumed power density ranges for lithium-ion batteries, where 
state-of-the-art (SoA) technology is considered within 150–450 W/kg & 150–450 W/L, while future 
perspectives could reach 200–600 W/kg & 200–600 W/L. 

 Ragone charts   

To systematically compare various onboard power plant configurations involving different 
propulsion engines and fuel combinations, effective power and energy densities are assessed using 
Ragone plots. Each option is characterized by the power density of its conversion engine, energy 
storage capacity, conversion efficiency, and the timescale over which power is delivered. The 
methodology follows van Biert et al. (2016) [1] and Diesveld and Maeyer (2020) [2], where effective 
power density (Peff) and effective energy density (Eeff) are defined as functions of system parameters 
and operational timescale as expressed in Eq. G1 & G2.  

/��� = <
-,$ QäB Eq. G1 

	��� = p /��� = $ <
-,$ QäB Eq. G2 

where P is the intrinsic power density of the conversion device, E is the energy density of the fuel 
storage, and η represents the conversion efficiency. As shown in Eq. G1, at short timescales (t→0), 
the system operates at nearly its peak power output (Peff ≈ P), while for long durations (t→∞),  
system's power output is no longer dictated by the power conversion device but is instead limited by 
the stored energy (Peff ≈ ηE/t). Reversely in Eq. G2, the effective energy density Eeff approaches zero 
for very short operation times and asymptotically reaches the maximum storable energy (Eeff ≈ ηE) 
for long-duration applications. Two conversion efficiencies are distinguished, as defined in Eq. G3 
& G4: local efficiency (fuel-to-power) and global efficiency (power-to-power), the former 
represents the efficiency of converting fuel energy into useful power at the conversion engine level, 
while the latter accounts for losses across the entire energy conversion chain, from fuel production 
and storage to final power delivery. 

�V �BV = �� ��� !�!$�# ∗ ��"�V �� ��!!�
�   Eq. G3 
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��V ·BV = ��"�V �� à"�$� 
 ∗ �� ��� !�!$�# ∗  ��"�V �� ��!!�
�  Eq. G4 

To accurately account for the contribution of a fuel processor (e.g., ammonia cracker, methanol 
reformer) when integrated with a fuel cell, its mass and volume must be considered in the overall 
system design. The effective system power density is determined by the parallel combination of the 
fuel processor and the fuel cell as per Eq. G5 

/ = Ë -
<<K£DC ôÝôGDR 

+ -
<YLDZ <CKFDôô:Hâ Ì

'-
   Eq. G5 

 

Table G1: Base case assumptions [3] 
LHV Efficiency (%) of the energy converter (�.{9-& ~å~
-z) 

ICE (2 stroke)  ~40[3] 
PEM fuel cell  ~55 (cf. chapter 3) 

Electric Motor  ~90 
e-fuel production efficiency 

E-Diesel  37[3] 
LH2 55[3] 

E-Ammonia 54[3] 
E-Methanol  46[3] 
E-Methane  ≈50 [4] [5] 

Efficiency (%) of reformer and ammonia crackers (assuming palladium membrane 
reactors) to produce hydrogen at ~1 bar (�Ð$-| .&{	-~~{& ) 

Ammonia cracker  92 (cf. chapter 3) 
Methanol reformer  57 (cf. chapter 3) 
Methane reformer  72 (cf. chapter 3) 

Energy storage density, E (taken from Chapter 1, Figure 1-2) 

LH2  2.5 kWh/kg & 1.32 kWh/L 
E-Ammonia  3.60 kWh/kg & 2.70 kWh/L 
E-Methanol  4.03 kWh/kg & 3.83 kWh/L 

E-Diesel  8.3 kWh/kg & 8.15 kWh/L 
E-Methane  7.40 kWh/kg & 3.30 kWh/L 

Li-Ion battery (state of the art) 0.17 kWh/kg & 0.3 kWh/L 
Li-Ion battery (potential perspective) 0.235 kWh/kg & 0.500 kWh/L[6] 

Power density, P of propulsion devices [W/kg] & [W/L] 

ICE engine  [45-71] W/kg & [32.5-55] W/L [1] 
PEMFC  [250-1000] W/kg & [300-1550] W/kg [1] 

Li-Ion battery (state of the art) [150-450] W/kg & [150-450] W/L 
Li-Ion battery (Perspective) [200-600] W/kg & [200-600] W/L 

Power density of cracker used in conjunction with PEMFC [W/kg] & [W/L] 

Ammonia cracker  150 W/kg & 140W/L 
Methanol reformer  0.8* (150 W/kg & 140 W/L) 
Methane reformer  0.6* (150 W/kg &140 W/L) 
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Figure G1: Gravimetric power density (W/kgsystem) vs Volumetric power density (W/Lsystem) of 

systems currently available on the market (by consulting various OEM websites)  

 

Table G2: OEM specifications of traditional fuel processors, with estimated power densities based 
on a PEMFC operating at 55% efficiency and a hydrogen lower heating value (LHV) of 33 

kWh/kg 
OEM Fuel Mass of 

the 
system 

(kg) 

Volume 
of the 
system 

(m3) 

Hydrogen 
production 
rate (kg/hr) 

Estimated 
electric 
power 

output (kW) 

Estimated 
Power 
density 
(W/kg)  

Estimated 
Power 
density 
(W/L) 

RIX powerTM 

M2H2-1800
 

Methanol 1455 3.2 10 183 ~126 ~57 

e1- marineTM 

S series S130 
Methanol 139 0.2 0.7 12.8 ~92.3 ~64 

HyGearTM Methane 7300 NA 4.22 77.5 ~11 NA 

 

 Results and discussion  

Figure G2 presents a comparative assessment of propulsion systems using Ragone plots, 
illustrating key trade-offs between power and energy density across different operational timescales. 
Technologies in the upper-right region achieve a balance of high power and energy density, while 
those in the top-left are optimized for short bursts of power, and those in the bottom-right excel in 
long-duration energy delivery. In gravimetric terms (Figure G2.A), diesel ICEs (blue) remain the 
most energy-dense option, making them ideal for long-range applications. PEMFC-based systems 
(red & orange), particularly those using methane, ammonia, and to a lesser extent LH₂, are better 
suited for medium-range operations. Battery systems (green), despite their high efficiency, have low 
gravimetric energy density, limiting their use in long-haul shipping but making them effective for 
short, high-power applications (1–5 hours).Volumetric considerations (Figure G2.B) follow a 
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similar trend, with diesel ICEs maintaining the highest energy density. However, PEMFC systems 
remain viable for medium-term operations (~10–15 hours), and notably, LH₂ and ammonia PEMFCs 
can exceed diesel ICEs in power density. When factoring in global efficiency losses (Figure G3) 
from electrolysis and fuel synthesis, fuel-based pathways shift downward, with synthetic diesel and 
methanol particularly affected compared to battery solutions. Figure G4 provides a sensitivity 
analysis on ammonia-based PEMFC, examining the impact of reduced cracker efficiency (dashed 
line) and lower cracker power density (dotted line). A drop in efficiency significantly reduces power 
output, shifting the curve downward, while a lower power density mainly limits peak power output 
with a smaller effect on energy storage. Efficiency losses have a greater impact, making the system 
less viable for high-power applications and emphasizing the importance of optimizing fuel processor 
efficiency and power output. 

For an overview of efficiency metrics, Table G3 summarizes both local and global efficiencies for 
comparison. 

  

Figure G2:  Gravimetric and Volumetric density of various combination considering �V �BV   
 

  

Figure G3: Gravimetric and Volumetric density of various combination considering ��V ·BV (i.e. 
considering the fuel production efficiency).  
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Figure G4: Impact of fuel processor efficiency and volumetric power density reduction (-50% 

from the reference case) on ammonia-based PEMFC power systems (volumetric basis) 

 

Table G3: Table of local and global efficiencies for the different options assuming PEM 
electrolysis production  

 Local system 
efficiency 

Global efficiency  

Diesel+ICE 0.4 0.14 
LH2+ICE 0.4 0.22 

LH2+PEMFC 0.49 0.27 
Ammonia+ cracker+PEMFC 0.45 0.24 

Methanol + reformer + 
PEMFC 

0.28 0.12 

Methane + reformer + 
PEMFC 

0.36 0.18 

Battery 0.81 0.81 
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M. Thomas, C. Italiano, A. Vita, F. Gallucci, Ammonia synthesis using POCS membrane 
reactor: influence of cell types and permeance, Submitted to Chemical Engineering 

Journal  
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₷ynthetic chemicals produced from green hydrogen and captured carbon

dioxide for methanol and methane, or nitrogen for ammonia, can address renewable 

energy intermittency issues and provide fossil-free resources for hard-to-electrify 

sectors like transportation and distributed power generation. However, these reac-

tion systems are typically limited by thermodynamic equilibrium, which constrains 

reactant conversion under relevant process conditions. Membrane reactors (MRs) 

have established as a significant contribution in process intensification allowing 

overcoming these limitations through the combination of reaction and product 

separation in a single device. In their most basic configuration, a MR involves a 

tubular vessel with vertically inserted membranes surrounded by a catalyst-packed 

bed. Reactants enter from the bottom and move upward, with the product collected 

inside the membrane as permeate, while other chemical components form the reten-

tate. This thesis explores the use of the MR technology in the Power-to-X context 

from various perspectives, including process synthesis, techno-economic analysis 

and the potential of additive manufacturing to enhance the basic MR configuration 

along with experimental testing of the technology

for e-chemicals production & processing
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